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Preface 

In the chemical industries, the pretreatment of educts, their chemical conversion 
into valuable products, and the purification of resulting product mixtures in down¬ 
stream processes are carried out traditionally in sequentially structured trains of unit 
operations. In many cases, the performance of this classical chemical process struc¬ 
ture can be significantly improved by an integrative coupling of different process 
units. 

The integration of unit operations to form multifunctional processes very often 
gives rise to synergetic effects which can be technically exploited. By suitable process 
design, an efficient and environmentally benign process operation can be achieved. 
Possible advantages of process integration include: 

• higher productivity; 

• higher selectivity; 

• reduced energy consumption; 

• improved operational safety; and 

• improved ecological harmlessness by avoidance of auxiliary agents and 
chemical wastes. 

Due to the interaction of several process steps in one apparatus, the steady-state 
and the dynamic operating behavior of an integrated process unit is often much 
more complex than the behavior of single, non-integrated units. Therefore, suitable 
methods for the design and control must be developed and applied, ensuring opti¬ 
mal and safe operation of the considered integrated process. 

The major objectives of current research activities in this highly interesting 
domain of chemical engineering are to develop new concepts for process integration, 
to investigate their efficiency, and to make them available for technical application. 
The importance of this field is reflected by the increasing number of articles in jour¬ 
nals and book contributions that have been published during the past three decades 
(Fi g- !)• 

Among these published articles and books, some excellent reviews have appeared 
which focused on specific aspects of the process integration. Agar and Ruppel [1] 
were among the first to investigate the whole area of integration of heat-exchanging 
functions in chemical reactors, whilst Agar [2] later also surveyed other innovative 
integration concepts in chemical reactor engineering. According to the present 
editors’ knowledge, the first review which covered a broader range of integration 
concepts including heat exchange, separation and also mechanical unit operations, 
was published in 1997 by Hoffmann and Sundmacher [3], The cited works refer to 
integrated chemical processes as “multifunctional reactors”, which is often used as a 


Integrated Chemical Processes. Edited by K. Sundmacher, A. Kienle and A. Seidel-Morgenstern 
Copyright © 2005 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim 
ISBN 3-527-30831-8 



XVIII Preface 



Fig. 1. ] ournal publications on integrated chemical 

processes according to the Science Citation Index. 

synonym. Multifunctional reactors can be seen as a very important sub-class of the 
area of “process intensification” which was summarized by Stankiewicz and 
Moulin [4]. 

A comprehensive volume covering all aspects of integrated chemical processes 
including heat exchange, separations and mechanical unit operations is still miss¬ 
ing, however, and as a consequence the present book was prepared to fill this gap. 
The book’s chapters have been authored by leading international experts, and pro¬ 
vide overviews on the present state of knowledge and on challenging future issues. 

The book is divided into three parts. Part I surveys concepts for heat-integrated 
chemical reactors, with special focus on coupling reactions and heat transfer in fixed 
beds and in fuel cells. Part II is dedicated to the conceptual design, control and analysis 
of chemical processes with integrated separation steps, whilst Part III focuses on how 
mechanical unit operations can be integrated into chemical reactors. 

Part I: 

Integration of Heat Transfer and Chemical Reactions 

Chapters 1 to 3 discuss two recent and important applications of heat-integrated 
chemical reactions. Chapter 1, by Kolios et al., is concerned with high-temperature 
endothermic processes in heat integrated fixed-bed reactors. Emphasis is placed on 
reforming processes, which are widely used for the production of basic chemicals 
and fuels from fossil feed stocks. These processes require large amounts of heat at 
temperatures up to 1000 °C. In conventional solutions, only about half of the heat 
supplied at high temperatures is transferred into the endothermic reaction. Emerg¬ 
ing applications such as decentralized hydrogen production for residential and 
mobile power generation require considerable improvement in specific productivity 
and thermal efficiency. Therefore, this topic is currently the subject of vivid research 
activities in industry and academia alike. Chapter 1 also includes an introduction to 
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the fundamentals of heat-integrated processes, an overview on recent trends in pro¬ 
cess and apparatus design, and an analysis of the state of the art, with special 
emphasis on the steam reforming of methane. 

The focus in Chapters 2 and 3 is on high-temperature fuel cells with internal reform¬ 
ing. In particular, special attention is given to the Molten Carbonate Fuel Cell 
(MCFC) which is increasingly used for decentralized power generation. In Chapter 
2, Fleidebrecht and Sundmacher use a simple model of an MCFC to discuss the pros 
and cons of alternative reforming concepts in high-temperature fuel cells. 

The temperature management in a fuel cell stack is a key issue in the operation of 
high-temperature fuel cells. In Chapter 3, prepared by Mangold and colleagues, it is 
shown that the temperature-dependence of the electrolyte’s electrical conductivity is 
a potential source of instabilities, hot spots, and spatial temperature patterns. 

Part II: 

Integration of Separation Processes and 
Chemical Reactions 

Due to fact that chemical reactions typically do not deliver the desired product alone 
and that separation processes are always required, a wide range of efforts have long 
been undertaken to combine these two processes into a single apparatus. Although a 
comprehensive overview was published recently [5], nine chapters of the present 
book describe and discuss the possibilities of integrating separation processes and 
chemical reactions. 

In Chapter 4, Sundmacher et al. - in the first contribution - analyze in detail the 
thermodynamic and kinetic effects relevant to an understanding of reactive distilla¬ 
tion processes. Although a comprehensive volume on this type of process integration 
was published in 2003 [6], Chapter 4 focuses on the a priori determination of prod¬ 
ucts that can be obtained using such processes. 

In exploiting the equilibrium theory, Kienle and Gruner present in Chapter 5 a 
general analysis of the development and propagation of nonlinear waves in reaction 
separation processes. Besides considering reactive distillation as one example, these 
authors also analyze reactive chromatography. 

In Chapter 6, Morbidelli et al. describe chromatographic separations combined with 
chemical reactions, the focus of their contribution being to present possibilities of 
performing such processes in a continuous manner. 

An analysis of reactors where adsorbents are used as a regenerative source or sink for 
one or several of the reactants is discussed systematically by Agar, in Chapter 7. 

In cases where reactive distillation cannot be applied because some of the reac¬ 
tants are temperature-sensitive, reactive stripping might be an efficient alternative, 
and the current state of the application of this technology is reviewed by Kapteijn 
and colleagues in Chapter 8. 

Another powerful concept is to combine absorption processes with chemical reac¬ 
tions, and a large number of possible concepts for this approach is presented in 
Chapter 9 by Kenig and Gorak. 



Part III: Integration of Mechanical Unit Operations and Chemical Reactions | XX 

In addition, extraction processes can be performed with reacting species, and 
several advantages of this technique may be realized compared to conventional 
consecutive processes, as discussed by Bart in Chapter 10. 

Based on a thorough analysis of reactive crystallization, Ng and colleagues, 
in Chapter 11, demonstrate that such integrated processes can also be performed 
efficiently with solid phases involved. 

In the final chapter of Part II, Seidel-Morgenstern presents two examples of how 
membrane reactors might become an alternative to conventional technology. 

Part III: 

Integration of Mechanical Unit Operations and 
Chemical Reactions 

The last four chapters of the book are dedicated to the successful combination of 
chemical reactions and mechanical process operations. In Chapter 13, Janssen eluci¬ 
dates that reactive extrusion has emerged from a scientific curiosity to an industrial 
process. Nonlinear effects in this process can give rise to instabilities that are of 
thermal, hydrodynamic, or chemical origin. 

In Chapter 14, Hoffmann and colleagues provide a survey on the status and direc¬ 
tions of reactive comminution. In this type of process integration, mechanical stress 
exerted in mills is used to enhance the chemical reactions of solids with fluids. 
Simultaneously, chemical reactions can generate cracks in solid particles and 
thereby enhance their comminution. 

Filtration and chemical reactions can be usefully integrated in order to separate 
diesel soot particles efficiently from motor exhaust gases, and this is illustrated by 
Rieckmann and Volker in Chapter 15, together with a series of other examples of 
reactive filtration processes which are realized in the chemical industries. 

In the final chapter, Mori and coworkers analyze the complex interaction of 
particle granulation and/or agglomeration with chemical reactions in fluidized beds. 

For the description of the particle property distribution, a population balance 
approach is recommended which is mathematically challenging but which provides 
valuable insight into the steady-state and dynamic process operating behavior. 
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Enhancing Productivity and Thermal Efficiency 
of High-Temperature Endothermic Processes 
in Heat-Integrated Fixed-Bed Reactors 


Grigorios Kolios, Achim Gritsch, Bernd Glockler and Gerhart Eigenberger 

Abstract 

High-temperature endothermic processes (e.g., reforming of hydrocarbons) are 
widely utilized in the production of basic chemicals and fuels from fossil feedstocks. 
These processes require large amounts of heat at temperatures up to 1000 °C. In 
conventional solutions, only about half of the high-temperature heat supplied is 
transferred into the endothermic reaction. Emerging applications such as decentral¬ 
ized hydrogen production for residential and mobile power generation require con¬ 
siderable improvement in specific productivity and thermal efficiency. Thus, this 
topic is currently the subject of exciting research activities in industry and academia. 
This chapter provides an introduction to the fundamentals of heat-integrated pro¬ 
cesses, an overview on conceptual trends in process and apparatus design, and an 
analysis of the state of the art, with emphasis on steam reforming of methane. 

1.1 

Introduction 

Endothermic high-temperature processes stand at the beginning of the chemical pro¬ 
duction chain - for example, syngas is produced mainly through steam reforming of 
naphtha or natural gas, ethylene and propylene through steam cracking, and styrene 
through dehydrogenation of ethylbenzene. These processes are usually conducted in 
large furnaces and belong naturally to the largest fuel consumers. At the same time, 
they have a significant heat surplus since typically only about 50 % of the heat genera¬ 
ted is consumed by the endothermic reaction. In large product- and energy-integrated 
chemical sites, waste heat can be utilized in subsequent processes. However, rigid 
thermal coupling throughout the plant imposes constraints regarding the heat 
balance of individual processes and requires a considerable overhead in order to 
adjust plant-wide optimal operating conditions. This problem could be significantly 
relaxed by reducing the surplus of the heat exporters. This is one strong incentive for 
enhancing the thermal efficiency of endothermic high-temperature processes. 
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Two emerging trends endorse the concept of heat-integrated processes: first, the 
production of basic chemicals is moved close to oil and gas wells where crude oil or 
natural gas is processed in large stand-alone units [1], Second, fuel cell systems 
require on-site and on-demand hydrogen production from primary fuels (i.e., natu¬ 
ral gas, liquid hydrocarbons or alcohols) [2]. Net heat generation in these processes 
is equivalent to raw material and energy loss, and is therefore undesirable. 

While many publications in the field of heat-integrated processes focus on specific 
processes such as dehydrogenation of paraffins or hydrogen production [3-5], this 
chapter is more focused on general conceptual trends in process and apparatus design. 

1.2 

Heat-Integrated Processes for Endothermic Reactions 

The intended purpose of heat-integrated processes for endothermic reactions is 
illustrated by the example of methane steam reforming for hydrogen generation, 
which is of high practical relevance [6] and features typical characteristics of the con¬ 
sidered process class. The reaction is given by the following stoichiometric equation: 

CH 4 + H 2 0 <h> 3H 2 + CO ; AH R (950°C,20bar) = 235%^ 

Figure 1.1 shows the heat fluxes required at different process stages for the gener¬ 
ation of H 2 equivalent to 1 kW combustion enthalpy based on the lower heating 
value of hydrogen (LHV, H 2 ). Typically, the feed composition of the technical process 
corresponds to a steam-to-carbon molar ratio of S:C = 3:1. The reaction temperature 
is determined by chemical equilibrium. The heat consumption of the steam-reform¬ 
ing reaction is equivalent to around 30 % of the lower heating value of the produced 
hydrogen. The amount of heat required for heating the gaseous feed to reaction tem- 
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Fig. 1.1. Heat fluxes for hydrogen generation by steam 
reforming of methane. 
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perature corresponds to almost 20 % of the heat of combustion. On the other hand, 
a considerable amount of sensible heat contained in the product stream is usable for 
feed preheating. 

Heat-integrated processes comprise two additional functions besides the main 
(endothermic) reaction: process heat generation and heat recovery. As shown above, 
both aspects are equally important, since the heat of reaction and the heat required 
for feed preheating are in the same range. Figure 1.2 shows, schematically, two dif¬ 
ferent configurations of heat-integrated processes. The process comprises two ther¬ 
mally interconnected reaction stages for the endothermic reaction and for the 
combustion. Heat exchangers on both sides perform heat recovery by coupling feed 
preheating with product cooling. In the first configuration (Fig. 1.2(a)) the endother¬ 
mic reaction mixture and the combustion gas flow countercurrently through all pro¬ 
cess stages such that the hot effluent from the exothermic reaction is used to heat up 
the cold feed for the endothermic reaction, and vice versa. In the second configura¬ 
tion (Fig. 1.2(b)), thermal contact between the two process streams is limited to the 
reaction stage, while heat recovery is separated between the flows of the exothermic 
and the endothermic reactions. 



Fig. 1.2. Schematic flow configurations of heat-integrated 
processes for coupling endothermic and exothermic reactions, 
(a) Countercurrent flow of process streams, (b) Cocurrent flow 
of the process streams in the reactor stages and heat recovery 
in separate circuits. 
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1 . 2.1 

Optimality Conditions 


1.2.1.1 Efficiency of Heat Recovery 

Analysis of the overall heat balance yields basic conditions for optimal heat recovery. 
The optimizing condition is minimization of heat loss. The feed temperatures of the 
two process streams, To, and the outlet temperature of the endothermic stage, T equ , 
are fixed (Fig. 1.2) where T equ is the temperature required for the desired conversion 
under equilibrium conditions. Obviously, T equ is also a lower limit of the tempera¬ 
ture in the combustion stage. The performance of the heat exchangers is given by 
the mean heat transfer coefficient kh and the heat exchange area A. Both heat 
exchangers are assumed to be identical. The mass flow rate of the endothermic mix¬ 
ture and the combustion gas is M m io and M exo , respectively. Crucial parameters for 
the efficiency of heat recovery are the heat capacity ratio of the process streams ( h ) 
and the number of transfer units of the heat exchangers (NTU): 
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Taking the amount of heat required for bridging the temperature gap (T equ - To) 
for the endothermic mixture as a reference, the normalized heat loss is given by the 
following expression: 
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A value of loss n0 rm = 1 indicates that the total heat loss via the exit streams of the 
exothermic and the endothermic stage is equal to the amount of heat required to 
heat up the feed of the endothermic stage about AT= T equ - To. loss n0 rm can be 
expressed explicitly as a function of h and NTUendo taking into account the theory of 
ideal countercurrent heat exchangers [7]. 

At this point, a distinction is required between the two configurations shown in 
Fig. 1.2. In the countercurrent configuration the heat capacity fluxes of the heat 
exchanging streams are generally differing, whereas in the counter-cocurrent config¬ 
uration they are equal to each other. Hence, we obtain: 
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loss = --- + --- for counter-cocurrent configuration^) 

NTU mdo +1 NTU end0 + h 

Figure 1.3 illustrates the dependence of loss n0 rm on h and NTUmdo for both configu¬ 
rations. 


a) countercurrent 



0.25 0.5 1 2 4 


heat capacity ratio (h) 


b) counter-cocurrent 



0.25 0.5 1 2 4 

heat capacity ratio (h) 

Fig. 1.3. The effect of heat exchanger performance, NTU, 
and heat capacity ratio, h, on the normalized heat loss for 
heat-integrated processes in (a) countercurrent and 
(b) counter-cocurrent flow configuration. 
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For the countercurrent configuration the optimal heat capacity ratio converges 
asymptotically to h = 1 with increasing NTU values. Even for an ideal heat exchanger 
(NTU —» °o), small deviations from the optimal heat capacity ratio cause significant 
heat losses. On the other hand, heat losses could be minimized with decreasing heat 
capacity ratio and increasing NTU values for the counter-cocurrent configuration. In 
this case the heat recovery becomes complete for an ideal heat exchanger 
(NTU —> °°) independent of the heat capacity ratio h. 

1.2.1.2 Temperature Control 

Conventional steam reformers are furnaces containing tubes filled with reforming 
catalyst. Radiation burners, which are usually installed at the top and the bottom of 
the furnace, generate the process heat (Fig. 1.4(a)). Figure 1.4(b) shows a schematic 
lateral temperature profile inside a single reformer tube. 

Clearly, in the considered high-temperature processes the process conditions are 
defined mainly through the thermal stability of the tubes. A considerable tempera¬ 
ture difference across the tube wall is required as the driving force for the heat sup¬ 
ply to the reforming reaction. The main heat transfer resistances occur at the inner 
and outer surface of the tube wall. 

The impact of heat transfer limitations is illustrated with a generic example 
describing a best-case scenario (Fig. 1.5). The allowed maximum temperature of the 
reformer tube is assumed at 950 °C. Hence, the wall temperature and inlet tempera¬ 
ture of the reaction gas are set to 950 °C. The reforming reaction is assumed to 
be instantaneous - that is, at each axial position conversion is set equal to the equi¬ 
librium conversion at the respective temperature X e?M (T). Dissipative effects (i.e., 


' furnace 

reformer tube \ 



Fig. 1.4. Simplified scheme of an industrial steam reformer 
furnace, (a) Furnace with radiation burners adapted from [6]. 
(b) Lateral temperature profile inside a single reformer tube. 
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Fig. 1.5. Effect of heat transfer limitation in industrial steam 
reformers, (a) Scheme of a single catalytic fixed-bed reformer 
tube with typical heat transfer and operating parameters. 

(b) Computed temperature profile (solid line) and equilibrium 
conversion profile (dashed line) in flow direction for a tubular 
reformer, (c) Measured fixed-bed temperature profiles at 
different wall temperatures in a tubular reformer (Di = 8 mm) 
filled with spherical catalyst pellets (d p = 1.5 mm). 
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diffusion and heat conduction) are neglected in the axial direction. Finally, we 
assume a uniform fixed-bed temperature in radial direction. Based on this model the 
axial temperature profile of the fixed bed is given by the following relationship [8]: 


Mc„ 


1+ AT. 


ad 
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—— = a w —( T w — T c ) 
dz D: ' w c ' 
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Figure 1.5(b) shows the axial temperature profile of the packing for a favorable 
heat transfer coefficient at the tube wall of a w = 200 W/m 2 /K and a small tube diame¬ 
ter of Di = 25mm. The temperature at the inlet cross-section drops immediately to 
the equilibrium value corresponding to the feed conditions. Further downstream, 
the temperature increases gradually and approaches asymptotically the wall temper¬ 
ature. A reactor length of approximately 10 m would be necessary in order to reach 
an equilibrium conversion of 95 %. According to this result, heat transfer limitations 
between the catalyst packing and the heating tube wall result in poor catalyst utiliza¬ 
tion. This has been verified experimentally with a laboratory-scale reactor of 8 mm 
inner diameter (Fig. 1.5(c)). Despite the significantly larger specific heat transfer 
area of this tube, a temperature drop of up to 200 K has been observed at the 
entrance to the catalytic bed. Similar behavior - although not especially extreme - is 
observed with endothermic reactions running under milder conditions. For exam¬ 
ple, during styrene synthesis in a 2.5-cm tube a temperature difference up to 30 K 
has been measured between the reactor wall and its center [9]. This heat transfer 
limitation could be overcome by depositing the catalyst directly on the surface of the 
tube wall - that is, by using a wall reactor concept. Charlesworth et al. [10] estimated 
that such a reactor would be two orders of magnitude smaller than a conventional 
steam reformer. 

The above considerations indicate that, independent of implementation details, 
the space-time yield of endothermic reactions could be significantly enhanced by 
shifting the reaction site to the heat-exchanging surfaces. This intention has led to 
the production of a large variety of multifunctional reactor concepts for coupling 
endothermic and exothermic reactions. In the following section the state of the art 
in this area will be discussed for selected examples. 


1.3 

Multifunctional Reactor Concepts 

Figure 1.6 contains a classification of multifunctional reactor concepts with inte¬ 
grated heat recovery for coupling endothermic and exothermic reactions [11]. Cou¬ 
pling of methane steam reforming with methane combustion is displayed as a 
representative example. Equivalent processes can be created based on recuperative 
heat exchange in a stationary operation mode (left column) or based on regenerative 
heat exchange in a cyclic operation mode (right column). 

The simultaneous mode is the simplest configuration where the feed streams 
of the endothermic mixture and the combustion gas are mixed and react 
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simultaneously in the same volume. The amount of oxygen is adjusted to generate 
sufficient excess heat, in order to compensate non-idealities of heat recovery. The 
simultaneous mode has been widely applied in technical processes, for example, in 
autothermal reforming or in oxidative dehydrogenation processes. However, mixing 
of the process streams imposes substantial constraints to the process conditions, 
since they must be compatible to the endothermic and to the exothermic subsystem. 

For example, high-pressure operation, often desirable for steam reforming, would 



Endothermic reaction: Cffi + H?0 3H? + CO 

Exothermic reaction: CH 4 + 20? -> 2H?0 + CO? 


Fig. 1.6. Schematic classification of heat-integrated concepts 
for the representative example of coupling methane steam reform¬ 
ing and methane combustion. 
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require pressurization of the combustion air. Finally, dilution of the product by the 
exhaust gas stream complicates subsequent purification steps. 

In the asymmetric mode of operation the endothermic and exothermic reactions 
take place separately either in different compartments (recuperative mode) or at dif¬ 
ferent time intervals (regenerative mode). The attractiveness of the asymmetric 
mode is related to the fact that the separation of the process streams allows an indi¬ 
vidual tuning of the operating conditions for the endothermic and the exothermic 
subsystem. 

The symmetric mode aims at combining the advantages of the simultaneous and 
the asymmetric mode: only the endothermic reaction takes place in the main reac¬ 
tor. The process heat is added through a hot, inert side stream (e.g., the effluent gas 
of an external combustion chamber). The side stream can be distributed along the 
reactor in order to adjust a specific temperature profile. 

The counter-cocurrent concept features a modular design: it provides separate 
heat exchanger loops for heat recovery within the endothermic mixture and the com¬ 
bustion gas. Cocurrent flow of exothermic and endothermic process streams is prin¬ 
cipally favorable with respect to the controllability of heat release. 

As indicated by this schematic representation, different configurations vary with 
respect to the degree of coupling between the process streams. The strongest cou¬ 
pling occurs in the simultaneous mode, where chemical and thermal interaction 
occurs between the process streams. In contrast to this, the counter-cocurrent con¬ 
cept features only thermal interaction between the process streams localized in the 
reactor stage. 

As stated earlier in Section 1.2.1.1, equality of the heat capacity fluxes in the 
heat recovery sections is a crucial condition for efficient heat recovery. This condi¬ 
tion is inherently fulfilled by the simultaneous and the counter-cocurrent concept. 
In the asymmetric concept the flow rates of the process streams must be adjusted 
accordingly. The requirement of equal heat capacity fluxes cannot be fulfilled in 
the symmetric concept due to the continuous side stream addition. However, 
besides these structural properties the design details are decisive for their specific 
performance and efficiency of individual solutions. 

1.3.1 

Regenerative Processes 

Surprisingly, the majority of advanced heat-integrated reactor concepts employ a 
cyclic mode of operation with regenerative heat exchange. They have been proposed 
mainly for syngas and olefin production. Their potential field of application is in 
large chemical and petrochemical processes, where a compact reactor could replace 
a complex network of reactors and heat exchangers. The following survey reflects the 
classification introduced in Fig. 1.6. 
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1.3.1.1 Simultaneous Mode 

A pioneering report on the simultaneous concept with integrated heat recovery pro¬ 
poses a reverse-flow mode of operation for syngas production from natural gas [12]. 

The process is implemented in an adiabatic fixed-bed reactor with inert end zones 
and a catalytically active section in the middle. The experiments confirm the feasibil¬ 
ity of the concept. The results of this investigation, together with those of subse¬ 
quent studies [13, 14], indicate that local excess temperatures up to 1500 °C are the 
major problem of this concept. One reason for this is the tendency for the reaction 
zones of combustion and reforming to separate from each other. Due to a preferen¬ 
tial adsorption of oxygen on the catalyst surface, total oxidation of hydrocarbons is 
favored [15]. Steam reforming and the water-gas-shift reaction take off after com¬ 
plete depletion of oxygen. Additionally, ignition of homogeneous combustion is 
unavoidable if the temperature exceeds 600 °C. Coke formation in the heat-exchange 
zones has been identified as an additional reason for the temperature runaway. De 
Groote et al. [13] show that the major source of coke in the upstream section is meth¬ 
ane cracking and the Boudouard equilibrium in the downstream section. The sud¬ 
den ignition of accumulated coke may lead to extreme local temperature peaks. 

1.3.1.2 Asymmetric Mode 

The CATOFIN process developed by ABB-Lummus for dehydrogenation of C3-C4 
paraffins [16, 17] can be considered as the prototype process of coupling endother¬ 
mic and exothermic reactions. Figure 1.7 shows the process scheme in schematic 
form. Each cycle includes the production phase and two regeneration steps. The 
heat consumption of the endothermic reaction during the production phase is taken 
from the heat stored in the fixed bed. The thermal reservoir is restored by a super¬ 
heated air purge during the second phase. In addition to convective heating, heat is 
generated through the combustion of carbonaceous deposits. Finally, hydrogen is 
passed over the fixed bed in order to convert the catalyst back to its reduced, active 
form, and this produces additional heat. A similar concept has been proposed for 



purification 


Fig. 1.7. CATOFIN process: dehydrogenation of propane 
adapted from Ullmann [54]. (a) charge heater; (b) air heater; 
(c) purge step; (d) production step; (e) regeneration step. 
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styrene synthesis [18]. The attraction of this concept results from the simplicity of 
the reactor - a simple adiabatic fixed-bed type - and the process-integrated regenera¬ 
tion of the catalyst - that is, the removal of carbonaceous deposits. Both, cocurrent 
flow and countercurrent flow have been investigated. The authors concluded that 
the reverse-flow mode is superior with regard to selectivity because the endothermic 
reaction runs along an increasing temperature profile. However, at a low air-to- 
hydrocarbon ratio the yield of the cocurrent-flow mode is higher than in the reverse- 
flow mode. This is due to a wrong-way phenomenon caused by coupling the endoth¬ 
ermic reaction with countercurrent heat exchange. 

Figure 1.8 illustrates the operating behavior of the reverse-flow CATOFIN process 
in the limit of equal heat capacities during reaction and regeneration cycle (h = 1). 
The inlet temperature of the regeneration gas is set approximately |AT ad | above the 
inlet temperature of the endothermic reaction feed. In the periodic steady state, only 
two narrow zones close to both reactor ends contribute considerably to the conver¬ 
sion, while the major part of the fixed bed cools down to a temperature level well 



Fig. 1.8. Reverse-flow CATOFIN process at equal heat capacity 
fluxes during production and regeneration cycle: periodic temp¬ 
erature profiles (top) and conversion profiles (bottom) at the end 
of the endothermic semicycle (t = t cyc /2) and the regeneration 
cycle (t = 0). 
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below the adiabatic temperature drop of the endothermic reaction. The accumula¬ 
tion of heat consumption of the endothermic reaction in the fixed bed is the reverse 
analogy to the accumulation of heat of weakly exothermic reactions in autothermal 
reactors [19]. This counter-intuitive effect indicates the complexity of coupling chem¬ 
ical reactions with countercurrent heat exchange. 

The asymmetric reverse-flow operation mode as proposed by Levenspiel [20] is a 
straightforward extension of the CATOFIN process in order to integrate heat genera¬ 
tion and heat recovery in the reactor. Its application in syngas production has been 
studied theoretically in a series of papers by Kulkarni and Dudukovic [21, 22]. This 
study demonstrates the feasibility of coupling methane steam reforming with meth¬ 
ane combustion, but it also reveals the susceptibility of the process to severe over¬ 
heating. Operation with preheated feed during the exothermic semicycle is proposed 
as a remedy. 

A detailed analysis of an asymmetric process coupling styrene synthesis through 
dehydrogenation of ethylbenzene with combustion of hydrogen has been presented 
in [23]. Figure 1.9 shows typical periodic steady-state conditions of the process. One 
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Fig. 1.9. Coupling of dehydrogenation of 
ethylbenzene to styrene and hydrogen 
combustion in a catalytic fixed-bed reverse flow 
reactor [9]. (a, b) Fixed-bed temperature profiles 
during production and regeneration cycle. 


(c) Ethylbenzene conversion during production 
cycle, (d) Hydrogen weight fraction during 
regeneration cycle, (e) Ethylbenzene conversion 
during one period. 
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finding of this study is the importance of structuring the fixed bed in catalytic and 
inert sections. In particular, a sufficient length of the right inert zone is decisive for 
the establishment of a sufficient temperature level in the catalytic part. However, 
heat release within a narrow zone at the right end of the catalytic section implies 
inefficient heat storage. The initial temperature profile of the endothermic semicycle 
enables indeed high conversion at a high selectivity, but subsequently the tempera¬ 
ture peak is shifted into the right inert section and becomes useless. 

The major conclusions from the above-described studies are consistent: in the 
asymmetric mode of operation the reaction zones of the exothermic and endother¬ 
mic reactions inherently repel each other, leading either to an extreme maximum 
temperature or to poor performance. A noncontinuous heat supply and production 
during every other semicycle cause obviously strong fluctuations of operation. More¬ 
over, reasonable states of operation are attainable only with an excess of gas during 
the exothermic semicycle. This contradicts the condition of equal heat capacities for 
optimal heat recovery (see Section 1.2.1.1). For example, the heat loss in the case dis¬ 
played in Fig. 1.9 is equal to the heat demand of the endothermic reaction. Different 
strategies have been assessed with regard to their potential to reduce hotspots dur¬ 
ing the exothermic semicycle and to improve thermal efficiency. 

Latent heat storage 

It is clear that temperature oscillations during heating-cooling cycles depend on the 
fixed-bed heat capacity. Figure 1.10 shows a simplified picture of the effect of phase 
change on the effective heat capacity of pure substances. Considerable amounts of 
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Fig. 1.10. Temperature plotted versus specific enthalpy of a 
pure substance undergoing phase changes (melting, solidifying). 
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heat can be stored at a constant temperature level at the melting point. The principle 
of latent heat storage is discussed in detail in Ref. [24]. Figure 1.11 illustrates the 
effect of adding aluminum-filled pellets to the catalytic fixed bed in the reverse-flow 
reactor for styrene synthesis. The melting temperature of aluminum (664 °C) is 
compatible with the operating temperature of the styrene catalyst. The amount of 
heat required for melting aluminum would be sufficient to heat-up the same 
amount of solid metal by approximately 400 K. In Fig. 1.11. the diagrams on the left- 
hand side show the conditions during the production cycle in the periodic steady 
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Regeneration Period 
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Fig. 1.11. Coupling of dehydrogenation of ethylbenzene to 
styrene and hydrogen combustion in a catalytic fixed-bed reverse- 
flow reactor with a mixed bed of catalytic pellets and aluminum 
powder (50:50) [23]. (a, b) Temperature profile of the latent heat 
storage (solid line) and of the fixed bed (dashed line) during 
production and regeneration periods, (c) Ethylbenzene conversion 
during the production cycle, (d) Hydrogen weight fraction during 
the regeneration cycle, (e, f) Molten fraction of the latent heat 
storage during production and regeneration period. 
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state. At the start of the endothermic semicycle, part of the aluminum has been mol¬ 
ten and a temperature plateau has formed close to the right end of the catalytic zone. 
During the endothermic semicycle the fraction of molten aluminum shrinks. How¬ 
ever, the maximum temperature remains at a constant level over a significant part of 
the semicycle, preventing a fast drop of the conversion profile. During the subse¬ 
quent exothermic semicycle aluminum is melted again, absorbing a significant 
amount of the heat of combustion. It thus reduces overheating of the catalyst. 
Figure 1.12 shows the effect of latent heat storage on maximum temperature and 
conversion during a cycle in the periodic steady state. It becomes clear that the 
installation of heat storage has a beneficial effect on reactor performance, but it does 
not completely solve the problem of conversion fluctuations and suboptimal heat 
recovery. The major problem remains - the heat of combustion is stored within a 
narrow zone close to the right boundary of the catalytic section. It travels during the 
production phase into the inert section and becomes useless for dehydrogenation 
reaction. 

Distributed heat release 

The concepts discussed so far indicate that the major challenge in asymmetric oper¬ 
ation is correct adjustment of the loci of heat release and heat consumption. A reac¬ 
tor concept aiming at an optimum distribution of the process heat has been 
proposed [25, 26] for coupling methane steam reforming and methane combustion. 
The primary task in this context is to define a favorable initial state and to assess the 
distribution of heat extraction from the fixed bed during the endothermic semicycle. 
An optimal initial state features cold ends and an extended temperature plateau in 
the catalytic part of the fixed bed. The downstream heat transfer zone is inert, in 
order to avoid any back-reaction (Fig. 1.13). 

Taking into account the fact that methane steam reforming is a rapid reaction and 
that the local conversion is determined mainly by the catalyst temperature 
(X re /= Xref(T)), the evolution of the temperature profile can be estimated through a 
simplified procedure based on geometric considerations. It can be shown, that 
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Fig. 1.12. Maximum temperature (a) and ethylbenzene 
conversion (b) during one production cycle for a fixed bed of 
uniform heat capacity (dotted line), for a structured fixed-bed with 
inert end sections of higher heat capacity (dashed line), and for 
latent heat storage inside the catalytic section (solid line) [9]. 






7.3 Multifunctional Reactor Concepts | 19 

equilibrium-limited endothermic reactions lead to a sharp, traveling heat transfer 
zone if cold feed enters a uniformly preheated catalytic fixed bed [25]. The heat trans¬ 
fer zone and the reaction zone can therefore be approximated by step functions 
propagating through the fixed bed in flow direction. The heat transfer zones at the 
left and the right end of the profile propagate with the velocity of a thermal wave, 
wtherm, which depends on the heat capacity flux of the gas stream and the heat capac¬ 
ity of the solid phase: 


^therm 


pc pc 


( 7 ) 


In the reaction zone, superposition of convective cooling and heat consumption 
through the endothermic reaction leads to an accelerated cooling of the fixed bed. 
The ratio of the propagation velocity of the reaction front (wwo) and the thermal 
front can be estimated as follows: 


^endo 
^therm 
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( 8 ) 


For the example of methane steam reforming, Eq. (8) yields an acceleration factor 
of 4. Accordingly, the axial displacement of the reaction zone is a multiple of the 
axial displacement of thermal fronts. The difference of the axial displacement 
between the reaction front and the thermal front determines the axial profile of heat 
demand during the subsequent exothermic semicycle. Efficient heat recovery 
requires equal heat capacities of the process streams during both semicycles. The 
initial state can be restored by discrete heat sources distributed at equal distances 
along the catalytic part of the reactor. Each point source initiates a thermal wave that 
covers the distance to the next heating point (Fig. 1.13, right). This concept features 


fuel or air 



Fig. 1.13. Schematic picture of the evolution of temperature 
profiles in a reverse-flow reactor with distributed side feed during 
production (left) and regeneration cycles (right) [25]. 
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optimal characteristics in several respects: The conversion of the endothermic reac¬ 
tion is determined by the temperature plateau in the catalytic part and can be main¬ 
tained at a constant level throughout the complete endothermic semicycle. The heat 
capacities of the process gases during the production and the regeneration step can 
be adjusted properly in order to achieve optimal heat recovery. 

The concept has been implemented in a laboratory-scale set-up. A sketch of the 
reactor is shown in Fig. 1.14 (left). Point-wise heat generation at well-defined posi¬ 
tions along the fixed bed is accomplished with a special gas distributor which is 
located in the central reactor axis and has openings at four axial positions. The dis¬ 
tributor is activated during the exothermic semicycle. Air is supplied to the reactor 
through the openings and burns part of the fuel contained in the main stream. The 
combustion reaction is almost instantaneous and represents approximately a point 
heat source. This configuration prevents direct contact of oxygen with the catalytic 
fixed bed and protects the catalyst against oxidation. Moreover, uncontrolled com¬ 
bustion of carbonaceous deposits and its detrimental consequences can be excluded. 
Nevertheless, catalyst decoking is ensured by mild, endothermic reactions, for exam¬ 
ple, gasification or hydrogenation. The right-hand part of Fig. 1.14 shows the tem¬ 
perature profiles at the end of consecutive endothermic and exothermic semicycles 
in periodic steady-state operation. The length of the production and regeneration 
cycle was set to 3 minutes. During the production cycle a mean methane conversion 
higher than 98 % could be attained. Despite insufficient insulation and a high wall- 
to-volume ratio of the laboratory set-up, a production capacity of 1.5 kWLHV,H2 L- 1 
was achieved with a thermal efficiency of approximately 70 % - that is, the heat loss 
is in the order of 40 % of the heat uptake for the reforming reaction. 

1.3.1.3 Symmetric Mode with Side Stream Injection 

Side stream injection provides a flexible basis for new process variants. A derivate of 
this concept is the symmetric process: Shifting the combustion into an external 
combustion chamber and feeding the hot effluent gases to the main reactor enables 
a continuous heat supply to the endothermic reaction, and continuous production. 
The endothermic reaction mixture is fed in periodically changing directions to the 
reactor, and this leads to symmetric conditions during both semicycles. The advan¬ 
tage over the simultaneous mode is the exclusion of direct contact and of undesir¬ 
able side reactions of the endothermic reaction mixture with oxygen. The symmetric 
process is particularly suitable for mole-number-increasing reactions since dilution 
of the reaction mixture with inert gases may shift the chemical equilibrium towards 
higher conversion. Accordingly, the symmetric process has been applied to styrene 
synthesis [23, 27]. Side feed can be added either through a single or multiple ports. 
Distributed side feeding provides additional control variables, such as periodic acti¬ 
vation of the side ports [27]. This can be utilized for optimizing the shape of the tem¬ 
perature profile with respect to product selectivity. However, improved controllability 
and variability of the symmetric process goes along with a significantly increased 
complexity of the reactor design. Fine-structured inlet manifolds and static mixers 
are required in order to achieve a uniform distribution of the side feed over the reac- 
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Fig. 1.14. Experimental proof-of-concept of asymmetric 
operation with distributed air feed [26]. Left: Schematic set-up 
of the bench-scale reformer. Right: Periodic steady-state 
temperature profiles at the beginning of successive cycles. 

tor cross section. Besides, a significant temperature excess and a large side stream 
flow rate is required in order to introduce the process heat. A high side feed temper¬ 
ature may collide with the thermal stability of the reaction mixture, of the catalyst or 
the reactor material itself. A large side stream is detrimental for the thermal effi¬ 
ciency of heat recovery, due to the resulting inequality of upstream and downstream 
flow rates in the heat transfer sections (as discussed in Section 1.2.1.1). In the case 
of styrene synthesis heat losses due to incomplete heat recovery are typically 
70-100 % of the heat consumption of the reaction. 

1.3.1.4 Counter-cocurrent Mode 

Van Sint Annaland [28] proposed a four-step process for propane dehydrogenation 
coupled with combustion of methane or propane; the phases of the process are illus¬ 
trated in Fig. 1.15. Different process schemes are possible, depending on the 
sequence of the phases within one cycle. In any case, the complete cycle is symmet¬ 
ric, which is favorable with respect to heat recovery. 
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The most suitable variant comprises the following sequence of steps: combustion 
in forward flow direction-dehydrogenation forward-combustion backward-dehy¬ 
drogenation backward. Model-based analysis reveals the importance of matching the 
kinetics of the endothermic and exothermic reactions in order to establish the 
desired temperature profile. Therefore, axial structuring of the fixed bed is crucial. 
An optimized reactor design (Fig. 1.16) comprises inert heat transfer sections at 
both ends of the reactor in order to avoid back-reaction. Adjacent to the end zones, 
sections of low catalytic activity are provided where the combustion mainly takes 
place, whilst the central section is filled with highly active dehydrogenation catalyst. 
Additionally, a mixture of propane and less reactive methane can be used as fuel, in 
order to adjust the temperature level in the central part of the reactor. The reaction 
zones of combustion and dehydrogenation are separated from each other. Consider¬ 
ably higher flow rates during the exothermic phases ( M exo : M en d 0 = 0(10) ) Mare 
required for carrying the heat of combustion into the dehydrogenation zones. The 
conversion of the dehydrogenation reaction is uniform over the entire period of the 
production cycles. The heat loss due to incomplete heat recovery in the case shown 
is approximately 90 % of the generated heat, and is thus a multiple of the heat 
utilized by dehydrogenation. 


sequential reactor configuration 



Fig. 1.15. Coupling of propane dehydrogenation and methane 
combustion in a four-step catalytic fixed-bed process [28], 
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Fig. 1.16. Four-step propane dehydrogenation process [28]: 

Temperature profiles (top) and mass fraction profiles (bottom) at 
the end of the first two steps (1 - exo, 2- endo). The end profiles of 
the subsequent steps are mirror images of the profiles shown. 

This study also addresses the detrimental effect of carbonaceous deposits formed 
during the dehydrogenation steps. The ignition of accumulated coke during the sub¬ 
sequent regeneration step can lead to extreme local temperature peaks that are able 
to deactivate the catalyst or even to destroy the reactor. The phenomenon of temper¬ 
ature excursion during the exothermic gas-solid reactions has been analyzed by 
Nieken and Watzenberger [29] and Salden [30], and will be discussed briefly in the 
following section. 
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1.3.1.5 Overheating During Oxidative Coke Removal 

Regenerative processes for hydrocarbon processing include oxidative coke removal 
as an integral part of the process cycle in order to sustain a high catalytic activity. 
However, the results of both experimental and theoretical studies agree that oxida¬ 
tive coke removal may lead to severe, uncontrollable temperature excursions [13, 14, 
28]. This phenomenon is elucidated in the following text in order to identify the rea¬ 
sons for this critical behavior, as well as to suggest possible remedies, based upon an 
analysis given in Ref. [30]. 

We assume a fixed-bed of semi-infinite axial extension with a uniform initial 
temperature and coke loading g®. We further neglect dispersive effects and 
assume that coke combustion is an instantaneous reaction. Passing a gas stream 
with inlet temperature T + and inlet oxygen concentration c+ 2 at a flow rate v° 
through the fixed-bed, typically two stationary traveling fronts are formed (Fig. 1.17). 
The propagation velocity of the thermal front w t herm depends on the heat capacity of 
the gas and the fixed bed (Eq. (7)). The propagation velocity of the reaction front is 
given by the following expression 


resulting from the stoichiometry of complete coke combustion: 

C+ 0 2 —t C o 2 

Hence, Wtherm and wr are independent of each other. The effective temperature rise 
depends on the ratio of wtherm and wr and can be estimated based on the following 
simplified considerations. 

In a quasi-homogeneous model, the evolution of the temperature Tjb, the coke load¬ 
ing qs, and the oxygen concentration C 02 are given by the following set of equations: 


dT dT 

(pc)^ = -(pc p ) s v -£■ + (-AH 8 )r T Jb (z = 0,t) = T + ] T fi (z,t = 0) = T^10) 


~f = ~ r ?s( z d = 0) = qs 

ot 


0 = -v u -^-r c o 2 ( z = 0,t) = Cq 2 
dz 


Transformation of the above system into moving coordinates r = t; £= z - Wtherm t 
yields: 


(pc)^ = (-AH R )r 3 >(£,t = 0 )=1% 


(13) 
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Eq. (17) inserted in Eq. (14) yields: 

/ \ dgg _ dq B 

V^R ^fherm / - j. ^therm -y ^ 

55 55 


Combining Eqs. (13), (16), and (19) leads to: 
-(pc)(w R -w therm )-^r= {-AH r ) 

dT fi _ % _ {~ ah r) 

dq B w R -w thmn (pc) 


Here, we must discriminate between two cases: 

1. Reaction front faster than thermal front (wr > wtherm): 
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This case, displayed in Fig. 1.17(c), occurs at high inlet oxygen concentrations or 
small initial coke loading - that is, the combustion is limited by the amount of 
coke. The heat generation by reaction exceeds the heat consumption for heating 
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up the cold gas stream. For wr » w t herm the effective temperature rise 
approaches asymptotically the value 

q° B (-AH R ) 

A1 ad - 

pc 

that can be interpreted as the adiabatic temperature rise of the solid phase. 

2. Reaction front slower than thermal front (wr < wtherm) ■ 
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This case, displayed in Fig. 1.17(d), occurs at a low inlet oxygen concentration or a 
high initial coke loading - that is, the combustion is oxygen-limited. The heat of 
combustion is carried away downstream by convection. For wr « Wtherm the 
effective temperature rise approaches asymptotically the value 


AT a e d = 


Cq 2 ( AH b ) 


which can be interpreted as the adiabatic temperature rise of the gas phase. 

Figure 1.18 displays the effective temperature rise during oxidative coke removal 
as a function of the oxygen molar fraction of the regeneration gas according to 
Eqs. (23) and (25), respectively. The adiabatic temperature rise of the shown case is 
38 K. However, AT e ff can be much higher and tends to infinity at the limit of 
wr — y Wtherm- This can be explained as follows: when the velocities of the thermal 
front and the reaction front are equal, the heat of combustion accumulates in a nar¬ 
row zone which may lead to extremely high local temperatures. This conclusion has 
been verified theoretically through detailed simulations [30]. 

The above considerations hold under the condition that the ignition temperature 
of coke combustion is lower than in the coke-limited regime, or lower than T + in 
the oxygen-limited regime. However, in the considered heat-integrated processes the 
feed temperature T + is generally far below the ignition temperature. The fatal aspect 
in this scenario is that coke regeneration is carried out “carefully” - that is, with a 
low oxygen concentration. Oxygen deficiency leads to incomplete coke removal 
according to the following condition: 


W R ~ w therm ~ 



(26) 


In this way, the reaction front is synchronized inevitably with the thermal front, 
leading to the observed temperature excursions (Fig. 1.19). 
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Fig. 1.17. Schematic picture of front propagation during 
oxidative coke removal, (a) Oxygen concentration in the 
regeneration gas, e.g., air. (b) Coke loading of the solid phase. 

(c) Front propagation of the thermal front (velocity wtherm) and 
the reaction front (wr) with preceding reaction front. 

(d) Front propagation with preceding thermal front 

(special case: T + = ). 

Hence, in order to prevent overheating it is not simply the amount of coke that 
matters; rather, it is also necessary to avoid synchronization of the thermal and com¬ 
bustion fronts. This can be achieved by correctly adjusting the oxygen inlet concen¬ 
tration, in order to carry out regeneration in the coke-limited regime. 

1.3.2 

Recuperative Processes 

The activities of heat-integrated processes with recuperative heat exchange are 
mainly devoted to the conversion of primary fuels (hydrocarbons or alcohols) to 
hydrogen, with few exceptions - for example, investigations on the dehydrogenation 
of light alkanes in Schmidt’s group [3]. The practical relevance and vitality of 
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Fig. 1.18. Effective temperature rise during oxidative coke 
removal as a function of the oxygen mole fraction of the 
regeneration feed gas. 


research on heat-integrated fuel processors can be estimated from the number 
of established companies and start-ups active in this area [31]. Two major trends 
prevail: One focusing on optimization of existing concepts and one aiming at novel 
concepts based on micro-reactors. 
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Fig. 1.19. Front propagation during oxidative 
coke removal with low inlet temperature. 

(a) Oxygen concentration in the regeneration 
gas. (b) Coke loading of the solid phase. 

(c) Development of temperature excursion in 
the propagating reaction zone. 
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1 .3.2.1 Processes for Large-Scale Applications 

Processes developed on the basis of conventional reforming technology are designed 
for large-scale hydrogen production, for example in chemical plants, power plants or 
hydrogen filling stations. Optimized designs aim at reduction of waste heat genera¬ 
tion at a level that renders steam export obsolete. 

ICI developed a two-stage process comprising a gas-heated tubular fixed-bed 
reformer (GHR) interconnected with an autothermal reformer for industrial syngas 
generation [32, 33]. The term autothermal reforming (ATR) is used for the simulta¬ 
neous coupling of reforming and oxidation. Figure 1.20 shows a scheme of this com¬ 
bined process. About 25 % of the hydrocarbon is converted in the GHR, with the 
product stream being redirected into a concentric tube before leaving the GHR. The 
gas is cooled down through countercurrent heat exchange with fresh gas, before 
entering the ATR stage where conversion is completed. The hot syngas from the 
ATR passes through the GHR supplying additional heat to the steam-reforming 
process. 

The Haldor Topsoe Convection Reformer (HTCR) has been developed for the pro¬ 
duction of hydrogen from hydrocarbons without steam generation. The elementary 
unit of the reformer consists of two concentric tubes (Fig. 1.21). The annular space 



Fig. 1.20. Autothermal syngas generation by combining 
simultaneous autothermal reforming in an air/oxygen-fired 
fixed-bed reactor (ATR) and steam reforming in a gas-heated 
tubular fixed-bed reactor (GHR) [32, 33], 
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Fig. 1.21. Schematic set-up of the heat- 
integrated HTCR process for industrial 
syngas production by steam reforming 
of natural gas. 


between the two tubes is filled with catalyst. Feed gas enters the outer tube at one 
end, while the other end is closed. In this way, countercurrent heat exchange is 
attained between the product stream in the inner tube and fresh gas in the annular 
space. A bundle of these modules is inserted into a furnace, where the combustion 
of fresh gas and off-gas from the hydrogen purification unit produces the process 
heat. The hot flue gas is conducted upwards and supplies heat to the reforming pro¬ 
cess, for overheating of the reaction mixture and for steam generation. In this way, 
the HTCR process enables almost complete recovery of the sensible heat of the pro¬ 
cess gases. According to technical data presented by the manufacturer, the HTCR 
process has an overall thermal efficiency of r\ = LHV h ^,/LHV ch * = 72% with zero 
steam export. 

A concept with a higher degree of heat integration is described in Ref. [34]. The 
concept has been derived from the FLOX burner (FLOX = flameless oxidation in the 
gas phase) [35]. This combustion regime can be attained with highly preheated fresh 
air in combination with intensive recirculation in the combustion chamber, and 
features extremely low emissions. Fresh air preheating is accomplished in the FLOX 
burner through countercurrent heat exchange with the hot flue gases in an 
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integrated heat exchanger. Thus, heat recovery is inherently included in the FLOX 
burner. In the FLOX reformer the reforming modules consisting of two concentric 
tubes, similar to those of the HTCR- and ICI-GFIR design, which hang in the 
combustion chamber. Steam generation, reforming and water-gas-shift reaction are 
integrated in every module. Figure 1.22 shows a scheme of the heat management of 
this concept. The two heat recovery loops of the reforming and combustion gas are 
almost completely separated from each other. The heat content of the reforming gas 
is utilized for vaporizing the liquid water and the water-gas shift stage for CO- 
removal is cooled by the produced steam. The sensible heat of the flue gas is utilized 
for preheating the fresh air superheating the methane/steam mixture. The FLOX- 
reformer design is modular with a capacity of 50-250 Nm 3 H 2 tr b Thermal 
efficiency exceeds 80 %. 

1 .3.2.2 Processes for Small-scale Applications 

Nowadays, the most common small-scale application of hydrogen is the use in 
residential or mobile fuel cell systems. Special requirements of this application are 
compact design, integrated CO-removal, high energetic efficiency, quick start-up 
and fast transient behavior. The proposed solutions comprise unit-operation-based 
concepts as well as multifunctional, micro-structured reactors. 

A gasoline processing system has been developed by Daimler Chrysler [36] based 
on ATR. Catalytic ATR is extremely rapid, and provides the potential for a very com¬ 
pact process. The specific productivity of the ATR is about 15 kWLHV.gasoline L _1 . The 
fuel is sprayed into a preheated air stream. The ATR-product stream enters a high- 
temperature shift reactor (HTS), in order to convert CO. Both ATR and HTS are 
designed as adiabatic metallic monolith reactors, which are coated with different 
noble metal catalysts for reforming and water-gas shift reactions. The operation tem¬ 
perature of the ATR is above 750 °C, while the HTS operates at about 450 °C. There¬ 
fore, it is recommended that the two units are interconnected with a heat exchanger, 
in order to recover the heat of the ATR product stream for preheating the ATR feed 
(Fig. 1.23). The behavior of the coupled system has been analyzed in Ref. [37]. 
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Fig. 1.22. Flowsheet of the FLOX- reformer. The triangles 
indicate the exchanged heat fluxes between different stages 
of the process [34]. 
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One major conclusion of this study is that integrated heat recovery reduces the 
sensitivity of the process against fluctuations of the operating parameters, and thus 
enhances the feasible operation range. The effect of heat recovery during a load 
change is illustrated in Fig. 1.24. The stationary temperature profiles are shown at 
gasoline loads equivalent to 3 and 33 IcWlhv of gasoline. The temperature profile at 
the inlet of the ATR is dominated by the fast oxidation, while steam reforming of 
gasoline takes off further downstream. At high load, the temperature maximum 
could exceed the allowed limit. In contrast, if heat generation falls below a certain 
threshold, the heat losses become dominant and the reactor extinguishes. Heat 
recovery stabilizes the operating conditions in the following way: At high load the 
efficiency of heat recovery declines and the inlet to the ATR stage drops. This com¬ 
pensates partially the temperature rise in the combustion zone of ATR and limits the 
peak temperature. At low load the efficiency of heat recovery improves, and hence 
the inlet temperature of the ATR increases. This stabilizes the ignited state. Experi¬ 
mental studies confirm that integrated heat recovery enables a loading variation of 
1:10 and contributes to a fast and smooth transient behavior. 
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Fig. 1.23. Flowsheet for a heat-integrated system of an 
autothermal gasoline reformer (ATR) and a high-temperature shift 
stage (HTS) interconnected with a heat exchanger [37]. 
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Fig. 1.24. Steady-state, axial temperature profiles for the 
gasoline reformer in Figure 1.21. (a) High load: 33 I<Wlhv; 
(b) low load: 3 I<Wlhv- 
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The progress in micro-reactor technology provides the background for the devel¬ 
opment of compact fuel processors and peripheral components of fuel cell systems. 

Published performance data [38-42] indicate the high development status already 
reached: Volume-specific productivity values up to 750 l^Hi/lit./h = 2,3 kWiHV.ml 
lit. and overall thermal efficiency values from 80 to 90 % have been reported for gas 
generation processes including feed preheating, gas generation and purification. 
Unfortunately, no further details are available about reactor design and the process 
conditions except for very few of them. 

The Integrated Fuel Processor (IFP) 

This was developed by Ballard Power [40], and is a multifunctional reactor including 
the evaporation of a methanol/water mixture, autothermal methanol reforming and 
preferential oxidation (PrOx) for CO removal. The device consists of a stack of iden¬ 
tical, structured plates which divide its volume in two compartments with micro- 
structured rectangular channels. These plates are made from aluminum and copper, 
thus ensuring high thermal conductivity for a uniform temperature over the entire 
reactor volume. A schematic picture of a single plate is shown in Fig. 1.25. Liquid 
methanol/water mixture enters the first compartment and evaporates when heated 
by the exothermic PrOx reaction, which takes place on the other side of the plate. 

The reactants are mixed with air and enter the porous section of the plates where the 
reforming reaction takes place as the reaction gases cross the plates. In the second 
chamber, secondary air is added and the reaction products pass over a PrOx-catalyst 
while exchanging heat with the first chamber. The temperature of the reactor is 
adjusted to 280 °C. Proof-of-concept experiments with the IFP gave an extremely 
high productivity of 2.5 H 2 /lit./h = 75kWLHV,H2/lit. A special powder-metallur¬ 
gical fabrication method allows for producing impermeable and porous areas on the 
plate as required for the flow distribution, embossing the surface structure and 
impregnating with reforming catalyst (Cu/ZnO) in one step. The plates are piled to a 
stack and joined by sintering. However, the IFP-design is not suitable for high-tem- 
perature applications such as gasoline or methane processors. Furthermore, the 
above-mentioned autothermal reforming processes are charged with the inherent 
shortcomings of the simultaneous mode with regard to product dilution and pres¬ 
sure limitations. Therefore, the focus is set on high- temperature steam reforming. 

The potential of catalytic plate reactors with narrow channels regarding controllabil¬ 
ity, productivity and efficiency has been demonstrated in detailed theoretical studies 
by Zanfir and Gavriilidis [43]. One crucial task in implementing the concept is the 
development of fabrication techniques for catalytic activation of the plates and for 
assembling a stack. The solution of choice would be to coat the plates before joining 
them to a stack. However, the conditions required by the common joint methods - 
soldering or diffusion bonding - would damage the catalyst, whilst the alternative of 
laser welding is too expensive. Therefore, although coating the completely assem¬ 
bled reactor is often employed as the only viable solution, this is extremely difficult 
to control [44] and is a clear restriction of the adequacy of micro-fabricated reactors 
for specific applications. Moreover, the suggestion of “the smaller the better” is not 
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Fig. 1.25. Schematic diagram of a single plate of the Integrated 
Fuel Processor (IFP) [40], Top = flow scheme; center = view to the 
front side; bottom = view to the reverse side. 


generally true in the context of processes with integrated heat recovery. Decreasing 
the channel width allows a given heat transfer area to be installed in shorter devices. 
This enhances the influence of heat conductivity and tends to equalize temperature 
gradients; thus, it is an advantage for temperature control in the reaction stage. 
However, the same effect considerably affects the efficiency of heat recovery in the 
heat exchanger sections [45]. Therefore, it is not recommended that attention be 
focused exclusively on minimization of the hydraulic diameter and the size of the 
devices. 

Another important aspect is optimization of the process parameters. The chal¬ 
lenge here is to control catalytic combustion, in order to attain overlapping of the 
combustion and reforming reaction over a sufficient interval [46]. The operating 
conditions are mainly determined by the fuel composition and the heat exchange 
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mode between the process streams. In low-temperature processes (e.g., methanol 
reforming) or in processes without feed preheating, hydrogen is required to stabilize 
the ignited state of the catalytic combustion [47, 48]. However, the presence of hydro¬ 
gen is extremely critical at high temperatures due to the ignition of homogeneous 
combustion. The use of less-reactive pure methane is recommended in this case, in 
order to avoid runaway [49]. Additionally, countercurrent flow of the reforming and 
the combustion gas gives rise to separation of the reaction zones and to runaway of 
the combustion reaction. A considerable excess of the combustion gas flow rate 
against the reforming gas flow rate is required in order to stabilize reasonable oper¬ 
ating conditions at the cost of a lower thermal efficiency [45]. Overlapping of the 
reaction zones could be enforced either through distributed side-feeding of air or 
fuel or through cocurrent flow of combustion and reforming gas stream in the cata¬ 
lytic part of the reactor [50]. 

A comprehensive concept including process and apparatus design has been devel¬ 
oped based on the folded plate reactor design [51]. Comparable concepts are known 
from the Boreskov Institute of Catalysis [52]. The body of the reactor consists of a 
folded sheet of metal that divides its volume in two chambers, forming channels 
with rectangular cross-sections (Fig. 1.26). By applying this technique, the channel 
width can be adjusted individually at each side, depending on the respective heat of 
reaction and reaction kinetics: narrow channels (as small as 1 mm) are indicated for 
fast reactions, whereas wide channels (up to 10 mm) allow for the installation of suf¬ 
ficient amounts of catalyst for slow reactions. An important feature of the folded- 
sheet design is that all channels are accessible from the side over the entire reactor 
length. In this way, it is possible to distribute the feed at arbitrary positions, in order 
to specifically control the operating conditions. The frontal ends can be sealed (e.g., 
with silicon rubber) if they are permanently exposed to low temperatures; otherwise, 
welding or high-temperature soldering is used which ensures thermal stability up to 
900 °C. In this way, the two chambers can be separated from each other with a 
minimum number of joints, and this reduces potential failure sources. The chan¬ 
nels are filled with structured spacers; these play an important role in the reactor 
concept as they support the reactor walls, provide the mechanical stability to the 



Fig. 1.26. Model of the folded sheet reactor with corrugated, 
catalyst-coated spacers. 
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reactor structure, and contribute to the improvement of the heat exchange through 
planar contact to the reactor wall. Spacers with crossing passages can be used as 
static mixers downstream of the injection ports in order to distribute the feed 
uniformly over the depth of each channel; finally, the spacers can be coated with cat¬ 
alyst. In this way, it is possible to adjust the axial structure of the channels in order to 
attain optimal implementation of multiple functions. The gas inlet and outlet ports 
are integrated in shells, forming the reactor casing. They are assembled together by 
two longitudinal weld seams, and the casing can also be reinforced to enhance the 
rigidity of the device. Two prototype reactors have been developed - one for low-tem¬ 
perature methanol steam reforming, and one for high-temperature methane steam 
reforming based on the folded-sheet reactor concept. 

Methanol steam reforming 

The concept has been developed to the stage of a bench-scale prototype for 3m J N /h 
hydrogen [53]. The complete hydrogen generation process including evaporation of 
methanol and water, superheating, reforming, water-gas shift combined with prod¬ 
uct cooling, are integrated in this device. Heat supply is controlled by distributed 
side-feeding of fuel (hydrogen) at five stages along the reactor. The experiments 
showed a good methanol conversion (X > 90 %) with moderate CO formation 
(y C o ~2%) and excellent dynamics upon load changes. 

However, the distribution of the fuel in the depth of the channels required a com¬ 
plex capillary distributor with tiny exit nozzles. The particular device, although opti¬ 
mal with regard to the uniformity of gas distribution, seems not to be an adequate 
technical solution. 

Methane steam reforming 

The counter-cocurrent reformer concept including two countercurrent heat 
exchangers and a cocurrent reaction section (Fig. 1.27(a)) was considered in order to 
attain optimal conditions for kinetic control of the combustion [8]. It is well known 
that cocurrent cooling is generally favorable in preventing runaway of highly 
exothermic reactions. In the particular case, chemical cooling is provided by the 
reforming reaction. 

The conditions in the reaction section are of primary interest for the entire pro¬ 
cess. Experiments have been conducted with superheated feed streams using a 
three-channel model reactor in order to analyze the coupling of methane reforming 
and methane combustion in the cocurrent mode. Figure 1.27(c) shows a sketch of 
the configuration representing an elementary unit of the folded sheet reactor with a 
combustion channel of full-height in the middle and two reforming channels of half 
of full- height, one on each side. Heat losses to the surroundings have been partially 
compensated by an electrically heated insulation. The diagrams show the tempera¬ 
ture profile (Fig. 1.27(b)) and the performance data of the reactor (Fig. 1.27(d)) 
depending on the fuel concentration in the steady state. The most important result 
is that the cooling effect of the reforming reaction effectively prevents runaway of 
combustion. Hence, it is possible to achieve complete conversion under moderate 



methane, 


1.3 Multifunctional Reactor Concepts 


37 



CL) O 

| ra t5 


o £ c 

,6 TS -2 


5 s= 
N O .O 





38 | 1 Enhancing Productivity and Thermal Efficiency of High-Temperature Endothermic Processes 

conditions. Furthermore, the generated excess heat can be varied through proper 
adjustment of the amount of fuel added. This defines the temperature difference 
between the exit and inlet which is the driving force for heat recovery in the subse¬ 
quent heat exchange sections. Experiments conducted with the three-channel reac¬ 
tor proved that the efficiency of thermal coupling of combustion and reforming 
could be increased far beyond the common values of the state-of-the-art processes. 
Indeed, up to 85 % of the generated heat can be utilized by the reforming reaction 
despite the heat losses of the experimental set-up. Figure 1.28 shows schematically 
the general reactor design, along with simulated temperature and conversion pro¬ 
files. The additional side stream feeding port enables to control the temperature in 
the reforming stage at varying loads. According to the simulation results, 90 % 
of the released heat of combustion is expected to be taken up by the reforming 
reaction. The specific production capacity is estimated as 2.5 Hjjhj Liter reactor- 



fig. 1.28. Integrated, autothermal methane reformer with 
cocurrent flow in the reaction zone and countercurrent heat 
recovery. Simulated steady-state temperature and conversion 
profiles. 
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Experimental proof-of-concept with a bench-scale reactor (production capacity of 

3.3 H 2 /h) is the subject of ongoing investigations. 

1.4 

Conclusions 

The coupling of high-temperature endothermic and exothermic reactions in multi¬ 
functional devices with integrated heat recovery is gaining increasing interest, 
driven in particular by the developing hydrogen technology. Conventional concepts 
are not suitable to meet the demands on specific performance, thermal efficiency 
and autonomy of the process. Two routes are currently being pursued towards novel 
solutions employing either regenerative or recuperative heat exchange for heat cou¬ 
pling and heat recovery. 

Regenerative processes based on the reverse-flow reactor concept are preferred in 
large-scale applications due to their simple and scalable reactor design. Compact 
recuperative concepts based on the wall reactor concept provide the best potential for 
small-scale applications. Apart from these general features, correct structuring of the 
catalytic and fluid-dynamic properties of the reactor is essential for an optimal 
design. Distributed feeding of combustion air or fuel ensures optimal heat transfer 
from the exothermic to the endothermic part. An integrated approach combining 
apparatus design and process development is indicated for optimal implementation 
of novel solutions. 

With regard to fuel processors for hydrogen production, autothermal reforming 
processes have initially approached the technological and economical targets for 
technical implementation, though their applicability is limited due to principal 
shortcomings of the concept. Properly designed steam reforming processes may 
possibly compete with autothermal reformers with regard to space-time yield and 
heat recovery, while offering high flexibility in terms of operating conditions. They 
may, therefore, be utilized in a wide spectrum of applications. 

Symbols and Abbreviations 

A area, m 2 

c specific heat capacity of the solid phase, J kg - 1 K 1 

c p specific heat capacity of the gas phase, J kg - 1 K - 1 

Cj concentration of component j, mol nr 1 

D, inner diameter, m 

h heat capacity ratio 

h specific enthalpy, J moH 

kh heat transfer coefficient, W m - 2 K - 1 

losSnorm normalized heat losses 

,yf mass flux, kg s _1 

jsj molar flux, mol s - 1 

NTU number of transfer units 
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V 
Qb 
r 
t 

T 

v° 

W therm 
Wendo/exo/R 

X 

B 

2 

Creek letters 

Of IV 

AHr 
AT 
A Tad 
AT e ff 
X 

P 
x 

? 

Indices 

0, + inlet or initial conditions 

- outlet conditions 

c fixed-bed catalyst 

eye cycle 

equ equilibrium conditions 

endo endothermic reaction 

exo exothermic reaction 

fb fixed-bed 

g gas phase 

1 liquid phase 

lat latent heat storage 

low lower value 

max maximum value 

prod production cycle 

reg regeneration cycle 

ref steam reforming 

s solid phase 

w separating wall 


heat transfer coefficient, W m~ 2 Kr 1 
heat of reaction, kj mol -1 
temperature difference, K 
adiabatic temperature rise, K 
effective temperature rise, K 
axial heat conductivity, W nr 1 K- 1 
density, kg m~ 3 

time in transformed system of coordinates, s 
spatial coordinate in transformed system, m 


pressure, bar 
coke loading, mol nr 3 
reaction rate, mol m~ 3 s -1 
time, s 

temperature, K 

superficial gas velocity, m s- 1 

thermal front propagation velocity, m s _1 

reaction front propagation velocity, m s- 1 

conversion of reaction 

molar fraction of the component j 

axial coordinate, m 
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Acronyms 


ATR 

Autothermal Reformer 

GHR 

Gas-Heated Reformer 

HTS 

High-Temperature Shift Stage 

LHV 

Lower Heating Value 

PrOx 

Preferential Oxidation 
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Conceptual Design of Internal Reforming in 
High-Temperature Fuel Cells 

Peter Heidebrecht and Kai Sundmacher 

2.1 

Introduction 

The storage and production of fuels for fuel cells is currently under investigation by 
numerous research and development groups worldwide. Its impact on the electric 
efficiency and profitability of any type of fuel cell system is probably as important as 
the fuel cell design itself. Among the many proposed and investigated variants to 
supply hydrogen for the electrochemical oxidation process, the steam reforming 
concept has emerged as one of the most promising. A fuel which can either easily be 
stored or is available at the fuel cell site - for example gasoline, diesel fuel or natural 
gas - undergoes a reaction with water vapor to produce hydrogen and several 
byproducts. Often, this reforming product must be cleaned up before being fed into 
the fuel cell. 

The key issue with reforming is the supply of heat to the endothermic process and 
the demand for high temperatures in order to obtain high reaction rates and favor¬ 
able chemical equilibria. Whilst for low-temperature fuel cells this heat must be 
provided by external sources (e.g., the direct oxidation of a part of the feed gas), high- 
temperature fuel cells such as the Solid Oxide Fuel Cell (SOFC) and Molten Carbon¬ 
ate Fuel Cell (MCFC) can act as a heat source for the reforming process. This idea 
leads to a direct internal reforming (DIR) concept in which the endothermic reform¬ 
ing process is integrated into the fuel cell where the exothermic electrochemical 
reactions occur. The interactions of both processes are based on their mass and 
energy coupling. The use of mathematical models is probably the best way to gain a 
deeper understanding of the interactions of in-situ reforming and electrochemical 
oxidation. 

Some research groups working on the modeling of MCFC include the reforming 
reactions in their process models in different ways. He and Chen [1] and Yoshiba 
et al. [2] only consider the water-gas shift reaction in a spatially distributed anode 
channel. Due to its high rate, they assume the shift reaction to be in chemical equi¬ 
librium. Lukas and Lee [3] and Park et al. [4] also describe the water-gas shift reac¬ 
tion in equilibrium, but in addition they include the steam reforming reaction of 
methane as an irreversible reaction with a finite reaction rate. In particular, Park 

Integrated Chemical Processes. Edited by K. Sundmacher, A. Kienle and A. Seidel-Morgenstern 
Copyright © 2005 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim 
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et al. focus on the effect of an indirect reforming unit in the stack. Although all of 
these models consider the influence of non-electrochemical reactions inside the fuel 
cell, none of them is suitable to easily and intuitively explain their impact on the 
system. This is mostly due to the complexity of these detailed models. 

Advanced flow sheet configurations for MCFC have been investigated by 
Fellows [5] and Kortbeek and Ottervanger [6]. These authors propose more complex 
configurations, for example the use of some fuel cells primarily for reforming and 
others for energy production in one single stack. These configurations can be evalu¬ 
ated by using sophisticated models, but this does not improve the intuitive under¬ 
standing of the interaction of reforming and electrochemical reactions. Therefore, a 
rather simple model is required that describes the basics of a DIR-MCFC in a physi¬ 
cally meaningful way, but is also easy to apply. 

In this chapter, we focus on the MCFC with internal reforming. After a brief tech¬ 
nical introduction of this type of fuel cell, a model is presented that describes the 
interaction of the reforming reaction and the electrochemical oxidation reaction 
inside the MCFC with a set of only two ordinary differential equations (ODE) and 
some algebraic equations (AE). A diagram is introduced which allows the simulation 
results to be displayed in an easily interpretable way. Finally, the usefulness of the 
model and its accompanying diagram are demonstrated in several applications. 

2.2 

Technical Background 

The working principle of the MCFC is illustrated in Fig. 2.1. The anode is fed with a 
preheated mixture of desulfurized natural gas and steam at a steamxarbon (S/C) 
ratio of about 2.5. This feed is converted via steam reforming into a hydrogen-rich 
gas mixture at the reformer catalyst, which is placed inside the anode channel. 
Carbon monoxide is the byproduct of this reforming reaction. Simultaneously, the 
water-gas shift reaction transforms carbon monoxide into carbon dioxide and 
another hydrogen molecule: 


CH. 


Anode electrode 
Electrolyte 
Cathode electrode 

Exhaust gas 1 


CH 4 +H 2 0 « CO + 3H 2 
co+h 2 o®co.+ H. 


^^►CO*« H 2 0+ C0 2 + 2e 


h 2 o 


CO+CO 2 ® 


2CO + 2e 




'AO+CO +2e ® CO 

2 2 3 


T~600°C 




;<=t 


Catalytic 

Combustion 

Chamber 

zr - 


JtTTco, 


Fig. 2.1. Working principle of the Molten Carbonate Fuel Cell 
(MCFC) with direct internal reforming (DIR). 
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CH 2 +H 2 0 CO + 3H 2 

( 1 ) 

co + h 2 o^co 2 +h 2 

(2) 

The equilibrium limitations of these two reforming reactions are overcome by 
continuous removal of hydrogen and carbon monoxide which are directly oxidized 
electrochemically at the anodic electrode. There, these components react with car¬ 
bonate ions from the electrolyte to produce carbon dioxide, water and electrons 
according to the following stoichiometric relationships: 

H 2 + COj~ <r -4 H 2 0 + C0 2 +2e- 

( 3 ) 

CO + CO 2- 4-> 2 C0 2 + 2e 

( 4 ) 


In addition to mass integration, the reforming process, Eqs. (1) and (2), which 
overall is endothermic, is energetically coupled to the exothermic oxidation reactions, 
Eqs. (3) and (4). Thus, the heat required for the generation of hydrogen is provided. 

The anode exhaust gas is mixed with air, and the nonoxidized components are 
totally oxidized in a catalytic combustion chamber. Because air is fed in excess, the 
exhaust gas from the burner still contains a significant amount of oxygen. This gas 
is then fed to the cathode channel where the electrochemical reduction of oxygen 
takes place. There, new carbonate ions are produced from carbon dioxide and 
oxygen according to the backward direction of the following cathode reaction: 

C0 3 2- x /2 0 2 + C0 2 + 2e- (5) 

The carbonate ions are transported towards the anode electrode through the elec¬ 
trolyte, which is an eutectic carbonate melt. The cathodic exhaust gas leaves the fuel 
cell and, due to its high temperature of about 500 °C, it can be used for subsequent 
steam generation, for additional production of electric energy via a micro turbine or 
for other purposes. 

In addition to hydrogen possibly being formed directly inside the anode channel, 
it can also be produced by other reforming steps. Figure 2.2 shows the three basic 


1_ ch 4 

r H *° 

-Air 


ER: External Reforming 
HR: Indirect Internal Reforming 
DIR: Direct Internal Reforming 



Fig. 2.2. 


Reforming concepts for high-temperature fuel cells. 
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reforming concepts for high-temperature fuel cells. External reforming (ER) occurs 
in a separate vessel outside the cell stack. Any arbitrary temperature can be applied, 
but high temperatures require external heating. For temperatures well below the cell 
temperature, the cell exhaust gas can be used to supply the required reaction heat to 
the ER process. The main advantage of ER is that it can be designed and operated 
independently of the conditions of the fuel cell itself. 

The indirect internal reformer (HR) is situated within the cell stack in separate 
reforming channels, where only the reforming reaction takes place. This concept 
features energetic coupling with the exothermic oxidation process. The main advan¬ 
tage is that no external heat exchanger is required, as the separator plate between HR 
and anode channel fulfills this function. The HR can be seen as an external reformer 
operating at fuel cell temperature. 

Direct mass and energy coupling of the reforming and electrochemical processes 
are a unique feature of the direct internal reforming (DIR) concept. There, not only 
heat is exchanged between the two processes, but the products of the reforming 
reactions are also continuously removed by the oxidation reactions. This is a highly 
integrated concept which offers the chance for high system efficiency, but it requires 
sophisticated system design in order to work properly. 

2.3 

Modeling 

A tool is required for the evaluation of possible combinations of different reforming 
concepts, and for the analysis of various flow sheet options such as gas recycling, cell 
cascading, and side feeding. This tool should be: 

• physically meaningful in order to allow for an intuitive understanding of its 
results; 

• flexible; 

• fast to solve, as the task here is not a detailed and exact prediction of the cell 
behavior, but the conceptual design of a DIR-MCFC; and 

• easy to illustrate and to be interpreted. 

In this section, a mathematical model is introduced which fulfills these require¬ 
ments. First, the complete model equations are given and their derivation is briefly 
indicated. In the second part, an accompanying diagram to this model is introduced, 
in which the simulation results can be displayed. 

2.3.1 

Model Derivation 

The steady-state anode model is derived from a dynamic, spatially two-dimensional 
description of a single cross-flow MCFC in terms of dimensionless variables [7, 8] 
under the following assumptions: 

• The system is at steady state. 

• An infinite cathode gas recycle ratio is applied; this leads to a spatially concen¬ 
trated composition and temperature of the cathode gas. 
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• The cell is isothermal. Temperature is a system parameter that can be set arbi¬ 
trarily. Nevertheless, temperature effects on equilibria and reaction kinetics are 
still considered. 

• The reaction system is simplified. The two reforming reactions (Eqs. (1) and (2)) 
are combined in a single reaction. 

CH 4 +2H 2 0 <-> C0 2 + 4H 2 (6) 

• Electrochemical carbon monoxide oxidation (Eq. (3)) is neglected. 

• Mass transport resistance within the electrode pores is neglected. 

• Potentiostatic operating mode is applied - that is, the cell voltage is taken as an 
input parameter. 

• The ion transport resistance in the electrolyte perpendicular to the cell plain is 
negligible. Moreover, it is assumed that no ion conduction occurs along the cell 
plain. Thus, the electrolyte has identical electric potentials at the anode and 
cathode electrode, but these are locally distributed. 

• The possibility of an anode gas recycling is considered. 

In the following section, the component mass balances in the anode channel, 
some mixing rules, the equations for the cathode gas composition, the kinetics of 
the reforming and the electrochemical reactions and finally the equations for the 
fuel cell power are provided. 

2.3.1.1 Anode Channel 

The governing equations - that is, mainly the component and the total mass 
balances in the anode channels - are provided here in dimensionless form. The five 
ordinary differential equations (ODE) with respect to the spatial coordinate describe 
the development of the five unknowns in one single anode channel, namely the 
mole fractions, with i = {CPU, H 2 O, H 2 , CO 2 }, as well as the molar flow density 
inside the anode channel, y. Here, the Damkohler numbers, Daj, are the dimension¬ 
less reaction rate constant of the reforming and the oxidation reaction, respectively, 
the rj are the corresponding dimensionless reaction rates, and the vy are the stoichi¬ 
ometric coefficients: 



2 (vij-Zi^Dafj 


(7) 


dy 

dg 


1 v j Da /j 
j=ref,ox 


( 8 ); 


The mole fractions and the total molar flow rate at the anode channel inlet, % i in 
and Tin, serve as initial conditions: 

The Damkohler numbers for the reforming and the oxidation reaction, 

Xi(S = 6) = Xi,in ( 9 ) 

yfc = o) = r in 


(10) 
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Da ox and Da re d, can not only be used to adjust finite reaction rate constants of both 
reactions in the simulation, but each of these reactions can be eliminated by setting 
the specific Damkohler number to zero. Thus, it is possible to simulate a pure 
reforming channel ( Da ox = 0) or an anode channel without direct internal reforming 
( Dctref= 0). 

To reduce the number of ODE even further, a physically motivated transformation 
is applied. The idea is that for a given composition of the feed gas (CEU/TUO-mix- 
ture, characterized by the S/C ratio), the composition of the gas at any point in the 
anode channel or in any of the reforming units is described by only two states: the 
extent of the reforming reaction, assigned and the extent of the oxidation reac¬ 
tion, assigned S, 0 x- These variables are made dimensionless and normalized to unity, 
so they can be interpreted as follows: 

£ re /=0 <=> gas is not reformed ... | re /= 1 <=> gas is completely reformed 

£ ox = 0 <=> gas is not oxidized ... = 1 <=> gas is completely oxidized 

Note that the extent of oxidation reaction is identical to the well-known fuel utiliza¬ 
tion, relating the rate of electrochemical fuel consumption to the fuel feed rate. 
Usually, a high fuel utilization is desirable. 

The mole fraction of any component in the anode gas channel, y\, can be 
described as a function of the two extents of reactions, £/: 


Xi = 


Xi,feed ^i,j ^j^j ,max 

j=ref,ox 

i+ y 

Zj v j bjbj, max 
j=ref,ox 


( 11 ) 


where the feed mole fractions are fixed by the S/C ratio: 

1 

XCH , ,feed i S/C 


S/C 

XH 2 0,feed \-\-S/C 

The maximum possible extents of reactions 


i 


ref, max 


1 

1 + S/C 


i 


ox, max 


4 

1 + S/C 


are used to normalize the extents of reaction. Via Eq. (11), the spatial derivative of 
the mole fraction in the component mass balance, Eq. (7), is replaced by the deriva¬ 
tive of the extent of reaction: 
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hi 

dq 


j =re f > 


, _ X <%: 

E (nj XiVj)-—^ jn 


r 1 


1 1" E V j' max 

\ J 


j="f. 


„ / _\ Da.-r,- 

E (vij-ZiVj)—— 


( 12 ) 


Rearranging Eq. (12) yields a set of ODE for the extents of the reforming and the 
oxidation reactions: 


( \ 

1 "h 2 max 

=» / => j.max \ j =re f > ox ) 

Inserting Eq. (13) into the total mass balance, Eq. (8), yields 




y - “i It 

2 j v j , 5 j, max 

j=rej ,ox 

1+ E max 

j=ref,ox 


(13) 


(14) 


The numerator on the right-hand side of Eq. (14) is the spatial derivative of the 
denominator. Thus, with 

/ = !+ E I'jljlj.max (15) 

j=ref,ox 

we can rewrite Eq. (14) as 


1 dy 1 df 

7 ^ / 4 ' 


(16) 


Considering the initial condition of the total mass balance (Eq. 10), the solution of 
this ODE reads as follows: 


1+ E 


v = r* 


j=ref,ox 


J, max 


1 + 7 

/,max 

j=ref,ox 


(17) 


Equations (14) and (17) can be simplified by introducing a corrected molar flow 
marked with a tilde, T. The molar flow of the gas may change due to two reasons: 
first, the adding of another flow to this gas stream or the removal of a part of the gas; 
and second, the change in total mole numbers due to chemical reactions. The 
correction eliminates the second effect: 


r,„ = r„ 


11" E t'j (I j,tn£ j.max 

j=ref,ox 


\ 




(18) 
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Thus, we receive for the molar flow density inside the anode channel: 


y = f in 


/ \ 

i + y 

rLi \p_pj,max 

j=ref,ox 


(19) 


With Eq. (19), the final form of the component mass balance in terms of extents of 
reactions is obtained: 


dq 


Da /j 1 

f. £ . 

A m ^j, max 


( 20 ) 


This is the main equation of the model, describing the progress of the reforming 
and the oxidation process along the spatial coordinate, £. 

The initial conditions are given by the extents of reaction at the anode channel 
inlet: 

f: (; = 0) — C . (21) 


2.3.1.2 Mixing Rules 

In one of the examples in the later sections of this chapter, an anode gas recycle is 
applied. Figure 2.3 shows such a configuration, together with the assigned variable 
names. 

To calculate the required initial conditions for Eq. (20) and the molar flow into the 
anode channel, namely £/,m and f, some mixing rules are required. They result from 
the total and the component balances at the mixing point at the channel inlet: 


Tin - r 0 +r bflde 

(22) 

Xi,in ^0 Xi,0~^~^back Xi,back 

(23) 


The mole fractions in Eq. (23) can be described by the extents of reaction 
(Eq. (11)): 



Fig. 2.3. Flow scheme and assigned variables of the steady- 
state anode model. 
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Xi,feed 2 ^i,j^ j,in^ j ,max 

j=ref,ox 

1 + Y 

^ j^> j,m^> j, max 

j=ref,ox 

Xi,feed 2 ^i,j£ j,0^ j,max 

_ y _ j=re/,o% _ 

0 1+ E i'jlj.otj.max 

j=ref,ox 


Xi,feed 2 ^ i,j^> j,back^=> j ,max 

j=ref,ox 

1 ^ /'back £ j, max 


Replacing the real molar flows by corrected molar flows, according to Eq. (17), 
yields: 

2 j (-^in ^j,in ^0 ^j,0 ^back ^j,back )^j,max 
j = r ef,°x ~ ~ ~ ( 2 5 ) 

"^(^m f 0 ^bflck) Xi,feed ^ 

Because this equation must be fulfilled for any feed composition, Xified, two equa¬ 
tions follow: 


r m - r 0 +r b«ck 


& _ r 0 ^j,0 "h ^back £j,back 

£ j,in f' f' \^ ) 

1 0 + 1 back 

While the first of these two equations describes the addition of molar flows, the 
second is a lever rule applied to the extents of reaction at the mixing point. 


2.3.1.3 Cathode Channel 

For the calculation of the electrochemical reaction rates the cathode gas composition 
is required. Considering the MCFC as a black box, the anode feed gas is completely 
oxidized with air which is fed into the catalytic combustion chamber, either electro- 
chemically or in an ordinary combustion reaction. With this, the amount and com¬ 
position of the exhaust gas is independent of the electric cell performance and can 
be calculated directly from the conditions of the anode feed and the air feed. Accord¬ 
ing to the assumption of spatially concentrated conditions inside the cathode chan¬ 
nel, the exhaust conditions correspond to the conditions in the cathode gas channel. 
Thus, the cathode gas composition is determined from a combustion calculus. 

The amount of air which is fed into the combustion chamber depends on the 
anode feed conditions and a given air number according to: 


(28) 
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The total mass balance of the combustion yields the cathode outlet flow rate: 

T c =T feed + r air (29) 

The component mass balances deliver the molar fractions of the cathode gas as: 


^ feed XcH 4 ,feed 

Xco 2 ,c y. 

^ c 

(30) 

r feed {fXH 2 0,feed'^~^XcH 4 ,fee(l) 

Xh 2 0,c -n 

A c 

(31) 

r air * Xo 2 ,air ^feed ^ XcH 4 ,feed 

X 0 2 ,C T-* 

A c 

(32) 

air XN 2 ,air 

Xn 2 ,c -i— i 

^ r. 

(33) 


There are no further components present in the cathode gas. 


2.3.1.4 Reaction Kinetics 

In addition to the two ODE for the extents of reactions, reaction kinetics are 
required. The reaction rate expressions describe reversible kinetics with a tempera¬ 
ture-dependent equilibrium constant. The temperature dependence of the reaction 
rate constant is assumed to obey Arrhenius’ law. However, for the proposed meth¬ 
odology this is of minor importance since isothermal cell operation is assumed. 

Primarily, the reforming reaction rate depends on the anode gas composition 
according to the following power law kinetics: 


V (l0) = K'f(0)-\ r ref (?) - 


'ref 


(?) 


= exp 


An; 


ref 


1 1 


Ke q ,ref(#)\ 

W r 


\Xch 4 Xh 2 o ' 




(34) 


The oxidation rate depends not only on the gas composition and the temperature 
parameter, but also on the electric potential difference between the electronically 
conductive part of the anode electrode and the ionically conductive electrolyte. 
Defining the electric potential of the solid part of the anode electrode as zero poten¬ 
tial, the reaction rate depends on the electric potential in the electrolyte, (j) e . On the 
other hand, the reduction reaction rate depends on the electric potential difference 
at the cathode electrode, which is the difference between the given cell voltage, U C eii, 
and the electrolyte potential, (j > e . The equilibrium constants are determined by the 
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temperature-dependent open circuit voltages, A (p ox ,o and A cpred.o- Applying Butler- 
Volmer reaction kinetics, we receive: 


r ox (l <t> e ) = Kx ( <t> e ) ■ (£) - 

( / 


;d) 


= exp 


Arr„, 


1 1 


K eq,ox{#’<t>e)\ 

^ ‘ <t>e~N>ox, oW 


w® w 

V \ V ox U /J 


•exp 


Xh, ~ Xh,o ' Xco, - exp 


■& 


-<t>e~N>ox, oW 


W (l#,U cdl ,<p e ) = k 0X (tf,U ceU ,<p e )- /&(£)- 


^reii (^) 


K eq ,red(tf’UceU’ < i , e) 


I / 


= exp 


Arr, 


red 


i i 


\Kd & u 


exp 


2.5- 


Ucdl 0e ^4*red ,0 (^) 


(35) 


(36) 


Xci, c -^'^-exp 




For the reduction reaction, Eq. (36), the reaction orders correspond to the super¬ 
oxide reaction mechanism [9]. 

Since Eqs. (35) and (36) contain three unknowns (r ox , r re d and (f> e ), a steady-state 
charge balance is needed as an additional governing equation. It states that the cur¬ 
rent density produced at the anode electrode must be equal to the current density 
produced at the cathode electrode at any given point in the channel: 

Da ox' r o x= Da red\- r red) (37) 

In order to obtain the desired oxidation reaction rate (which is required in 
Eq. (20)), Eqs. (35) to (37) have to be solved for r ox - 

2.3.1.5 Cell Power 

In the following illustrative examples, the electric DC power output of the cell is 
required in order to determine the performance of the cell. It is defined as the prod¬ 
uct of the change of the extent of the oxidation reaction, corresponding to the fuel 
utilization in this cell, with the given cell voltage. 


Tgl A<; ox U cell 


(38) 
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2.3.2 

Conversion Diagram 

With only two locally distributed states in the model, it is possible to illustrate all 
results in a phase diagram. In this diagram, the space coordinate is eliminated by plot¬ 
ting one state versus the second. Figure 2.4 shows the extent of the reforming reaction 
on the horizontal axis and the extent of oxidation reaction on the vertical axis. 

Because the mole fraction of any component may not be negative, certain restric¬ 
tions for physically reasonable states have to be considered in this conversion dia¬ 
gram. Due to these restrictions, all attainable states must be situated within a 
triangle, as illustrated in Fig. 2.4. In this figure it is also indicated that, for a given 
temperature and cell voltage, the reaction rates at every point within the attainable 
region are defined. A positive reforming rate means that the gas state moves to the 
right, while a positive oxidation rate causes an upwards move of the state. Together, 
both reaction rates form a vector indicating in which direction the state moves along 
the spatial coordinate. 

All reactions are considered to be reversible, so the gas composition can reach 
equilibrium for one or both reactions in the anode channel. In Fig. 2.5, several equi¬ 
librium lines of the reforming reaction are displayed for different temperatures. On 
these lines, the rate of the reforming reaction equals zero. 

The reforming equilibrium lines start from the right-hand bottom corner and end 
in the right-hand upper corner of the attainable region. How far they move to the left 
depends only on the given temperature. In general, low temperatures lead to a low 
equilibrium conversion of the reforming reaction; thus, the equilibrium curve 
reaches far to the left. For increasing temperature, the equilibrium line is shifted to 
the right - that is, towards higher equilibrium-reforming conversions. 


Conversion diagram 



Fig. 2.4. The conversion diagram, stoichiometrically attainable 
region and reaction rate vector. 
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Conversion diagram 



Fig. 2.5. Equilibrium lines of the reforming reaction (Eq re f) at 
various temperatures and equilibrium lines of the oxidation 
reaction (Eq 0 x) at constant temperature and various cell voltages. 

The dimensionless numbers correspond to the following values: 

* = {2.5, 3, 4} = {470 °C, 620 °C, 920 °C} 

Ucell = { 31, 34, 38} ^ {796mV, 873 mV, 976 mV} 

All oxidation equilibrium lines start at the diagram’s origin and end somewhere at 
the right-hand boundary line. On each equilibrium line, the oxidation process comes 
to a halt. Their course depends on the given parameters of temperature and cell volt¬ 
age. The three exemplary lines in Fig. 2.5 are at constant temperature, but varying 
cell voltage. The line approaches the diagonal for low cell voltage, which means that 
the electrochemical reaction reaches its equilibrium only at very low hydrogen 
contents in the gas. For high cell voltage, the equilibrium is at low extents of the oxi¬ 
dation reaction. 

Due to their characteristic course, there is always one unique intersection point of 
both curves for any given temperature and voltage. At this intersection point, both 
reaction rates become zero. Once the gas has reached it, both reactions stop and the 
gas composition does not change anymore along the spatial coordinate, unless the 
temperature or the cell voltage is changed. Thus, this is a stationary point. Because the 
reactions always run towards their equilibrium, this stationary point is an attractor. 

Two exemplary trajectories are shown in Fig. 2.6. The boundary condition of the 
first simulation is that both extents of reaction are zero; this means that upon enter¬ 
ing the channel the gas has not undergone reforming or oxidation reactions. Within 
the channel, the reforming reaction starts and as soon as there is a significant 
amount of hydrogen available, the oxidation reaction rate also increases. Thus, the 
trajectory moves from the origin to the right and then starts to move upwards as 
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Conversion diagram 



Fig. 2.6. Conversion diagram with two exemplary trajectories 
for identical temperature and cell voltage, but with different 
inlet conditions. Both end up in the same attractor, which is the 
intersecting point of the reforming and the oxidation equilibrium 
lines. 

well. For an infinite channel length, the trajectory ends in the attractor point. The 
same holds true for a different inlet condition. Assume that a completely reformed 
gas enters the anode channel. Then, the inlet condition is situated beyond the equi¬ 
librium line of the reforming reaction, so the reforming will run backwards. 
Because the gas contains large amounts of hydrogen, the oxidation can start at once, 
so the trajectory goes up and left at first. At a certain point, the equilibrium line of 
the reforming process is reached. Here, only the oxidation reaction takes place, fur¬ 
ther consuming hydrogen from the gas mixture. This helps to overcome the reform¬ 
ing equilibrium line, so after this point the reforming reaction moves in forward 
direction again, now producing hydrogen instead of consuming it. For infinite chan¬ 
nel length, the same attractor point is reached as in the first example. 

2.4 

Applications 

The steady-state anode model can be applied for various purposes. In the following 
section, three applications are demonstrated, namely: 

• A comparison of different combinations of reforming concepts. 

• An evaluation of the benefit of a fuel cell cascade. 

• An evaluation of a fuel cell operated with an anode exhaust gas recycle. 
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2.4.1 

Comparison of Reforming Concepts 

As indicated in Fig. 2.2, three different reforming concepts are available for high- 
temperature fuel cells. The steady-state anode model presented above allows a com¬ 
parison of various combinations of reforming concepts. First, a system without a 
reforming catalyst inside the anode channel is considered - that is, a fuel cell 
without DIR. Three alternatives for fuel gas treatment are discussed: 

• Low-temperature ER which can easily be heated by the cell’s hot exhaust gas. 

• HR where the reforming temperature equals that of the cell. 

• High-temperature ER which requires additional external heating. 

In this application, all three reforming units are considered to be infinitely long, 
and thus equilibrium is reached in each unit. The effluent of the reforming unit is 
fed into the anode channel where only hydrogen oxidation takes place (Da re f= 0). 

The resulting trajectories are plotted in Fig. 2.7. Low-temperature ER and HR 
produce anode fuel gases which are reformed to an extent of 30 % and 65 %, respec¬ 
tively. The subsequent fuel cell process can reach fuel utilizations of 20 % and 60 %, 
respectively. This fuel utilization is not satisfying because a large proportion of the 
fuel cannot be utilized for electric energy production. Only high-temperature ER 
offers the possibility to reach high fuel utilization, but its drawback is the need for 
extra heating, which certainly decreases the overall system efficiency. Thus, none of 
these alternatives is satisfying. 

The situation changes significantly if DIR is applied. Figure 2.8 shows that, inde¬ 
pendent of the gas pre-treatment, high fuel utilizations can be reached with DIR, 
because all trajectories end in a single point being close to the right upper corner. 
Here, an additional drawback of the high-temperature ER is revealed: As the cell 
temperature is lower than the reforming temperature, the anode inlet condition is 
beyond the equilibrium line of the reforming reaction, and thus the reforming runs 
to the backward direction in the first part of the channel, spoiling the high conver¬ 
sion degree of reforming. The same attractor point, being reached by these three 
configurations with gas pre-treatment before the anode channel, can be reached by a 
system without any pre-treatment, where the fresh gas is directly fed into the anode 
channel (trajectory “DIR only”; Fig. 2.8). 

These considerations clearly show the advantage of the DIR concept. Independent 
of the pre-treatment of the feed gas, the application of DIR always leads to a high 
degree of fuel utilization. As shown here, the steady-state anode model and the 
representation of its solutions in the conversion diagram are useful tools for evalua¬ 
tion and comparison of different process configurations. 

2.4.2 

Anode Cascade 

Various authors consider appropriate flow sheets for fuel cell systems. Fellows [5] 
proposes to employ a cascade of fuel cells, operating at different cell voltages, to 
increase the overall electric power output. According to this concept the exhaust gas 
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Conversion diagram 



Fig. 2.7. Conversion diagram with trajectories for different 
reforming configurations without DIR. 


Conversion diagram 



Fig. 2.8. Conversion diagram with trajectories for different 
reforming configurations based on DIR. High degrees of fuel 
utilization are attainable (cf. Fig. 2.7). 

of the first cell’s anode compartment is fed into a second cell, and so on (Fig. 2.9). 
The cascade considered here consists of two cells. Both cells together have the same 
size as the single cell used as a reference process for comparison. 
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With regard to the electric connections of the cascade, two different configura¬ 
tions are possible (Fig. 2.10). One possibility is that each cell is operated at its own 
cell voltage (Ucdl.i and U c di,2) with an independent cell current (I c di,i and hdn)- Then, 
both cells require a separate electrical converter and they are connected as parallel 
current sources (Fig. 2.10(a)). The alternative is a configuration where the individual 
cell voltages differ, while the same cell current runs through both cells (Fig. 2.10(b)). 
This series connection requires only one electrical converter, and thus it requires 
less hardware installation. On the other hand, the equality condition of both cell cur¬ 
rents reduces the number of degrees of freedom for the operation of this cell. Both 
electric configurations are analyzed in the following section. 

All three systems - that is, the single cell and the two cell cascades in either config¬ 
uration - are simulated with the steady-state anode model. They are optimized to 
yield an optimum of electric power at a given feed rate. The optimization variables 
are the cell voltage for the single cell system, and both cell voltages plus the size of 
the first cell for both cascade configurations. 

Figure 2.11 shows the resulting trajectories for the two-cell cascade in parallel con¬ 
figuration in comparison to the single cell. The electric power output is illustrated by 
the rectangles on the left of the vertical axis. Their area is the product of the cell volt¬ 
age and the differences of oxidation conversion over each cell. From the values in 
Tab. 2.1 it can be seen that the electric power output of the cascade configuration 
exceeds that of the single cell by 4.6 %. 

The trajectory for the series connection is shown in Fig. 2.12. The differences of oxi¬ 
dation conversion over both cells are equal, so that the condition of equal cell currents 



Fig. 2.9. Flow sheet of a fuel cell cascade. 



Fig. 2.10. Alternative electric configurations of a fuel cell 
cascade, a) Parallel cascade with independent cell voltage and 
cell current of each cell; b) series cascade with independent cell 
voltage and equal cell current. 
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Fig. 2.11. Conversion diagram with a trajectory for a single cell 
and a trajectory for a fuel cell cascade in electric parallel 
configuration. Cell voltages are optimized for maximum electric 
power output. For quantitative results, see Tab. 2.1. 

in both cells is fulfilled. This condition leads to a smaller increase of electric power, 
nevertheless the increase of the overall power output by 3.7 % is still significant. 

According to these calculations, the option of applying fuel cell cascades in order 
to increase the electric power output and thereby increase the system efficiency is an 
interesting option. From an economical point of view, the additional hardware 
installations which are necessary for such a system stand against this configuration, 
at least for small systems. For large systems - for example in the Megawatt class - 



Fig. 2.12. Conversion diagram with a trajectory for a single 
cell and a trajectory for a fuel cell cascade in electric series 
configuration. Cell voltages are optimized for maximum 
electric power output. For quantitative results, see Tab. 2.1. 
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Table 2.1. Optimization results of the single cell and both two-cell cascades. 



Length [C] 

Voltage [Ucell] 

Extent of oxidation 
reaction [A£ ox ] 

Electric power 

[Pel] 

Single 

1.0 

28.83 

0.947 

27.30 

Parallel cascade 





One-cell 

0.674 

30.81 

0.683 

21.04 

Two-cell 

0.326 

27.00 

0.278 

7.51 

Total 

1.0 

- 

0.961 

28.55 (+4.6%) 

Series cascade 





One-cell 

0.508 

31.84 

0.480 

15.28 

Two-cell 

0.492 

27.20 

0.480 

13.06 

Total 

1.0 

- 

0.960 

28.34 (+3.7%) 


this might be profitable. The benefit of the steady-state anode model in this case 
goes beyond illustration and intuitive understanding, it can also serve as a tool for a 
first quantitative system design, and it allows rough economic calculations. 

2.4.3 

Anode Exhaust Gas Recycling 

In the open literature, one can find the proposal to recycle part of the anode exhaust 
gas back towards the anode inlet [5, 6], as shown in Fig. 2.3. Especially for pure DIR 
systems, this has certain advantages: If fresh feed gas is fed into the anode channel, 
only low hydrogen contents will be present at the inlet, and consequently the elec¬ 
trode will not be used in this region. This can be amended by recycling a part of the 
exhaust, which still contains some hydrogen, back to the inlet. 

Define the recycle flow via a recycle ratio, R, according to: 

R = (39) 

back 

Then, the mixing rules (Eqs. (26) and (27)) simplify to 

r m =(l +R)-t fied (40) 


^ j, in 


_ ^j ,0 ^ ? j.hack 


1 + R 


(41) 


where the initial condition is identical to Eq. (10): 

ij(£ = 0 ) = Zj,in 


(42) 
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and the extent of reaction of the recycle stream is equal to the conditions at the 
channel outlet: 




(43) 


Figure 2.13 shows the trajectory of a single cell without (R = 0) and with anode gas 
recycling (R = 0.3). Both are operated at their individual optimal cell voltage, so that 
the electric power output is maximized. While the inlet condition of the system with¬ 
out recycle is at the origin, the inlet condition of the recycle system is calculated via 
the lever rule (Eq. (27)) from the conditions of the feed gas and the anode exhaust 
gas. Because the exhaust gas composition is unknown, one has first to guess the out¬ 
let condition and then calculate the inlet condition and integrate along the channel 
to obtain a new value for the outlet condition. For the correct solution, the guessed 
and simulated values must be equal. This can be achieved by an error minimization 
algorithm or by iterative insertion of the latest simulated value as a new guess for the 
exhaust condition. 

The electric power output of the recycle system is always lower than would be 
obtained from the system without recycling. This is because back-mixing always 
leads to a deterioration in reactor performance in systems with a positive reaction 
order with respect to the educts. Thus, the higher the recycling ratio is, the lower the 
electric power output becomes. Moreover, the conversion diagram can be used for 
explaining the role of anode gas recycling. For DIR systems with unreformed feed, 
the trajectories are usually bent to the left-hand side. This means that the inlet condi¬ 
tion of a recycle system can only lie within the bent of the corresponding no-recycle 


Conversion diagram 



Fig. 2.13. Conversion diagram with trajectories for systems 
without and with anode gas recycling. 
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system. Consequently, the trajectory lies closer to the main diagonal. In this region, 
lower cell voltages must be applied to achieve comparable oxidation rates and there¬ 
fore reach high fuel utilizations. In this way, the electric power output of the cell is 
decreased. 

Although this result shows the disadvantage of anode gas recycling, it has benefits 
that may compensate for the loss in power output. This is due to the fact that feeding 
fresh gas into a DIR-channel without any gas recycling leads to high reforming reac¬ 
tion rates at the inlet. Consequently, the temperature falls sharply, leading to strong 
temperature gradients. This can he avoided by the recycling of anode exhaust gas, 
which leads to a homogenization of the temperature profile. 

2.5 

Summary and Conclusions 

High-temperature fuel cells such as the Molten Carbonate Fuel Cell (MCFC) or the 
Solid Oxide Fuel Cell (SOFC) offer the possibility of integrating the endothermic 
reforming process and the exothermic electrochemical oxidation process inside the 
cell. In addition to heat integration, mass integration of both processes helps to over¬ 
come equilibrium limitations of the reforming reactions. Thereby, process integra¬ 
tion allows for high degrees of fuel utilization and high efficiency of fuel cell 
systems. 

The interaction of these two processes can be described by a simple isothermal 
model, which is based on balances of mass and charge. The model describes the 
extent of the reforming and oxidation reactions along the anode channel. The essen¬ 
tial simulation results can easily be displayed in a conversion diagram which is a 
phase diagram of the two dynamic state variables, namely the extents of two reactions. 

In this chapter, three applications of this model are demonstrated. The compari¬ 
son of different reforming concepts reveals the advantages of direct internal reform¬ 
ing (DIR) in the anode channel of the fuel cell. Moreover, with the help of the 
proposed model, the benefit of fuel cell cascades can be demonstrated and they can 
be compared to single cells. Results indicate that a considerable power increase can 
be expected, but the additional hardware required might offset any benefit in the 
case of smaller systems. The third application demonstrates that anode gas recycle 
can be simulated with this model, but it also reveals its limitations, as temperature 
effects are not considered. 

This shows that the basic features of DIR, although a highly integrated and com¬ 
plex process concept, can be analyzed using simple process models. In particular, 
these simple models are helpful for preliminary process design. 



66 | 2 Conceptual Design of Internal Reforming in High-Temperature Fuel Cells 

Symbols 

All variables are dimensionless. 

Latin symbols 


Arrj 

Arrhenius number of reaction j 

Daj 

Damkohler number of reaction j 

kj 

Arrhenius term of reaction j 

Kj 

equilibrium constant of reaction j 

r i 

reaction rate of reaction j 

Pel 

electric power 

R 

anode gas recycle ratio 

Ucell 

cell voltage 

Greek symbols 

y 

molar flow density (in the anode channel) 

r 

molar flow (outside any channel) 

f 

corrected molar flow 


spatial coordinate 

■d 

temperature 

hair 

air number 

Vi i 

stoichiometric coefficient of component i in reaction 

Vj 

sum of stoichiometric coefficients of reaction j 

§ 

extent of reaction j 


normalization factor for £j 

<pe 

electric potential in the electrolyte 

A^j.o 

standard equilibrium potential difference of reaction 

Xi 

Indices 

mole fraction of component i 

Subscripts 

0 

standard condition 

air 

air (fed into the catalytic combustion chamber) 

back 

anode gas recycle 

c 

cathode 

e 

electrolyte 

ex 

exhaust gas 

feed 

system feed 

i 

component index 

in 

anode channel inlet 

j 

reaction index 

max 

see above, £j, ma x 

out 

anode channel outlet 

ox 

oxidation reaction 

red 

reduction reaction 

ref 

reforming reaction 
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Superscripts 

+ forward reaction direction 

- backward reaction direction 

0 equilibrium 

Values of dimensionless model parameters 



Daj 

Arrj 

Equilibrium 

Feed 

Air/Others 

Reforming 

25 

84.4 

( 75.83'; 

K^/= exp 126.22 ^ I 

S/C = 2.5 

hi, = 22 

Oxidation 

5 

21.6 

A(p ox , 0 =28.26 — 19.84 -if 

^ feed = 1 

Xo 2 ,air = 0.21 

Reduction 

0.3 

31.2 

AJw,o = 78.00 - 23.06 • if 
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3 

Instabilities in High-Temperature Fuel Cells due 
to Combined Heat and Charge Transport 


Michael Mangold, M Krasnyk, Achim Kienle and Kal Sundmacher 

3.1 

Introduction 

Fuel cells are characterized by the combined transport of mass, heat, and electrical 
charge. Especially in the case of high-temperature fuel cells, the control of the tem¬ 
perature inside the fuel cell stack is a key issue for the process operation. Because 
the stacks are very sensitive to thermal stress, great care must be taken in order to 
avoid strong temperature gradients and local over-heating. A number of potential 
sources of hot-spot formation are known from classical fixed-bed reactors: Creeping 
reaction fronts, caused, e.g., by a drop of the inlet temperature or by a catalyst deacti¬ 
vation, lead to an over-adiabatic temperature rise [10]. The coupling of exothermic 
and endothermic reactions, e.g., the coupling of exothermic electrochemical reac¬ 
tions and endothermic internal reforming reactions, is another possible reason for 
high temperature peaks [5]. In this chapter, it is shown that there may be an addi¬ 
tional source of hot-spot formation only present in fuel cells and, to our knowledge, 
not yet reported in the open literature. This new source is the temperature-depen¬ 
dent conductivity of the electrolyte that is used to transport charge from one elec¬ 
trode to the other and to close the electrical circuit internally. The charge transport 
occurs by migration, diffusion, and convection of ions. The mobility of the ions and 
hence the conductivity of the electrolyte increases with increasing temperature [3, 9, 
11]. This property may be a potential source of instability: A local temperature rise 
reduces the resistance of the electrolyte and increases the local current density. Due 
to ohmic losses and reactive heat production, this raises the local temperature fur¬ 
ther and finally may lead to the formation of a hot spot. 

It is the objective of this chapter to study this effect by a model-based analysis. The 
spatially distributed model used here will be derived in the next section. In a first 
step, the steady-state behavior of the model will be investigated by a phase plane 
analysis for the case of potentiostatic operation of the cell. In the second step, 
numerical bifurcation analysis of the model will be used to study the technically 
more interesting case of galvanostatic operation. 


Integrated Chemical Processes. Edited by K. Sundmacher, A. Kienle and A. Seidel-Morgenstern 
Copyright © 2005 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim 
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3.2 

Modeling 

3.2.1 

Model Assumptions 

The analysis of instabilities in high-temperature fuel cells is based on a spatially dis¬ 
tributed model derived in this section. A countercurrent fuel cell as shown in 
Fig. 3.1 is considered. The main model assumptions are: 

• The model is one-dimensional in space with space coordinate ?/. Gradients in 
the direction of the gas flow are considered. 

• As electrodes and electrolyte are in very close contact, they are assumed to have 
the same temperature 0 s . The anode and cathode gas channels have a finite 
heat transfer to the solid part with temperatures 0 A and 0 c , respectively. 

• As the electrolyte in the fuel cell typically is a very thin layer, charge transport in 
>] direction is neglected in the electrolyte. 

• A simple anodic reaction 

v r1 R1 —'■—* P + ve~ 
and a cathodic reaction 

P + ve~ - - —* R2 

are considered. R1 and R2 are gaseous components in the anode and the cath¬ 
ode, P is an ionic species responsible for the charge transport in the electrolyte. 
Reversible kinetics of the Butler-Volmer type are used to describe the reaction 
rates. 

• The capacity of the anodic and cathodic double layers is neglected, as the charg¬ 
ing and discharging of the double layers is generally assumed to be a very fast 
process compared to the other processes in the cell. 

• A full model of the charge transport in the electrolyte would require the detailed 
description of the ionic transport processes inside the electrolyte. However, for 
the orientating study pursued in this contribution, it seems more appropriate to 
choose a simpler model that is able to describe the temperature dependence of 
the electrolyte qualitatively. The temperature dependence of diffusion coeffi¬ 
cients in molten electrolytes can be described by an Arrhenius function [1], 
Therefore, the temperature dependence of the conductivity is assumed to be of 
an Arrhenius type, as suggested in [6], 


3.2.2 

Model Equations 

Mass, energy, and charge balances lead to the following system of dimensionless 
model equations: 

Anode mass balance for component Rl: 

d X Rl = _ p A dXRl 

dr] 


P i(l x R1 ) 


dr 


x ri (0,r) = 1 


( 1 ) 



3.2 Modeling 71 


anode gas channel 


anode . 

TA^ 

electrolyte r 

cathode _ 


cathode gas channel 


Fig. 3.1. Sketch of the considered fuel cell. 


Energy balance for the anode gas channel: 


—— = —v A ———l-Bi A —(0 s — 0 A ) 0 A (O,r) = 0 

dr dll £ v ' 


Cathode mass balance for component R2: 


^L = ,C^L + f ((1 _ ) ,„ (ljr) = o 

dr dr] 


Energy balance for the cathode gas channel: 


^ = v c ^ + B; c i(0 s -0 c ) + /S c i(© s -0 c ) 0 C (l,r) = 0 (4) 

dr dr] e v ' v ' 


Energy balance for the solid parts of the cell consisting of electrodes and electrolyte: 


30 s d 2 e s 


dr drj z 


+ (B-(<p CE -<p AE ))i + K 


/ AE\ 2 / , CE\ 2 
E &P _ + _ 

\ dr, ) dr. 


+ — + E/3 s i (© A -0 S ) + —(© C -0 S ) 


— = Bi B @ s (0,r) 

drj v 7 

' 0,T 


— = —Bi B 0 s (l,r) 

dV 


( 5 ) 






3.2.3 

Simplified Model 

For the further analysis of the system, some additional simplifying assumptions are 
made: 

• A high flow rate in the gas channels and a low fuel utilization are assumed. In 
this case, the temperature and the composition in the gas channels are approxi¬ 
mately constant and identical to the inlet conditions. Therefore, the mass and 
energy balances (1, 2, 3, 4) are no longer needed, and the reaction kinetics (7, 8) 
can be simplified to zero-order kinetics. 

• As the electrodes are typically made of highly conducting material, it seems jus¬ 
tified to assume infinite conductivity of them, i.e. k e —» Under this assump¬ 

tion, the potentials <p AB and <p CE become space-independent, <p tot = >p CE - <p AE 
being the total cell voltage. The anode potential is identical to the reference 
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potential <Pq E , the cathode potential is given implicitly by the over-all charge 
1 

balance I = fi dr/. 
o 

• The enthalpy flux caused by mass transport from the gas channels to the elec¬ 
trodes is considered negligible. 

Using 0 instead of 0 s for the solid temperature, the resulting simplified system of 
model equations reads: 


50 

dr 


5 2 © 


o o / 

—+ 
d?f V 


-Bi S © 


50 

drj 


0,T 


Bi B Q( 0,r) 


5© 

dr] 


-Bi B ©( l,r) 


( 11 ) 


i = \f/ 


A 


i = if/ 


c 



A tp A 

1 + 0 


■ K i exp 


rt A * 

P Y 


A <P A )} 
l + ©)\ 


A <p 


c \ 


1 + 0 


-icfexp 


nC * 

PY 


A <P C )j 

l + 0jj 


i = \]/ K exp 




( 12 ) 


(13) 

(14) 


I = fi dr] (15) 

0 

The values of the dimensionless parameters in Eqs. (11-15) used in the simula¬ 
tions and considered as realistic for high-temperature fuel cells are listed in Tab. 3.1. 
The system (11-15) is underdetermined, until one additional correlation for the cell 
current I and the cell voltage <p M are added to the model equations. This additional 
correlation may be to set the cell current to a constant value (galvanostatic opera¬ 
tion), to set the cell voltage to a constant value (potentiostatic operation), or to relate 
the cell current to the cell voltage by some external load. From the viewpoint of 
mathematical analysis, the potentiostatic operation is the most convenient mode of 
operation, because in this case the partial differential Eq. (11) and the algebraic 
Eqs. (12-14) can be solved for the unknowns 0, A <p A , A <p c , and i. The integral 
Eq. (15) is an explicit equation for the cell current I in potentiostatic operation. As I 
does not appear in any other equation, (15) does not have to be included in the anal¬ 
ysis in this case. The situation is more complicated in the case of galvanostatic oper¬ 
ation, because then the algebraic Eqs. (12-14) and the integral Eq. (15) form a set of 
implicit equations for the unknowns A <p A , A <pC, i, and <p tot . The modes of galvano¬ 
static and potentiostatic operation will be investigated in the following sections. 



74 | 3 Instabilities in High-Temperature Fuel Cells due to Combined Heat and Charge Transport 
Table 3.1 . Parameter values used in the simulations, if not given differently in the text. 
B = 0.9328 
y/A = ¥ c = 7.385-10 4 
yA = y c = 15.04 
y* = 32 
\j/ K = 4.86-10 3 
Bis = 6480 
Bi«= 1.08 


3.3 

Potentiostatic Operation 

This section treats the steady-state behavior of the cell for the case of fixed cell volt¬ 
age. In the first part, a cell of infinite length is considered. This reduces the problem 
to the analysis of two ordinary differential equations in space describing the station¬ 
ary energy balance. The second part deals with a fuel cell of finite length and 
includes the boundary conditions of Eq. (11) in the investigation. 

3.3.1 

Cell with Infinite Length 

In the steady-state case, the energy balance (11) can he transformed to two first-order 
differential equations in space: 



(16) 


^^ = (<p tot -B)i + Bi s @ (17) 

dt] v ' 

The newly introduced variable ® p is the spatial temperature gradient. As the cell 
voltage <p m is given, the steady-state system is completed by the three implicit alge¬ 
braic correlations (12-14) for the unknowns A <p A , A <pC, and i. The solution of the 
steady-state system can be visualized in a phase diagram, where ® p is plotted 
against 0. The result for the parameter values listed in Tab. 3.1 is shown in Fig. 3.2. 

An equilibrium point of (16, 17), where *|r = ~f^ =0 > corresponds to a solution with a 

spatially constant temperature profile and to a single solution point in the phase 
plane. In the example shown in Fig. 3.2 two classes of equilibrium points exist. The 
equilibria are either saddle points or marginally stable focuses, as follows directly 
from the Jacobian 
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0 l\ 



The other trajectories shown in Fig. 3.2 belong to spatially inhomogeneous solu¬ 
tions. They can also be grouped into two categories. The first group are solutions 
coming from and going towards infinity with a single temperature maximum or 
temperature minimum on the 0-axis. An example is the solution “l” in Fig. 3.2. 
Solutions of this type exist, if one of the equilibria is a saddle point. The second cate¬ 
gory are closed trajectories around a focus point and hence exist, if there is a focus 
among the equilibria. Solution “II” in Fig. 3.2 belongs to this category. The closed 
trajectories correspond to periodic solutions in space: When moving along the space 
coordinate, the temperature oscillates between a minimum - the utter left point of 
the closed trajectory - and a maximum - the trajectory’s utter right point. 



Fig. 3.2. Steady-state solutions of an infinite length system 
for potentiostatic operation; <p tct = 0.425; other parameters as 
in Tab. 3.1. 






76 | 3 Instabilities in High-Temperature Fuel Cells due to Combined Heat and Charge Transport 

The number and type of equilibrium points of the system depends on the values 
of the model parameters and can be determined conveniently by a bifurcation analy¬ 
sis. Figure 3.3 shows the solution dependency on the model parameters y K and tp M . 
In region “I”, the only existing equilibrium is a saddle point and hence no closed 
trajectories exist. Closed trajectories and pattern solutions exist in the shaded area in 
Fig. 3.3. The boundary of the shaded area is given by the locus of saddle-node bifur¬ 
cations, where a saddle point and a focus coincide. The shaded region can be 
sub-divided into four areas of qualitatively different behavior. In regions “II”, “III”, 
and “V”, two saddle points and one focus exist. In region “IV”, three saddle points 
and two focuses are found. It can be seen from Fig. 3.3 that the interval of cell volt¬ 
ages, for which pattern solution are possible, becomes larger, if the value of y K 
increases, i.e., if there is stronger temperature dependence of the electrolyte’s 
electrical conductivity. 

3.3.2 

Cell with Finite Length 

The steady-state solutions of the finite length system are the subset of solutions of 
the infinite length system that fulfills the boundary conditions given in (11). In a 
phase diagram, the left and right boundary condition are straight lines with slope 
Bi B and -Bi B , respectively, as is shown in Fig. 3.4. Steady-state solutions of the finite 
length system always start on the upper dashed line that defines the left boundary 



Fig. 3.3. Saddle node bifurcations of an infinite length system 
in th ey K -(p tot plane; parameters as in Tab. 3.1; the shaded region 
marks the area of existence of pattern solutions. 
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Fig. 3.4. Steady-state solutions of a finite-length system for 
potentiostatic operation; ip tot - 0.425; other parameters as in 
Tab. 3.1; dashed lines are points fulfilling the boundary conditions; 
circles on the trajectories mark boundary points of the solutions. 


condition. They follow one of the solution trajectories of the infinite-length system 
and end on the lower dashed line defining the right boundary condition. The dis¬ 
tance in space covered the trajectory by while moving from the starting point to the 
end point must be equal to the length of the system. On a closed trajectory, a solu¬ 
tion may take several turns before reaching the right boundary point, provided that 
the system is long enough. A pattern solution may be asymmetric with respect to the 
center of the considered space interval, if the corresponding closed trajectory inter¬ 
sects the dashed boundary lines several times. 

In the example shown in Fig. 3.4, five coexisting solutions are found, the spatial 
temperature profiles of which are depicted in Fig. 3.5. The solutions I, II, and III are 
symmetric pattern solutions and run on three different closed trajectories of the infi¬ 
nite length system. In contrast, the solutions IV and V exist on the same closed tra¬ 
jectory and differ only by the starting and end points on the boundary lines. Because 
the starting and end points are asymmetric with respect to the 0-axis, the solutions 
IV and V also are asymmetric. It should be noted that this asymmetric solution 
exists, although the model equations are perfectly symmetric. 

One purpose of the investigation of the potentiostatic operation is to motivate the 
numerical results obtained for the galvanostatic operation mode and presented in 
the next section. Furthermore, the described phase plane analysis does not provide 
any information on the stability of the found solutions. The stability analysis will be 
included in the numerical studies of Section 3.4. 
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space coordinate r] 


Fig. 3.5. Spatial temperature profiles of the solutions l-V in Fig. 3.4. 

3.4 

Galvanostatic Operation 

In contrast to classical chemical reactors, a fuel cell provides the possibility to con¬ 
trol the reaction rate directly from outside by setting the cell current, because the 
local cell current density and the local reaction rate are related by a constant factor. 
This operation of a fuel cell at constant cell current is more important than the 
potentiostatic operation from a technical point of view, as fuel cells typically are 
characterized by current-voltage plots. Because the integral Eq. (15) has to be 
included in the analysis, the investigation of the galvanostatic operation is more 
difficult and requires numerical methods. In the following, numerical bifurcation 
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analysis is applied to the spatially discretized system (11-15). Details on the numeri¬ 
cal methods are given in the Appendix. 

Figure 3.6 shows codimension-1 singularities in a parameter plane spanned by 
the activation energy of the anodic reaction y A and the activation energy of the elec¬ 
trolyte conductivity y K , when the total cell current I is used as the bifurcation param¬ 
eter. Hysteresis and isola varieties are found. The nonlinear behavior becomes 
increasingly complicated for increasing values of y K . Steady-state multiplicities even 
exist for rather small values of y K , but vanish if the electrolyte’s conductivity is tem¬ 
perature-independent, i.e., y K = 0. This confirms that the multiple steady states are 
caused not by the electrochemical reaction alone, but by the combination of reaction 
and varying electrical conductivity. 

One-parameter continuations for a fixed value of y k and increasing values of y K are 
shown in Fig. 3.7 (a)-(f). In Fig. 3.7 (a), all steady-state solutions are stable and 
unique. When going from the conditions of Fig. 3.7 (a) to those of Fig. 3.7 (b), the 
lowest line of isola varieties in Fig. 3.6 is crossed. Therefore, Fig. 3.7 (b) contains an 
additional isolated branch of solutions. Increasing y K to the value used in Fig. 3.7 (c) 
leads to the generation of a hysteresis, as a line of hysteresis varieties is crossed in 
Fig. 3.6. More isolas and hysteresies are created when the value of y K is increased 
further, as can be seen in Fig. 3.7 (c)-(f). Finally, up to seven coexisting steady states 
are found in Fig. 3.7 (f). Figure 3.8 shows the spatial temperature profiles of the 
seven states. Although the temperature maxima and minima of the coexisting 
solutions vary strongly, the total cell voltages of the different solutions are found to 



Fig. 3.6. Codimension-1 singularities of a finite length system 
for the case of galvanostatic operation (/ is the bifurcation 
parameter); (a)-(f) point to the parameter values ofy* and y A 
used in the one-parameter continuation of Fig. 3.7. 
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Fig. 3.7. One-parameter continuation of steady states with 
continuation parameter /; solid lines = stable solutions; dashed 
lines = unstable solutions; y A = y c = 7, (a) y K = 0.5, 

(b) yc = 0.85, (c) yK = 0.88, (d) yK = 0.9, (e) yK = 0.97, 

(f)r = i. 

be very close to each other. This means that for a given cell current, almost the same 
electrical power may be achieved at quite different temperature levels. The tempera¬ 
ture profiles of the two stable solutions (1) and (7) are very inconvenient for the prac¬ 
tical operation. They are characterized by high temperature peaks and strong 
temperature gradients, and would probably damage the cell. The shape of the tem¬ 
perature profile has much better properties in the case of the unstable solutions (4) 
and (5). Therefore, it may be interesting to operate the cell at an unstable steady state 
by using feedback control. 
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3.5 

Conclusions 

Temperature measurements and avoidance of local over-temperatures and steep 
temperature gradients are a key issue for the operation of high-temperature fuel 
cells. The results of this contribution show that the temperature dependence of the 
electrolyte’s conductivity may have a strong influence on the spatial temperature 
field in a cell, and lead to hot spots. The physical reason for this behavior is that the 
conductivity of the ion-conducting electrolyte increases with increasing temperature. 
Therefore, a local temperature disturbance has a destabilizing effect on the fuel cell: 

A temperature increase at one point leads to a higher conductivity and hence to a 
higher current density at this point; this results in a stronger local heat production 
due to the exothermic electrochemical reaction that increases the temperature fur¬ 
ther. If the total cell current is kept constant, an increase of the current density at 
one point must be balanced by a reduced current density at another point. This 
explains the formation of spatial patterns in galvanostatic operation found in this 
contribution. The temperature dependence of the electrolyte usually is not very 
strong. However, one of the main results of these studies was that, in combination 
with the nonlinear properties of the electrochemical reactions, the electrolyte never¬ 
theless can cause hot spots as well as channels of high current density that do not 
exist in the case of temperature-independent conductivity. 

The occurrence of hot spots must be avoided during the practical operation of 
high-temperature fuel cells. This can be done in different ways: One possibility is to 
keep the total cell current and the average current density low. However, this solu¬ 
tion is unsatisfactory, because future fuel cell research must aim at intensifying the 
process of power generation and the power density. Figure 3.8 may point to another, 
more efficient solution: For the same cell current, different, possibly unstable 



Fig. 3.8. Coexisting spatial temperature profiles under the 
conditions of Fig. 3.7 (f), / = 20000; (1), (7) = stable solutions, 
(2)-(6) = unstable solutions. 
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pattern solution may coexist that differ strongly in their maximum temperatures. In 
this case, a safe operation of the cell is possible, if the system is brought into the 
operation mode with the smallest temperature gradients by a suitable control. 

Finally, it may be worthwhile comparing the nonlinear behavior of fuel cells with 
that of classical chemical reactors. For classical chemical reactors, two groups of 
mechanisms are mainly known to be responsible for multiplicities and instabilities. 
The first group are auto-catalytic and self-inhibitory effects in isothermal systems. 
The second group are nonlinear temperature dependencies of the reaction rates in 
non-isothermal systems. The nonlinear effects in fuel cells caused by a varying elec¬ 
trical conductivity can also be grouped into the two categories. Effects belonging to 
the first category were found for PEMFCs in experiments and simulations [8]. Multi¬ 
plicities in PEMFCs can be caused by the humidity dependency of the membrane’s 
electrical conductivity. Because water as the product of the electrochemical reaction 
improves the conductivity and hence accelerates the reaction, this can be considered 
as an autocatalytic effect. The effects studied in this contribution are thermokinetic 
and belong to the second category: The heat generated by the reaction increases the 
conductivity and the local reaction rate. 

Symbols 


Latin symbols 

B heat of reaction 

Bi Biot number 

Keq equilibrium constant 
i current density 

I cell current 

v flow velocity 

x molar fraction 


Sub- and superscripts 

A anode 

AE anode electrode 

C cathode 

CE cathode electrode 

E electrode 

S solid 


Greek symbols 

/? mass transfer coefficient 
y Arrhenius number 

6 ratio thermal capacity gas/solid 

?/ space coordinate 

0 temperature 

K conductivity 

r time coordinate 

ip electrical potential 

A tpN c potential difference anode/cathode 
y/ pre-exponential factor 


K electrolyte 
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Appendix: Numerical Methods for the Bifurcation Analysis in Section 3.0 

The system (11-15) is discretized using a finite-volume method with an equidistant 
grid of 200 grid points. In the steady-state case, this leads to a system of algebraic 
equations 


0 = f(x), f,x G 9f n (19) 

In order to determine limit points and higher order singularities, additional equa¬ 
tions are needed. As proposed in [7], the augmented system 


< 

1 

II 

o 

(20) 

af . . 

-y v = 0 

dx 

(21) 


(22) 

= 1 

(23) 


and the turning point condition 


T df 

r — v = 0 
dx 


are used here. The condition for a hysteresis variety 


r T — (—, 

ax l ax 


v v = 0 


and the condition for an isola variety with continuation parameter p 


T a f ^ 

r J — = 0 


dp 


(24) 


(25) 


(26) 


are taken from [2]. A one-parameter pseudo arc length continuation algorithm [4] is 
applied to (19) in order to trace steady-state solutions in one parameter. The same 
algorithm is used to trace limit points in two parameters, if applied to (19-24), or to 
trace hysteresis varieties or isola varieties if applied to (19-24) in combination with 
(25) or (26), respectively. 
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4 

Thermodynamic and Kinetic Effects on the 
Feasible Products of Reactive Distillation: 
A-zeo-tropes and A-rheo-tropes 


Kai Sundmacher, Zhiwen Qi, Yuan-Sheng Huang and 
Ernst-Ulrich Schliinder 

4.1 

Introduction 

Today, there is an increasing interest in the theoretical study and the practical appli¬ 
cation of integrated reactive separation processes such as reactive distillation col¬ 
umns [1-3] or membrane-assisted reactors [37]. However, to date there is no general 
method available for designing such processes. For practical applications, it is 
important to be able to evaluate quickly whether a certain reactive separation process 
is a suitable candidate to reach certain targets. Therefore, feasibility analysis tools 
being based on minimal thermodynamic and kinetic information of the considered 
system are valuable. 

For traditional distillation process design, residue curve maps (RCMs) were suc¬ 
cessfully established to predict the feasible splits and products of countercurrent col¬ 
umns. The stable nodes in a RCM represent possible top and bottom products. 
During the past decade, this methodology was also regarded suitable for reactive dis¬ 
tillation processes. Therefore, RCMs of batch reactive reboilers (as depicted in Fig. 
4.1) were extensively investigated. In particular, the effect of the chemical reaction 
kinetics has been intensively studied for both homogeneous systems [4-9] and het¬ 
erogeneous systems [10-12]. More recently, Chadda et al. [13] have shown that the 
stable nodes of the considered batch reactive reboiler yields the composition of feasi¬ 
ble bottom products of a countercurrent column, but these nodes cannot be used to 
determine the column’s top products. These authors elaborated a new design meth¬ 
odology being based on two flash cascades - a vapor-fed flash cascade and a liquid- 
fed flash cascade (see Fig. 4.1) - the stable nodes of which represent the feasible top 
and bottom products of a fully reactive countercurrent distillation column. 

As an alternative method, Qi et al. [14] proposed to use a reactive condenser (see 
Fig. 4.1) to predict possible top products of a countercurrent reactive distillation 
column. The feasibility analyses of the reactive condenser and the reactive reboiler 
are analogous to the flash-cascade approach. The latter authors used transformed 
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Fig. 4.1. Flash cascades [13] and batch processes (reactive 
condenser/reactive reboiler, [14]) being used to predict the top and 
bottom products of a countercurrent reactive distillation column. 

variables to formulate a condition for the existence of nonreactive azeotropes, kinetic 
azeotropes and reactive azeotropes, as formerly discussed extensively by Doherty 
and his coworkers [15-18]. Qi et al. [14] also presented a mathematical method to 
predict the locus curve of all possible singular points, the so-called potential singular 
point surface (PSPS). The location of the PSPS in the phase diagram: 

• depends only on reaction stoichiometry and physical thermodynamics; 

• is valid for the reactive reboiler and the reactive condenser; 

• is independent on the reaction rate expression; and 

• is valid for equilibrium-controlled as well as for kinetically controlled reactions. 

Azeotropes represent phase equilibrium-controlled singular points of a phase dia¬ 
gram. The classical concept of azeotropy is not suitable to describe and to analyze 
mass transfer-controlled processes. Mass transfer-controlled singular points in non¬ 
reactive systems were investigated first by Schliinder [19], who termed such points 
as “pseudo-azeotropes” [19]. More recently, Huang et al. [20] studied reactive mem¬ 
brane separation and proposed the term “A-rheo-trope” for the singular points 
obtained in this mass transfer-controlled process. In translation, this term means 
that “... the liquid composition is not changing with flux”. However, also for mass 
transfer-controlled processes, one can formulate a potential singular point surface in 
analogy to the PSPS of phase equilibrium-controlled systems. Qi and Sundmacher 
[21] investigated the influence of mass transfer on the feasible products of counter- 
current reactive pervaporation by using the PSPS. Huang et al. [20] generalized this 
approach for reactive membrane separation processes. 
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In correspondence to the just-given introduction to the state of the art of feasible 
product analysis of reactive distillation and reactive membrane separation processes, 
the following three major sections of this chapter are structured as follows: 

• Section 4.2 is focused on phase equilibrium-controlled vapor-liquid systems 
with kinetically or equilibrium-controlled chemical reactions. The feasible prod¬ 
ucts are kinetic azeotropes or reactive azeotropes, respectively. 

• Section 4.3 elucidates the role of vapor-liquid mass transfer resistances on the 
feasible products of nonreactive or reactive separation processes. The latter are 
considered under chemical equilibrium conditions (i.e., they are very fast reac¬ 
tions). The feasible products are denoted as arheotropes. 

• Section 4.4 extends the proposed methodology to reactive membrane separation 
systems being controlled by vapor-liquid mass transfer and finite chemical 
reaction kinetics, simultaneously. For this general case the term “kinetic arheo- 
trope” is introduced for the singular points obtained in phase diagrams. 


4.2 

Azeotropes 

4.2.1 

Reactive Condenser and Reboiler 

A reactive condenser (see above) and a reactive reboiler (see below) are depicted on 
the right-hand side of Fig. 4.1. Reactive reboilers were widely studied as the most sim¬ 
ple case of a batch reactive distillation process [6-12]. In both batch processes, the 
chemical reaction is considered to be enhanced by a catalyst with constant hold-up 
Hcat.c in the condenser and constant hold-up H ca t,r in the reboiler. The liquid phase 
itself can be either homogeneous or heterogeneous - that is, it can split into two liq¬ 
uid subphases. In general, the catalyst activity in the two liquid phases can be differ¬ 
ent [10-12]. Moreover, phase equilibrium is established between the liquid phase and 
the vapor phase, i.e., y ; = y, (x), and also between the liquid subphases arising from a 
possible phase splitting x\ = x\ (x"). The following single reversible chemical reaction 
is considered in the liquid phases: 

VjAi + v 2 A 2 + ■•■ + v nc A nc <=> 0, (l) 


where v; is the stoichiometric coefficient of components i (v; < 0 for reactants, v; > 0 
for products). The summation of v; yields vr. The reaction rate is expressed as 


y phase 


k phase ^ phase ^phase ^ 


( 2 ) 


with kf as the rate constant of the forward reaction at boiling temperature and 91 as 
the normalized reaction rate. 
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The dimensionless mass balances for the reactive condenser and the reactive 
reboiler are obtained as [14]: 

Condenser: 


-^ = -(x i -y i ) + (v i -v T y i )Dfl c 0 i = l,-,NC (3) 

Reboiler: 

^7 = {xi-yi) + {vi-v T Xi)Da r 0 i = 1, • • •, NC (4) 

where df = ( L/Hv) dt, dC, = ( V/Hl ) dt, fcj> e /is rate constant at fixed reference condi¬ 
tions. The condenser and reboiler Damkohler numbers are in turn defined as 
Da c = H ca t,ckf,ref/L 0 and Da r = Hcat, r kf,ref/V 0 . The cooling policy L = L 0 = constant and 
the heating policy V = V 0 = constant were applied for the reactive condenser and the 
reactive reboiler, respectively. The overall reaction term 0 is given by 


0 = dt '(x )■+ (1 - /3)dt" (x"), 


K f.ref 


■fri 


( 5 ) 


which represents the overall reaction driving force in the two liquid phases. In 
Eq. (5), kf and kf" refer to the corresponding liquid phases. 

In Eqs. (3) and (4), the vapor phase mole fractions y; and the liquid phase mole 
fractions xi have to fulfil the vapor-liquid-liquid equilibrium conditions in case of 
heterogeneous liquid mixtures, and the vapor-liquid equilibrium conditions in homo¬ 
geneous mixtures. For the latter case, the reaction term 0 in Eq. (5) simplifies to 

0 == *^( x )- ( 6 ) 


4.2.2 

Conditions for Singular Points 

4.2.2.1 Potential Singular Point Surface 

The right-hand side of Eqs. (3) and (4) consist each of two terms. The first term rep¬ 
resents the effect of distillation (separation vector), and the second the effect of the 
chemical reaction (reaction vector). For nonreactive systems only the separation 
vector plays a role. For kinetically controlled systems, both vectors can dominate the 
system behavior, depending on the value of Da. For Da —> °o ; the liquid mixture 
approaches chemical equilibrium. 

As condition for a singular point, the composition remains unchanged. For the 
reactive condenser, the vapor phase composition y; does not change in time, i.e., 
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(dyt/d^) = 0. In analogous manner, for the reactive reboiler ( dxi/di ;) = 0 defines the 
singular point. Thus, the following singularity conditions are obtained from Eqs. (3) 
and (4): 

Condenser: 

0 = -(x i -y i ) + (v i -v T y i )Da c Q i = 1, •••, NC -1, ( 7 ) 

Reboiler: 

0= (x i -y i ) + (v i -v r x i )Da r 0 i = 1 ,NC — 1, (8) 

where Da c , r E (0, °°) for the kinetically controlled system and Da c , r = 0 for the nonre¬ 
active case. The NCth component mole fraction is calculated from the summation of 
mole fractions to unity. Applying Eq. (7) to an arbitrary reference component k and 
eliminating the term Da c Q leads to: 

x i~Yi = x k ~Yk { = 1 
v i~ v TYi v k~ v TYk 


NC- 2. 


( 9 ) 


Rearranging Eq. (9) produces the following rate-independent conditions for the 
singular points of the reactive condenser: 

X i =Y i i = 1, •••, NC — 2 (10) 

with Xi and Y; as the transformed liquid and vapor mole fractions: 


x _ v k x i~ v i x k 
Vk~V T x k 


and Yj = 


v kYi-VjYk 

Vk-VrYk 


i = 1, NC-2. 


(lla,b) 


Starting from Eqs. (8), it can be easily shown that Eqs. (10) are also valid for the 
singular points of the reactive reboiler. 

Equations (10) are the general rate-independent conditions for all singular points 
of the reactive condenser and the reactive reboiler for systems with homogeneous or 
with heterogeneous liquid phase. This is also true for multi-reaction systems if one 
uses generalized definitions for Xi and Y; as proposed by Ung and Doherty [17]. 
Generally, in a (NC-1) dimensional composition space with NR chemical reactions, 
(NC-NR- 1) rate-independent conditions, X; - Yj = 0, fix the Potential Singular Point 
Surface (PSPS). For a single-reaction system the PSPS is a curve. 

4.2.2.2 Reaction Kinetic Surface 

To fix the singular points, additional NR conditions are needed. For NR = 1 - that is, 
a single-reaction system - there is exactly one additional governing equation which 
is simply Eq. (7) (condenser) or Eq. (8) (reboiler) with i = fc, where k is the reference 
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component among the system components. This additional equation can be simpli¬ 
fied for different reaction conditions, as listed in Tab. 4.1. For NR > 1, each kinetic 
equation represents a (NC- 1) dimensional rate-dependent hypersurface. Singular 
points are common points (intersection points or tangential points) of the PSPS 
with this reaction kinetic surface. Possible singular points are pure components, 
nonreactive azeotropes (Da = 0), kinetic azeotropes (0 <Da<°°), and reactive 
azeotropes (Da —> 

4.2.3 

Examples 

4.2.3.1 Hypothetical Ternary Systems 

In the first considered hypothetical ternary systems, the single chemical reaction 
A + B <=> C. (12) 


is assumed to take place in the liquid phase. Thus, there is one rate-independent 
condition for the existence of singular points. Using C as reference component, the 
PSPS is given by: 


with the transformed variables 


. = x A + x c 
A 1 + x r 


and Y a = 


Ya+Yc 

1 + Yc ' 


(13) 


(14a,b) 


Assuming constant relative volatilities uij of the components, the vapor-liquid 
equilibrium is given by: 


a ik x i 

NC 

1 VjkXj 
j = 1 


(15) 


Table 4.1. Steady-state conditions of reactive condenser and reactive reboiler. 



Reactive condenser 

Reactive reboiler 

Non-reactive case 
(Do = 0) 

Xi-yi = 0 

o 

ll 

1 

£ 

Kinetically controlled case 
(0 < Da < °°) 

-(xi - yi) + (vi - vryi)Da c Q = 0 

(xi - yi) + (vi - vi Xi) Da r S = 0 

Chemical equilibrium- 
controlled case (Do —> °°) 

(Vi - vryi)& = 0 

(vi - vpCi)S = 0 
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Two volatility sequences are considered: 

Example 1: ctac = 0.2, obc = 3, i.e., the reaction product C is intermediate boiler. 
Example 2: «ac = 5, cjbc = 3, i.e., the reaction product is high boiler. 

Consequently, Eq. (13) can be written as quadratic form in terms of the liquid mole 
fractions % A and xb'- 


( X A 1/2) ( X B 1/2) _ a AC a BC 

a BC~ 1 a AC _ l 4(« AC — l)(a BC — l) 

Depending on the values of the relative volatilities <xac and asc, the shape of the 
PSPS is fixed: 


( a BC l)'( a AC 


<0 


*) 


= 0 


>0 


ellipse 

parabola 

hyperbola 


(17) 


The ellipse and hyperbola types are shown in Fig. 4.2(a) and (b), respectively. The 
PSPS goes through all-pure component vertices and the stoichiometric pole n of jc = 
(1, 1) since vt=- T. For the ellipse type (example 1; Fig. 4.2(a)), the PSPS does not 
move into the triangle but rather intersects with the chemical equilibrium surface 
only at the pure components A and B. Consequently, there exists no reactive azeo¬ 
trope, and all azeotropes are located outside the triangle. A reactive azeotrope 
(RA = a non-pure component intersection of the PSPS with the chemical equilib¬ 
rium surface) is located, if C is the highest boiler (example 2; Fig. 4.2(b)). This is in 
agreement with the general conclusion reached by Barbosa and Doherty [16] that 
reactive azeotropes can exist only if the volatilities of the reactants are either all 
higher or all lower than the volatilities of the products. 

For example 1, the singular points of the considered reactive condenser are 
collected in one diagram in Fig. 4.3(a), while Fig. 4.3(b) shows analogous singular 
points for the reactive reboiler. In both systems, as mentioned earlier, all singular 
points are located on the same ellipse-shaped PSPS. In general, the location and sta¬ 
bility of the singular points of the reboiler and condenser are different for the same 
Damkohler number. For process design purposes the stable nodes at positive 
Damkohler numbers are of major interest. These points are collected and depicted 
in a feasibility diagram (Fig. 4.3(c)), which illustrates the changing of possible col¬ 
umn products with respect to the Damkohler number. For the here-considered sys¬ 
tem, pure A can be the only top product and pure B can be the only bottom product. 

For example 2, Figs. 4.4(a) and (b) show the bifurcations of all singular points with 
respect to the Damkohler numbers of the reactive condenser and the reactive 
reboiler, respectively. As can be seen from the feasibility diagram in Fig. 4.4(c), at 
Damkohler numbers Da c > 0.830, two possible condenser products - that is, the top 
products of a fully reactive distillation column, are predicted. The kinetic azeotrope 
in the reactive reboiler is always the possible bottom product of a column. 
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If the liquid mixture is extremely non-ideal, liquid phase splitting will occur. Here, 
we first consider the hypothetical ternary system. The physical properties are 
adopted from Ung and Doherty [17] and Qi et al. [10]. The catalyst is assumed to 
have equal activity in the two liquid phases. The corresponding PSPS is depicted in 
Fig. 4.5, together with the liquid-liquid envelope and the chemical equilibrium 
surface. The PSPS passes through the vertices of pure A, B, C, and the stoichio¬ 
metric pole ji. The shape of the PSPS is affected significantly by the liquid phase 
non-idealities. As a result, there are three binary nonreactive azeotropes located on 
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Pure A branch (bottom product) 


Pure B branch (top product) 
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Fig. 4.3. B ifurcation diagrams for reactive condenser (a) and 
for reactive reboiler (b), and feasibility diagram (c) for ellipse-type 
system. 
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toDa r —0- toDa r =0- 



x A 



Da/(1 +Da) 


Fig. 4.4. B ifurcation diagrams for reactive condenser (a) and 
for reactive reboiler (b), and feasibility diagram (c) for hyperbola- 
type system. Dashed curve = chemical equilibrium surface. 


the triangle edges and one ternary heterogeneous nonreactive azeotrope inside the 
triangle. As most interesting feature, one branch of the PSPS is an ellipse-shaped 
isola moving through the A-vertex and the nonreactive azeotropes (AB, AC and ABC- 
azeotropes). This PSPS branch also contains a ternary heterogeneous reactive azeo¬ 
trope at the intersection with the chemical equilibrium surface inside the liquid- liq¬ 
uid region. Between components B and C, the PSPS evolves from the hyperbola- 
type PSPS of the ideal system as depicted in Fig. 4.2(b). 
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-0.2 0.0 0.2 0.4 0.6 0.8 1.0 1.2 

x A 

Fig. 4.5. Potential singular point surface (dashed-dotted 
curve) for a ternary system with phase splitting behavior and the 
single reaction A + B <=> C. RA = reactive azeotrope; solid curve = 
chemical equilibrium surface. 


4.2.3 2 Real Ternary System: MTBE-Synthesis 

MTBE (Methyl.-tert.-butylether) is produced by reacting isobutene and methanol 
(MeOH) in the liquid phase: 

Isobutene + MeOH <=> MTBE. (18) 

Venimadhavan et al. [4, 7] studied the effect of the reaction kinetics on the singu¬ 
lar point bifurcations of this system in a reactive reboiler. These authors reported 
one kinetic pinch point at Da r = 0.166. Below, we describe the PSPS and locate the 
singular points by intersecting the PSPS with the kinetic surfaces. The VLE parame¬ 
ters and the kinetics are taken from Venimadhavan et al. [4]. 

For the considered reaction system, MTBE is taken as the reference component 
and MeOH is chosen as independent component. Then, the PSPS is described by 

XMeOH = ^MeOH (19) 
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with the transformed variables 




■ + x 


1+ X 


MTBE 


and 


. Ymmh + Ymtbe 
1 + Ymtbe 


( 20 ) 


( 21 ) 


Figure 4.6 illustrates the PSPS and the chemical equilibrium surface. The PSPS 
has a hyperbola-type shape and passes through all pure component vertices and the 
stoichiometric pole ji. It intersects the isobutene-MeOH edge and the MeOH-MTBE 
edge at two points, which are nonreactive binary azeotropes. From Fig. 4.6 one can 
also see that there exists no reactive azeotrope in this system. All the bifurcation 
branches and the pure component vertices, as discussed by Venimadhavan et al. [7], 
are located on the PSPS. 

In Fig. 4.7, the PSPS is depicted together with the kinetic surfaces at four selected 
reboiler Damkohler numbers. At nonreactive conditions (i.e., Da r = 0; Fig. 4.7(a)), 



-0.2 0.0 0.2 0.4 0.6 0.8 t.O 1.2 

x lsobutene 

Fig. 4.6. Potential singular point surface and chemical 
equilibrium surface for MTBE synthesis at 8.11 X 10 5 Pa. 
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one part of the kinetic surface is the line XMeOH = 0 which intersects the PSPS at the 
pure isobutene vertex (saddle point, □) and the pure MTBE vertex (stable node, •). 
Another part of the kinetic surface intersects the PSPS at the isobutene-MeOH azeo¬ 
trope (unstable node, O), the MeOH-MTBE azeotrope (saddle point) and the pure 
MeOH vertex (stable node). 

At increasing Da r numbers, the isobutene-MeOH azeotrope moves out of the 
composition triangle, while the MeOH-MTBE azeotrope moves into the triangle 
(Fig. 4.7(b)). The latter point meets the stable node coming from the MTBE-vertex at 
a Damkohler number of Da r = 0.166. At this Da r number the PSPS and the kinetic 
surface have a common tangent point (kinetic tangent pinch), as shown in 



X X 

Isobutene Isobutene 


Fig. 4.7. Reactive reboiler. Intersections of potential singular 
point surface with reaction kinetic surfaces at four different 
Damkohler numbers Da r ; MTBE synthesis at 8.11 X 10 5 Pa. 
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Fig. 4.7(c). For Da r > 0.166 (Fig. 4.7(d)), only three singular points remain in the sys¬ 
tem: pure MeOH which is a stable node at any Damkohler number; pure isobutene 
which is a saddle point at any Damkohler number; and the above-mentioned unsta¬ 
ble node which is located outside the triangle. 

As can be seen from Fig. 4.7, the kinetic tangent pinch point at the critical 
Damkohler number Da r = 0.166 has an important role for the topology of the maps. 
This is also reflected by the feasibility diagrams given in Fig. 4.8(a-c). In Fig. 4.8(c), 
the stable node branch at positive Damkohler numbers are collected from the singu¬ 
lar point analyses of the reactive condenser (Fig. 4.8(a)) and the reactive reboiler 
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Isobutene 




Da/(1+Da ) 


Fig- 4.8. Bifurcation diagrams for reactive 
condenser (a) and for reactive reboiler (b), 
and feasibility diagram (c) for MTBE synthesis 


at 8.11 X 10 5 Pa. Dashed curve = chemical 
equilibrium surface. 
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(Fig. 4.8(b)). At Damkohler numbers Da c > 0.085 and Da r > 0.166, pure isobutene 
and pure MeOH are feasible top and bottom products, respectively. At Da r < 0.166, 
both pure MeOH and a kinetic azeotrope (i.e., the mixture on the branch from 
MTBE to the pinch point) are possible bottom products, while another kinetic azeo¬ 
trope (i.e., the mixture on the branch between isobutene and the nonreactive azeo¬ 
trope isobutene-MeOH) is the possible top product. 

4.2.3.3 Real Ternary System with Phase Splitting: Methanol Dehydration 

Dimethyl ether (DME) can be produced by dehydration of methanol using alumina 
as solid catalyst. The main reaction is given by 

2 MeOH <=> H 2 0 + DME (22) 

Nisoli et al. [22] have studied the attainable regions for this reaction system with 
simultaneous distillative separation. These authors found an immiscible region 
between water and DME, which shrinks as the pressure increases. The PSPS of this 
system was calculated based on the VLE parameters given in the studies of Nisoli 
et al. [22]. Water was chosen as the reference component and DME as independent 
variable to represent the system: 

Xdme = Ydme ( 23 ) 

with the transformed variables 

X-DME = X DME — x h 2 o (24) 

Ydme = Ydme ~ Yh 2 o- (25) 

Figure 4.9(a) and (b) illustrate the system behavior at a total pressure of 15 atm 
and 8 atm, respectively. As can be seen from the location of the PSPS, this system 
has similar features as the ideal system example 1 which has an ellipse-shaped PSPS 
(see Fig. 4.2(a)), as discussed above. Due to the boiling sequence of the reaction 
components, the PSPS is fully located outside the physically relevant composition 
space and, as a consequence, no reactive azeotrope can appear. It is worth noting 
that inside the phase-splitting region, the PSPS of the real heterogeneous system 
and the PSPS of the pseudohomogeneous system are different. However, this does 
not affect the feasible top and bottom products of a fully reactive distillation column. 

When the pressure decreases, the chemical equilibrium line intersects the liquid- 
liquid envelope within the physically relevant composition space. Consequently, the 
chemical equilibrium line coincides with one of the tie lines with the phase-splitting 
region (see the enlarged region of Fig. 4.9(b)). 
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4.2.3. 4 Real Quaternary System: Isopropyl Acetate Hydrolysis 

The hydrolysis of isopropyl acetate (IPOAc) to acetic acid (HOAc) and isopropanol 
(IPA) is a reversible reaction: 

IPOAc + Water <=> HOAc + IPA (26) 

For this system, Venimadhavan et al. [7] have studied the bifurcation of the singu¬ 
lar points in a reactive reboiler, while Chadda et al. [13] demonstrated the flash-cas¬ 
cade approach. In the present investigation, the same thermodynamic properties 
and kinetic expression were used (see Tab. 4 in Ref. [7]). 

Since there is only one chemical reaction in this quaternary system, there are two 
rate-independent conditions for the singular points. IPOAc is taken as reference 
component, and HOAc and IPA are used to represent the PSPS: 

Xhoac = Y H oac an d %i pa = Yipa (27a, b) 

with the following transformed variables definitions: 

XhOAc = x HOAc + x IPO Ac an< i YhOAc = YhOAc + YIPOAc (28a, b) 

Xipa = x i pc + x ipoac an d Y ipa = y IPA +y IP0Ac ■ (29a, b) 

The surfaces described by Eqs. (27a) and (27b) in the three-dimensional composi¬ 
tion space intersect with each other and yield the PSPS as curves given in Fig. 
4.10(a). The PSPS contain several branches, three of which pass through the pure 
components HOAc, IPOAc and water, and are located outside the composition space 
but are not depicted. The branch passing through the IPA-vertex locates four nonre¬ 
active azeotropes - that is, IPA-IPOAc, IPOAc-Water, IPA-IPOAc-Water, and IPA- 
Water. This branch also contains the reactive azeotrope. The PSPS is also displayed 
in the transformed composition space (Fig. 4.10(b)). 

The corresponding feasibility diagrams are given in Fig. 4.11, which collects the 
stable nodes obtained from the intersection of the PSPS and the kinetic surfaces of 
the reactive condenser and the reactive reboiler. Note that the diagram in Fig. 4.11(a) 
is given in terms of the transformed liquid phase mole fractions X; because these 
variables allow a geometric illustration of feasible splits, as outlined in the next sec¬ 
tion. There are two branches where potential bottom products are located - the pure 
HOAc branch at any Damkohler number, and the pure IPA branch at 1.22 < Da < 1 
(Fig. 4.11(b)). Only the branch between the nonreactive azeotrope IPA-IPOAc-Water 
and the reactive azeotrope contains potential top products. As a consequence, there 
are two possible feed regions yielding two different bottom products (Fig. 4.11(a): 
region I for pure IPA, region II for pure HOAc). 
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IPA IPA-IPOAc (Da = 0) IPOAc 
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Water XhqAc HOAc 

Fig. 4.10. Potential singular point surface for isopropyl acetate 
(IPOAc) reaction system at 1.01 X 10 5 Pa. (a) Liquid phase 
composition space in mole fractions x/; (b) representation in 
transformed composition space. 
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4.2.4 

Application of Feasibility Diagram: Column Feasible Split 

Based on Fig. 4.11(a), a feasible split of a single-feed fully reactive distillation col¬ 
umn at specified feed composition can be predicted. First, the operating equations 
are derived in terms of the transformed mole fractions. The assumption of constant 
molar overflow (CMO) is applied and the general equilibrium stage approach is 
taken. The stage index j = 1 indicates the reactive condenser and the index j = NT the 
reactive reboiler. For a general stage j, the component mass balances is given by: 


L j-i x i,j-i + Vj+iViJ+i ~ L j x i,j ~ V jYi,j + VjDcfRj = 0. (30) 

which can be rewritten in terms of transformed variables [14]: 

1 + Vj +1 Y iJ+1 - L.X ;J -VjYij = 0 
with definitions 

Lj = L j[ 1 -( v Tl v k) x k,j\ 

y/ = v j[ 1 -( v r/’Oy*j]» 

= X i,j ~Pi/Vk) x k,j = Vk X i,j ~ Vi X k,j 
1,3 l-(v r /p k )% M v k -v T x kfj 

= YiJ-(vj/Vk)Yk,j = v kYi,j ~ v iYk,j 

hJ l-(v T /v k )y kJ v k — v T y k j 

For the reactive condenser and the reactive reboiler, the mass balances are given by: 
V 2 Y i , 2 -L 1 X i ' D -F D X i ' D = 0 (38) 

^NT-l-^i,NT-l _ Y NT Y i NT — F B X i B = 0 


(31) 

(32a) 

(32b) 

(32c) 

(32d) 


with F d = F D [l -(v r /V[,)x fe>D ]and F B = F B [l-(v T /v k )x k B ], 


( 39 ) 
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The corresponding operating lines for the rectifying and stripping section are 
Rectifying: 


I i,j +1 ' 


1 + R 


-X, ,+- 


1 + R 


-x ; , 


■ 1, NC-2 


(40) 


Stripping: 


X, 


>.J-1' 


— Y . J + — 

1 + s ,J 1 + s 


X; 


1, •••, NC-2 


(41) 


where R = L 2 /F D and s = V Nr / F E . 

The total mass balances for the column are: 


F P X iiF =F D X iiD + F B X UE i = 1, .... NC-2 


Fp — F d + F e 


with the definition Fp — Fp [l — (v T / v k )x k F J, 
From Eqs. (42) and (43) one obtains 


Xj,B-Xj,p 
X i,P ~ Xi, D 


i = 1, •••, NC-2 


which can be rewritten as 


s [l -(v T /Vk)xk, D ] _ X iiB -X ii p , = i nc _ 2 
l + R [l-(v T lv k )x KB ] X iF -X iD 


(42) 

(43) 


(44) 


(45) 


where s/(l+R) = Fd/Fb according to the CMO assumption. 

Equation (44) can also be used to obtain a direct relationship between the feed, 
distillate and bottom compositions, i.e., 


Xu-X u 

*1 ,F-*1, D 


Xj, B -x i: p 

Xi,F-Xi, D 


i = 1, •••, NC-2. 


(46) 


Since the form of the transformed mass balances and the operating equations for 
the kinetically controlled reactive distillation are identical to the corresponding equa¬ 
tions for conventional countercurrent distillation, we therefore can apply the same 
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procedure for designing a reactive distillation column based on the transformed 
variables. The main idea is to use the feasibility diagram to determine the reflux and 
reboil ratios, and the Damkohler number. Moreover, the operating equations can be 
used to determine the stage numbers and the feed position. The whole procedure 
consists of the following five steps: 

1. For the given system determine the PSPS and the singular points by intersect¬ 
ing the PSPS with the kinetic surfaces for the reactive condenser and the reac¬ 
tive reboiler. 

2. Collect the stable nodes along the singular point branches and display them in 
feasibility diagrams. 

3. For a given feed composition Xf, specify a desired potential bottom product Xb 
(or top product Xd). Then, find the top product Xd (or bottom product Xb) from 
the overall mass balance that is a straight line, on which Xb, Xf, and Xd are 
located (Eq. (46)). According to Xd (or Xb) one can determine the corresponding 
Da-number. 

4. Select a reflux ratio R and determine the corresponding reboil ratio s from 

Eq- (45). 

5. Calculate the operating equations for the rectifying section and the stripping 
section starting from the determined Xd and Xb, until they intersect with each 
other. During the calculation, the VLE (or VLLE) and the reaction rate will be 
based on the mole fractions. The molar and transformed variables are trans¬ 
formed to each other. The total stage number and the feed position for the reac¬ 
tive distillation column are fixed. If no intersection can be found, select a new 
reflux ratio r and repeat steps 4 to 5. In case that no intersection can be found, a 
feasible split is not possible for the single-feed reactive distillation column with 
constant Damkohler number. 

Now, the algorithm given above is briefly demonstrated for IPOAc-synthesis. 
Steps 1 and 2 were already carried out above and the feasibility diagrams are shown 
in Fig. 4.11. For the given Xfi (Fig. 4.12(a)), pure HOAC is chosen as the bottom 
product. As a result, the top product Xd = (0.425, 0.656) is determined by extrapolat¬ 
ing the straight line between Xb and Xfi and by intersecting it with the PSPS. (One 
can get the same Xd from Eq. (46).) From the feasibility diagram (Fig. 4.11(b)), we 
obtain the Damkohler number corresponding to Xd, i.e., Da = 0.33. Choosing 
r = 0.7, one obtains s = 3.884 from Eq. (45). Starting from Xb and Xd we solve the 
operating equations stage by stage and plot the composition of each stage in 
Fig. 4.12(a) until the rectifying and the stripping section intersect. Counting the 
stage numbers yields the total stage number (NT = 30) and the feed stage (Nf= 15). 
To check the correctness of this split, we simulated the reactive distillation column 
using the equilibrium-stage model with the obtained configurations. As can be seen 
from Fig. 4.12(a), the simulated profiles are in good agreement with the designed 
ones. For detailed comparison, the compositions are listed in Tab. 4.2. 

Figure 4.12(b) illustrates the feasible split for the feed composition Xf2- Pure 
HOAc is chosen as the bottom product and the corresponding Damkohler number 
is Da = 5.68. The predicted split and the simulation results are compared in 
Fig. 4.8(b) and Tab. 4.2. 
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Table 4.2. Comparison of mole tractions predicted from the feasible 
split algorithm and from the simulation. 



Da = 0.33 


Da = 5.67 


Feasible split 
prediction 

Simulation* 

Feasible split 
prediction 

Simulation** 

Distillate 





HO AC 

0.0193 

0.0193 

0.0464 

0.0443 

I PA 

0.2498 

0.2497 

0.5089 

0.5065 

IPOAc 

0.4057 

0.4057 

0.2223 

0.2247 

Water 

0.3252 

0.3253 

0.2223 

0.2245 

Bottom 





HOAC 

1.0 

0.99943 

1.0 

0.99956 

I PA 

0.0 

0.00003 

0.0 

0.0 

IPOAc 

0.0 

0.00013 

0.0 

0.0 

Water 

0.0 

0.00041 

0.0 

0.00044 


* NT = 30; Nf= 15, r = 0.7, s = 3.884 
** NT = 25; Nf= 9, r = 5.0, s = 13.0 


4.2.5 

Remarks on Azeotropes 

The possible singular points in vapor-liquid phase equilibrium-controlled reactive 
separation systems are pure components and azeotropes. Depending on the regime 
of the chemical reaction, these are nonreactive azeotropes (Da = 0), kinetic azeo¬ 
tropes (0 < Da < oo), or reactive azeotropes {Da —> °°). Only the stable singular points 
are potential top and bottom products of a countercurrent nonreactive/reactive dis¬ 
tillation column. The collection of the potential products in a feasibility diagram is 
the basis for designing single-feed, fully nonreactive or fully reactive distillation col¬ 
umns. The proposed design method is simple to use, and can be geometrically inter¬ 
preted for ternary and quaternary systems. 

4.3 

Arheotropes 

4.3.1 

Definition and Conditions 

The definition of, and the necessary conditions for, the existence of an arheotrope 
are based on the material balances of a batch distillation process in the presence of a 
stagnant or flowing sweep gas (Fig. 4.13). Let us first consider a nonreactive liquid 
mixture. In this case, the component and total mass balances are given by: 

dH i 


( 47 ) 
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Fig. 4.13. Open batch distillation with sweep gas flow. 


dH 

dt 


— Vl'j' 


(48) 


where H is the liquid hold-up and nr is the escaping total vapor flux. Combining 
Eqs. (47) and (48) yields: 


dx; 


1, NC — 1 


(49) 


with the relative flux yj = n;/nr Nonreactive arheotropes are steady-state solutions of 
Eqs. (49) i.e., 

0 = Xi~ Xi i = 1, NC — 1. (50) 

As a special case, if the relative flux yi equals the vapor phase bulk composition y; 
being in equilibrium with the liquid bulk phase composition xi, then we speak of a 
nonreactive azeotrope. Thus, the azeotropic case can be seen as a limiting case of the 
arheotropic case. 

4.3.2 

Illustrative Examples 

4.3.2.1 Example 1: Stagnant Sweep Gas 

The first example illustrates the behavior of a binary mixture in an open-batch distill¬ 
ery with a stagnant sweep gas. Figure 4.14 shows the historical set-up from 1977 [19, 
23-29]. The still was heated by a Bunsen burner, while the condenser was installed 
in the form of a watchglass cooled by evaporation of water due to natural convection. 
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Fig. 4.14. Bench-scale 
batch distillery, beaker still 
and watchglass condenser. 


When operating this distillation unit below the boiling temperature, the vapor space 
is partly filled with ambient air; the watchglass must not perfectly seal the still. 

The concentrations at the condenser xj,c are identical to the relative fluxes /j 
because of total condensation of the vapor escaping from the liquid surface. 
Schliinder [19] derived the following relationship between mole fractions of liquid in 
the still, Xj t s, and the mole fractions of the condensed liquid in the receiver, Xj,c: 


1 ^2C + (^2C ^1C) X 1C _ 

Ki C x lc x ic 

tr-(tr"K 

1 — K 2S + ( K 2S - K 1S )% 1S 

_ Kis x is ~ x is _ 



Equation (51) is based on the Stefan-Maxwell equations describing the mass 
transport in the gas phase. 

To illustrate the system behavior, the ternary mixture 1 = iso-propanol, 2 = water, 
and 3 = air is considered here. In order to obtain an algebraic solution, both the dif- 
fusivities of iso-propanol in air and iso-propanol in water vapor were assumed to be 
approximately the same, which is not far from reality. The liquid phase mass trans¬ 
fer resistance was negligibly small, as will be shown below. The phase equilibrium 
constants Kj,c and Kj,s were calculated with activity coefficients from van Laar’s equa¬ 
tion. Water vapor diffuses 2.7-fold faster in the inert gas air than iso-propanol. The 
ratio of the respective mass transfer coefficients kj 3 equals the ratio of the respective 
diffusivities to the power of 2/3rd according to standard convective mass transfer 
equations Sh =f(Re, Sc). 

Figure 4.15 shows the calculated residue curves according to Eq. (51) at various 
temperatures in the still, while the temperature at the condenser was kept constant 
by evaporation of water due to natural convection. The azeotropic concentration of 
this mixture (x\ = 62 mol%) in practical terms does not vary much with pressure and 
temperature. The arheotropic iso-propanol content at 50 °C is as low as 38 % and will 
not decrease much further at even lower still temperatures. The minimum arheotro- 
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pic concentration is reached, if the Stefan-Maxwell equation approaches Fick’s law of 
diffusion. As the still temperature approaches the normal boiling point, the arheo- 
trope reaches the azeotrope at 62 mol% propanol concentration. This is due to that 
fact that convective Stefan flux totally overrides the diffusion effect. Figure 4.16 
shows the experimental verification of Eq. (56). 



Propanol still concentration, x 1s 


Fig. 4.15. Residue curves for iso-propanol (l)-water (2) 
mixtures at various still temperatures, /cn 3 //C 23 = 0.5. Air is the third 
component (3). 



Fig. 4.16. Experimental data for iso-propanol and water 
mixture, T s = 60 °C, 7c = 15 °C [29]. 
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4 . 3 . 2.2 Example 2: Flowing Sweep Gas 

This example illustrates the distillation of a binary mixture in an open-batch distill¬ 
ery with flowing sweep gas, as shown in Fig. 4.17. The vapor emerging from the 
batch distillery is carried away by the sweep gas flow, thus keeping the partial vapor 
pressures above the gas-liquid interface at a constant value, depending on the mag¬ 
nitude of the sweep gas flow rate. 

We consider a nonreacting mixture such as iso-propanol (1) and water (2), evapo¬ 
rating into ambient air at constant temperature. Assuming the physical equilibrium 
condition (VLE) at the vapor-liquid interface and applying the Stefan-Maxwell-flux 
equations to the liquid phase and linear flux equations to the air-diluted gas phase, 
we derive the following expression for the relative flux^i: 


Xi{ x i) 



M x i) 

p{ x if 


(52) 


with 


~p( x i) : 


1+1 

{ l - K gasla 12 )( x i-K liq )■ 

~K liq 1 

{Y 1 ,inlK l +Y 2 M /K 2 K gas /a 12 ) 

1 


l(l ~K gas /a u ) 

1 


(53a) 


q( x i ) 


^-YunKuq/K, 

{^liq — l)(l — K gas /a 12 ) 


(53b) 


Here, five dimensionless groups appear: 

• Ki and K 2 are the equilibrium constants for the components 1 and 2, while au 
is the relative volatility of iso-propanol versus water vapor. 

• The gas phase kinetic separation factor K g!ls is defined as: 


NTUq 1 + NTU 2 
gas = 1 + NTU 1 NTU 2 


(54) 


p,T = const. 



Fig. 4.17. Batch distillation with 
flowing sweep gas and free gas- 
liquid interface. 





• The liquid phase kinetic separation factor Ku q is defined as: 
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Knq = exp 


/ \ 
U liq 

K kj;,j t 


• The number of transfer units NTUi is defined as: 


NTU: = - 


Ak, 


gas, i 


Vc 


sweepgas 


(55) 


(56) 


where Vsweepgas is the volumetric sweep gas flow rate, A is the gas-liquid interface 
area and k gas ,i are the gas side mass transfer coefficients. uu q represents the velocity 
at which the liquid level moves down towards the bottom of the distillery during the 
evaporation process. The latter quantity is identical with the velocity of the net flux, 
also named as the Stefan flux. ku q is the liquid side mass transfer coefficient. 

It can be shown that the dimensionless group Ku q is directly proportional to differ¬ 
ence between the relative flux^j and the liquid bulk concentration xc 


K Uq = 


Xi-Xj 


Xi~Xi,Ph 


(57) 


which means: If the evaporation velocity uu q is much higher than the liquid phase 
mass transfer coefficient ku q , then Kuq tends towards zero and the distillation process 
is nonselective - that is, this is the case of flash evaporation. If m q is much lower 
than ku q then Xi,ph at the interface becomes equal to the bulk concentration Xi. 

Figure 4.18 shows the function ^i(xi) - both predicted and measured - for the 
binary mixture of iso-propanol and water for various sweep gas inlet humidities, 
thus exhibiting various arheotropic compositions. For zero air humidity there is only 
one unstable arheotrope at 50 mol% of iso-propanol. For 7.2 g H 2 O kg-i air, which 
corresponds to a typical winter climate (in Germany), we obtain two arheotropes - 
an unstable one at 58 mol% and a stable one at 90 mol%. 

For 16.1 g H 2 O kg- 1 air, which corresponds to a typical summer climate, no arheo¬ 
tropes appear at all. Within those two regimes where %\ > 1 (i.e .,^2 < 0), evaporation 
of water reverses into condensation. Because of the low evaporation rate at 30 °C the 
liquid phase mass transfer resistance is negligibly small. 

Figure 4.19 illustrates the effect of liquid phase mass transfer, represented by the 
dimensionless group Ku q (see Eqs. (55) and (57)). If the evaporation velocity is in the 
same order of magnitude as the liquid phase mass transfer coefficient, then the 
selectivity of the evaporation process vanishes though the relative volatility as well as 
the gas phase mass transfer coefficients remain unchanged. 

It might be worth drawing attention to the fact that the liquid phase and the gas 
phase mass transfer resistances affect the distillation process in different ways. 
Because we consider a binary mixture, the liquid phase mass transfer resistance 
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0 Y- -1-1-1-1-1 

0 0.2 0.4 0.6 0.8 1 


Liquid mole fraction of iso-propanol, 

Fig. 4.18. Experimental data for the residue curves of the 
mixture iso-propanol (1 )-water (2) according to Eq. (52) for low 
N7U-values and various sweep gas inlet humidities Y 2 j„ and 
moderate evaporation rates (Kn q = 0.9999) [32], 



Fig. 4.19. Residue curves of the mixture iso-propanol (1 )-water 
(2) (conditions as in Fig. 4.18), showing the effect of liquid phase 
mass transfer resistances. 


cannot change arheotropic compositions, but it can reduce the selectivity of the dis¬ 
tillation process even down to zero. On the other hand, the gas phase mass transfer 
resistances do change arheotropic compositions but will not reduce the selectivity. 
This behavior becomes obvious immediately from Eqs (53a) and (53b). The two 
dimensionless groups K gas and Ku q appear in an asymmetric form. In this case - and 





4.3 Arheotropes | 117 

in other cases where net fluxes appear - it does not make sense to combine the indi¬ 
vidual mass transfer resistances to an “overall transfer mass transfer resistance”. 

In order to get a feeling under which condition the liquid phase mass transfer 
becomes rate-controlling and thus reduces the selectivity of an open distillation pro¬ 
cess, we should make a rough approximation about the order of magnitude of the 
mass transfer coefficients and the evaporation velocities. Under ambient conditions, 
the magnitude of gas phase diffusivities is about dgas =l(h 5 m 2 s _1 , while the value 
for liquid phase diffusivities is about dn q =10- 9 m 2 s _1 . The magnitude of the thick¬ 
ness of the viscous sublayers in the gas phase is about 10- 3 m, and in the liquid 
phase is about 10~ 5 m. Therefore, the magnitude of the mass transfer coefficients is 
in the order of k ga s ~10~ 2 m s- 1 for the gas phase and ku q ~ 10m s- 1 for the liquid 
phase. 

The evaporation velocity at ambient pressure and, say, 60 °C, which corresponds to 
a mole fraction in the sweep gas of about 30 % water vapor, is about uu q = 

IO - 5 m s -1 . This results in Ku q = 0.904 which is rather close to 1, so that the effect of 
the liquid phase mass transfer resistance on the selectivity of an open distillation 
process with a free gas-liquid interface in most cases can be ignored. If, however, ku q 
becomes very small (as in the pervaporation process described in the next example), 

Kiiq might become very small and thus reduce the selectivity of the open distillation 
process practically down to zero. 

4.3.2.3 Example 3: Flowing Sweep Gas with Pervaporation 

This example illustrates the distillation of a binary mixture in an open-batch distillery 
with flowing sweep gas and pervaporation by having a porous plate floating on top of 
the liquid hold up, as shown in Fig. 4.20. The porous plate was made from inert 
sintered metal with various pore sizes between 100 and 1 m/.i, and had a thickness of 
1 mm. The porosity was 40 % and the tortuosity factor was about 2. This results in an 
effective liquid phase mass transfer coefficient of about kuq = 2 X 10~ 7 m s _1 , which 
results in Ku q = 1.9 X 10~ 22 . Therefore, one would expect the distillation process to be 
nonselective - that is, Si = - x\ = 0. 


moist air out dry air in 



Fig. 4.20. Open batch distillation with flowing sweep gas and a 
floating porous plate on the gas-liquid interface. 
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Figure 4.21 shows the selectivity Si as a function of the iso-propanol concentration 
at various pore diameters d p . The gas phase-controlled arheotrope was chosen to be 
at 50 mol% iso-propanol. Surprisingly, on the left-hand side the arheotrope Si 
showed almost the same magnitude as the one for a free interface, provided that the 
pore diameters were not too small, while on the right-hand side the selectivity was 
absolutely zero, as to be expected. The reason for this unexpected phenomenon is as 
follows. 

On the left-hand side of Fig. 4.21, iso-propanol escapes preferentially. Therefore, 
water accumulates at the surface of the plate. This causes a two-fold instability: 

• The surface tension at the surface increases during evaporation, thus giving rise 
to the onset of Marangoni convection. 

• The density at the surface increases during evaporation thus giving rise to the 
onset of Benard convection. 

Both types of convection stimulate a vivid internal fluid circulation within the 
porous plate, thereby reducing the liquid phase mass transfer resistance almost 
down to zero. This circulation becomes suppressed by friction force if the pore 
diameters are sufficiently small. 

On the right-hand side of Fig. 4.21 the situation is just the opposite; density and 
surface tension gradients are stable so that there is no internal fluid circulation. A 
mathematical analysis of this phenomenon has been provided in Ref. [31]. 

In order to prove the hypothesis as well as the mathematical simulation, the fol¬ 
lowing experiment was performed. A watchglass was filled with iso-propanol and a 
blotting paper, soaked with water, was placed on top, thus floating on the water. The 
iso-propanol was dyed with methylene blue. After a few minutes, the blue 



Fig. 4.21. Experimental data ofthe selectivity Si =^i -xi in a 
pervaporation distillation process of the mixture iso-propanol 
(1 )-water (2). Sintered metal plate, thickness 1 = 1 mm. Pore 
diameters between 100 and 1 mp [31], 
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Marangoni cells could be observed on the surface of the blotting paper (Fig. 4.22, 
right). Alternatively, the positions of the two liquids were reversed, with the blue 
water underneath and the pale propanol soaked in the blotting paper, whereupon no 
Marangoni cells appeared (see Fig. 4.22, left). 

From this example it can be concluded that any kind of analysis of multiphase 
transport phenomena in porous media should also include a stability check. 

4.3.2. 4 Example 4: Reactive Liquid Mixture 

This example considers distillation of a reacting ternary mixture in an open batch 
distillery with flowing sweep gas. From this example, one can see the determination 
of “reactive azeotropes” and “reactive arheotropes”. The considered hypothetical 
reaction is 

A(l) + B(2) <=> 2 C(3). 

In the following, component A is numbered as 1, component B as 2, and compo¬ 
nent C as 3. At chemical equilibrium conditions, the following relationship holds: 

x l x 2 ~ ~7T~ = 0 (58) 

-*'■eq 

with the chemical equilibrium constant Keq = 2. 



Blotting paper soaked with Blotting paper soaked with 

iso-propanol after 15 min water after 15 min 


Fig. 4.22. Experimental proof for the onset of Marangoni 
convection for the mixture iso-propanol-water exposed to ambient 
air. Left-hand side: water below and propanol on top in the blotting 
paper: stable; right-hand side: propanol below and water on top in 
the blotting paper: unstable. 
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The relative volatilities are assumed to be an = 5 and a 23 = 3, and gas phase mass 
transfer coefficients are fcj , gas = 0.5 m s -1 and feigns = 1.0 m s -1 . The flow rate per unit 
interface area of the sweep gas is chosen between G = 0.001 to 0.4 m s -1 , which 
results in either high or low gas phase NTl/j-values. Presupposing that the vapor 
mole fractions are low, i.e. yi « 1 , one can say that: 

a) The Stefan flux is negligible in the gas phase (but not in the liquid phase!). 

b) Vapor mole fractions yi are practically equal to the molar sweep gas loadings Y i . 
Material balances of the liquid phase for the nonreacting mixture are: 


dX: 

— -= Xi~ x i 1 = 1, 2, 3 

dlnH M 

(59) 

For the gas phase, the mass balances are: 


%,in= o i = 1,2,3 

(60) 

Fi swee pg as Yj i 1,2,3 

(61) 

3 

^7 ^sweepgas 2 ^j 

j =1 

(62) 

Xi= — = ^ L ~ i = 1,2,3 

" r 2 Yj 

j=i 

(63) 

Gas phase mass transfer fluxes (Stefan flux in the gas phase is negligible as long 
as the vapor phase mole fractions are below say 20 %, which means either moderate 
temperatures and/or high sweep gas flow rates) are: 

n i= A phP gas Kgas{\ph-%) 1 = 1.2,3 

(64) 

y = NTUi Y iph i = 1,2,3 

1 1 + NTUi ' 

(65) 

with 


= hgas Aph = K g as • = 123 

V G 

r sweepgas 

(66) 
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Liquid phase mass transfer fluxes (Stefan flux not negligible) fulfil the relationship 


Xi-Xj 
Xi ~ x i,ph 


■-K liq i 


1,2,3, 


(67) 


where Ku q is defined as in Eq. (55). 

Phase equilibrium at the interface is expressed as follows: 


Y{,ph ~ Ki x iph i — 1 , 2,3 

(68) 

y = NTUi ^ x iPh i = 1 , 2,3 
‘ 1 + NTU; 1 l ’ ph 

(69) 


Introducing 

NTU 2 1 + NTU 3 NTU 1 1 + NTU 3 

gfls>23 ~ 1 + NTU 2 NTU 3 an gas ’ li ~ 1 + NTU 1 NTU 3 


(70) 


and 


= — and a, 
K 3 


Ki 

K 3 


one obtains 


R 

y 3 


— = K 

1K gas,23^23 

Xi 


x 2,Ph 

x 3 ,Ph 


and ~ - — K gasl3 a 13 

X 3 


x l,Ph 

x 3 ,Ph 


After further rearrangement, one obtains 


Xll x 2,Ph * 

-= «23 

X 3 l x 3 ,ph 


and 


Xi I x l,Ph _ * 

. ~ a i 3 

X 3 l x 3 ,Ph 


(71) 


(72) 


(73) 


where a 23 — K gas 23 a 23 anda 13 — K gasl3 a 13 . 

Substituting the liquid interface concentrations Xi,ph by the liquid bulk concentra¬ 
tions Xi using Eq. (67) gives 


Xi *(^ ? -i)zi + ^i 

— a 13 / \ 

% 3 \Kliq l) X 3 4" X 3 


1 Xl * 
and — = a 23 


(j^iiq ~ l) X2+ X 2 
( Ku q -l)r 3 + x 3 


(74) 
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Rearranging and introducing the following abbreviations 

£13 = ( K Uq - l)(! - ««) and e 23 = ( K Uq ~ l)(l “ «2 3 ) (75) 

one obtains 


1 j Xll X 2 1 

-and-= a 23 - 

1 + 613X3/*3 Xil x 3 1 + £23X3/*3 


From the material balance of the liquid phase according to Eq. (59) follows 


Yi/Xi * 1 Xil x i d\nx 2 + d\nH 

— cc 13 and — 

Xil x i 1 + 613X3/*3 Xil x i dlnx 3 +dlnH 


(77) 


Then Eqs. (76) and (77) lead to 
dlnx-f+dlnH * dlrtH 

- i -= a i3- 

dlnx 3 + d\nH £ 13 (dlnx 3 +dlnH) + dlnH 


(78a) 


d\nx 2 +d\nH * dlnH 

-= a n - 

dln% 3 +dlnH E 2i (d\nx i +dlnH) +dlnH 

or explicitly in H as function of the concentrations xp. 
(dlnH) 2 + p 13 (dlnH) + q 13 = 0 
(dlnH) 2 + p 23 (dlnH) + q 2 3 =0 


(78b) 

(79a) 

(79b) 


with 


P 13 = 


P23 ~ 



1 

I* 

+ 

* \ 

dx-. 

( 1 + e 13, 

6l3-«13 J 

1— 

X 1 

X 3 


1 + £ 1} 

* 

“«13 


(l + £ 23, 

. dx, 1 

< * N 

1 doc? 


£ 23 —a 23/ 


x 2 

*3 


l + e 23 

* 

-«23 



(80a) 

(80b) 
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?13 — 

?23 = 


£1 -j dx^ dx 3 

1 "I - £33 ^13 ^1 ^3 

e 2 3 dx 2 dx 3 

1 T £ 23 0^23 % 2 ^3 


(80c) 


(80d) 


Eventually, elimination of the hold-up H results in a final equation, which allows the 
calculation of residue curves for the nonreacting mixtures by stepwise integration: 


Pl 3 



P23 

( 

1± 

1 4q p 

IV Pn j 


1 

V 

i P23 J 


(81) 


From these four solutions, only the one with positive signs are physically mean¬ 
ingful. This is a rigorous solution including both liquid phase and gas phase mass 
transfer resistances. It can by applied also to non-ideal mixtures when calculating 
the relative volatilities aij from appropriate VLE-equations. 

Equation (81) can also be used to predict the existence of reactive arheotropes pro¬ 
vided that the mixture is in permanent chemical equilibrium - that is, the 
Damkohler number is sufficiently large. The condition which must be fulfilled has 
been given by Frey and Stichlmair [30], who concluded that the slope of the nonre¬ 
acting residue curve must coincide with the slope of the stoichiometric lines of the 
chemical reaction, given by the stoichiometric coefficients vp 


(N 

X 

1 _ 


dx 2 

\_dx x 


dx j 

Phy 


(82) 


Inserting Eq. (82) into Eq. (81) gives the qualifying Eq. (83) to predict the locus 
curve x 2 ,az = Fphy(xiaz) at which possible reactive arheotropes can be found (i.e., the 
potential singular point surface, PSPS). The second curve is given by the equation 
describing the chemical equilibrium x 2a z= Fchem(xi, a z)■ 


Pl3,e 


*1 ,az 


( n „* \ ^ 

1 + 

J- 

\ 

\ £ 13 a 13) 

dx x 


^3,az 


Chem / 


1 + £i 3 — a\ 


dx j 


(83a) 


/ \ 1 I dxn 

< 1+eJ —I 


'{ e 23 ^23) 


P 23 .C 


Chem 


v 3,az 


1+ 


dx 2 

dx x 


Chem ) 


1 + £, 3 — a. 


dx. 


(83b) 


9l3,az — ' 


l + £. 


*13 1 , az^ 3 , az 


1 + 


dx 2 

dx 3 


dx\ 


I Chem ) 


(83c) 
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1 + £ 2 3 C ?23 x 2,az x 3,az 


dx , 


dx 1 


Chem 


i+ 


dx 1 


dx x 


dx \ 


(83d) 


Chem ) 


If the ratio of the evaporation velocity to the liquid phase mass transfer velocity 
uiiq/kuqtends towards zero (i.e., Ku q = 1), then Eq. (81) reduces to: 


1 1 „ 1 
- + Q— 


l-a 13 x 1 


dx 1 = 


' 1 


1 —a 23 x i 


dx , 


(84) 


where Q = —-while Eq. (82) can be reduced to 


1 — a( 3 1 — a 


1 


1 a 13 x lA 


1 ^ 1 
- + Q- 


23 

\ / 


K i,az j 


1 1 -qJ- 


1 CCj-i X- 


23 2,az 


v 3,az ) 


dx 7 


dx x 


Chem 


(85) 


For the reaction A + B « 2 C, let xi be the independent variable, while X 2 is the 
dependent one; thus, the slope of the stoichiometric lines is (dx 2 /dxi)chem = 1. 

Figure 4.23 shows the curves according to Eq. (83) and Eq. (85) for various sweep 
gas flow rates G and vanishing liquid phase mass transfer resistance (i.e., Kuq = 1). 
The points of intersection with the chemical equilibrium line mark the concentra¬ 
tions at which reactive arheotropes exist. As can be seen, the reactive arheotrope 


A G=0.001 m/s, x, az =0.108 

- G=0.1 m/s, x 1>az =0.156 

♦ G=0.2 m/s, x, az =0.204 

• G=0.3 m/s, az =0.249 

■ G=0.4 m/s, x laz =0.291 




Fig. 4.23. Reactive arheotropes for the reaction A + B <=> 2 C 
at various sweep gas flow rates C (Da — > o° f aw = 5, «23 = 3, 
kt'gas = 0.5 cm s~\ /(2 ,gas = 1 cm S- 1 ). 
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composition xj, az is shifted to larger values as the sweep gas flow rate G is increased. 

Note that the interface vapor concentrations are in equilibrium with the liquid phase 
bulk concentrations. 

Figure 4.24 shows the reactive arheotrope trajectories according to Eq. (83) for var¬ 
ious amounts of the liquid phase mass transfer resistance - that is, for various val¬ 
ues of Kuq and a low sweep gas flow rate G (at large NT[/j-values). As a result, the 
reactive arheotropic composition xi, a z is shifted to larger values as the liquid phase 
mass transfer resistance becomes more important - that is, as the value of Ku q 
decreases. Note that the interface liquid concentrations are in equilibrium with the 
vapor phase bulk concentrations. Therefore, gas phase mass transfer resistances 
cannot have any influence on the position of the reactive arheotrope compositions. 

On the other hand, liquid phase mass transfer resistances do have an effect, though 
the value of all binary ku q have been set equal. Again, this effect results from the 
competition between the diffusion fluxes and the Stefan flux in the liquid phase. 

This gives rise to a warning: In feasibility studies for an open batch distillation 
process certain assumptions are made as to the heating policy (see e.g. Ref. [7]). 

Since the ratio of the evaporation velocity to the liquid phase mass transfer co¬ 
efficient Wq/kuq also depends on the “heating policy”, one must ensure that this ratio 
is sufficiently low; otherwise the composition of the reactive arheotrope will also 
depend on the “heating policy.” 

Figure 4.25 shows the reactive arheotrope trajectories according to Eq. (83) for vari¬ 
ous amounts of the liquid phase mass transfer resistance - that is, for various values 
of Kuq and larger sweep gas flow rates G = Vweepgas/Apf,. With increasing sweep gas 
flow rate the effect of the liquid phase mass transfer resistance vanishes, and at 
G = 0.4 m s^ 1 the reactive arheotropic composition xi, a z is practically not affected at all. 



Liquid mole traction of component A, x, 

Fig. 4.24. Reactive arheotropes for the reaction A + B 2 C at 
various liquid phase mass transfer resistances Kuq (low sweep gas 
flow rate C, Da —> =°, an = 5, 0:23 = 3, ki, ga s = 0.5 cm s _1 , 
fe.gos =1 cm s- 1 ). 
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a ^=1.0, G=0.2 m/s 

♦ K, q = 0.1, G=0.2 m/s 

- K„,=1.0, G =0.4 m/s 

■ =0.1, G=0.4 m/s 



Liquid mole fraction of component A, x 1 

Fig. 4.25. Reactive arheotropes for the reaction A + B 2 C at 
various liquid phase mass transfer resistances Knq (large sweep gas 
flow rate G, Da —> co ,au = 5, an = 3, (q igos = 0.5 cm s-\ 
fa,gas = 1 cm s- 1 ). 


4.3.3 

Remarks on Arheotropes 

The aim of this section is to show that in an open batch distillation process both gas- 
phase and liquid-phase mass transfer resistances have a remarkable effect on the 
compositions at which nonreactive arheotropes and reactive arheotropes appear. 

Both mass transfer resistances are interconnected in a rather complex manner. 
The structure of these interconnections was made visible by the presentation of ana¬ 
lytical solutions which could be easily handled on a spreadsheet calculation tool, 
even for much more complicated VLE equations with variable relative volatilities 
and chemical equilibrium equations of any complexity because no integration proce¬ 
dure is necessary, but just finding roots. 

Both mass transfer resistances - as can be seen from the analytical solutions - 
act in a different way and cannot be combined to a so-called “overall transfer 
resistance”. The introduction of such a lumped parameter will hide essential physi¬ 
cal effects, evoked by these two resistances separately. 

Eventually, there is an essential difference between batch distillation processes 
and column distillation processes. Whilst in most adiabatic column distillation 
processes Stefan fluxes are usually very small (unless inert gases are present, as in 
hydrogenation or oxidation processes), the batch distillation process just lives from 






4.4 Kinetic Arheotropes in Reactive Membrane Separation | 127 

the existence of the Stefan flux. However, this difference can only be ignored as long 
as the mass transfer resistances are negligible. 

4.4 

Kinetic Arheotropes in Reactive Membrane Separation 

The possible products of a reactive membrane separation process are influenced by 
the mass transfer characteristics of the applied membranes. In the following section 
it is shown how the concepts and tools, being developed for reactive vapor-liquid 
separation, can also be used to analyze the feasibility of membrane separators. 

4.4.1 

Model Formulation 


Here, a batch membrane separator is considered, as depicted in Fig. 4.26(a). The dif¬ 
ference between this process and the reactive reboiler which was considered in Sec¬ 
tion 4.2 is that a membrane is introduced above the vapor phase. For the further 
analysis, the following assumptions are made: 

• The membrane holds the major mass transfer resistance; thus, the liquid phase 
and the retentate vapor bulk phase are assumed to be in phase equilibrium. 

• Vacuum is applied on the permeate side of the membrane. 

• The chemical reaction takes place at boiling temperature in the reactive hold-up 
H r of the liquid phase. 

• A vapor permeation process is considered; that is, the membrane is placed 
above the vapor-liquid interface. 

• Accumulations of components within the retentate vapor phase or within the 
membrane body are neglected. 

It should be noted that the equivalent continuously operated process of the batch 
reactive membrane process is the membrane reactor depicted in Fig. 4.26(b). Here, 
the spatial coordinate z replaces the time coordinate of the batch process. Feasibility 
analysis has the task of estimating the retentate composition which is attainable at 
infinite reactor length. 

4.4.1.1 Reaction Kinetics and Mass Balances 

The chemical reaction taking place in the liquid phase is represented by Eq. (1), and 
the mass balance can be formulated as [20] 


dx j 



- 

n T ) 


+ Da(vi 


\ H r n T, 0 k f (ft 
H r ,o n T kf.ref 


i = 1,..., NC — 1 


( 86 ) 


where dg = (nr/H)dt, H r is the hold-up in which the reaction proceeds, n; the 

NC 

component mass flux through the membrane area, and n T = 2) n ; the total mass 

;=i 
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Permeation side y l p 
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Vapor phase 


H, X|, 91 Liquid phase 


Infinite length 
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Vacuum or 



To study the autonomous dynamic behavior, two suitable heating strategies can be 
assumed: 

• nffnxo = Hr/Hy,o, if the chemical reaction takes place as a homogeneous reaction 
in the whole liquid bulk phase; 
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• nr = nxo = constant, if the chemical reaction takes place in a solid catalyst phase 
of which the molar hold-up is constant during the process ( H r = H r ,o = constant). 

At both strategies, the reaction kinetic effect is characterized by a single parameter 
(i.e., Damkohler number Da), and Eq. (86) can be rewritten as 


dxj _l _nj _' 
d£ P n T y 


+ Da(v ; 


-v T Xi 


\ k f 

)—^—3ft i = 1,..., NC — 1 

k f,ref 


( 88 ) 


4.4.1.2 Kinetics of Vapor Permeation 

In a partial pressure-driven vapor permeation process, the NC-dimensional vector of 
mass fluxes through the porous membrane can be expressed as [33]: 

( n ) = J^[ k ]{YP-YpPp) (89) 

where [k] is the NC X NC-dimensional matrix of effective binary mass transfer 
coefficients fey, S is the effective permeation area, y p and p p denote the vector of mole 
fractions and the total pressure on the membrane permeate side, respectively. If 
vacuum is applied on the permeate side, the partial pressures of the diffusing 
components on the permeate side are negligible (p p —> 0). For the subsequent 
process analysis, it is useful to formulate Eq. (89) in terms of dimensionless mass 
transfer coefficients Kij which are the ratios of the effective mass transfer coefficients 
kij related to a reference one. Here, the first main diagonal element fen is taken as 
reference: 

(n) = J^fc n M(y) with Ky = (90) 

In general, all elements of the mass transfer matrix depend on the process vari¬ 
ables, and in particular on the vapor phase composition. The mass transfer mecha¬ 
nisms in membranes can be rather complicated. However, for the conceptual 
analysis of the considered membrane process, it is not advantageous to go into the 
details of mass transport. Therefore, in the following the effective binary mass trans¬ 
fer coefficients fey are assumed to be constants. 

Three cases can be distinguished concerning the mathematical structure of the 
matrix [fc]: 

1. Scalar [fc] if the membrane is nonselective, i.e., it has no separation effect on the 
components, and therefore [fc] in Eq. (90) is an identity matrix. 

2. Diagonal [fc] if the permeating components are only driven by their own partial 
pressure differences; this case is valid, for example, for a Knudsen-membrane. 
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3. Nondiagonal [fc] if the permeating components interact with each other within 
the membrane; this will be the case for example if bulk diffusion and/or com¬ 
petitive adsorption effects are involved. 

Despite the fact that the matrix elements can be positive or negative, [k] must be 
positive definite because of the constraints imposed by the second law of thermo¬ 
dynamics. 

4.4.2 

Residue Curve Maps 

4. 4. 2.1 Example 1: Ideal Ternary System 

In this example, the effect of a selective membrane on the ternary mixture undergo¬ 
ing a reversible chemical reaction in ideal liquid phase is considered: 

B + C <=> A (91) 


The dimensionless rate of the chemical reaction is given as: 

m = x B x c -^. (92) 

The relative volatilities are cxba = 5 and acA = 3, and the chemical equilibrium con¬ 
stant Keq= 5. 

Figure 4.27 shows residue curve maps for the reactive reboiler at three different 
Damkohler numbers. In the nonreactive case (Da = 0; Fig. 4.27(a)), the map topol¬ 
ogy is structured by one unstable node (pure B), one saddle point (pure C), and one 
stable node (pure A). Since pure A is the only stable node of nonreactive distillation, 
this is the feasible bottom product to be expected in a continuous distillation 
process. 

In a kinetically controlled chemical reaction (Da = 1; Fig. 4.27(b)), the stable node 
moves from the pure A vertex into the composition triangle. In an equilibrium-con- 
trolled chemical reaction (Da —> oo; Fig. 4.27(c)), the reaction approaches its chemical 
equilibrium, and therefore the stable node is located on the equilibrium surface. 

In analogous manner, residue curve maps of the reactive membrane separation 
process can be predicted. First, a diagonal [/c]-matrix is considered with xcc = 5 and 
xbb = 1 - that is, the undesired byproduct C permeates preferentially through the 
membrane, while A and B are assumed to have the same mass transfer coefficients. 
Figure 4.28(a) illustrates the effect of the membrane at nonreactive conditions. The 
trajectories move from pure C to pure A, while in nonreactive distillation (Fig. 
4.27(a)) they move from pure B to pure A. Thus, by application of a C-selective mem¬ 
brane, the C vertex becomes an unstable node, while the B vertex becomes a saddle 
point. This is due to the fact that the membrane changes the effective volatilities 
(i.e., the products xu cua) of the reaction system such that xcc acA > xbb ccba■ 
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C 




C 



Fig. 4.27. Residue curve maps for 
reactive distillation; 6 + C <=> A, K eq = 5; 
ccba = 5.0; acA = 3.0. (a) Da = 0; (b) 

Da = 1; (c) Da —> °°. 
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C 



C 




Fig. 4.28. Residue curve maps for 
reactive membrane separation; 

B + C <=> A; K eq = 5; ccba = 5.0, acA = 3.0; 
membrane: diagonal [/c]-matrix. 
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At kinetically controlled reactive conditions (Da = 1), Fig. 4.28(b) shows that the 
stable node moves into the composition triangle, as in reactive distillation 
(Fig. 4.27(b)). This point is termed the “kinetic arheotrope” because its location in the 
phase diagram depends on the membrane mass transfer resistances and also on the 
rate of chemical reaction. The kinetic arheotrope moves towards the B vertex with 
increasing C-selectivity of the membrane. At infinite Damkohler number, the sys¬ 
tem is chemical equilibrium-controlled (Fig. 4.28(c)), and therefore the arheotrope is 
located exactly on the chemical equilibrium curve. In this limiting case, it is called a 
“reactive arheotrope”. 

4A.2.2 Example 2: THF Formation 

1,4-Butanediol (1,4-BD) can be decomposed heterogeneously to tetrahydrofuran 
(THF) and water: 

1,4 — BD —¥ THF + H 2 0 (93) 


Limbeck et al. [34] have studied the kinetics of this irreversible reaction at 
macroporous acidic ion exchange resins as catalysts. In this reaction, the byproduct 
water has a significant affinity with the catalyst, and thus severely inhibits the cata¬ 
lytic reaction. Therefore, these authors proposed the following rate expression: 


r = >l a H 2 o 


kfKs,BD a BD 
1 + KsbD U BD 


1 + K 




S,H,0\ u H,0 


kfKs,BD a BD 
1 ■*" Ks,BD a BD 


(94) 


where Ks.bd and Ks,h 2 o are the sorption constants of 1,4-BD and water respectively, 
and ?; is the water inhibition factor. The temperature dependencies of fe/, Ks.bd and 
Ks.h 2 o are as follows: 



= exp 


18282.42 
, T/[K] 


exp 


-18282.42 \ 
404.2 J 


(95) 


K 


S,BD 


6.29 xl0“ 2 


Xexp 


1335.l' 

T/[K], 


(96a) 


k s,h 2 o= 2.43 Xexp 


764.97 

T/[K\, 


(96b) 


The boiling point of THF at 5 atm (404.2 K) is chosen as the reference tempera¬ 
ture. The liquid phase activity coefficients were calculated using the Wilson equation 

[35]. 
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Since water is the byproduct, and also has an undesired inhibitory effect on cata¬ 
lyst activity, it must be separated efficiently from the reaction mixture. To achieve 
this, both conventional reactive distillation and reactive membrane separation are 
considered as process alternatives. In the latter process, a Knudsen-membrane is 
applied. Consequently, the mass transfer matrix [/c] has a diagonal structure and the 
diagonal elements are the Knudsen-selectivities - that is, the square-roots of the 
ratios of the molecular weights M;: 

10 O' 

0 1.1 0 (97) 

0 0 2.5 



1 

0 

0 


K \ = 

0 

\I^BD /MfHF 

0 

= 


0 

0 

a Jm bd / Mh 2 q 



Thus, water will pass preferentially through the Knudsen-membrane. 

Residue curve maps of the THF system were predicted for reactive distillation at 
different reaction conditions (Fig. 4.29). The topology of the map at nonreactive con¬ 
ditions (Da = 0) is structured by a binary azeotrope (unstable node) between water 
and THF. Pure water and pure THF are saddle nodes, while the 1,4-BD vertex is a 
stable node. 

At Da = 0.4 (Fig. 4.29(b)), the two saddle points from the pure vertices move into 
the composition triangle. The stable node from the 1,4-BD vertex moves to the 
kinetic azeotrope at x = (0.0328, 0.6935). Pure water and pure THF now become sta¬ 
ble nodes. The unstable node between water and THF remains unmoved, and forms 
two separatrices with the two saddle points. Thereby, the whole composition space is 
divided into three subspaces which have each a stable node, namely pure water, pure 
THF and the kinetic azeotrope. 

At Da —» oo (Fig. 4.29(c)), only pure water and pure THF remain stable nodes. The 
residue curves first are dominated by the reaction stoichiometry and approach the 
chemical equilibrium surface, and then converge to the water vertex or to the THF 
vertex. When starting from pure 1,4-BD, the undesired byproduct of water will be 
the final product in the distillation still. 

The effect of a Knudsen-membrane on process behavior is illustrated in Fig. 
4.30(a), which is valid at nonreactive conditions. Compared to Fig. 4.29(a), the unsta¬ 
ble node on the THF-water edge is moved closer to the water vertex by application of 
the Knudsen-membrane, while the two saddle points and stable node are not 
affected. 

At Da = 0.4 (Fig. 4.30(b)), the residue curve map is structured by one unstable 
node, two saddle points, and three stable nodes (as in Fig. 4.29(b)), but the locations 
of the two saddle points and the stable node are changed. In particular, the kinetic 
arheotrope at x = (0.2313, 0.2520) is located closer to the THF vertex than the kinetic 
azeotrope at x = (0.0328, 0.6935). 

Similar to the reactive distillation process, at Da —> °° the composition space is 
again divided into two subspaces which have either pure THF or pure water as attrac¬ 
tors (Fig. 4.30(c)). However, as a very important feature of the reactive membrane 
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separation process, when starting with pure 1,4-BD it is possible to attain pure THF 
as the desired product. This is not possible with conventional reactive distillation. 

4.4.3 

Singular Point Analysis 
4.4.3.1 Approach 

The locations of the singular points in reactive membrane separation processes 
depend on both the separation effects (distillation/membrane separation) and the 
reaction effect. Singular points can be generally obtained as steady-state solutions of 
Eq. (88): 


TJ 


+ Da{y i 


-v TXi 


\ kf 

)—i—OT i = 1,..., NC — 1 


(98) 


Four important cases can be distinguished: 

1. Nonreactive distillation: Da = 0 and [k] is a scalar matrix. Then, Eq. (98) simplifies 
to the classical condition of a nonreactive azeotrope: 

Xj = Yi, i = 1-NC — 1 (99) 


2. Reactive distillation: Da ^ 0 and [k] is a scalar matrix. This case was intensively 
studied by Qi et al. [14], who analyzed the existence and location of reactive and 
kinetic azeotropes. 

3. Nonreactive membrane separation: Da = 0 and [k] is a non-scalar matrix. Then, the 
condition for a nonreactive arheotrope (Eq. (50)) is recovered: 


x i =—;i = l,...,NC-l (100) 

yi'j' 

4. Reactive membrane separation: [k]-matrix is a non-scalar matrix. This case was 
intensively studied by Huang et al. [20] (“kinetic arheotrope”). 

Similar to reactive distillation (as discussed in Section 4.2.2.1), the concept of the 
PSPS is useful to analyze the singular points of a reactive membrane separation pro¬ 
cess. By introducing the new transformed variables 


X: — " 


VuX: - V-Xi 


and Y ; = 


Vun : - v : n. 




v k n T -v T n k 


(101a,b) 


the condition for reactive/kinetic arheotropes can be simply expressed as: 


X; =Y ; , i = 1, •••, NC — 2 


(101c) 
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The transformed vapor composition variable Yj can be expanded for the different 
possible structures of the mass transfer matrix: 

NC NC 

n 1 K;:Yj - n 1 Kkf/j 

Y; = —- J ~nc - for nondiagonal [/c] (102a) 

nil KijYj -v T i K kjYj 

i=lj=l j =1 


Yj = ***** ViKkkYk for diagonal [/c] (102b) 

ni(KuYi)-v T K kk y k 


Y ; = — ^ for scalar [a:] (102c) 

v k~ v rYk 

4 . 4 . 3.2 Ideal Ternary System 

PSPS of reactive membrane separation with diagonal [/c]-matrix 

For the ideal ternary system discussed in Section 4.4.2.1, the PSPS is the same as for 
the reactive distillation example in Section 4.2.3.1 (see Fig. 4.4(b)) if one changes the 
vertices. It is worth mentioning, that the reactive reboiler is just a special case of the 
reactive membrane separation process with a scalar [fc]. Now, the question arises 
how the PSPS and the branch of stable singular points will be influenced by a mem¬ 
brane having a diagonal mass transfer matrix. In Fig. 4.31 the PSPS are presented 
for different /ccc-values. The solid lines represent the different branches of stable 
nodes. Clearly, there exists a critical value, Kcc,mt = 5/3, above which the PSPS is 
turned from the C-vertex towards the B-vertex. At the intersections of the PSPS with 
the chemical equilibrium surface (Da —> °°), reactive arheotropes are located. They 
move towards the B-vertex with increasing C-selectivity of the membrane - that is, 
increasing /ccc-value. Above a certain value, the reactive arheotrope coincides with 
the pure B-vertex and at this point the PSPS is tangential to the chemical equilib¬ 
rium surface. 

Generalization 

For a more generalized analysis of the qualitative influence of membranes on the 
singular points, the reactive membrane separation process is now considered with a 
nondiagonal [/c]-matrix. The condition for a kinetic arheotropes is given by 

v _ v . (~ X B- X A ) (-Wfl-W A ) 


It is easy to show that Eq. (103) can be cast into the following quadratic form: 

(x) T [a](x) + (b) T (x) + c = 0 (104) 



4.4 Kinetic Arheotropes in Reactive Membrane Separation 


139 



Fig. 4.31. Potential singular point surfaces and stable node 
bifurcation behavior of reactive membrane separation at different 
mass transfer conditions; 8 + C <=> A] K et) = 5; o.ba = 5.0, acA = 3.0. 


with 


Cl 2 



2 


#2 

2 

Cl 


(bf =(a 4 ,a 5 ) 


c = a 


6 


where 

«!=-!- ic BA + ic AB a BA + K BB a BA 


a 2 — K BA + K CA K AB a BA K CB a BA + K AC a CA + K BC a CA 


(105a) 

(105b) 

(105c) 

(106a) 

(106b) 


«3 = 1 + «CA “ KaC«CA - K CC a CA 


(106c) 


a 4 —1 + 2 -k ba /c ca K BB a BA + ic CB a BA 


(106d) 
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a 5 = — 1 + k ba — 2 • k ca — K BC a CA + K cc a CA (106e) 

a 6 = — tc BA + k ca (106f ) 

In the composition triangle, Eq. (104) describes a second-order surface the shape 
of which is fixed by the signs of the eigenvalues Ai and A 2 of the symmetric 
matrix [A]. The following cases can be distinguished: 

A X A 2 <0 => hyperbolic system 

A 3 A 2 >0 => elliptic system (107) 

A x = 0 or A 2 = 0 => parabolic system 

For the special case with a diagonal [#c], Eqs. (116a-f) can be reduced to 


fl x — 1 + a ' BB a BA , a 2 — 0 


(108a,b) 

a 3 = 1 — tc cc a CA , a 4 = —flj 


(108c,d) 

$5 — -a 3 , ci ^ — 0 


(l08e,f) 

In this case, the shape of the PSPS can 

be classified as follows: 


( — 1 + K BB a BA ) (l — K CC a CA ) < 0 

=> hyperbolic system 


(-1 + K BB a BA )(l - K cc a CA ) > 0 

=> elliptic system 

(109) 


(-1 + K BB a BA ) = 0 or (l —/c cc a CA ) = 0 => parabolic system 

For the case of a scalar [/c], the reader is referred to Section 4.2.3.1 (Eqs. (16) and 

(17)). 

Influence of membranes on singular points 

A ternary system with a hyperbola-type PSPS is used to investigate the influence of 
membrane permeation (Fig. 4.32). The applied parameters (coa and Kij) and the corre¬ 
sponding eigenvalues of the matrix [A] are summarized in Tab. 4.3. For comparison, 
again the PSPS for the reactive distillation process is given in Fig. 4.32(a). The effect 
of a selective membrane with a diagonal [/c]-matrix is illustrated in Fig. 4.32(b, d). 

The PSPS changes into a ellipse if an incorrect membrane, which preferentially 
retains the byproduct C, is applied (Fig. 4.32(c)). In this case, the pure C vertex is the 
only stable node of the system, which means that the only feasible product is the 
pure byproduct C at reactive and also at nonreactive conditions. 
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The effect of a nondiagonal [/cj-matrix is illustrated in Fig. 4.32(d). Off-diagonal 
elements might appear if molecular interactions between the permeating species are 
involved. As an example, here the interaction of A and C is embodied into the 
[/c]-matrix by assuming kac = 0.5 and kca = 0.5. All other parameters are the same as 
in Fig. 4.32(b). As can be seen, the horizontal hyperbola is slightly rotated and 
deformed. As a result, a binary mixture on the A-B-edge, instead of pure A, is the 
stable node at nonreactive conditions. Moreover, pure B is achievable at Da —> °°, 
which cannot be attained in the absence of A-C-interactions at the given parameter 
settings (cf. Fig. 4.32(b)). 




x B 


x B 




Fig. 4.32. Potential singular point surfaces and stable node 
bifurcation behavior for an intrinsically hyperbolic system; 

B + C A, K eq = 5 (for parameters, see Tab. 4.3). 
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Table 4.3. Parameters used tor the potential singular point 
surfaces presented in Fig. 4.32. 


F'g- 


32a 


Parameters 


Volatilities 

CtBA= 3.0 
acA= 2.0 


M_ 

Scalar 

1 0 o' 
oto 
o o 1 


32b <2ba= 3.0 

acA= 2.0 


Diagonal 

l o o' 

0 10 
0 0 5 


32c <2ba= 3.0 

acA= 2.0 


Diagonal 

'10 o' 
o 1 o 
o o 0.2 


32d <2ba= 3.0 

acA= 2.0 


Non¬ 
diagonal 
' l 0 0.5' 

o 1 o 

0.5 o 5 


Eigenvalues 

of [A] PSPS 

Ai 2.2 

2 -1 Vertical 

hyperbola 


2 -9 Horizontal 

hyperbola 


Physical meaning 


Intrinsic hyperbolic 
system, 

(membrane without any 
separation effect, 
corresponds to reactive 
distillation) 

Selective membrane which 
preferentially transfers C 


2 0.6 Ellipse 


2.05 -9.55 Rotated 

and 

deformed 

hyperbola 


(incorrect) Membrane 
creates a stable node at the 
undesired byproduct C, 
membrane causes change 
to elliptic system 
Interaction of A and C in 
selective membrane 
creates non-reactive binary 
arheotrope at A-B edge 


4.4.3.3 THF-System 

Figure 4.33 illustrates the PSPS and bifurcation behavior of a simple batch reactive 
distillation process. Qualitatively, the surface of potential singular points is shaped 
in the form of a hyperbola due to the boiling sequence of the involved components. 
Along the left-hand part of the PSPS, the stable node branch and the saddle point 
branch 1 coming from the water vertex, meet each other at the kinetic tangent pinch 
point x = (0.0246, 0.7462) at the critical Damkohler number Da = 0.414. The right- 
hand part of the PSPS is the saddle point branch 2, which runs from pure THF to 
the binary azeotrope between THF and water. 

Figure 4.34 shows the PSPS for the reactive membrane separation process with 
application of a Knudsen-membrane. In comparison with reactive distillation, the 
membrane turns the vertical hyperbola into a horizontal hyperbola. In particular, the 
membrane shifts the stable node branch towards the THF-vertex such that THF-rich 
products can be attained in the considered Knudsen-membrane reactor. 

Because the boiling temperature of 1,4-BD is much higher than of the two reac¬ 
tion products and the reaction is irreversible, the bifurcation behavior is only 
affected by the mass transfer coefficient ratio Kwater/KTHF, if kbd is not extremely high 
or low. There exists a critical value of Kwater/KTHF = 2.1, above which the stable node 
branch approaches the THF-vertex. 
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Fig. 4.33. Potential singular point surface and bifurcation 
behavior for reactive distillation; 1,4-BD —> THF + Water; 
p = 5 atm. 



Fig. 4.34. Potential singular point surface and bifurcation 
behavior of reactive membrane separation using a Knudsen- 
membrane; 1,4-BD —» THF + Water; p = 5 atm. 
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4.4.4 

Remarks on Kinetic Arheotropes 

As demonstrated by means of residue curve analysis, selective mass transfer through 
a membrane has a significant effect on the location of the singular points of a batch 
reactive separation process. The singular points are shifted, and thereby the topology 
of the residue curve maps can change dramatically. Depending on the structure of the 
matrix of effective membrane mass transfer coefficients, the attainable product com¬ 
positions are shifted to a desired or to an undesired direction. 

A singular point of reactive membrane separation should be denoted as kinetic 
arheotrope because it is a process phenomenon rather than a thermodynamic phe¬ 
nomenon. The condition for arheotropy can be elegantly expressed in terms of new 
transformed variables, which are a generalized formulation of the transformed com¬ 
position variables first introduced to analyze reactive azeotropes. 

4.5 

Summary and Conclusions 

The determination of feasible products is very important for conceptual process 
design and for the evaluation of competing process variants. In this chapter, meth¬ 
ods have been discussed to identify feasible products as singular points of residue 
curve maps (RCM). RCM-analysis is a tool which is well established for nonreactive 
and reactive distillation processes. Here, it is shown how RCM can also be used for 
reactive membrane separation processes. 

While in the past the focus has been on phase equilibrium-controlled processes, 
today there is an increasing interest in predicting the effects of interfacial mass 
transfer resistances on the productivity and selectivity of integrated chemical pro¬ 
cesses. As has been shown in recent research investigations, mass transfer-con- 
trolled processes can be treated in a similar manner as thermodynamically 
controlled processes. In both categories, all possible products are located on poten¬ 
tial singular point curves (PSPS), the location of which in the phase diagram 
depends on the vapor-liquid equilibria (VLE), the reaction stoichiometry, and the 
mass transfer kinetics of the considered process. Once the PSPS is fixed, feasible 
products can be found as stable intersection points of the PSPS with a kinetic curve, 
the location of which is governed by chemical reaction kinetics. The intensity of the 
chemical reaction is expressed in terms of the Damkohler number, Da. As special 
limiting cases, Da = 0 corresponds to a nonreactive operation, while Da= °o corre¬ 
sponds to a chemical equilibrium-controlled operation. 

In order to denote singular points, a clear terminology is needed. The well-known 
term a-zeo-trope should only be used for phase equilibrium-controlled singular 
points, whilst the newer term, a-rheo-trope, is proposed for mass transfer-controlled 
processes. Translated, the latter term means that “the composition is not changing with 
flux”. The different types of azeotropes and arheotropes, together with the names of 
those investigators who were the first to deal with these singular points, are summa¬ 
rized in Tab. 4.4. 
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Table 4.4. Classitication of singular points in reactive distillation and 
reactive membrane separation processes. 


Separation 

Reaction 


No reaction: 
Da = 0 


Phase equilibrium-controlled 
separation: Distillation 


10 0 
0 1 0 
0 0 1 


Mass transfer-controlled 
separation: Membrane 
Permeation 


^'ab 

k ac 

^'bb 

k bc 

^CB 

K cc 


Azeotrope 

First introduced by Wade and 
Merriman [36] 


Arheotrope 

First introduced as “Pseudo¬ 
azeotrope” by Schliinder [19] 


Kinetically controlled 
reaction: 

Da E (0, oo) 


Kinetic azeotrope 

First studied by 
Venimadhavan et al. [4] 


Kinetic arheotrope 

Huang et al. [20] 


Chemical equilibrium- Reactive azeotrope 

controlled reaction: First introduced by Barbosa 

Da —> oo and Doherty [15] 


Reactive arheotrope 

Huang et al. [20] 


Symbols and Abbreviations 

At liquid phase activity of component i 

Aph interfacial area, m 2 

Da, D Damkohler number, D = Da/(1+Da) 

F molar flow rate, mol s -1 

G flow rate per unit interface area, m s- 1 

H molar liquid hold-up in vessel, mol 

H C at molar catalyst hold-up in vessel, mol (cat) 

IPO Ac isopropylacetate 

kf forward reaction rate constant, s _1 

k mass transfer coefficient, m s _1 

[k] matrix of binary effective mass transfer coefficients 

kij effective binary mass transfer coefficient of pair i-j, m s- 1 

Ks,i sorption constant of component i at solid catalyst 

Keq chemical equilibrium constant 

Ki phase equilibrium constant of component i 

L, V liquid flow rate, vapor flow rate, mol s -1 

Mi molecular weight of component i, kg mol -1 

m mass flux of component i, mol s- 1 

NC total number of components 

NR number of chemical reactions 
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NT 

number of stages 

NTU 

number of gas phase transfer units 

P 

total pressure. Pa 

PSPS 

potential singular point surface 

r 

rate of reaction, mol mol(caf)- 1 ■ s _1 

R 

reflux ratio 

RA 

reactive azeotrope 

RCM 

residue curve map 

s 

reboil ratio 

S 

effective permeation area, m 2 

Si 

mass transfer selectivity of component i 

u 

velocity, Eq. (60) 

V 

volumetric flow rate, m 3 s- 1 

X 

vector of liquid phase mole fractions 

Xi 

liquid phase mole fraction of component i 

Xi 

transformed liquid phase mole fraction of component i 

Yi 

vapor phase mole fraction of component i 

Yi 

transformed vapor phase mole fraction of component i 

Yi 

sweep gas loading of component i 

□ 

saddle point 

• 

stable node 

o 

unstable node 

Creek letters 

ay 

relative volatility between components i and j 

X 

relative flux, Xi ~ N; /N T 

r 

liquid phase activity coefficient 

d 

diffusivity, m 2 s^ 1 

I 

dimensionless time 

0 

dimensionless reaction term 

*9 

dimensionless binary mass transfer coefficient between components i and j 

X 

eigenvalue of matrix [A] 

Vi 

stoichiometric coefficient of component i 

71 

pole of stoichiometric lines 

Xi 

relative mass flux of component i 

p 

density, kmol m- 3 

Superscripts and subscripts 

7" 

extract phase/raffinate phase 

0 

initial state 

B, D, F 

at bottom, distillate, feed of column 

c, r 

reactive condenser, reactive reboiler 



References 


eq 

chemical equilibrium 

gas, liq 

gas phase, liquid phase 

k 

reference component 

P 

permeation side 

Ph 

interphase 

Phase 

active liquid phase 

Ref 

at reference temperature 

T 

total 

THF 

tetrahydrofuran 
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5 

Equilibrium Theory and Nonlinear Waves for 
Reaction Separation Processes 

Achim Kienle and Stefan Cruner 

5.1 

Introduction 

In this chapter, unifying concepts for analyzing and understanding the dynamics of 
integrated reaction separation processes with rapid chemical reactions are intro¬ 
duced. The text is based on some recent studies [11-13], and extends the concepts 
introduced earlier for reactive distillation processes [23] to other integrated reaction 
separation processes. The class of processes to be considered is rather broad. It 
includes reaction processes where simultaneous separation is used to enhance a 
reaction, for example, by shifting inherent equilibrium limitations. Various process 
examples of this kind are provided in this book. The chapter also includes separation 
processes with potentially reactive mixtures. In this case, a chemical reaction can be 
either an unwanted side effect or it can be used directly to achieve a certain separa¬ 
tion, which is not possible under nonreactive conditions (see e.g. Ref. [10]). The 
latter represents a reaction-enhanced separation. 

In all cases the dynamics is governed by propagating concentration fronts and 
pulses, so-called nonlinear waves. It has been shown that equilibrium theory [33, 34] 
provides a general framework for predicting the various wave patterns of reaction 
separation processes. Nonreactive separation processes are also included as a limit¬ 
ing case. The procedures are based on simple graphical methods and thereby pro¬ 
vide an easy understanding of the process dynamics. This knowledge can be used 
for improving process operation and process control in various ways. 

The outline of this chapter is as follows: First, some basic wave phenomena for 
separation, as well as integrated reaction separation processes, are illustrated. After¬ 
wards, a simple mathematical model is introduced, which applies to a large class of 
separation as well as integrated reaction separation processes. In the limit of reac¬ 
tion equilibrium the model represents a system of quasilinear first-order partial dif¬ 
ferential equations. For the prediction of wave solutions of such systems an almost 
complete theory exists [33, 34, 38], which is summarized in a second step. Subse¬ 
quently, application of this theory to different integrated reaction separation pro¬ 
cesses is illustrated. The emphasis is placed on reactive distillation and reactive 
chromatography, but applications to other reaction separation processes are also 

Integrated Chemical Processes. Edited by K. Sundmacher, A. Kienle and A. Seidel-Morgenstern 
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briefly discussed. It is shown that different processes share many common features 
on the conceptual level. Finally, the usefulness of theoretical insights for improved 
process operation and improved process control is demonstrated. In particular, a 
new advanced operational strategy for simulated moving-bed chromatographic pro¬ 
cesses is discussed, and some advanced strategies for model-based measurement 
and model-based control. The latter are based on low-order dynamic models which 
can be obtained directly from the wave analysis. 

5.2 

Theoretical Background 

5.2.1 

Wave Phenomena 

The dynamic behavior of many separation, as well as integrated reaction separation 
processes, is governed by traveling concentration fronts and pulses. To illustrate the 
basic phenomena let us first focus on a simple nonreactive fixed-bed chromato¬ 
graphic process as illustrated in Fig. 5.1. The process is isothermal - that is, the tem¬ 
perature is constant along the column; heat effects are neglected. The adsorption 
follows the competitive Langmuir isotherm. For such a system the transient profiles 
during the loading of an initially clean bed as illustrated in Fig. 5.1(a) consists of N s 
constant pattern waves, which travel with constant velocity and shape in the direc¬ 
tion of the fluid flow towards the outlet of the column. Therein, N s is the number of 
solutes which adsorb on the solid phase. In the present case the mixture contains 
two solutes. Corresponding concentration fronts of different components will travel 
jointly, such as front si in Fig. 5.1(a). Further, it can be shown that different concen¬ 
tration fronts will - except in singular cases - always travel with different propaga¬ 
tion velocities, such as fronts si and S 2 in Fig. 5.1(a). In particular, the velocities of 
different wave fronts will increase in the direction of the fluid flow (i.e., 
w(s 2 ) > w(si)), so that the fronts will not overtake each other. 

A different type of behavior is observed during the regeneration of a totally loaded 
bed with pure solvent, as illustrated in Fig. 5.1(b). This asymmetry in the dynamics 
is due to the nonlinearity of the system and will not arise in linear systems. During 
regeneration the wave pattern consists of N s dispersive waves, which spread as they 
travel downstream in the direction of the fluid flow. The spreading is due to the fact 
that each concentration within a certain wave front travels with different velocity. In 
particular, the traveling velocity is monotonically increasing with increasing concen¬ 
tration. This is in contrast to the previous case, where all concentration values within 
a certain front travel with the same velocity. Nevertheless, as in the previous case, 
different waves will always have different velocities, which will increase in the direc¬ 
tion of the fluid flow - that is, the foremost concentration of front r\ can not overtake 
the last concentration of front n. In contrast to this, corresponding concentrations of 
different components at any given value of z will travel with the same velocity. 

The third scenario in Fig. 5.1(c) shows the evolution of a feed pulse in a totally 
regenerated bed. This can be viewed as a combination of a stepwise increase and a 
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Fig. 5.1. Dynamic behavior in two-solute chromatography 
(a) Loading of an initially unloaded bed, (b) purging of an initially 
loaded bed with pure solvent; (c) column response to a feed pulse. 

The solid lines represent the solute with the higher affinity to the 
solid phase. 

stepwise decrease of the feed concentration and therefore represents the combination 
of the two scenarios illustrated in Fig. 5.1(a) and (b). Consequently, the pulse will be 
resolved into two constant pattern waves si, S 2 in the front, and two spreading waves 
ri, r 2 in the rear. According to the general rules of elementary wave interactions [34], 
the fast spreading wave n will overtake the slow constant pattern wave si, and two 
separate pulses of the two components are formed. The pulse of the component with 
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the higher affinity to the solid phase is always behind. For a detailed discussion of the 
wave dynamics of nonreactive chromatographic processes the reader is referred to 
Refs. [16, 33, 34], 

The same principles apply to moving-bed chromatographic processes [34]. Impor¬ 
tant differences between fixed-bed and moving-bed chromatographic processes are 
the following: 

• In fixed-bed chromatographic processes only a trivial steady state is possible, i.e. 
the bed is totally loaded or is totally regenerated. Hence, fixed-bed chromato¬ 
graphic processes are usually operated dynamically. In contrast to this, in mov¬ 
ing-bed chromatographic processes nontrivial steady states are possible, which 
is therefore the preferred mode of operation. 

• In fixed-bed chromatographic processes waves can only travel in the direction of 
the fluid flow, whereas in moving-bed chromatographic processes they may 
travel either in the direction of the fluid phase or in the direction of the solid 
phase. 

This can be rationalized in the following way. In a moving-bed chromatographic 
process the solid phase moves in the opposite direction to the fluid phase. Hence, 
the wave velocity in a moving-bed process is the difference between the wave velocity 
in a corresponding fixed-bed process and the velocity of the solid flow. Depending on 
the velocity of the solid flow and the wave velocities, the fronts will either move in 
the direction of the solid phase or in the direction of the fluid phase toward the inlet 
of the solid or the fluid phase where they are stopped by the repelling influence of 
the system boundaries and a steady state is established. If the absolute values of the 
wave and the solid velocity are equal, a balanced wave is obtained. Because the wave 
velocities of different wave fronts are different at steady state, at most one concentra¬ 
tion front can stand at the middle of the column section whereas the others are at 
the system boundaries, where they can overlap. 

The same principles apply to distillation processes as illustrated in in Fig. 5.2, and 
to other countercurrent separation processes [18, 20, 30, 40]. 

In continuous distillation, as in moving-bed chromatography, steady state is the 
preferred mode of operation. The steady-state concentration profiles consist of N c - 1 
concentration fronts in each column section, where N c is the number of compo¬ 
nents. At steady state, at most one of these concentration fronts is balanced in the 
middle of each column section. The other fronts are located at the system bound¬ 
aries where they can overlap. After some disturbance, depending on its magnitude 
and sign, some of the fronts will start moving until they are stopped by the repelling 
influence of the system boundaries and a new steady state is established. This is 
illustrated in Fig. 5.2 for a pure rectifying column, which serves for the separation of 
the light boiling component methanol from a mixture of methanol, ethanol, and 1- 
propanol. For moderately nonideal mixtures all wave fronts in a distillation column 
will be of the constant pattern wave type, as illustrated in Fig. 5.2. For highly non¬ 
ideal mixtures additional wave fronts and/or combined wave fronts are possible [20]. 
The latter consist of spreading parts and constant pattern parts. In contrast to the 
chromatographic processes considered above the temperature along a distillation 
column is no longer constant, even if heat effects are negligible. Because the temp- 
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Fig. 5.2. Dynamic transient behavior of a rectifying column for 
the separation of methanol from a mixture of methanol, ethanol, 
and 1 -propanol after a stepwise increase in reflux at the top of the 
column. 

erature in a distillation is essentially the boiling point temperature of the mixture, it 
will also change with concentration. Hence, wave propagation of concentration 
fronts is also reflected in the propagation of corresponding temperature fronts. 
Since online temperature measurement is usually much cheaper, quicker and reli¬ 
able than online concentration measurement, it provides a good way of monitoring 
and controlling the front dynamics in distillation columns. A detailed analysis of 
traveling wave fronts in distillation was given in Refs. [17, 20, 21, 29, 30]. 

Similar patterns of behavior can be observed in reactive distillation columns or 
other integrated reaction separation processes with fast reversible reactions [11, 23] 
as illustrated in Fig. 5.3 for a pure rectifying column with a ternary mixture and a 
reaction of type 2 B ^ A + C taking place in the liquid phase. However, due to the 
reaction equilibrium the profiles consist of a single concentration front, which is 
clearly different from the nonreactive problem illustrated in Fig. 5.2. 

In the remainder of the chapter, wave dynamics in integrated reaction separation 
processes will be studied in more detail. The analysis is based on a simple mathe¬ 
matical model, which will be discussed in the following section. 

5.2.2 

Mathematical Model 

The following is based on a simple model system, as illustrated in Fig. 5.4. The sys¬ 
tem consists of two homogeneous phases which exchange mass across a phase 
boundary and have convective transport in countercurrent direction. In addition, 
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reaction: 
2B^ A+C 


B 



Fig. 5.3. Dynamic transient behavior of a rectifying column 
with a fast chemical reaction of type 26 ^ A + C after a decrease 
in reflux at the top. 


chemical reactions may take place. This system represents an elementary building 
block of almost any integrated reaction separation process. Fixed-bed processes are 
also included for vanishing convective velocity of the corresponding phase. In the 
remainder, emphasis is placed especially on distillation and chromatographic pro¬ 
cesses with chemical reaction. In distillation, phase (') corresponds to the liquid, and 
phase (") to the vapor phase. For chromatographic processes, phase (') is the fluid 
and phase (") the solid phase. 

Assuming 

• negligible energy effects; 

• negligible axial dispersion; 

• constant hold-ups and flow rates, and 

• constant pressure, 

the model equations follow from the material balances. If for example chemical 
reactions take place in phase (') the model equations have the following form: 


dx dx 

dt dz 



accumulation convection 


= -j(x.y) + rr(x), 

reaction 

= H X > y). 


transfer 


x(z = 1) = x ; „ 

y(z = o) = y in 


(i) 


x, y, j G R N , i G R Nr . 

An analogous treatment is possible if chemical reactions take place in phase ("), or 
even in both phases by adding suitable reaction terms in the corresponding model 
equations. 
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1 


Fig. 5.4. A single section of an integrated 
reaction separation process. 


In this formulation, N is the number of independent components, N r the number 
of independent reactions, z and t are dimensionless space and time according to 


z 




( 2 ) 


x and y are some suitable concentration measures. In (reactive) distillation, for 
example, mole fractions are used. Then j and r are dimensionless transfer and reac¬ 
tion rates, a is the ratio of the molar hold-ups in both phases and /? is the ratio of the 
molar flow rates in both phases. Due to the summation condition for mole fractions 
only N c -1 components are independent, i.e., N = N c - 1. 

In contrast to this, in (reactive) chromatography usually mass or molar concentra¬ 
tions are used. Then, j and r are the corresponding rates of change of these quanti¬ 
ties, and a and /? are the ratios of the volumetric hold-ups and the volumetric flow 
rates in both phases. N is equal to N s , the number of solutes. For the details, we refer 
to Ref. [11]. 

Assuming thermodynamic equilibrium between phase (') and ("), the two-phase 
model in Eq. (1) can be further simplified. The resulting pseudohomogeneous 
model is obtained from the sum of the balances of both phases according to 
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Therein, y(x) represents the equilibrium relation for the composition of phase ("), 
which is in general a function of the composition of phase ('). 

In the nonreactive case, r is equal to zero and Eq. (3) reduces to a homogeneous 
system of first-order quasilinear partial differential equations 

~ ( a y( x ) + x) + ~(/Jy(x) — x) = 0. (4) 

at dz 

For this type of equation an almost complete mathematical theory exists which is 
based on the method of characteristics [33, 34, 38]. This theory has been applied to 
distillation processes [17, 20, 29] and to chromatographic processes [33, 34] among 
others. An alternative approach based on physical insight has also been proposed 
[16]. The main results will be summarized in the next section. 

In the reactive case, r is not equal to zero. Then, Eq. (3) represents a nonhmoge- 
neous system of first-order quasilinear partial differential equations and the theory 
is becoming more involved. However, the chemical reactions are often rather fast, so 
that chemical equilibrium in addition to phase equilibrium can be assumed. The 
chemical equilibrium conditions represent N r algebraic constraints which reduce 
the dynamic degrees of freedom of the system in Eq. (3) to N - N r . In the limit of 
reaction equilibrium the kinetic rate expressions for the reaction rates become inde¬ 
terminate and must be eliminated from the balance equations (Eq. (3)). Since the 
model Eqs. (3) are linear in the reaction rates, this is always possible. Following the 
ideas in Ref. [41], this is achieved by choosing the first N r equations of Eq. (3) as ref¬ 
erence. The reference equations are solved for the unknown reaction rates and after¬ 
wards substituted into the remaining N -N r equations. 

The procedure leads to the following reduced set of equations 

^(aY + X) + ^-03Y-X) = O (5) 

at dz 

with transformed concentration variables according to 

X = x"-v II (v I )~V, Y = y 11 — v w (v I ) -1 y I , (6) 

X,Y, x 11 , y 11 E R N ~ Nr , x 1 , y 1 E R Nr . 

Therein, x', y 1 represent the concentrations corresponding to the N r reference equa¬ 
tions and x 11 , y 11 the concentrations corresponding to the remaining N - N r equa¬ 
tions. Accordingly, the matrix of stoichiometric coefficients is split into two parts v 1 , 
v 11 . For the details, the reader is referred to Ref. [13]. 

Transformed concentration variables were first introduced by Doherty and 
co-workers [2, 41] for the steady-state design of reactive distillation processes. In the 
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more general framework considered here, it is readily seen that they also apply to the 
corresponding dynamic problem and to other integrated reaction separation 
processes such as chromatographic reactors 

From this, the following important conclusions can be drawn: 

• Using the transformed variables the reactive problem (Eq. (5)) is completely 
equivalent to a nonreactive problem (Eq. (4)) of reduced dimension. Hence, in 
the limit of chemical equilibrium the dynamic behavior of reaction separation 
processes is equivalent to the dynamic behavior of nonreactive processes. 

• All methods available for the nonreactive problem (Eq. (4)) can also be applied 
to the reactive problem in transformed concentration variables (Eq. (5)). 

• On the conceptual level considered here, different processes have similar prop¬ 
erties. Methods developed for a specific class of integrated reaction separation 
processes can also be applied to other processes within the framework outlined 
above. 

Finally, it should be noted that the above treatment is only valid for constant flow 
rates. For processes without solvent (e.g., reactive distillation processes), this 
assumption is only valid for equimolar reactions. For equimolar reactions the defini¬ 
tion of transformed concentration variables introduced by Ung and Doherty [41] 
reduces to the definition in Eq. (6). For processes with solvent, (e.g., reactive chro¬ 
matographic processes), the assumption of constant flow rates is also valid in good 
approximation, if the concentration of the solvent is high compared to the other 
reacting species. This is also true if one of the reactants is used simultaneously as a 
solvent, as in many applications of reactive chromatography (see e.g. Refs. [1, 28]). 

In contrast to the steady-state case treated by Ung and Doherty [41], additional 
dynamic phenomena may arise for variable flow rates, as will be discussed in the con¬ 
clusion section. 

5 . 2.3 

Prediction of Wave Patterns 

The wave and pulse patterns of nonreactive separation processes, as well as the inte¬ 
grated reaction separation processes illustrated above, can be easily predicted with 
some simple graphical procedures derived from Eqs. (4) and (5). The behavior 
crucially depends on the equilibrium function y(x) in the nonreactive case, and on 
the transformed equilibrium function Y(X) in the reactive case. In addition to phase 
equilibrium, the latter also includes chemical equilibrium. An explicit calculation of 
the transformed equilibrium function and its derivatives is only possible in special 
cases. However, in Ref. [13] a numerical calculation procedure is given, which 
applies to any number of components, any number of reactions, and any type of 
phase and reaction equilibrium. 

In the scalar case (i.e., N = 1), wave solutions are easily constructed with the equi¬ 
librium diagram y(x) or Y(X). According to the above considerations, typical scalar 
problems are: a binary nonreactive distillation process, a ternary reactive distillation 
process with a single chemical reaction, a reactive distillation process with N c com¬ 
ponents and N c - 2 chemical reactions, or a chromatographic reactor with N s solutes 
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and N s - 1 chemical reactions. In nonreactive distillation, the equilibrium diagram 
y(x) represents the well-known McCabe Thiele diagram, whilst in nonreactive chro¬ 
matography, y(x) represents the image of the adsorption isotherm. In the reactive 
case, similar diagrams can be drawn for the transformed equilibrium function Y(X). 
Examples are provided in the next section. 

In this diagram, constant boundary conditions are represented by two points. In 
Fig. 5.5., the boundary conditions are indicated by bullets. They must lie on the equi¬ 
librium line, since simultaneous phase and reaction equilibrium is assumed. Any 
wave solution is represented by a time invariant line connecting both boundary 
points. The image of a constant pattern wave is a straight line, whereas the image 
of a spreading wave is represented by the corresponding line segment of the equilib¬ 
rium line. (It should be noted that constant pattern wave solutions of the continu¬ 
ously distributed equilibrium models in Eqs. (4) and (5) are discontinuities or 
so-called “shock waves”. Any mass transfer resistance, axial dispersion or discretiza¬ 
tion of the underlying PDEs will results in constant pattern waves with-finite slope.) 
The wave type is easily determined with the following right-hand-rule. (If y, x are 
mole or mass fractions required then they are the mole or mass fraction of the com¬ 
ponent with the higher affinity to phase (").) The wave is a constant pattern wave if 
the equilibrium curve lies on the right as we proceed along the straight line connect¬ 
ing the two boundary points in the direction of phase (') (see Fig. 5.5(a)). Since in 
nonreactive distillation the concentration of the light-boiling component always 
decreases in the direction of the liquid phase, all waves are constant pattern waves 
for moderately nonideal mixtures, with an equilibrium diagram as in Fig. 5.5(a). 
Otherwise, they are spreading waves as illustrated in Fig. 5.5(b). Examples of spread¬ 
ing waves are desorption fronts in chromatographic processes, as illustrated above. 
For a constant pattern wave, each concentration moves with the same velocity, which 
depends only on the quotient of the concentration differences across the wave 
according to 


BA —l 

w = -, 

aA + 1 


with 



( 7 ) 


For a spreading wave, each concentration moves with a different velocity, which now 
depends on the slope of the equilibrium curve: 

w ^ = ^TTt’ with /l = -T"( x )' ( 8 ) 

a /l + l ax 

For nonconvex equilibrium functions, combined wave solutions are possible which 
consist in parts of spreading waves and in others of constant pattern waves. In the 
equilibrium diagram combined wave solutions represent the convex hull of the equi¬ 
librium line, as illustrated in Fig. 5.5(c). 

For fixed-bed processes, the boundary conditions are given by the feed con¬ 
centration and the initial loading of the bed. For countercurrent processes with two 
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(a) (b) (C) 



Fig. 5.5. Construction of wave solutions in the scalar case. 

(a) Constant pattern wave; (b) spreading wave; (c) combined 
wave solution. 

independent feeds, the boundary conditions are given by the respective feed concen¬ 
trations. In distillation, the boundary conditions are not independent. In a rectifying 
column a condenser at the top relates the input concentration of the liquid with the 
output concentration of the vapor. In a stripping column, a reboiler, relates the input 
concentration of the vapor with the output concentration of the liquid. Limiting con¬ 
centrations at the top of a rectifying column are given by the unstable node of the 
corresponding distillation region - that is, the lightest boiling component or the 
lightest boiling azeotrope. At the bottom of a stripping column limiting concentra¬ 
tions are given by the stable node of the corresponding distillation region - that is, 
the heaviest boiling component or the heaviest boiling azeotrope. 

In the multidimensional case (i.e. N> 1), wave solutions are constructed in the 
phase space of the concentrations x;, also called the hodograph space. For simplicity, 
the procedure will be demonstrated for a two-dimensional problem (i.e. N = 2). 
However, the same concepts apply to higher dimensional problems [16, 34, 38]. 

Let us first focus on a nonreactive system with constant separation factors. Typical 
examples are distillation processes with constant relative volatilities or adsorption 
processes described by competitive Langmuir isotherms. For nonreactive systems 
with constant separation factors, the constant pattern waves and spreading waves are 












160 | 5 Equilibrium Theory and Nonlinear Waves for Reaction Separation Processes 

straight lines in the hodograph space, as illustrated in Fig. 5.6. They do not depend 
on the operating conditions. They are given by the right eigenvectors of the Jacobian 
matrix of the equilibrium function^. 

1 dx 

Constant boundary conditions represent points in this hodograph space. Any 
wave solution can be constructed from the path grid of the eigenvectors by connect¬ 
ing the boundary points by a suitable sequence of wave solution (i.e., line segments 
in Fig. 5.6). If we follow the direction of phase (') - that is, the direction of the liquid 
phase in a distillation column or the direction of the fluid phase in a chromato¬ 
graphic column the wave velocity must increase from wave to wave. The procedure 
is illustrated in Fig. 5.6 for the scenarios illustrated previously in Fig. 5.1. The paths 
of the slow waves belonging to the smaller eigenvalues are indicated by the dotted 
lines. The boundary condition at the inlet of the fluid phase during the loading in 
Fig. 5.1(a) is indicated by the abbreviation BC, and the initial condition of the bed by 
IC. Boundary and initial conditions are exchanged for the regeneration of the totally 
loaded bed that was illustrated in Fig. 5.1(b). The pulse injection illustrated in 
Fig. 5.1(c) represents a loading step followed by a regeneration step, as outlined 
above. The image of this cycle in the hodograph space is represented by the closed 
loop between BC and IC. As the pulse pattern evolves, it is resolved into two separate 
pulses of the two solutes lying on the straight lines adjacent to the initial condition 
IC in Fig. 5.6. 

Additional complexity will arise for nonreactive systems with more complicated 
sorption isotherms or systems with integrated chemical reactions. For these types of 
mixtures, spreading waves and shock waves are usually curved lines in the 
hodograph space and therefore will not coincide. Spreading waves follow from the 
eigenvectors of the phase equilibrium and do not depend on the operating condi¬ 
tions. In contrast to this, shock waves follow from the global material balances 
across the shock and will therefore depend on the operating conditions. However, as 
proposed in Ref. [16] the shock curves can be approximated by the eigenvectors to 
gain at least a qualitative picture. The reason for this is that the shock wave curves 
and the eigenvectors are always tangential at the starting point. 



Fig. 5.6. Construction of wave solutions in the hodograph 
space corresponding to the scenario in Fig. 5.1. 
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New phenomena compared to nonreactive Langmuir systems are the same as in 
the binary case - that is, the existence of combined waves due to the occurrence of 
inflection points of the equilibrium functions y (x) or Y(X) and limitations on feasible 
product composition due to adsorptivity reversal similar to azeotropic distillation. 
Nonreactive examples for the latter were treated in Refs. [6 - 8], reactive examples 
will be discussed in the next section. 

5.3 

Analysis of Reaction Separation Processes 

In this section the methods developed in the previous section will be applied to ana¬ 
lyze the dynamic behavior of integrated reaction separation processes. Emphasis is 
placed on reactive distillation and reactive chromatography. Finally, possible applica¬ 
tions to other integrated reaction separation processes including membrane reactors 
and sorption-enhanced reaction processes will be briefly discussed. More details 
about reactive distillation processes were provided in Ref. [39]. For chromatographic 
reactors the reader should refer to Chapter 6 of this book, for sorption-enhanced 
reaction processes to Chapter 7, and for membrane reactors to Chapter 12. 

5.3.1 

Reactive Distillation 

Let us first consider a reaction of type 

2A^B + C (9) 

taking place in the liquid phase of a fully reactive distillation column. In the remain¬ 
der component A has index 1', component B has index 2' and component C has 
index 3'. Then chemical equilibrium of the reaction in Eq. (9) is given by 


K = 


( 10 ) 


Further, an ideal vapor liquid equilibrium is assumed with constant relative volatili¬ 
ties according to 


Yi = 


a jXj 

N c —l 

1+ 2 (a k -l)x k 
k =1 


i = 1,... N c — 1. 


(ii) 


According to the previous section, the dynamic degrees of freedom of the system in 
chemical equilibrium is equal to one corresponding to a binary nonreactive system. 
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If reactant A is taken as the reference component, the following definition of the 
transformed concentration variables apply 

X = * 2 + y. Y = f2 + y- (12) 

Hence, pure product C has a value of zero and pure product B a value of one of the 
transformed concentration variable. The equilibrium composition of pure reactant A 
has a value of 0.5. 

The transformed equilibrium function Y(X) which is required for the construc¬ 
tion of wave solutions is obtained by elimination of the original concentration vari¬ 
ables Xi, yi from Eqs. (10) - (12). The properties of the transformed equilibrium 
function of this system have been discussed in detail [4, 5, 11], and a short summary 
will be given. In the remainder of this section Y(X) is illustrated in Fig. 5.7 for three 
different cases. In Fig. 5.7(a), component A is the intermediate-boiling component, 
in Fig. 5.7(b) it is the heavy-boiling component, and in Fig. 5.7(c) it is the light-boil¬ 
ing component. The first case corresponds to a zeotropic binary nonreactive system, 
the second to a binary nonreactive system with an azeotrope with temperature mini¬ 
mum, and the third to a binary nonreactive system with an azeotrope with tempera¬ 
ture maximum. Since an ideal vapor liquid equilibrium was assumed, the azeotropic 
points in Figs. 5.7(b) and (c) are so-called “reactive azeotropes”, where reaction and 
distillation compensate each other [3]. As in a nonreactive column, these azeotropes 
cannot be crossed at steady state in a fully reactive column. It is worth noting that 
the qualitative features do not depend on the specific values of the equilibrium con¬ 
stant K and the relative volatilities a, [4, 5]. 

The corresponding wave patterns of the transformed concentration variable X for 
a reactive distillation column are shown in Fig. 5.8. Here, a single feed with pure 
reactant A is introduced in the middle of the column. As in the nonreactive binary 
case, the composition profiles consist of a single front in each column section, 



Fig. 5.7. Transformed equilibrium function of a reactive 
distillation process with a reaction of type 2 A±=?B + C and 
a mixture with constant relative volatilities (schematic) 

(a) Reactant A has intermediate volatility, (b) reactant A 
has highest volatility, (c) reactant A has lowest volatility. 
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which moves up or down depending on the internal flow rate ratio of the corre¬ 
sponding column section. If reactant A has intermediate volatility (see Fig. 5.8(a)), 
the concentration profiles will tend to pure C at the bottom and pure B at the top. If 
reactant A has the highest volatility (see Fig. 5.8(b)), only pure C can be obtained at 
the bottom and always a mixture of all three components at the top, no matter how 
long the column. The reverse situation is observed if reactant A has the lowest vola¬ 
tility (see Fig. 5.8(c)). Then, only pure B can be obtained at the top of the column, 
whereas a mixture of all three components is always obtained at the bottom of the 
column, irrespective of column length. Total conversion is only possible in the first 
case, where reactant A has intermediate volatility and is therefore trapped in the 
middle of the column. 

The profiles of the mole fractions Xi are easily calculated from the transformed 
concentration variable by solving Eqs. (10) and (12) for given X. Some characteristic 
profiles of the mole fractions corresponding to the rectifying section in Fig. 5.8(a) 
were shown in Fig. 5.3. For the other cases, the reader is referred to Ref. [11] 

In summary, we find that the transformed equilibrium function provides useful 
insight not only into the steady-state behavior but also in to the transient behavior. 

This was illustrated here with a very simple example. However, an application to 
more complicated examples is straightforward, as shown in Ref. [13]. 

5.3.2 

Chromatographic Reactors 


In this section, applications to chromatographic reactors will be discussed. As in the 
previous section, the initial focus is on a reaction of type 2 A^B + C taking place in 



Fig. 5.8. Front patterns in a reactive distillation column 
corresponding to Fig. 5.7 (schematic) (a) Reactant A has 
intermediate volatility, (b) reactant A has highest volatility, 
(c) reactant A has lowest volatility. 
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the liquid or solid phase of the chromatographic reactor. It is shown that, in both 
cases, similar patterns of behavior can be observed as in reactive distillation. In par¬ 
ticular, it is shown that total conversion is limited by reactive azeotropy if the reac¬ 
tant has highest or lowest affinity to the solid phase, no matter how long the column 
is. The results do not depend on the feed concentration. Total conversion is only pos¬ 
sible if the reactant has intermediate affinity to the solid phase. 

Following this, a reaction of type A ^ B + C is considered. Many esterification and 
ester hydrolysis reaction, can be brought to this form. The analysis reveals that, for 
the latter reaction, total conversion is always possible provided that the feed concen¬ 
tration is sufficiently low. In contrast to this, limitations will arise for high feed con¬ 
centrations similar to the previous case - that is, if the reactant has highest or lowest 
affinity to the solid phase. It is worth noting that these results are consistent with 
experimental observations [28]. 

Finally, a multireaction system will also be considered. The example is related to 
the separation of binaphthol enantiomers, and was reported by Morbidelli, Mazzotti 
and co-workers in some detail [1]. Separation of the enantiomers is even possible 
with an achiral stationary phase due to dimerization reactions taking place in the 
fluid phase. 

5.3.2.1 Reactions ofType 2 A ^ B + C 

In analogy to the previous section, let us first consider a reaction of type 


2 A^B + C 


(13) 


taking place in the fluid phase of a chromatographic reactor. As before, component 
A has index 1', component B has index 2', and component C has index 3'. Instead 
of mole fractions xq molar concentrations c; will be used for the description of the 
system. Then, the reaction equilibrium is given in analogy to Eq. (10) by 


K - 


(14) 


Phase equilibrium is described by the multicomponent competitive Langmuir iso¬ 
therm according to 


< 3 ; = 


N s 

1 + 2hck 

k =1 


i = l,. ..Ns. 


(15) 


Since all three components are adsorbed independently on to the solid phase, the 
number of dynamic degrees of freedom in chemical equilibrium is now equal to 
two. This corresponds to a nonreactive, two-solute chromatographic process. If 
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reactant A is taken as the reference component, then the following definition of the 
transformed concentration variables apply 


C i ~ C i + ~2’ 

C 2 = c 3 + —, 

2 3 2 

(16) 

Qi =1 ?2 + y. 

tli 

0,2 =I ?3 + y- 

(17) 


The construction of wave solutions for this two-dimensional system is made most 
conveniently in the hodograph space of the transformed concentration variables Ci, 
Ci, as explained previously. For this purpose the pathgrid of eigenvectors of the Jaco¬ 
bian of the transformed equilibrium function Q(C) must be calculated. The proce¬ 
dure is described in more detail in Refs. [11, 13], and the results are illustrated 
schematically in Fig. 5.9. In analogy to Fig. 5.8, three different cases are considered. 
In the first case in Fig. 5.9(a), reactant A has intermediate affinity to the solid phase, 
whereas in Fig. 5.9(b) it has highest and in Fig. 5.9(c) it has lowest affinity to the 
solid phase. In this representation the x-axis represents pure product B and the 
y-axis pure product C. Equilibrium concentrations corresponding to pure reactant A 
lie on the bisection line. As in the previous section on reactive distillation, limita¬ 
tions on feasible products occur if reactant A has highest or lowest affinity to the 
solid phase. These limitations are represented by a line of reactive azeotropy, which 
is the boundary of the shaded regions in Fig. 5.9. If A has highest affinity to the solid 
phase, the line of reactive azeotropy is always below the feed line, as in Fig. 5.9(b). 
However, it is always above the feed line if reactant A has the lowest affinity to the 
solid phase. 


a) b) c) 



Fig. 5.9. Pathgrid of the eigenvectors of the transformed 
equilibrium function of a reactive chromatographic process with 
a reaction of type 2 A^B + C in the liquid phase and a mixture with 
competitive multicomponent Langmuir isotherms (schematic) 

(a) Reactant A has intermediate affinity to the solid phase, 

(b) reactant A has highest affinity to the solid phase, (c) reactant 
A has lowest affinity to the solid phase. 
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Again, these structural results do not depend on specific values of the equilibrium 
constant K and the parameters of the Langmuir isotherm at, h, as was shown in the 
appendix of Ref. [11]. Further, it was shown that the same patterns of behavior will 
arise if the chemical reaction is taking place in the solid phase instead of the fluid 
phase. The latter is of particular interest in applications where the adsorbent acts 
simultaneously as a catalyst. Practical examples will be discussed in the next section; 
the interested reader is also referred to Chapter 6 of this book. In this context it is 
worth noting that the structural properties in Fig. 5.9 depend crucially on the stoichi¬ 
ometry of the system, which will be also discussed in the next section. 

According to Fig. 5.9, the following patterns of behavior can be predicted for a 
fixed-bed chromatographic reactor with a pulse injection of pure reactant A. As in 
nonreactive two-solute chromatography, the final pulse pattern will consist of two 
pulses. In the first case, where reactant A has intermediate affinity to the solid 
phase, two separate pulses of product B and C will be obtained provided that the col¬ 
umn is long enough to allow total separation of the pulses. Only in this case is total 
conversion of reactant A possible. In contrast to this, in Fig. 5.9(b), where reactant A 
has highest affinity to the solid phase, only pure product C can be obtained whereas 
the other pulse lies on the line of reactive azeotropy which is the upper boundary of 
the shaded region in Fig. 5.9(b) Consequently, the other pulse will always contain a 
mixture of all three components, no matter how long the column. Since A has high¬ 
est affinity to the solid phase the latter pulse will always be behind the first one. The 
reverse situation can be observed in Fig. 5.9(c) Here, only pure product B can be 
obtained, whereas the other pulse will always contain a mixture of all three compo¬ 
nents. As A has lowest affinity to the solid phase in Fig. 5.9(c), the latter pulse will 
always be in front of the pulse of pure B. The corresponding pulse patterns are illus¬ 
trated in Fig. 5.10. 

Similar limitations can be observed during the steady-state operation of a moving- 
bed chromatographic reactor, or during cyclic operation of a simulated moving-bed 
reactor [11]. 

5.3.2.2 Reactions of type A B + C 

Many practical applications deal with a reaction of type A B + C rather than 
2A B + C. Typical examples, which can be brought to this form are esterification 
[25, 26] and ester hydrolysis reactions [9, 28]. In general the reaction mechanism is 

alcohol + acid ^ water + ester. (18) 

In the forward direction the ester is formed, and in the reverse direction it is hydro¬ 
lyzed. For esterification, the alcohol can be used as a solvent as described for methyl 
acetate synthesis [26]. For ester hydrolysis, water can be used as a solvent, 
as described for hydrolysis of methyl formate, ethyl formate, methyl acetate and 
ethyl acetate [28]. Usually, the solvent is taken in large excess and it can be assumed 
in good approximation that its concentration is constant. For constant alcohol 
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A has highest adsorptivity 


A has lowest adsorptivity 


Fig. 5.10. Pulse patterns in a fixed-bed chromatographic reactor 
corresponding to Fig. 5.9 (schematic) (a) Reactant A has inter¬ 
mediate adsorptivity; (b) reactant A has highest adsorptivity; 

(c) reactant A has lowest adsorptivity. 

concentration the following shorthand notation of Eq. (18) is introduced for the 
esterification reaction: 

acid (A) ^ water (B) +ester (C). (19) 

For constant water concentration an analogous shorthand notation can be intro¬ 
duced for the hydrolysis reaction: 

ester(A) acid(B) + alcohol(C). (20) 

If component A has again index 1', component B index 2', and component C index 
3' the reaction equilibrium follows now from 

K = ^~ ( 21 ) 

Cl 

if the chemical reaction takes place in the fluid phase and 


_ *M3 

<h 


( 22 ) 















168 | 5 Equilibrium Theory and Nonlinear Waves for Reaction Separation Processes 

if the reaction takes place in the solid phase. The constant solvent concentration is 
taken into account in the equilibrium constant K. The definition of the transformed 
concentration variables is now 


C 1 -c 2 +c 1 , Cj-Cj+Cj, 

(23) 

Qi = q 2 + 0.2 = f?3 

(24) 


due to the modified stoichiometry. With this modified definition and the modified 
reaction equilibrium as in Eqs. (21) or (22), respectively, a similar analysis is possi¬ 
ble, as in the previous section [12]. The results are illustrated schematically in 
Fig. 5.11, in analogy to Fig. 5.9. 

Compared to Fig. 5.9 the line of reactive azeotropy is now shifted to higher con¬ 
centrations for the cases in Fig. 5.11(b) and (c). Consequently, for a sufficiently low 
feed concentration, total conversion with pure products B and C is possible in all 
three cases. Theoretical limitations only occur for high feed concentration. In many 
practical applications the theoretical limitation illustrated in Fig. 5.11b, c is beyond 
the solubility limit of the reactants, and has then no practical significance. 

5.3.2.3 Binaphthol Separation Problem 

In this section, the application of equilibrium theory is illustrated for a fairly com¬ 
plex multireaction system. The problem to be considered is that of the separation of 
binaphthol enantiomers through using achiral chromatography. This problem was 
studied by Baciocchi et al. [1] among others, who in particular made the following 
experimental observations. When a pulse with a racemic composition of enanti¬ 
omers was injected on to the column, no separation occurred. However in all cases 


a) b) c) 



Fig. 5.11. Pathgrid of the eigenvectors of the transformed 

equilibrium function of a reactive chromatographic process with a 
reaction of type A + C in the liquid phase and a mixture with 

competitive multicomponent Langmuir isotherms (schematic) 

(a) Reactant A has intermediate affinity to the solid phase; 

(b) reactant A has highest affinity to the solid phase, 

(c) reactant A has lowest affinity to the solid phase. 
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where a non-racemic mixture was injected, the pulse split into a first fraction with 
pure excess enantiomer and a second fraction with almost racemic composition. 

This was rather surprising, since the selectivity of an achiral stationary phase is the 
same for both enantiomers. This separation effect could be explained by the pres¬ 
ence of dimerization reactions. According to Ref. [1], we shall denote the enanti¬ 
omers as S and R; these can build three different dimers according to 


R + R^RR, 

(25) 

S + S^SS, 

(26) 

R + S^RS. 

(27) 


Dimers RR and SS are termed homochiral dimers, whereas the mixed dimer RS is 
termed a heterochiral dimer. A fraction of pure enantiomer is always a mixture of 
the monomer and the corresponding homochiral dimer, but it does not contain any 
heterochiral dimer. It was shown, that the separation of the excess enantiomer of a 
non-racemic feed mixture is the combination of two effects [31], the difference in 
reaction equilibrium constants of the homo- and heterochiral dimerization reaction 
and the difference in the adsorptivity of the homo- and heterochiral dimers. 

The above experimental observations were reproduced with numerical simulation 
[1]. The model was based on the following assumptions: 

(i) Phase equilibrium was assumed between the solid and fluid phases and mod¬ 
eled with the competitive Bi-Langmuir adsorption isotherm. Using the nota¬ 
tion introduced in this chapter, the adsorption isotherm reads 

h;C; fl;C; 

(?;= — + —, i = R,S,RR,SS,RS, 28 

* G B 

with 

G = 1 + £i( c r +c s) + gl^RR +C Ss) + §i C RS’ 

B = 1 + b 1 (c R + c s ) + b 2 (c RR +c ss ) + b 3 c RS . 

Equal selectivity was assumed between all monomers and homochiral dimers 
and a large difference in selectivity between homo- and heterochiral dimers. 

(ii) Further, it was assumed that the dimerization reactions take only place in the 
liquid phase. The reactions are rather fast, and therefore reaction equilibrium 
was assumed. The equilibrium constants of the homo- and the heterochiral 
dimerization are related by 

K —ii/ 

hetero z ^ homo * 


( 29 ) 
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With simultaneous phase and reaction equilibrium the system has only two 
dynamic degrees of freedom (five solutes - three chemical equilibria) and therefore 
corresponds again to a nonreactive system with two solutes. If the dimers are taken 
as reference components the following definition of the transformed concentration 
variables is found from Eq. (6) 


Q? — C R + 2 Crr + C RS , 

Q — c s +2c ss + Cj?s, 

(30) 

Qr = 9 k + 2 Irr + 

Qs =<?s +2 qss + lRS- 

(31) 


which is consistent with the model formulation in Ref. [1]. For the prediction of 
wave solutions the pathgrid of the eigenvectors of the transformed equilibrium func¬ 
tion Q(C) is calculated using methods described in the appendix of Ref. [13]. The 
results are illustrated in Fig. 5.12 in the right diagram. For comparison, the pathgrid 
of a nonreactive Langmuirian system with two solutes is shown on the left. 

For the reactive system the x-axis corresponds to pure R enantiomer containing 
only homochiral RR dimer, and the y-axis corresponds to pure S enantiomer con¬ 
taining only homochiral SS dimer. Racemic concentrations line on the bisection 
line. A mixture with excess R enantiomer lies in the lower half-plane and a mixture 
with excess S enantiomer lies in the upper half-plane. 

Although both diagrams appear similar at first glance, there are some important 
differences. In particular, in the reactive system all solid lines intersect at the origin. 
The dotted lines are parallel and change their orientation at the bisection line. Fur¬ 
thermore, the pathgrid of the reactive system is symmetric with respect to the bisec¬ 
tion line due to the fact that both enantiomers behave the same. This topology has 
important implications for the construction of wave solutions as discussed in detail 
in Ref. [13]. 

binaphthol separation 
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non reactive two-so lute 
chromatography 



Fig. 5.12. Pathgrid of a nonreactive two-solute 
chromatographic system compared to the reactive 
binaphthol system. 
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Let us consider for example a pulse injection of a non-racemic mixture on an ini¬ 
tially clean bed. Again, the pulse can be decomposed into a stepwise increase fol¬ 
lowed by a stepwise decrease of the feed concentration. The corresponding wave 
solution is illustrated in Fig. 5.12 with the thick solid line. Due to the topology of the 
pathgrid any pulse pattern through the origin forms a triangle. In contrast to this the 
corresponding wave solution in the nonreactive case always forms a quadrangle. 
Hence, in the nonreactive case the solution consists of four waves which split into 
two pulses, as described in the theory section. In contrast to this in the reactive case 
in Fig. 5.12(b) the solution consists of only three waves. These will be resolved into a 
first fraction of pure excess enantiomer, corresponding to the piece along the ordi¬ 
nate in Fig. 5.12, and a second piece with almost racemic composition correspond¬ 
ing to the piece along the wave curve through the origin in Fig. 5.12(b). The 
corresponding chromatogram is illustrated in Fig. 5.13. Due to the special topology 
in Fig. 5.12 both fractions will never separate, no matter how long the column. 

A similar separation effect can be achieved for a racemic feed if the bed is pre- 
loaded with one of the enantiomers. In this case, any pulse pattern in Fig. 5.12 forms 
a quadrangle, and consequently, a separation of the two fractions is possible. A 
detailed discussion is provided in Ref. [13]. 

5.3.3 

Extension to Other Processes 

The theory presented above also applies to other integrated reaction separation pro¬ 
cesses which fall into the class of systems illustrated in Fig. 5.1. Typical examples are 
sorption-enhanced gas phase reactions (as described in Chapter 7) or membrane 
reactors (as described in Chapter 12). 

As in reactive distillation and reactive chromatography, many sorption-enhanced 
reaction processes are controlled by phase equilibrium in addition to reaction equi¬ 
librium. The situation is different for membrane reactors, where phase equilibrium 
between the phases adjacent to the membrane is often trivial and the process is 



Fig. 5.13. Atypical chromatogram forthe binaphthol separation 
problem if a nonracemic feed pulse is injected to a clean bed. 
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dominated by the finite transport velocity across the membrane. Hence, the assump¬ 
tion of phase equilibrium leading to a pseudohomogeneous model as in Eqs. (3) and 
(5) is not valid, and a more general two-phase model of the type in Eq. (1) with finite 
transport velocity across the membrane must be considered. Using the ideas intro¬ 
duced in Chapter, equilibrium theory can also be applied to processes with non-neg- 
ligible transfer resistance between both phases. Application to membrane reactors is 
discussed in Ref. [13]. 

5.4 

Applications 

In this section, possible applications of the theory presented in the previous section 
are highlighted. It was shown that the equilibrium theory and nonlinear waves pro¬ 
vide a simple means for understanding the dynamic behavior of many integrated 
processes. It thereby often directly guides the way to improved process operation 
and improved process control. Several examples will be discussed subsequently. 

5.4.1 

New Modes of Operation 

A new advanced operation strategy for simulated moving-bed (SMB) chromato¬ 
graphic processes is illustrated in Fig. 5.14. This makes direct use of traveling wave 
phenomena. 

SMB processes use cyclic switching of the inlets and outlets to simulate a counter- 
current flow between the solid and liquid phases. They are used for continuous sep¬ 
aration of fine and speciality chemicals (e.g., pharmaceuticals) Figure 5.14 illustrates 
a comparison between the standard mode of operation with a constant feed concen¬ 
tration during the switching interval (solid line) and a new type of operation with 
periodic modulation of the feed concentration (dashed line) called ModiCon [36, 37]. 
The concentration profiles in Fig. 5.14 are shown in the middle of the switching 
interval. In this example, ModiCon uses a feed of pure solvent in the first half of the 
switching interval corresponding to a zero concentration of the mixture to be sepa¬ 
rated and a double concentration in the second half of the switching interval. Hence, 
the total amount of feed is the same in both cases. From Fig. 5.14 it is clear that the 
way in which the feed is supplied makes a big difference. In Fig. 5.14 the product 
purity at the raffinate is increased for ModiCon, while productivity and solvent 
consumption are the same as in the standard mode of operation. In contrast, pro¬ 
ductivity and solvent consumption can be improved if the same product purity is 
chosen as in the conventional mode of operation [37]. For a practical benchmark 
problem an improvement in productivity of more than 100% and a solvent reduction 
of about 50% compared to the standard mode of operation was found [35]. This 
effect was seen to be directly related to nonlinear wave propagation of the concentra¬ 
tion fronts in Fig. 5.14 during the switching intervals [36]. From the analysis it was 
concluded that a decrease in feed concentration in the first half of the interval and an 
increase in the second half of the interval is advantageous for systems with favorable 
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adsorption isotherms. The reverse strategy must be applied to systems with unfavor¬ 
able adsorption isotherms. 

The illustration in Fig. 5.14 is for a simple nonreactive process. However, accord¬ 
ing to the theory developed above we can expect similar results for SMB processes 
with fast chemical reactions. 

5.4.2 

New Control Strategies 

Insights from nonlinear wave theory can also be used for designing new control 
strategies. A major problem in controlling product purities in separation as well as 
integrated reaction separation processes is often the lack of a cheap, reliable and fast 
online concentration measurement. This problem can be solved in two different 
ways: (i) through simple inferential control, or (ii) model-based measurement. 

In the first case, product purities are controlled indirectly by controlling front posi¬ 
tions. In distillation columns the front positions are easily controlled with cheap, 
reliable and fast online temperature measurements on sensitive trays inside the col¬ 
umn [27]. A similar procedure was recently proposed for moving-bed chromato¬ 
graphic processes with UV rather than temperature measurement [37]. However, 
the performance of such an approach is usually limited. Exact product specifications 
cannot be guaranteed because of this indirect approach. Furthermore, in combined 
reaction separation processes the relationship between the measured variable and 
the variable to be controlled is often non-unique, which may lead to severe opera¬ 
tional problems as shown for reactive distillation processes [23]. It was concluded 
that these problems could be overcome if in addition some direct or indirect mea¬ 
sure of conversion is taken into account. 



Fig. 5.14. S imulated moving-bed chromatographic processes 
with periodic variation of the feed concentration (ModiCon). 
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In the second case, product purities are estimated online from available measure¬ 
ment information by using model-based measurement techniques. Model-based 
measurement relies on a suitable process model which computes the unmeasurable 
internal state variables from the given inputs of the plant. Due to model deviations 
and unmeasured disturbances, the model predictions will diverge from the true 
plant behavior unless some suitable dynamic model correction is applied. A very 
simple and intuitive procedure for designing such a model correction based on 
physical insight from wave propagation dynamics was proposed for reactive and 
nonreactive distillation processes [14]. A similar approach for moving-bed chromato¬ 
graphic processes was also discussed [37]. 

Finally, nonlinear wave can also be used for nonlinear model reduction for appli¬ 
cations in advanced, nonlinear model-based control. Successful applications were 
reported for nonreactive distillation processes with moderately nonideal mixtures 
[21]. For this class of mixtures the column dynamics is entirely governed by constant 
pattern waves, as explained above. The approach is based on a wave function which 
can be used for the approximation of the concentration profiles inside the column. 
The wave function can be derived from analytical solutions of the corresponding 
wave equations for some simple limiting cases. It is given by 


*i { 2 


X:\ Z, S^\ ... S^ Nc ^ 


NC—1 


) = *i X) + S 


x^-x^ 


fc=i 1 + exp 


{_„(*>(;-,<»))■ 


(32) 


Each term under the sum represents a single constant pattern wave, as illustrated in 
Fig. 5.15. Therein, s<4 represents the position, p< k * the slope and xj k> , x[ k + 1> the 


e (k) 

4 




Fig. 5.15. A single constant pattern wave. 
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pinches on the left and on the right of front number k. The slopes and pinch compo¬ 
sitions can be calculated from the physical properties and operating conditions. The 
N c - 1 front positions are the only unknown variables in this function. A low-order 
dynamic model of a distillation column is obtained by substituting the wave func¬ 
tion into the integral material balances of the column section. 

A comparison of the steady-state profiles predicted by the wave model and those 
predicted by a rigorous tray-by-tray column model is shown in Fig. 5.16 for a coupled 
column system which serves for the separation of a mixture of methanol, ethanol, 
and 1-propanol. The approximation by the wave model in Fig. 5.16 is fairly good, 
although the reduction of the system order is considerable. The state variables of the 
rigorous model are the concentration and temperatures on each column tray. In con¬ 
trast to this the state variables of the wave model are only the front positions. 

It is not only the steady-state behavior that is reproduced quite nicely by the wave 
model, but also the dynamic transient behavior, as illustrated in Fig. 5.17 with the 
time plots of the product concentrations after a stepwise change of the feed flow rate 
of ±10%. 

Wave models were successfully used for the design of a supervisory control sys¬ 
tem for automatic start-up of the coupled column system shown in Fig. 5.15 [19] and 
for model-based measurement and online optimization of distillation columns 
using nonlinear model predictive control [15]. The approach was also extended to 
reactive distillation processes by using transformed concentration variables [22]. 
However, in reactive - as in nonreactive - distillation, the approach applies only to 
processes with constant pattern waves, which must be checked first. 

5.5 

Conclusion 

In this chapter it was shown that equilibrium theory, which was first developed for 
nonreactive chromatographic and nonreactive distillation processes is readily 
extended to many integrated reaction separation processes with fast reversible reac¬ 
tions. The theory provides an easy understanding of the dynamics of these processes 
and therefore has many useful applications in process control. Further, the theory 
nicely predicts inherent limitations of integrated reaction separation processes, 
which may not be obvious from first glance. It emphasizes fundamental features, 
which are common to many of these processes. 

The analysis presented in this chapter was based on three crucial assumptions. 
Namely, mass transfer and reaction kinetics were neglected. Further, constant flow 
rates were assumed. Although these assumptions are valid in many applications, an 
extension to finite mass transfer and reaction kinetics as well as variable flow rates 
seems challenging for future research in this field. As indicated in the last section, 
finite mass transfer and reaction kinetics may affect the feasible products of 
integrated reaction separation processes quite significantly. Strong impact can there¬ 
fore also be expected for the dynamic behavior. The same applies to variable convec¬ 
tive flow rates due to nonequimolar reactions. While this effect is not too important 



main column side column 
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Fig. 5.16. Comparison of steady-state concentration profiles in 
a coupled column system predicted by a rigorous model from first 
principles (dashed line) and a low-order model based on the wave 
approach (solid line). 
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feed rate: + 10% /- 10% 



time [h] 


Fig. 5.17. Comparison of a rigorous model from first principles 
(dashed line) and a low-order model based on the wave approach 
(solid line) for the coupled column system in Fig. 5.16. Time plots 
of the product concentrations after a step change of the feed rate 
of ±10%. 

for the steady-state behavior [2, 42], it is of major significance for the dynamics of 
these processes. The reason is, that variable flow rates will directly affect the charac¬ 
teristic velocities. Hence they will change not only the propagation velocity of the 
wave fronts but possibly also the wave types. Similar phenomena can be observed in 
nonreactive chromatography [32, 24] and nonreactive distillation [29] with variable 
convective flow rates due to a non-negligible transport across the phase boundary. 
Previous studies on the steady-state design of reactive distillation processes have 
suggested the use an extended definition of the transformed variables, where vari¬ 
able flow rates are taken into account by some suitable scaling [42]. However, an 
extension to the dynamic problem considered here is less obvious and requires fur¬ 
ther investigation. This is not surprising, because in the non-reactive case studies 
cited above the mathematical treatment for variable flow rates is quite involved. 
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Symbols 


Oi, hi 

parameters of the Langmuir isotherm 

Ci 

molar concentration in the fluid phase [kmol/m 3 ] 

Ci 

transformed concentration variable of the fluid phase [kmol/m 3 ] 

ji 

mass transfer rate 

Ki 

chemical equilibrium constant [-] 

l 

length [m] 

N 

dimension of general concentration vectors x, y 

N c 

number of components 

N s 

number of solutes 

Nr 

number of reactions 

q> 

molar concentration in the solid phase [kmol/m 3 ] 

Qi 

transformed concentration variable of the solid phase [kmol/m 3 ] 

O' 

dimensionless reaction rate [-] 

t 

time [s] 

t 

dimensionless time [-] 

V 

convective velocity [m/s] 

w 

wave velocity [-] 

Xi 

in general: concentration of phase (') 
in distillation: mole fraction of the liquid phase [-] 

Xi 

in general: transformed concentration of phase (') 
in distillation: transformed mole fraction of the liquid phase [—] 

Yi 

in general: concentration of phase (") 
in distillation: mole fraction of the vapor phase [-] 

Yi 

in general: transformed concentration variable of phase (") 
in distillation: transformed mole fraction the vapor phase [-] 

Z 

spatial coordinate [m] 

Z 

dimensionless spatial coordinate [-] 

Creek Letters 

a 

ratio of hold-ups in phases (") and (') [-] 

(Xi 

constant relative volatility [-] 

p 

ratio of the convective flow rates in phases (") and (') [-] 

Vij 

stoichiometric coefficients [-] 

Sub- and superscripts 

i, k 

species 

j 

reaction 

in 

input 

' 

Phase (') 

" 

Phase (") 
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6 

Simulated Moving-Bed Reactors 


Guido Strdhlein, Marco Mazzotti and Massimo Morbidelli 

6.1 

Introduction 

Hybrid processes have attracted an increasing amount of attention in the past due to 
their potential for making significant improvements in process efficiency. Research 
in this area is to a large extent committed to integrated processes, where two or more 
conventional process units are combined into a single apparatus. Typically, this 
involves the integration of a chemical reaction into another unit operation such as 
distillation, absorption, adsorption, extraction, filtration, and heat transfer. In the 
case of reactor-separator processes, the additional degrees of freedom in the unit 
design offer the possibility to tailor concentration profiles inside the unit in order to 
achieve higher selectivities and higher yields. Especially in the scope of equilibrium- 
limited reactions, integrated reactor-separator processes can increase performance 
substantially because they allow an equilibrium-limited yield to be overcome, but 
due to the same operating conditions for reaction and separation, the field of appli¬ 
cation is limited. 

Reactive chromatography belongs to the category of reactor-separator processes, 
and it is especially attractive as alternative to reactive distillation if the components 
involved are nonvolatile or heat-sensitive, as are often encountered in biotechnology. 

The principle of reactive chromatography can be easily explained using a simple 
reversible reaction of type A B + C. Looking at a single chromatographic column 
filled with a stationary phase which serves as a selective adsorbent and as a heteroge¬ 
neous catalyst, the development of a pulse of A injected into the continuous eluent 
stream is shown in Fig. 6.1. 

It is assumed that C has the lowest affinity to the stationary phase, while A has an 
intermediate, and B a high affinity. These differences in affinity lead to different 
migration velocities in the column. As soon as A enters the column, its decomposi¬ 
tion is catalyzed by the stationary phase and yields B and C. Since C is the least 
retained component, and hence has the highest migration velocity, it travels ahead of 
A, whilst B - being the most strongly retained component - stays behind A. Due to 
this spatial separation of the products from the reactant, the driving force at the reac¬ 
tion locus is kept high and the reaction can ideally be driven to complete conversion; 
thus, the two pure products peaks can be collected at the outlet. It is worth noting 
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Fig. 6.1. Development of a pulse of reactant A along 
the column length with a stationary phase catalyzing the 
reaction A <=> B + C. 


that the adsorptivity of the reactant has not to be necessarily intermediate between 
those of the two products, but this leads to the highest efficiency of the chromato¬ 
graphic reactor. For reactions involving more than one reactant, one has to ensure 
that each of the reactant species is available at the reaction locus; hence, they all 
must have very similar adsorptivities. For reactions with two reactants, this problem 
of reactant availability can be solved easily by using one of them as the eluent. 

The advantages of reactive chromatography in comparison to conventional reac¬ 
tor-separator sequences have been shown experimentally for various reactions. An 
overview has been given by Lode et al. [1]. Recently, new contributions have been 
made concerning the partial oxidation of methane to methanol [2], MTBE synthesis 
[3], lactosucrose production [4], methyl acetate synthesis [5] and a regioselective 
enzymatic esterification [6]. Also, by using simulated moving-bed reactor (SMBR) 
modeling it has been shown that genetic algorithms can be very useful in the opti¬ 
mization of these complex units [7]. 

For all these types of reactions, the design of the stationary phase plays a crucial 
role in process efficiency. The optimal balance must be found between the compet¬ 
ing stationary phase properties of sorption selectivity, sorption capacity and catalytic 
activity. A large majority of the stationary phases used in reactive chromatography 
are commercially available alumina, zeolites, immobilized enzymes, ion-exchange 
resins or a mixture of pellets having either adsorptive or catalytic properties. 
Recently, more attention has been given to ion-exchange resins specifically tailored 
to the reaction implemented in a chromatographic reactor [8]. The main variables 
which can be changed in order to improve the stationary phase are the distribution 
and the amount of functional groups, the chemistry of the functional groups, and 
the pellet morphology. 

Due to the low efficiency of chromatographic processes operated in the batch 
mode - that is, a high eluent requirement, a high product dilution, and inefficient 
use of the stationary phase volume - reactive chromatography has been transformed 
successfully into a continuous process using mature technologies originated from 
purely separative continuous chromatography such as simulated-moving-bed and 
annular chromatography reactors. 
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6.2 

Continuous Reactive Chromatography 

Analogous to purely separative chromatography, continuous reactive chromato¬ 
graphic processes are based on the idea of moving the solid phase co-currently or 
countercurrently to the liquid. The most well-known co-current process is probably 
annular chromatographic technology. Different implementations of countercurrent 
processes have been proposed, including a true countercurrent set-up where the 
solid phase is continuously moved. The movement of solid particles obviously 
imposes severe technical problems due to the particle abrasion and fluid flow inho¬ 
mogeneity. In order to overcome these problems, simulated moving-bed technology 
emerged in the early 1960s [9], since when it has been successfully operated in 
industry for a variety of separation problems, and particularly in the area of isomer 
and chiral separation. 

6 . 2.1 

Annular Reactive Chromatography 

In annular reactive chromatography, the solid phase in enclosed between two con¬ 
centrically arranged cylinders which rotate around their common axis. The eluent is 
fed from the top of the unit and is equally distributed over the perimeter. The react¬ 
ing species are introduced at a single stationary point and their migration along the 
solid bed occurs through a vertical and a horizontal velocity. Light components, 
which are components with a low affinity to the solid phase, travel more with the liq¬ 
uid than with solid phase, and therefore they exhibit a high vertical and a low hori¬ 
zontal velocity. Instead, heavy components are transported preferentially with the 
solid phase and migrate with a higher horizontal and lower vertical velocity. The 
mechanism of reaction and separation is analogous to that for a single batch col¬ 
umn. The species produced can then be collected as pure fractions at different 
angles compared to the feed port, as shown in Fig. 6.2 for a reaction A B + C and 
affinities as in Chapter 1. Annular chromatography is therefore especially favorable 
for cases involving several reactions and multiple required products, though its 
major drawback is a low efficiency, which is comparable to that of batch operation. 

Several examples of these applications were summarized previously [1], and more 
recently the use of annular chromatography for the synthesis of triacetin has been 
reported [10]. 

6 . 2.2 

Simulated Moving-Bed Reactors 

The typical configuration for a true countercurrent (TCC) chromatographic reactor 
is shown in Fig. 6.3 for a reaction of type A B + C. 

The unit is divided into four sections, each one fulfilling a specific task. The 
central sections 2 and 3 are supposed to separate B and C from A, and B from C, 
respectively, so that they can be withdrawn purely in the extract and raffinate stream. 
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Feed 



Fig. 6.2. Annular chromatographic reactor containing a 
stationary phase catalyzing the reaction AeBtC. 


In section 1, the solid phase is regenerated so that it can be recycled to section 4, 
while in the latter section the eluent is depleted of C and can then be fed back to the 
unit in section 1. 

The reactant A is introduced in the unit with the feed, is then transported with the 
liquid phase into section 3, adsorbs there and travels with the resin also in section 2. 
On the one hand, the liquid and solid flow rates in the central sections must be 
adjusted in a way that A is kept long enough in the central sections in order to react 
completely, but on the other hand they are constrained by the movement of B and C. 
For a constant solid flow rate, the liquid flow in section 2 should be high enough to 
wash out the light component C, but small enough to let the heavy component B 
reach the extract port, and vice versa for section 3. The determination of flow rates in 
sections 1 and 4 is comparatively easy, as only one component is present and hence 
only a lower and an upper constraint, respectively, has to be fulfilled. A typical 
concentration profile for a TCC unit is shown in Fig. 6.4. 



Section 4 


Section 3 


Section 2 


Section 1 


Fig. 6.3. True countercurrent (TCC) chromatographic reactor 
containing a stationary phase catalyzing the reaction A <=> B + C. 
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The practical implementation of the TCC reactor imposes several technical prob¬ 
lems (as discussed earlier), and consequently the simulated moving-bed (SMB) 
technology emerged. Movement of the solid is simulated by periodically switching 
the inlet and outlet ports in the direction of the liquid flow, as shown in Fig. 6.5. 

In the SMB technology, four sections can again be identified and the tasks as 
described for the TCC unit remain the same. The SMB is theoretically equivalent to 
a TCC set-up if the number of columns in every section is infinite. In practice, two 



Fig. 6.4. Concentration profiles inside a true countercurrent 
(TCC) unit for the reaction: A <=> B + C. Dashed line = component 
B; dash-dotted line = component C; solid line = component A. 



Fig. 6.5. Simulated moving-bed reactor containing a stationary 
phase catalyzing the reaction A <=> B + C. 
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columns per sections (as shown in Fig. 6.3) are often considered enough to simulate 
the solid flow. 

For certain systems, modifications of the set-up shown in Fig. 6.5 may be advanta¬ 
geous, for example if the light product C is hardly adsorbed onto the solid phase, 
then section 4 can be omitted (open-loop SMB). 

For the production of higher-fructose syrup, Hashimoto and co-workers proposed 
a three-section SMB containing two different kinds of columns [11]: first, separation 
columns included in the simulated solid-phase movement, which are filled with a 
stationary phase possessing only adsorptive properties, and second, reaction col¬ 
umns filled with a heterogeneous catalyst which remain stationary relative to the 
outlet ports, as shown in Fig. 6.6. 

Such a configuration is especially useful if the conditions for the reaction such as 
temperature and residence time are significantly different from those for separation. 

6.3 

Design Parameters for Simulated Moving-bed Reactors 

Although well-defined design strategies exist for the optimal operation of a purely 
separative SMB [12], nothing comparable is available for the SMBR, although some 
similarities between the two units can be exploited in order to provide guidelines for 
the design of the latter system. 

Numerical optimization of SMB units is state-of-the-art [13], and a good starting 
point is obtained using the analytical solution of the equilibrium theory model for a 
TCC unit. 


Cycle n 


Reaction 

column 


: SBa3000^ 

| Separ; 


Desorbent Extract Feed 


Separation 

column 


Cycle n + 1 

Desorbent Extract Feed 

Fig. 6.6. Three-section simulated moving-bed reactor with 
stationary reaction columns. 
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This approach is based on the similarity between a TCC and a SMB unit, such that 
the flow rates in a TCC can be converted easily to the equivalent ones in a SMB unit. 

In the frame of equilibrium theory - that is, a model assuming one-dimensional 
flow - adsorption equilibrium between solid and liquid phase and neglecting axial 
dispersion, the following mass balances are obtained for each component i in every 
section j of a TCC unit: 

~[ £ * ' c i + (l — e *)'9i] + (l — £ p)'“[ m j ' c i — ?i] = 0 

T = — 

^unit 


Z 


X 

L 


Qj £ p ’ Qs 
(l-ep)'Qs 

where r and z, the dimensionless time and space coordinate respectively, are calcu¬ 
lated from the volumetric solid flow rate Q s , the unit volume Vunit, and the column 
length L. The porosities e* and fp indicate the overall bed void fraction and the parti¬ 
cle porosity, Ci and qi the liquid and solid concentration, respectively, and Qj the volu¬ 
metric liquid flow rate in section j. The main design parameter nij represents the 
ratio of the effective volumetric liquid flow rate to the volumetric solid flow rate in 
the j* section. For linear isotherms and some specific nonlinear isotherms, an ana¬ 
lytical solution is available which yields constraints for the mj-values in order to 
obtain complete separation [12, 14]. While for mi and rru only a lower and an upper 
boundary, respectively, apply, the solution for m 2 and m 3 yields intervals which are 
dependent on each other. These are usually represented in a plot depicting the 
m 2 -m 3 plane, as shown for example in Fig. 6.7 for a Langmuir isotherm. 

Under the prerequisite, that the inequalities for mi and nu are fulfilled, the region 
of complete separation is confined by the triangle b-w-a, outside which either only a 
pure raffinate or extract stream or no pure outlet can be obtained. This can be seen 
by considering that, starting from an operation point inside the triangle, as the m3 
value increases the heavy component moves closer to the raffinate outlet and above a 
certain value pollutes it, whilst a decreasing m 2 value allows the light component to 
approach the extract outlet. It can easily be shown, that the vertex of the triangle is 
the optimal point of operation because the difference between m 3 -ni 2 , which is pro¬ 
portional to the feed flow rate, has its maximum there, leading to minimal eluent 
requirement and maximal yield [15]. It is worth noting, that the triangular region of 
complete separation reduces to a right-angled triangle if the isotherms are linear. 

For the SMBR, only an analytical solution which also relies on equilibrium theory 
for linear isotherms and an irreversible - as well as a reversible reaction - of type A 
reacting to B and C is available in the literature [16]. 
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Fig. 6.7. S imulated moving-bed operating region for complete 

separation. 


The mass balance resulting is very similar to the one discussed above, but a term 
incorporating the reaction is added, yielding a non-homogeneous PDE: 


_d_ 

dr 


[e*-Cj + (l — £*)•&] + (! — Ep)--^[m J -c i -q i ] = v i -Da J -f(ci) 


k D ‘ L j 
Da ,• = ——- 


with n being the stoichiometric coefficient and f(ci) representing the dependence of 
the reaction rate on all compositions. The Damkohler number in section j, Daj, is 
defined as the ratio between the residence time in the solid phase and the character¬ 
istic time for the reaction, and is calculated from the velocity of the solid phase u s , 
the length of section j Lj and the reaction rate constant Icr. Using the linear isotherm 


9. = J V C ; 


with Hi being the Henry coefficient of component i, it can be assumed without loss 
of generality, that B is the heaviest product and C the lightest, hence 

H b > H a > H c 

For the optimal design of the reactive SMBR, not only the conditions for the sepa¬ 
ration of B and C have to be fulfilled, but some additional constraints have also to be 
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imposed in order to account for the decomposition of A. As discussed above for the 
purely separative case, the operating region in the ni 2 -m 3 plane turns into a right- 
angled triangle (see Fig. 6.8), where the solid lines constituting the triangle bound¬ 
aries are given by the Henry coefficients of the products B and C. 

Due to the presence of A, the triangle itself is subdivided into three regions. In 
subregion I, the m 2 value is too high to allow A to enter section 2, and hence the 
reaction takes place only in section 3 (Fig. 6.9, left). For subregion II instead, the low 
m2 value allows A to enter section 2, but due to the low m 3 values, section 3 is void 
of component A (Fig. 6.9, center). Only in subregion 3, can the reactant enter both 
sections, and this leads to the highest solid-phase productivity (Fig. 6.9, right). 

For an irreversible reaction of the type A —> B + C, iso-conversion lines show the 
region of operating points, where a certain conversion can be obtained (Fig. 6.10). 

The feasible region of operating conditions for the SMBR can then be obtained as 
the intersection between the separation triangle and the region below the iso-conver- 
sion line corresponding to the desired value. 

In Fig. 6.10, the iso-conversion lines are plotted for a model system with Ha = 1, 

Hb = 1.5, and He = 0.5. With increasing conversion, the vertex of the operation 
region moves closer to the diagonal, which implies a smaller difference ni 3 -m 2 and 
hence less productivity. The Damkohler number has a similar impact on the 
operating region, as shown in Fig. 6.11. 

Thus, for example, for a reduced residence time of A in sections 2 and 3, the 
productivity must be decreased in order to ensure the desired conversion of 95 %. 

In some cases, the adsorptivity of the reactant and of one of the products - that is, 

Ha and He - are very similar. The 99 % conversion line for a model system with 
three different Ha values is shown in Fig. 6.12. 

With reducing Ha, the iso-conversion line moves towards the origin. At a certain 
point, it is no longer enclosed in the separation triangle and only the region inter- 



Fig. 6.8. Simulated moving-bed reactor operating region for 
linear isotherms and an irreversible reaction A —> B + C. 
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Fig. 6.12. Influence of Ha on iso-conversion lines at 99 % for an 

irreversible reaction. He = 1.5; He = 0.5; Da 2 = Da 3 = 1. 

secting with the separation triangle guarantees the desired conversion and complete 
separation of B and C. For Ha = 0.51, that is very close to He, the optimal point of 
operation is situated on the left boundary of the separation triangle and clearly closer 
to the diagonal, hence with low productivity. This is due to the fact that the separation 
of C and A in section 3 becomes very difficult because they migrate with very similar 
velocities. The obvious measure for He would be to increase the residence time in sec¬ 
tion 3 (i.e., that is Da3) in order to ensure the desired conversion also at high through¬ 
puts. The resulting operating regions are shown in Fig. 6.13, where the increase in the 
Da 3 value is obtained by increasing the length of the corresponding section. 

The vertex of the operating region moves upwards on the left boundary of the 
triangle, and therefore a higher throughput is possible, as expected. 

For a reversible reaction A B + C, the presence of chemical equilibrium 
imposes a further constraint on the operating region, as illustrated in Fig. 6.14, 
where the effect of the equilibrium constant value on the operating parameter 
region for a conversion of 90 % is shown. 

It is seen that for an increasing equilibrium constant, the operating region for the 
reversible reaction approaches that for the irreversible reaction, as would be 
expected. Decreasing equilibrium constants move the optimal point of operation 
closer to the diagonal, hence reducing productivity. 

In the case of an irreversible reaction, the reactant feed concentration has no 
impact on the operating region, but in the reversible case an increasing reactant feed 
concentration reduces the operating region (Fig. 6.15). 



























194 6 Simulated Moving-Bed Reactors 



Fig. 6.13. Influence of Da 3 on the operating regions for an 
irreversible reaction at 99 % conversion. Ha = 0.51; Hb = 1.5; 
H c = 0.5; Da 2 = 1. 



Fig. 6.14. Influence of the equilibrium constant value on 
iso-conversion lines at 90 %. Ha = 1; Hb = 1.5; He = 0.5; 
Da 2 = Da 3 = 1; CA Feed = 1 g L- 1 . 
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Fig. 6.15. Influence of reactant feed concentration on 
iso-conversion lines at 90 %. Ha = 1; Hb = 1.5; He = 0.5; 

D32 = Da 3 = 1; KEquilibrium = 1 ■ 

Since the unit productivity is given by the product of the reactant feed concentra¬ 
tion and the feed flow rate, the competing effect of an increasing reactant feed 
concentration and a decreasing feed flow rate, that is a decreasing difference m 3 -ni 2 , 
leads to a problem of optimization. 

The impact of the Damkohler numbers and the value of Ha on the operating 
region is the same as discussed previously for the irreversible system. More details 
on this subject can be found in Ref. [16]. 

6.4 

Modeling Simulated Moving-bed Reactors 

The necessary degree of detail in the rigorous modeling of reactive chromatography 
in order to obtain good agreement between simulation and experiment depends of 
course on the considered system. For most systems, the following model has proved 
to be detailed enough in order to catch all important system properties. 

The mass balance for a single column taking into account axial dispersion and 
mass transfer kinetics, as well as a change in fluid velocity because of the density 
change due to the reaction, yields: 


e 


dCj | a(u-Cj) 

dt dz 


:£ b' D ef'~ T _ ( 1_ 

J dz 


.x i2L_ 

; dt 
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with u being the superficial fluid velocity and D e f the effective axial dispersion coeffi¬ 
cient. The mass balance for the solid phase, assuming a linear driving force for the 
mass transfer and a heterogeneously catalyzed reaction, gives: 

with q e ; q being the equilibrium concentration given by the adsorption isotherm. The 
most commonly used equilibrium isotherms are certainly the so-called Langmuirian 
ones. The thermodynamically consistent Langmuir isotherm for a system with N 
components and an inert eluent is given by 

eq _ N • K; • c i 

Hi N 

1+lKj-Cj 

J=1 

with N being the saturation capacity and K; the selectivity of component i. In prac¬ 
tice, a saturation capacity Ni which is different for every component is often used in 
order to empirically improve accuracy. If the eluent is strongly adsorbable and all 
adsorption sites on the resin are saturated, the sum of Kj*q becomes large with 
respect to 1 and the stoichiometric adsorption isotherm is frequently used: 

eq _ N-Ki'Cj 

Hi ~ ~R 

ZKj-Cj 
j =1 

For a higher accuracy of the isotherm, the activities in the liquid phase instead of 
the concentrations can be used. If a thermodynamic model for the computation 
of the solid-phase activities exists, the equilibrium concentration c; and qi can also be 
calculated from the condition of equal activity, as was done for example for the ester¬ 
ification of acetic acid on Amberlyst 15 using the Flory-Huggins activity model for 
the solid phase and a UNIFAC model for the liquid phase [17]. 

More details about isotherm models can be found in Ref. [18]. 

The reaction rate equations used in SMBR modeling are commonly of the power 
law type, and relate the reaction rate n of component i to its stoichiometric coeffi¬ 
cient Vi, to the reaction rate constant Icr, and to the solid-phase concentrations of the 
reactants and the products, qR and qp, respectively: 

( V/- ' 

Zj Vp.m 

r;=V fe R- - 

J K Eq 
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with KEq being the reaction equilibrium constant and cq and empirical exponents 
for the reactants and the products, respectively. It is worth noting that cq and /? m are 
identical with the stoichiometric coefficients if the stoichiometric equation repre¬ 
sents the true mechanism of the reaction. The Arrhenius equation relates the 
reaction rate constant to the activation energy E and the temperature T: 

k R= k R, o'exp 

In certain cases, the assumption of a pseudo-homogeneous catalytic mechanism 
might be valid [19], and the reaction rate equation would depend only on the concen¬ 
trations in the liquid phase. 

For a complete model of a SMBR unit, the model above describing a single-batch 
column can simply be repeated for each column in the unit, whilst adding the 
changes along the fluid path due to the inlet and outlet ports as well as the switching 
procedure [16], 

6.5 

Influence of the Stationary Phase Properties on SMBR Efficiency 

In the following section, an example is discussed to illustrate how the most impor¬ 
tant stationary phase properties - namely, sorption selectivity, sorption capacity, and 
catalytic activity - affect the SMBR performance. 

For this, the reaction of methanol and acetic acid to methyl acetate and water 
using the sulfonic ion-exchange resin Amberlyst 15 as a heterogeneous catalyst was 
chosen as a model system. Methanol was used as eluent. Several modifications of 
the original resin were obtained by removing a fraction of the sulfonic groups from 
the polymeric backbone. This partial desulfonation leads to a lower ion-exchange 
capacity, and whilst the original Amberlyst 15 has an ion-exchange capacity of 
5 mEq H+ g* 1 resin, the modified resins have capacities of 3.4, 2.4, 1.2, and 0.9 mEq 
H+ g- 1 resin, respectively. For these different resins, extensive measurements were 
carried out in order to determine the adsorption and catalytic properties. 

Using a Flory-Huggins and a UNIFAC model for the calculation of the solid- and 
liquid-phase activities, respectively, it was possible to determine the adsorptive pro¬ 
perties as a function of the ion-exchange capacity of the resin [20]. 

A detailed SMBR model was used in order to optimize the unit with the objective 
function of minimal eluent requirement under the constraints of full conversion 
and complete product separation. Due to the reduced cost of these resins, the cost of 
this process is in fact controlled by the cost of the solvent recovery from the extract 
and raffinate streams. 

The major motivation for investigating the desulfonated resins was the concept 
that a reduced concentration of sulfonic groups leads to a less-acidic resin and there¬ 
fore to a lower adsorptivity of water which will in turn facilitate the resin regenera¬ 
tion in section 1 of the SMBR; hence, less eluent is needed per unit product. On the 
other hand, nonpolar components such as methyl acetate have better access to the 
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polymeric backbone and can adsorb more easily. The difference in adsorptivity 
between the two products methyl acetate and water is thus reduced, which compli¬ 
cates the separation of the two products, and so has a negative impact on the eluent 
requirement. Certainly, the catalytic activity of the resin reduces with a decreasing 
concentration of sulfonic groups, and so the residence time of the reactants must be 
increased in order to attain full conversion. The expected impact of these three 
competing contributions to the eluent requirement per unit product is illustrated 
qualitatively in Fig. 6.16. 

In the particular case under examination here, using the flow rates in sections I to 
IV and the switching time as decision variables, the optimization yielded an optimal 
resin capacity of 4.3 mEq g- 1 , assuming a molar fraction of 100 % acetic acid in the 
feed stream, as shown in Fig. 6.17. 



Fig. 6.16. Q ualitative impact of changing ion-exchange 
capacities on eluent requirement. 



Fig. 6.17. Optimal ion-exchange capacity and feed concent¬ 
ration with respect to eluent requirement; segmentation 3-2-3-2. 
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For a stoichiometric feed concentration of acetic acid instead, the optimal resin 
capacity was calculated as 5 mEq g- 1 , which is the original Amberlyst 15 resin. Fur¬ 
ther optimization, including also the feed concentration of acetic acid as a decision 
variable, yielded an eluent requirement of ca. 3 mol methanol per mol methyl ace¬ 
tate for a 5 mEq g- 1 resin and 60:40 acetic acid:methanol feed stream (Fig. 6.17). 

The steep increase of the eluent requirement with decreasing resin capacity can be 
investigated in more detail by analyzing the key adsorptive and reaction parameters. 

The key reaction parameter is clearly the reaction rate constant, which increases 
linearly with the ion-exchange capacity of the resin. Higher reaction rates clearly 
enhance SMBR efficiency and reduce eluent requirement. 

As mentioned above, in each section of the SMBR, a specific task must be fulfilled 
and certain binary selectivities can be chosen as key adsorption parameters to 
explain the separation behavior in each section. In section I, the heavy product 
(water) must be desorbed by the eluent (methanol) from the ion-exchange resin, and 
therefore a low selectivity between water and methanol is desirable in order to 
reduce the methanol flow rate in this section as much as possible. In section IV, the 
light component (methyl acetate) is removed from the eluent stream, and conse¬ 
quently a low-selectivity methanol/methyl acetate is advantageous. In sections II and 
III, the products water and methyl acetate are separated and a high-selectivity water/ 
methyl acetate is therefore beneficial. The selectivity of acetic acid to methyl acetate 
and the water/acetic acid selectivity should also be high in order to permit an easy 
separation of acetic acid from the products - which in turn allows the residence time 
of acetic acid to be increased and the conversion to be raised. 

The influence of the ion-exchange capacity on these key binary selectivities is 
shown graphically in Fig. 6.18. 



Fig. 6.18. Calculated binary selectivities as a function of ion- 
exchange capacity of the resin. ▼ = water/methanol; ♦ = water/ 
methyl acetate; ■ = acetic acid/methyl acetate; A = water/acetic 
acid; • = methanol/methyl acetate. 
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While the selectivity of water/methanol is reduced slightly, and of methanol/ 
methyl acetate strongly, with decreasing resin capacity, the key selectivities of water/ 
methyl acetate and water/acetic acid decrease sharply as the resin capacity decreases. 

The positive impact of easier resin and solvent regeneration in sections I and IV at 
lower resin capacities is, according to Fig. 6.17, clearly dominated by the negative 
impact of the strongly decreasing key selectivities in sections II and III. 

6.6 

Conclusion 


The feasibility of combining chemical reaction and adsorption separation in a single 
unit has been discussed in this chapter. In particular, two units allowing continuous 
operation have been considered, namely annular reactive chromatography and sim¬ 
ulated moving-bed reactors. 

The first of these units is less efficient, but is very convenient for collecting multi¬ 
ple products, whereas the second unit has a higher efficiency due to the countercur¬ 
rent movement of solid and liquid phase, but allows only two fractions to be 
collected. The use of approximate (equilibrium theory) and detailed models provides 
a reasonable approach to the optimal design of these complex units. 

Several experimental systems have been outlined in which SMBR seems to repre¬ 
sent a potentially competitive technology. In some cases (which have not been dis¬ 
cussed here), initials analyses have been conducted at the laboratory pilot unit level, 
and the results have demonstrated good understanding of the behavior of these 
units, as well as their reliability. However, significant industrial use of SMBR units 
that which would identify them as an established technology (as with purely separa¬ 
tive SMB) has not yet been reported, at least in the open literature. Nonetheless, it is 
expected that in future SMBRs will become increasingly competitive as improved 
functionalized resins are developed, including those with a tailored distribution of 
reactive and adsorptive groups along the particle diameter. 
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7 

The Dos and Don’ts of Adsorptive Reactors 


David W. Agar 

7.1 

Introduction 

7.1.1 

Adsorptive Reactors 

In adsorptive reactors an adsorbent is employed as a regenerative source or sink for 
one or more of the reacting species, thus enabling a modification of the concentra¬ 
tion conditions within the reactor to enhance its performance. In a simple reversible 
reaction, for instance, the local adsorption of a reaction (by)product in a fixed bed 
comprised of catalyst and adsorbent serves to displace the equilibrium composition 
to higher conversions than would otherwise be attained (Fig. 7.1). Due to the pro¬ 
gressive exhaustion of the adsorbent capacity, one observes two distinct reaction 
fronts: (i) a stationary equilibrium-limited purely catalytic reaction zone in the 
vicinity of the reactor inlet; and (ii) a dynamic downstream zone corresponding to 
the location of the adsorptive breakthrough front. It can be appreciated that neither 
of these fronts is especially sharp due to the decelerating reaction kinetics when 
approaching equilibrium on one hand and the protracted interaction between 
adsorption and reaction on the other hand. The almost quantitative conversions 
which can thus be achieved are of course of limited duration - sooner or later the 
propagating adsorptive reaction zone reaches the end of the reactor necessitating 
regeneration of the adsorbent after which the adsorptive-reaction cycle can be com¬ 
menced anew. 

Although most attention has been devoted to the task of equilibrium displacement 
through the (by)product removal just described [1], the incorporation of adsorption 
in chemical reactors can also be used to enrich reactants, either as an alternative 
technique to shift equilibria or to ensure complete conversion in irreversible reac¬ 
tions by providing local excess of one reactant [2]. In addition, adsorption can be 
exploited to sequester labile intermediates [3], thus avoiding unwanted consecutive 
reactions, or to intensify heat and mass transfer processes by enhancing local gradi¬ 
ents [4], through acting as a local heat source for endothermic reactions, for example 
(Fig. 7.2). 
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7.1.2 

Multifunctional Reactors 

The term adsorptive or, more broadly, sorptively enhanced reactor [1] conventionally 
refers to heterogeneously catalyzed gas phase reactors in which only a single compo¬ 
nent is adsorbed macroscopically. Chromatographic reactors, on the other hand, 
involve liquid-phase systems with either homogeneous or heterogeneous catalysis 
and preferential rather than exclusive adsorption phenomena [5]. Although funda¬ 
mental distinctions exist in the applications, configurations, modes of regeneration 
and the importance of heat effects, for example, the principles and underlying 
design equations of adsorptive and chromatographic reactors are identical. The 
adsorptive reactor is also closely related to the reverse-flow reactor, with its regenera¬ 
tive storage of heat rather than mass in a fixed bed, and to the membrane reactor, in 


D(ads) C( gas | q 


time 



Fig. 7.1. Principle of an adsorptive reactor for enhancing 
conversion of an equilibrium-limited reaction. 


a) (By)-product removal 


b) Reactant enrichment 


I I Catalyst 

A+B^C+D 

_ 1 _ 

I I Adsorbent 


A+BrtC + D 

_ i _ 


c) Intermediate sequestration 


d) Enhancement of heat/mass 
transfer 


A+B-^C + B-D 

- 1 - 


] 


A + B-C J 


Fig. 7.2. Objectives of adsorptive reactors. 
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which specific components are recuperatively added to or withdrawn from the 
reaction medium along the length of the reactor. The latter relationship is similar to 
that between a countercurrent heat exchanger reactor and the asymptotic limit of a 
reverse flow reactor at short cycle times [6], These analogies become apparent when 
one compares the concentration profile in an adsorptive reactor concept for the den¬ 
itrification of flue gas with the temperature profile for a reverse flow reactor [7] or 
with a catalytic membrane reactor for the same purpose [8] (Fig. 7.3). Despite their 
various similarities, each class of reactor nevertheless exhibits its own strengths and 
weaknesses, as can be illustrated by a comparison of adsorptive and membrane 
reactors (Tab. 7.1). 


7.1.3 

Preliminary Evaluation 


At first sight, adsorption and reaction are well-matched functionalities for integrated 
chemical processes. Their compatibility extends over a wide temperature range, and 
their respective kinetics are usually rapid enough so as not to constrain either pro¬ 
cess, whereas the permeation rate in membrane reactors commonly lags behind that 
of the catalytic reaction [9]. The phase slippage observed in extractive processes [10], 
for example, is absent and the choice of the adsorbent offers a powerful degree of 
freedom in the selective manipulation of concentration profiles that lies at the heart 
of all multifunctional reactor operation [11]. Furthermore, in contrast to reactive 
distillation, the effective independence of concentration and temperature profiles 


a) adsorptive reactor 
for total flue gas 
denitrification 
without NH 3 slip 


porous 

catalytic septum 





A + B, 
B 


tads) 
(ads) * 


J (8) 


A = NO . 

B = NH 3 — 
C = N 2 + HjO 



b) analogous catalytic 
membrane reactor 


c) Reverse Flow Reactor for catalytic 
combustion of lean 'cold' waste gases 


Fig. 7.3. Analogies between adsorptive, membrane and 
reverse-flow reactors for flue gas denitrification and oxidative 
catalytic waste gas treatment. 
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Table 7.1. The pros and cons of adsorptive and membrane reactors. 



Adsorptive reactors 
discontinuous operation 
% adsorption rapid 
capacity vs. selectivity 
thermal regeneration 
no unwanted catalytic activity 
^ flushing 
% cycle time 



Membrane reactors 
continuous operation 
tv, permeation sluggish 
% permeability vs. permselectivity 
^ thermal driving force not feasible 
no unwanted catalytic activity 
sealing 

^ operating life 


should also facilitate process integration. However, the need for periodic adsorbent 
regeneration in an expedient manner that does not adversely effect overall perfor¬ 
mance, together with the inherently discontinuous operation this entails, represent 
less favorable aspects of adsorptive reactors, as do the need for large adsorptive 
capacities to provide reasonable cycle times, distortions introduced by the accompa¬ 
nying unsteady-state heat effects and the tendency to enhance unwanted side reac¬ 
tions, especially of the adsorbate with its high retention times within the reactor. 

7.2 

Reaction Systems 

Closer inspection reveals that this somewhat superficial and largely self-evident eval¬ 
uation is by no means exhaustive, and concrete experimental studies on adsorptive 
reactors expose both additional pitfalls and benefits that are often specific for a partic¬ 
ular reaction system and decisive for the success or otherwise of adsorptive reactor 
concepts. Before illustrating this point with the help of four examples with which the 
author is personally acquainted - the Claus reaction, the direct hydrogen cyanide syn¬ 
thesis from ammonia and carbon monoxide and, to a lesser extent, the water-gas shift 
reaction and the Deacon process - it is worthwhile briefly reviewing other reaction 
systems for which the potential of adsorptive reactors has been examined (Tab. 7.2). 

Three groups - those of Alpay, Rodrigues and Sircar - deserve special mention for 
their considerable contributions to the development of adsorptive reactors over the 
past decade [1, 25-29]. The emphasis on the challenge of insitu CO 2 capture in con¬ 
nection with hydrogen production and the predominance of pressure swing regener¬ 
ation concepts is also noteworthy. The preference for the adsorption of simple stable 
molecules is explained by the fact that the adsorptive capacities tend to be higher and 
the susceptibility for the adsorbate to undergo reaction lower. The modeling studies 
carried out are mostly concerned with the numerical solution of conventional, and 
usually isothermal, reactor design equations which have been expanded to include an 
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Table 7.2. Reaction systems studied for adsorptive reactors. 
The adsorbed species is underlined in the reaction equations. 


112] 

CO+2HjSCH,OH 

[181 

VOC+O. -* CO. + H .O 

|2) 

2NH.+2NO + 'AO, - 2N 2 +3H 2 0 

[19[ 

2HCI+'/ 2 0,SCI,+H,0 

|H] 

CO+'/iO, SCO, 

[201 

CH,:CHCH,CH,SCH,:CHCH :CH, + H, 

\U] 

c,h, 2 SC.H. + H, 

[21] 

NH ( +2CO 5 HCN+CO.+H, 

[15] 

2CH, + 0 2 -C 2 H. + 2H 2 0 

[22) 

2H,S+SO i „5 HS,+H 2 0 

|16] 

CO+H ; OiTCQ,+ H 2 

[23] 

C,.H,,.CH, SC^H. .CH. + 3H, 

11) 

CO,+H 7 SCO+H.O 

[24] 

2C.H. tJC.H. +CH.CH = CHCH. 

|17] 

CH,+2H t O S CO ; + 4H, 




adsorptive term. Details of adsorbent regeneration and overall cycle performance are 
seldom addressed, and asymptotic analytical solutions corresponding to those for 
reverse flow reactor operation remain to be derived. Many nominally adsorptive reac¬ 
tors actually involve gas-solid reactions rather than adsorption, which exhibit differ¬ 
ent behavior due to the independence between “adsorbate” loading and “adsorptive” 
partial pressure. Understandably, for a technology still to achieve a technical break¬ 
through, investigations have concentrated on the development of suitable adsorbents 
and the demonstration of the fundamental feasibilities of various concepts. 

7.2.1 

The Claus Process 

The study of adsorptive reactors for the Claus process represents a departure from 
most previous studies in that the equilibrium position is already well on the product 
side, with a conversion of 93 % being achievable for isothermal operation of gas with 
10 mol% H 2 S without additional measures [30]. The need to attain conversions in 
excess of 99.5 % to ensure that the residual sulfur emissions meet environmental 
specifications [31] nevertheless makes the reaction system an interesting candidate 
for adsorptive equilibrium displacement. 

The (simplified) reaction equation: 


2H 2 S+ S0 2 <=> 3/8S 8 + 2H 2 0 


AH r =— 108kJ 
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reveals the greater sensitivity of the equilibrium composition, as reflected in the law 
of mass action, to the removal of the water of reaction rather than the interstage or 
in-situ condensation of sulfur traditionally practiced, in the cold-bed adsorption 
(CBA) “Sulfreen” process for example. The withdrawal of water within the reactor 
thus has the potential to reduce the number of reaction stages required without the 
complications of sulfur condensation within the reactor - catalytic deactivation for 
instance - and perhaps obviate the need for a costly treatment of the tail gases that 
would otherwise be necessary. The adsorptive removal of water can be carried out 
above the sulfur dew point of typically 230 °C or so, thus inverting the sequence in 
which the products would normally condense (Fig. 7.4). 

A simple tandem reverse-flow reactor scheme has been proposed for this purpose 
[11] (Fig. 7.5). By condensing the sulfur formed in the reactor outlet and reheating 
the residual anhydrous inert gas stream, one obtains a thermally efficient integra¬ 
tion of the elutive adsorbent regeneration into the reactor operation. The arrange¬ 
ment depicted represents an “adsorptive” equivalent to the reverse-flow reactor with 
removal of a hot side-stream [6]. 

7.2.2 

Direct Hydrogen Cyanide Synthesis 

The second reaction used to illustrate various features of adsorptive reactors is the 
direct synthesis of hydrogen cyanide from ammonia and carbon monoxide: 

NH 3 +CO«HCN + H 2 0 AH r = +50kJ 

This overall reaction is already carried out industrially via the intermediate forma- 
mide (HCONH 2 ) which, together with the use of disparate operating conditions 
(high pressures and mild temperatures for formamide synthesis, vacuum and high 
temperatures for its decomposition), overcomes the unfavorable thermodynamics of 
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Fig. 7.4. Comparison of sulfur and water vapor dew points 
with an adsorptive separation of water vapor on 3A zeolite (the 
dotted line indicates the Claus reaction temperature). 
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the direct reaction (equilibrium conversion < 3 %) (Fig. 7.6). The disadvantageous 
equilibrium position for a simpler single-stage process cannot be ameliorated to any 
real extent by using other techniques for enhancing product formation, such 
as excess of one reactant, or operation at other temperatures and pressures. 
Unfortunately, at the temperatures at which known catalysts are active for this reac¬ 
tion (> 400 °C), the adsorption of the water of reaction is no longer an option. It is 
thus necessary to reformulate the adsorptive reaction problem by introducing a sec¬ 
ondary reaction, for example the water-gas shift reaction [30]: 

C0+H 2 0«H 2 +C0 2 AH r =—41 kj 

which also takes place on the catalysts used (mixed iron and chromium oxides). By 
supplying additional carbon monoxide one can thus reactively consume the water of 
reaction and the equilibrium position of the supplementary reaction, and thus indi¬ 
rectly the main reaction too, can be displaced to higher conversions by incorporation 
of CO 2 adsorption, which is feasible at the prevailing reaction temperatures. In 
actual fact, the exact mechanism of HCN synthesis, which may result from a direct 
reaction between one molecule of ammonia and two molecules of carbon monoxide, 
is not known, but so long as carbon dioxide adsorption can be exploited to shift the 
equilibrium position of the overall reaction this is immaterial. 

In addition to the much higher temperatures needed, this reaction is also more 
challenging than the Claus process with respect to the greater demands placed 
on adsorbent selectivity in the presence of another weak(er) acid (HCN) and the 
importance of an unwanted side-reaction (2CO <=> C + CO 2 AHR = -172 kj) which is 
also encouraged by CO 2 removal. 
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7.2.3 

Water-gas Shift Reaction 

The removal of carbon dioxide from the product gases of methane steam reforming 
and the subsequent shift reaction: 

CH 4 + H 2 0 <=> 3H 2 + CO AH r =+206 kj 

CO+H 2 0« H 2 +C0 2 AH r =-41 kj 

in the context of hydrogen generation remains very much the “holy grail” of adsorp¬ 
tive reactor research, especially in light of the renewed interest that this process has 
attracted in connection with fuel cell applications. Traditionally, hydrogen produc¬ 
tion is increased by the thermally extravagant technique of using three to four times 
the stoichiometric amount of steam. Even so, the unfavorable equilibrium of the 
water-gas shift reaction makes it necessary to employ two reaction stages operated at 
different temperatures (450 and 250 °C) and the residual levels of around 
3000 ppmV CO must still be reduced to the < 100 ppmV specified using the catalytic 
processes of methanation or preferential oxidation, in which almost perfect catalytic 
selectivities are required to prevent unwanted hydrogen consumption under the 
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Fig. 7.6. Scheme for the direct and indirect synthesis of 
hydrogen cyanide from ammonia and carbon monoxide. 
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prevailing concentration conditions - that is, in the presence of a large excess of the 
competing reactants carbon dioxide and hydrogen respectively [32] (Fig. 7.7). 

An adsorptive reactor with integrated carbon dioxide removal has the potential to 
achieve the desired hydrogen product purity in a single reaction step and at one tem¬ 
perature level (Fig. 7.7) - a dramatic simplification of the conventional technology 
used in ammonia synthesis gas production for example. The task of CO 2 capture is 
rendered more difficult than in the case of FfCN synthesis by the need to avoid the 
uptake of the reactant steam. Despite extensive research, most studies in this area 
have largely foundered on two issues: (i) the necessity for thermal regeneration with 
large temperature swings to release the tightly bound carbon dioxide from the 
mostly chemically based CO 2 scavengers; and (ii) the need to reconcile the often-con¬ 
flicting demands on the “adsorbent” for consistently rapid adsorption kinetics and 
high adsorptive capacities, in order to ensure compact reactors and reasonable cycle 
times. 

The use of an adsorptive reactor operation with reactant enrichment, in which 
adsorption is used to maintain a high level of excess steam within the catalytic reac¬ 
tion zone, has attracted comparatively little attention. 

7.2.4 

The Deacon Process 

The Deacon process for the heterogeneously catalyzed oxidation of hydrogen 
chloride to chlorine at around 350 °C represents an energetically and possibly 
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economically advantageous alternative to electrolysis for internally recycling chlo¬ 
rine in integrated chemical plant complexes [19]. The equilibrium limitation of con¬ 
version at a maximum value of around 85 % entails a complicated downstream 
processing with corrosion-resistant materials to separate off chlorine and recycle 
unconverted hydrogen chloride. By resolving the net reaction: 

2 HC1+0 2 <=>Cl 2 + H 2 0 AH r =-59 kj 

into two constituent partial reactions: an “adsorptive” chlorination of the copper 
oxide-based catalyst and its subsequent oxidative “regeneration”: 

2 HCl+CuO <=> CuCl 2 + H 2 0 AH r =-118 kj 

CuCl 2 +X0 2 «Cl 2 + CuO AH r =+59 kj 

one can overcome the equilibrium restriction achieving complete conversions and 
thus simplify both product recovery and corrosion problems. Once again, the actual 
reaction mechanism is almost certainly more complicated, involving basic oxychlo¬ 
rides and cupric-cuprous transitions, but this is of only limited relevance for the 
adsorptive reactor concept. 

This unsteady-state Deacon process clearly involves gas-solid reaction rather than 
true adsorption, and differs from the previous examples in that the product is 
formed in the chemical regeneration step. Even so, adsorption plays a crucial role in 
this process, which can also be used to illustrate the challenges of integrating the 
catalytic and “adsorptive” functionalities within a single pellet, with the demands 
that this places on both the active solid-phase components and its support material, 
and the need to adapt both “catalyst” and reactor to multifunctional reactor opera¬ 
tion. Furthermore, the questions that arise concerning thermal integration between 
the exo- and endothermic half-cycles and the usefulness of partial loading and regen¬ 
eration strategies in optimizing the overall process performance are of general valid¬ 
ity for adsorptive reactors. 

7.3 

Catalyst and Adsorbent 

7.3.1 

The Claus Process 

Initial experimentation aimed at demonstrating the principle feasibility of the 
appealingly simple adsorptive Claus process concept described in the previous 
section yielded promising results indicating excellent harmonization between the 
catalytic and adsorptive processes for a commercial titanium oxide-based catalyst 
and a 3A zeolite adsorbent, respectively [30]. The amounts of water vapor adsorbed 



7.3 Catalyst and Adsorbent | 213 

at the reaction temperature (c. 10 wt%) are modest, but sufficient to ensure reason¬ 
able cycle times of 10 min or longer, and the more or less linear isotherm facilitates 
the elutive regeneration process envisaged. Molecular sieve phenomena guarantee 
that only water - the smallest molecule present - is taken up by the adsorbent to any 
extent. Catalytic selectivities were also adequate to prevent adsorptive distortions in 
the concentration profiles inducing undesirable side reactions, such as the forma¬ 
tion of carbonyl sulfide with the “inert” CO 2 present in the feedstock 

(co 2 +h 2 s<^cos+h 2 o). 

Less welcome were the discrepancies introduced by the different rates and capaci¬ 
ties for the adsorption of the reactants hydrogen sulfide and sulfur dioxide on the 
catalyst, which were brought to light by the apparent contradiction between an 
almost complete conversion of the hydrogen sulfide over a period of almost an hour 
and a less than perfect value of around 95 % for sulfur dioxide, despite the exact 
stoichiometry of the adsorptive reactor feed [33]. Further investigations led to the 
hypothesis that this behavior results from chromatographic separation of the reac¬ 
tants on the catalyst (Fig. 7.8). In retrospect perhaps this is not surprising when one 
considers that sulfation of this catalyst a well-known phenomenon. This represents a 
fundamental dilemma for adsorptive reactors: catalytic adsorption is a prerequisite 
for the reaction to take place, but under the inherently unsteady-state conditions 
unavoidable differences in reactant adsorption on the catalyst mean that deviations 
from the stoichiometric ratios arise that can actually hinder conversion. The fact that 
this flaw so clearly exposed by the Claus reaction and has not been reported 
elsewhere is no accident; it is due to the importance of only slight deviations from 
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stoichiometric compositions at the extremely high conversions being sought. 
Although countermeasures are available (see Section 7.5.1), the apparently para¬ 
doxical fact that catalytic adsorption can be bad for adsorptive reactors needs to be 
more widely appreciated. 


7.3.2 

Direct Hydrogen Cyanide Synthesis and Water-gas Shift Reaction 


In the case of the direct HCN synthesis and water-gas shift reactions, the tempera¬ 
ture range of interest for adsorptive reactor operation (i.e., > 350 °C) lies at the upper 
limit at which chemisorption be used effectively. If the temperatures are much 
higher, one is forced to use gas-solid reactions to attain reasonably high “adsorptive” 
capacities at the cost of a more demanding regeneration procedure. Whereas the 
partial pressure over an adsorbent depends on both its temperature and the adsor¬ 
bate loading, the dissociation pressure above a decomposing solid is a function of 
the temperature alone (Fig. 7.9). A reduction in the partial pressure of the adsorptive 
at a given temperature will thus merely result in a diminished loading for an adsor¬ 
bent but the complete breakdown of a solid compound with which it was previously 
in equilibrium, and vice versa, leading to the development of completely different 
breakthrough front structures. 

A modified hydrotalcite adsorbent (magnesium aluminum hydroxycarbonate 
Al 2 Mg 6 ( 0 H)i 6 C 03 . 4 H 20 ) doped with potassium carbonate to enhance its alkalinity 
has been proposed for carbon dioxide capture at temperatures of around 400 °C 
[34, 35]. By preparing this material according to a published recipe [36], we were able 
to demonstrate that the kinetics of CO 2 adsorption are adequate to keep pace with 
the rate of the water-gas shift reaction. A major drawback is, however, the extremely 
low loading capacity of < 2 wt%. Although we only achieved around half of the 
published values for the commercial product, even these would be incapable of 
providing cycle times of more than a few minutes at the space times characteristic 
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of catalytic reactors. As a consequence, the adsorptive reactor concept becomes 
unwieldy due to the large amounts of adsorbent required. For example, in the case of 
a typical 50-kW automotive fuel cell application, a cycle time of 20 min would neces¬ 
sitate the use of around 35 L of the hydrotalcite adsorbent! [37]. As thermal regener¬ 
ation processes are relatively slow due to the high thermal inertia of the fixed bed 
and the reactor construction, rapid cycling processes are not an option. 

The selectivity of modified hydrotalcite material for carbon dioxide with respect to 
water vapor (an important prerequisite for the water-gas shift reaction) was good, but 
it adsorbed large quantities of HCN, even though carbon dioxide is the more acidic 
component, making it wholly unsuitable for the direct HCN synthesis, especially as it 
subsequently proved impossible to recover the adsorbed HCN as such [21]. 

Moving on to gas-solid reactions for CO 2 capture, magnesium oxide can be 
rejected due to the lability of the corresponding carbonate and the greater stability of 
its hydroxide, while the old chestnut of calcium oxide requires temperatures in 
excess of 750 °C to regenerate the carbonate (Fig. 7.10). There are, nevertheless, 
other solid materials which can form carbonates in the temperature window of inter¬ 
est and be regenerated at lower temperatures of around 600 °C, for example lithium 
zirconate [38] which can theoretically adsorb 22.3 wt% CO 2 : 

Li 2 Zr0 3 + C0 2 <=> Li 2 C0 3 + Zr0 2 AH R =-160 kj 

Our own studies with lithium zirconate have demonstrated the critical importance 
of the ratio between the lithium salts and zirconia used in its preparation [21]. Fur¬ 
ther, it appears that the reaction is strongly inhibited by the superficial formation of 
solid products curtailing capacity and impairing kinetics to the point where charac¬ 
teristic adsorption times are measured in hours rather than the seconds necessary. 

Very slow rates of CO 2 adsorption can also be observed in the early published data 
on lithium zirconate and, while some progress has been made [39], developing a 



Fig. 7.10. Temperature ranges for carbon dioxide adsorbents in 
the water-gas shift reaction. 
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suitable method of preparation to provide rapid kinetics represents a research 
project in its own right. 

To summarize, no panacea is presently visible on the horizon for high-temperature 
CO 2 capture: all adsorbents proposed to date suffer from either low capacities, slow 
adsorption rates, poor selectivities, or impractical regeneration procedures. The cata¬ 
lyst also exhibits its share of problems. The high-temperature shift catalyst, which 
also proved to be a promising candidate for the direct HCN synthesis, deactivates 
when exposed to a severely reducing environment for too long a period (Fig. 7.11) 
[21]. The adsorptive removal of carbon dioxide from the reaction medium modifies 
the prevailing redox conditions in this direction, and thus exacerbates the loss of 
activity. Finally, it proved impossible to suppress the undesirable Boudouard reaction, 
in which carbon monoxide disproportionates to carbon dioxide and coke, kinetically. 
This reaction is of course also encouraged by insitu adsorptive CO 2 removal and leads 
to both loss of feedstock and catalytic deactivation through coking. 

Whilst the enhancement of unwanted side reactions through excessive distortion 
of the concentration profiles is an effect that has been reported elsewhere (e.g., in 
reactive distillation [40] or the formation of acetylenes in membrane reactors for the 
dehydrogenation of alkanes to olefins [41]), the possible negative feedback of adsorp¬ 
tion on catalytic activity through the reaction medium composition has attracted less 
attention. As with the chromatographic distortions introduced by the Claus catalyst, 
the underlying problem arises because the catalyst is being operated under 
unsteady-state conditions. One could modify the catalyst to compensate for this, but 
the optimal activity over the course of the whole cycle would be comprised as a 
consequence. 
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7.3.3 

The Deacon Process 

The active phase of the Deacon catalyst is usually assumed to be a complex melt of 
copper or chromium and alkaline metal chlorides under reaction conditions, which 
is distributed within the pore network of an inert carrier [42]. Such supported liquid- 
phase catalysts (SLPC) are eminently suitable for “adsorbing” large amounts of the 
reacting components as sorption takes place in a bulk phase and is not restricted to 
only a limited number of suitable surface sites. The periodic expansion and contrac¬ 
tion of the melt as a result of (de) sorption imposes considerable strains on the car¬ 
rier structure; hence, special mechanically robust support materials are needed to 
withstand such strains and prevent the catalyst crumbling away and disintegrating 
after a few cycles. In addition, even when it is immobilized on the carrier, the melt is 
extremely aggressive and resistant materials must be used for reactor construction. 

Due to the volatility of some of the chlorides present the temperature must be main¬ 
tained below 400 °C, which limits the scope for accelerating the rate-limiting oxida¬ 
tive regeneration step by increasing the temperature [19]. For the unsteady-state 
adsorptive Deacon process the catalyst composition had to be modified to reduce vol¬ 
atility and enhance the oxidative of the reaction phase. 

The most critical problem to be solved was that of unwanted HC1 adsorption (!) on 
the catalyst carrier, since this resulted in the liberation of unconverted HC1 in the 
regeneration phase and the resulting adsorptive HCl “slip” contaminated the chlo¬ 
rine product, thus nullifying the intended simplification of downstream processing. 

The use of non-oxide ceramics (e.g., silicon carbide) as supports, which were also 
expedient by virtue of their greater mechanical strength, suppressed HCl adsorption 
on the carrier to negligible levels and thus avoided the difficulties described. 

7.3.4 

Other Adsorptive Catalysts 

In view of the shortcomings of catalysts and adsorbents that have been reviewed in 
this section, it seems amazing that several catalyst systems exist where adsorptive 
phenomena are exploited, albeit often unconsciously. In the area of automotive 
exhaust treatment, for example, the three-way catalyst incorporates ceria as an 
oxygen storage medium to help alleviate short-term deviations from the critical 
lambda value [43]. More recently, NO x storage catalysts containing barium carbonate 
have been developed for diesel and lean-burn engines, in which NO is catalytically 
oxidized and stored as barium nitrate within the catalyst to await subsequent 
destruction in a periodic catalytic reduction phase under rich conditions [44]. It is 
interesting to note that surface inhibition effects similar to those conjectured for 
lithium zirconate have also been encountered in such systems [45]. 

The inherent ability of selective catalytic reduction (SCR) catalysts for stack gas 
denitrification to store ammonia adsorptively can be exploited with appropriate 
control algorithms to damp out the influence of fluctuations in the amount of gas 
and level of nitrogen oxides being treated. Moreover, it also forms the basis of the 
adsorptive reactor concept for the total denitrification of flue gases without ammonia 
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slip referred to in Section 7.1.2. The inclusion of grains of hydride-forming alloys, 
such as LaNis in hydrogenation catalysts for slurry reactors, has been proposed as 
means of preventing local hydrogen deficiencies due to poor hydrodynamics 
adversely affecting selectivity in multistep hydrogenations [46]. This is analogous to 
the oxygen storage function of ceria in the three-way catalyst. Finally, the widespread 
“spillover” phenomena [47] between supports and active sites can also be considered 
as instances of adsorptive catalysis in the broadest sense of the term. 

What these successful and sometimes serendipitous applications of adsorptive 
catalysts have in common are the low concentrations of reactants and short “cycle 
times”, which mean that relatively small amounts of material have to be adsorbed. 
The integration of the adsorptive functionality does not therefore really interfere 
with the catalytic activity. The objective is primarily to ensure high performance in 
the presence of the fluctuating concentrations and flows that often characterize end- 
of-pipe treatment stages. 

7.4 

Reactor and Regeneration 

A variety of fixed- and fluidized-bed reactors configurations can be used as adsorp¬ 
tive reactors (Fig. 7.12). 

7.4.1 

Fixed-bed Reactors 

Adsorptive reactor configuration is mainly dictated by the cycle time, which in turn 
is determined by the adsorptive capacity. For high-capacity systems, with cycle times 
of 10 min or longer, simple multiple fixed-bed arrangements suffice, in which indi¬ 
vidual reactors are periodically taken off-line and regenerated when performance 
deteriorates due to adsorbent exhaustion. The total number of beds is designed to 
ensure continuous operation, and the ratio of the number of reactors in the produc¬ 
tive and regenerative phases depends on their relative duration, together with any 
intermediate purging steps that may be necessary. For shorter cycle times of just a 
few minutes, one can employ rotating-bed arrangements in which the catalyst and 
adsorbent pass through separate reactive and regenerative zones. In terms of their 
design equations, these two configurations are virtually indistinguishable, and the 
analogies even extend down to operational features - for example, the need for a 
flushing period for periodically switched fixed-beds has its counterpart in the 
unavoidable slight leakages between the zones in rotating beds. 

For even shorter cycle times the use of mixed fixed-bed systems demands a greater 
mechanical complexity. An example of this is the Pulsar rapid cycle pressure swing 
adsorption technology developed by QuestAir [48], which has been applied to 
adsorptive oxygen enrichment and hydrogen purification. For such high-frequency 
operation an especially low-dispersion adsorbent is mounted on compact rotors 
which are integrated into hybrid compressor/vacuum pump equipment with pre¬ 
cisely synchronized switching valve arrangements. 
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Fig. 7.12. Adsorptive reactor designs, a) Fixed-beds; b) moving 
beds and c) fluidized beds. 

7.4.2 

Fluidized-bed Reactors 

Alternatively, one can resort to the use of moving- or fluidized-bed systems in which 
the adsorbent, and sometimes also the catalyst, is continuously withdrawn from the 
reactor to undergo an external regeneration. Ideally, one tries to achieve countercur¬ 
rent adsorbent flow pattern to optimize utilization of the adsorptive capacity. The 
major problems of such arrangements are those of solids handling (e.g., gas-tight 












220 | 7 The Dos and Don'ts of Adsorptive Reactors 

introduction and removal of solids to and from the reactor), prevention of blockages, 
abrasion, and electrostatic phenomena. The challenges are greater still when the 
adsorbent and catalyst constitute distinct solid phases which must be classified, for 
example on the basis of particle size, or function independently as mobile and 
stationary phases. One of the very first adsorptive reactors - the gas-solid-solid- 
trickle flow reactor proposed for methanol synthesis [12] - belongs to this category, 
as does a fluidized-bed configuration for the unsteady-state Deacon process [49]. The 
extra mechanical demands placed on the adsorbent and catalyst, in addition to the 
chemical and physical criteria described in the preceding section, usually make the 
realization of such adsorptive reactors a less attractive option. 

The simulated moving-bed (SMB) reactor arrangements [5], that are so popular for 
chromatographic reactors, in which the movement of adsorbent and catalyst in 
achieved by progressively switching inlet and outlet ports along a sequence of four 
or more fixed beds, plays a less central role for adsorptive reactors. One reason for 
this is that SMB operation implicitly involves the use of elutive regeneration (see 
Section 7.4.3), which is inappropriate for many adsorptive reactors. Another reason 
is the tighter adsorptive selectivity, which makes multistage operation less attractive. 

In view of the extensive number of publications on the subject of adsorptive reac¬ 
tors (see Tab. 7.2), the neglect with which regeneration processes have been treated 
is surprising and short-sighted, since it is this section of the cycle and its expedient 
integration in the overall process that often holds the key to success. 

Four basic regenerative procedures - or hybrids thereof - can be used in conjunc¬ 
tion with adsorptive reactor operation: pressure swing, temperature swing, elution, 
and reaction. 

7.4.3 

Pressure Swing Regeneration 

Pressure swing processes can draw on the considerable experience available with 
separation technology in this area, provide rapid regeneration, and also lend them¬ 
selves to situations in which the reaction is carried out under pressure, as the work 
that otherwise must be invested in compression or evacuation may become a critical 
factor. Fixed-bed systems must be designed to ensure that the pressure drop does 
not impede the efficacy of regeneration, and multi-step depressurization-pressur¬ 
ization cycles with inert and product purges can often be employed to advantage 
(Fig. 7.13) [1]. Elutive processes are similar in that adsorbent regeneration is carried 
out by a drop in partial rather than absolute pressure. Their main disadvantage is the 
often large amount of sweep gas comprising inert eluent and the adsorptive that 
arises in the regeneration, and which may require further processing. For this 
reason, elutive processes are of interest when a valueless byproduct such as water 
vapor or carbon dioxide is being desorbed and when an inert eluent is available 
within the process, as for example in the case of the Claus process (see 
Section 7.2.1). 
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Fig. 7.13. Schematic sequence of pressure swing operation for 
an adsorptive reactor (from Ref. [1]). 

7.4.4 

Temperature Swing Regeneration 

Temperature swing regeneration is usually much slower than the pressure swing or 
elutive processes due to the need to overcome the thermal inertia of the reactor 
system and the limitations imposed on introducing heat into it. Furthermore, at the 
intermediate temperatures used in adsorptive reactors, high-temperature heat 
sources, not always available within the process itself, are required. This means that 
thermal regeneration is largely confined to adsorptive reactors with long cycle times, 
with process internal heat sources or fluidized beds. Many of the temperature swing 
processes proposed for CO 2 capture fail to meet these basic criteria. Microwave heat¬ 
ing [50] mitigates the unwanted effects of temperature gradients and enables a 
degree of fractionation through the controlled desorption process, but requires 
special designs to give uniform penetration and introduce large amounts of heat. 
Electric swing processes which have been proposed in connection with CO 2 seques¬ 
tration remain an interesting, but as yet unproven, technology [51]. 

7.4.5 

Reactive Regeneration 

The suitability of regenerating the adsorbent by reactive means can only be judged 
on a case-by-case basis. With some adsorptive reactors - for example, for the total 
denitrification of flue gases or the unsteady-state Deacon process - the reactive 
regeneration is the object of the exercise. The prerequisite that the adsorbate does 
not undergo further reaction and is adsorbed in reasonable amounts at moderate 
temperatures means that the molecules being adsorbed tend to be small and stable, 
and thus do not lend themselves to reactive regeneration. 
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Displacement desorption, in which the adsorbate is driven off by a more strongly 
adsorbing species, entails an additional regeneration cycle to desorb the expelling agent 
and can thus only be justified for recovery of a high-value adsorbed intermediate. 

7.5 

Design and Operation 

The performance of adsorptive (and indeed almost all multifunctional) reactors 
benefits from an expedient nonuniform distribution and integration of the function¬ 
alities at various levels. Simply combining given proportions of catalyst and adsor¬ 
bent in a fixed-bed reactor seldom realizes the full potential available [52]. The 
objective may be to maximize utilization of adsorbent capacity or to optimize catalyst 
productivity. Although these aims need not be mutually exclusive, they often give 
rise to different strategies. 

It is possible to distinguish between macrostructuring of the fixed-bed, micro¬ 
structuring of the catalyst or adsorbent pellets and profiling of various operating 
parameters over the course of the cycle. Whereas the first two techniques are fixed 
by the design of the adsorptive reactor, the last is more flexible, as it can be adjusted 
to reflect the progress of the operating cycle. 

7.5.1 

Fixed-bed Macrostructuring 

Macrostructuring measures are a well-known concept for the suppression of hot¬ 
spots by local dilution of catalyst in multitubular reactors, for example [53]. It is also 
intuitively obvious that the need for adsorption to enhance an equilibrium reaction 
is much lower at the front end of the reactor, where kinetics rather than equilibrium 
are decisive, than downstream. The converse, however is not true: in the outlet of 
such an adsorptive reactor both catalyst and adsorbent are required for maximal con¬ 
version. By a judicious selection of the ratio between the two, one can ameliorate the 
front broadening effects that arise in the reactor outlet. 

In some instances it is even beneficial to segregate the fixed bed into a series of 
alternating catalytic and adsorptive zones - for example, when there is a need 
periodically to remove and replace a deactivating catalyst for external regeneration 
purposes. More subtly, such a partial de-integration of the catalytic and adsorptive 
functionalities can be used to solve problems with adsorption on the catalyst, as 
encountered in the adsorptive reactor for the Claus process. In the mode of opera¬ 
tion described by Hashimoto [54] (Fig. 7.14), the adsorptive elements are switched so 
as to simulate a countercurrent flow to the reaction medium, whilst the reactors 
remain “stationary”. The catalyst is thus operated under steady-state conditions and, 
following an initial start-up phase, attains adsorptive equilibrium. The differences in 
the rates and amounts of hydrogen sulfide and sulfur dioxide adsorbed onto the 
Claus catalyst thus become immaterial for reactor operation with this configuration. 
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Fig. 7.14. Operation of a simulated moving-bed reactor for 

glucose isomerization using steady-state reaction stages 
according to Hashimoto [54], 

7.5.2 

Pellet Microstructuring 

At the other extreme, it may well be advantageous to integrate the adsorbent and cat¬ 
alyst into a single hybrid pellet (Fig. 7.15). As with macrostructuring, the localized 
microstructuring of activity within catalyst pellets is hardly unknown, and has been 
proposed for both the optimal usage of active components [55] or for extending cata¬ 
lyst lifetimes in the presence of certain deactivation phenomena [56]. The primary 
benefit of microstructuring in adsorptive reactors would seem to be in avoiding 
unnecessary interparticular gradients, which might otherwise constrain both the 
rate of reaction and the degree of adsorbent utilization [57] (Fig. 7.16). The closeness 
of catalytic and adsorptive sites in hybrid catalyst-adsorbent pellets means that diffu¬ 
sive mass transfer imposes little or no limitations on the overall process. Simula¬ 
tions of the adsorptive removal of water from the Claus reaction system or the 
desorptive introduction of water in the water-gas shift reaction have demonstrated 
that the integration of the functionalities into a single pellet can result in modest 
improvements in the cycle times under otherwise identical conditions (Fig. 7.17). 
The dramatic protraction of cycle times at high values of the Thiele modulus indi¬ 
cates the positive effects of overcoming internal diffusive resistances, but are, unfor¬ 
tunately, of little relevance for practical purposes. 

It should be noted that similar results could be achieved by reducing the size of 
distinct catalyst and adsorbent particles in a “conventional” mixed fixed bed, insofar 
as pressure drop considerations do not militate against such an approach. The pre¬ 
cise structuring of the catalytic activity and adsorptive capacity within the pellet can 
also be shown to be much less important than their integration, the reason being 
that a hybrid pellet at any given location in the fixed bed is exposed to a range of 
concentration conditions over the course of the cycle. Thus, it is next to impossible to 
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Fig. 7.15. Macro- and microstructuring of catalytic and 

adsorptive functionalities. 

devise a structured distribution of the functionalities which yields an optimal perfor¬ 
mance at all stages of the process. The exploitation of microstructured hybrid pellets 
as an additional degree of freedom in the design of adsorptive reactors would thus 
seem destined to play, if any, a secondary role - and then only in conjunction with 
macrostructuring of the fixed-bed or parameter profiling. In view of the technical 
challenges and questionable economics associated with the preparation of such mul¬ 
tifunctional adsorptive catalysts, this can perhaps be considered a mixed blessing. 

7.5.3 

Operating Parameter Profiling 

Optimization of the pressure levels and the duration of inert and product sweeps 
in pressure swing adsorptive reactors was referred to in Section 7.4.3. One can, 
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Fig. 7.16. Mass transfer intensification in a) distinct and 
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however, also vary the values of the pressure - and indeed a variety of other operat¬ 
ing parameters such as temperatures and flow rates - continuously over the course 
of the reactive cycle to enhance performance, to ensure sharper breakthrough fronts 
and thus greater adsorbent utilization, for example. This technique, with its 
daunting array of possibilities, has been somewhat neglected, a notable exception 
being recent studies of Xiu et al. [28], which demonstrated that the cycle time for 
CO 2 capture in a steam reforming system could be extended eight-fold by employing 
an appropriate temperature profile along the adsorptive reactor (Fig. 7.18). It can 
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also be appreciated that manipulating process parameters according to the prevail¬ 
ing phase of the adsorptive reactor cycle may well be a key to unlock the potential of 
the less flexible macro- and microstructuring measures. 

At this point it should also be noted that few investigations have been devoted to 
the temperature profiles arising in adsorptive reactors, let alone their manipulation 
to enhance process performance. Despite the often considerable heat effects 
present, isothermal operation is commonly assumed, and the efficient thermal inte¬ 
gration of temperature swing regeneration processes tend to be treated superficially, 
if at all. To some extent this neglect can be justified by the fact that the thermal 
response times - especially in laboratory- or bench-scale equipment in which most 
studies have been conducted - are often an order of magnitude larger than the 
adsorptive cycle times, so that the temperature changes over a single cycle are often 
minimal [33]. Nevertheless, the cumulative effect over several cycles will not be neg¬ 
ligible. For example, model calculations for the unsteady-state Deacon process 
revealed that a co-current regeneration process was superior in its ability to remove 
the heat from the fixed bed. This prevented temperatures drifting up from cycle to 
cycle due to the exothermic nature of the overall reaction, albeit with the penalty of a 
less efficient utilization of the chlorine storage capacity of the (hybrid) catalyst 
system [58]. In view of the difficulties involved with alternative methods of heat 
removal for this extremely corrosive system, the requirements of maintaining the 
reactor temperature assume a higher priority than the optimal use of the adsorbent. 

7.5.4 

Heat Effects 

From such considerations it is only a small step to the idea of trying to exploit the 
heat effects arising in adsorptive reactors, as has in fact already been done in 
the form of so-called “chemical” heat pumps, in which adsorption-desorption pro¬ 
cesses at different temperature levels are used to either obtain high-grade or recover 
low-grade heat [59]. A more chemically oriented application of this principle has 
been proposed by Yongsunthon and Alpay [23], who used the heat of adsorption of 
toluene on a 10X zeolite (-95 kj moh 1 ) to supply some of the endothermic heat 
of reaction needed to produce toluene from methylcyclohexane (+202 kj moh 1 ). A 
related concept of desorptive reactor cooling, in which the desorption of an inert 
material from a previously loaded adsorbent in a mixed fixed bed with catalyst pro¬ 
vides efficient and intensive regenerative cooling for an exothermic reaction, has 
also been developed (Fig. 7.19) [60]. The cycle times achieved are in the practically 
relevant range of the order of 10 min or more, and can be extended using macro¬ 
structuring and adjusting the residual level of inert in the feed stream in analogy to 
the techniques described earlier in this section. 
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Fig. 7.19. Principle of desorptive cooling for an exothermic 
chemical reaction. 

7.6 

Conclusions and Perspectives 

The preceding review of various aspects of adsorptive reactors has hopefully 
provided some insights as to why this apparently so promising technology has yet to 
fulfil its potential. The often conflicting (and sometimes incompatible) demands 
placed on catalyst and adsorbent, the enhancement of unwanted side reactions or 
catalyst deactivation, and the difficulties of an expedient adsorbent regeneration with 
realistic overall cycle times can quickly disillusion those trying to harness this 
particular type of multifunctional reactor. 

It is instructive to compare the example of the seemingly more feasible Claus pro¬ 
cess with the less tractable direct HCN synthesis. The major difference lies in the 
much poorer selectivity of both catalyst and adsorbents at the higher temperatures 
(400 °C rather than 250 °C) in the latter case, which would seem to indicate that 
adsorptive reactors function better at lower temperatures. The ability to use a pro¬ 
cess gas stream for elutive regeneration and to overcome problems due to distortive 
reactant adsorbent on the catalyst using the partial de-integration described in Sec¬ 
tion 7.5.1 are further points favoring the use of adsorptive reactors in the first 
instance. 

It should also always be borne in mind, that process integration inherently entails 
a loss of degrees of freedom (Fig. 7.20), and the designer of a multifunctional reactor 
must always seek additional design variables, which might enable them to better har¬ 
monize the demands of the two underlying operations. The multiscalar architecture 
of the process and the structured distribution of the functionalities within it must be 
analyzed in the context of the process synthesis if this objective is to be realized [61]. 
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Fig. 7.20. Process integration and degrees of freedom in 
multifunctional reactor design. 

Some generalized qualitative guidance which can be derived from the work 
presented is as follows: 

• use selective adsorbents with a “macroscopic” capacity 

• make sure that adsorption is rapid and follows a favorable isotherm 

• structure adsorptive and reactive functionalities within the reactor and the catalyst 

• profile operating parameters both spatially and chronologically 

• integrate the regeneration process expediently in the overall operation 

• avoid high-temperature operation 

• suppress excessive “catalytic” adsorption 

• ensure that unwanted side reactions are not enhanced more than the main reaction 

• seek alternatives to thermal regeneration 

• eschew solids handling operations 

Some of these criteria help to explain the greater success of chromatographic reac¬ 
tors over adsorptive reactors for the gas phase reactions described here. They also 
point to a niche (if somewhat trivial) application of adsorptive reactors in end-of-pipe 
environmental processes, in which low concentrations of a gas-borne pollutant are 
adsorbed from waste gas over a long period before being destroyed by catalytic oxida¬ 
tion in a high-temperature regeneration step utilizing the heat liberated by combus¬ 
tion by means of a gas recycle. 

Whilst the development of new adsorbents on monolithic [62] or fibrous supports 
[63] to cut pressure drops, of high-capacity metal organic frameworks (MOFs) [64], 
or of highly selective molecularly imprinted polymers (MIPs) [65], is certainly bene¬ 
ficial for the realization of novel adsorptive reactive concepts, the serendipity of cata¬ 
lytic chemistry and the accompanying adsorption process remains the crucial factor 
for the success or otherwise of an adsorptive reactor. Thus, although a healthy 
degree of skepticism is appropriate when assessing the suitability of an adsorptive 
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reactor for a given reaction engineering task it should never be rejected out of hand, 
especially in light of the plethora of design options available. 
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Reactive Stripping in Structured Catalytic Reactors: 
Hydrodynamics and Reaction Performance 


Tilman J. Schildhauer, Freek Kapteijn, Achim K. Heibel, 

Archis A. Yawalkar and Jacob A. Moulijn 

8.1 

Introduction 

In the field of integrated processes, reactive separations are prominently present due 
to the high degree of synergy to be achieved in many processes [1, 2]. Reactive sepa¬ 
rations can have positive effects on the conversion, as well as on the selectivity in a 
process. 

In the case of equilibrium-limited reactions, the combination of reaction and 
separation in one (multifunctional) apparatus allows equilibrium limitations to be 
overcome by removing one or more products from the phase in which the reaction 
takes place. If a catalyst is present in a process, in-situ removal of an inhibiting prod¬ 
uct, which strongly adsorbs onto the catalyst surface, will lead to a higher catalyst 
activity and lifetime. 

In separations limited by azeotrope formation under nonreactive conditions, the 
addition of a reaction (that is, usually adding catalyst) constantly changes the con¬ 
centrations such that the separation continues beyond the azeotrope. In processes 
with coupled products (enantiomers, ortho-/meta-/para- substitution), the in-situ 
removal of the desired product will favor the reaction towards this product, and will 
therefore strongly increase the selectivity. 

Sometimes, the thermal effects that occur anyway during phase changes might be 
exploited for an improved temperature control, for example cooling by solvent evap¬ 
oration in exothermic processes. 

The best-known and (commercially) most successful example of combining 
reaction and separation is the reactive distillation. Reactive distillation has been 
investigated widely [3, 4; see also Chapters 3, 4, and 5] and is applied to many 
processes [5]. However, the integration of more than one functionality in an appara¬ 
tus leads to a loss in degrees of freedom. For a successful integration, the feasible 
window of operation concerning process conditions such as pressure and tempera¬ 
ture must coincide for the reaction, the separation and the apparatus (Fig. 8.1). 
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Fig. 8.1. Superposition of operation windows (schematic, for 

two parameters only). (From Ref. [6].) 

For a number of processes, reactive distillation is not possible, as some of the reac¬ 
tants are destroyed or degraded in side reactions by heating them up to boiling tem¬ 
perature. Examples of such processes are the Knoevenagel-condensation of 
aldehydes or ketones with components of high CH-acidity, the production of enam- 
ines or carbonic acid amides, or the esterification of fatty acids with fatty alcohols to 
fatty esters [7]. 

In such processes, the creation of a permanent gas phase by means of an (inert) 
gas allows a low-boiling compound (often water) to be stripped from the liquid 
phase at temperatures lower than the reactant boiling points. 

This so-called “reactive stripping” offers not only a greater freedom in the choice 
of pressure and temperature, but also in the concentrations and feeding points of 
the liquid reactants. Usually, the separation of the stripped compound(s) from the 
strip gas can be achieved in a simple condenser, permitting an easy recycle of the 
strip gas. The liquids and the strip gas only have to be heated up to the temperature, 
which is optimal for the desired reaction. Especially when boiling points are high, 
reactive stripping can be more energy efficient than reactive distillation, but not if 
full conversion in one pass is desired (Fig. 8.2). The Sinopec/Lummus bisphenol-A 
process is a commercial example of reactive stripping [8]. 

In a number of petrochemical processes, a gas (hydrogen) is present as reactant. 
In hydrodesulfurization (HDS), hydrocracking (HC), and hydrodenitrogenation 
(HDN), the reaction products H 2 S and ammonia, respectively, are known to 
decrease the catalyst activity, but are partly transferred to the gas phase. Therefore, 
also these processes profit from reactive stripping. 

Several investigations of these petrochemical processes address the question of 
co-current versus countercurrent operation [1, 9, 10]. Whereas reactive distillation is 
a countercurrent operation by definition, in HDS, HC and HDN countercurrent 
operation is favorable because the gas-liquid equilibrium (GLE) of H 2 S and ammo¬ 
nia lies to high extent on the gas side. However, this cannot be generalized. As 
shown in Fig. 8.3, an internal loop can occur if the gas flow, which stripped the 
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Fig. 8.2. Production costs for a high-boiling ester for various 
flowsheet options. (From Ref. [6].) 


undesired product, comes into contact with fresh liquid reactant entering the reactor 
free of the undesired product. In this case, the undesired product will be 
(re)absorbed by the liquid, thus increasing the overall hold-up of the undesired prod¬ 
uct in the reactor. 

In many cases, neither full conversion nor complete separation of the undesired 
product will be achieved in one pass through the apparatus. The recycled liquid con¬ 
tains a certain (low) concentration of the undesired product when entering the reac¬ 
tor (Fig. 8.4). Readsorption of the undesired product will then be negligible. 

Nonetheless, the possibility of an internal loop should be checked carefully in 
some preliminary simple modeling work. If countercurrent operation is less favor¬ 
able, a cross-flow-type operation could be chosen, where the reactor is divided into 



Fig. 8.3. Concentration profile of water for the gas and the 
liquid phase. The arrows indicate mass transfer by stripping and 
readsorption and water production by reaction. 


strip gas 


t I 


Fig. 8.4. Schematic flowsheet for a countercurrent 
reactive stripping process with liquid recycle. 
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several parts each being operated in co-current mode, but with individual gas 
streams for each part (Fig. 8.5). 

In principle, any catalyst bed used for reactive distillation or trickle bed operation 
can also be applied in reactive stripping. The performance will depend mainly on the 
optimal ratio between catalyst hold-up, the gas-liquid and the liquid-solid interface. 
However, recycling of the strip gas flow makes a low pressure drop (and therefore a 
high voidage) especially beneficial. In countercurrent operation, flooding - a well- 
known problem - must be avoided. The present studies have focused on structured 
catalyst supports, developed for either reactive distillation or reactive stripping, with 
a particular emphasis being placed on the use of so-called film-flow monoliths. 

8.2 

Hydrodynamics 

In this section of the studies, the flow patterns of two-phase flow in the investigated 
packings (monoliths, Sulzer DX®, and Sulzer katapak S®) are discussed. Further, 
the resulting residence time distribution (RTD), flooding limits, and mass transfer 
behavior are compared. 

8 . 2.1 

Flow Patterns 
8 . 2.1.1 Monoliths 

Monolithic catalyst carriers are state-of-the-art in exhaust gas cleaning, for example 
in automobiles, DeNOx or removal of VOCs. To minimize diffusion length and to 
increase the geometric surface area, monoliths with small-diameter channels have 
been developed which can be produced easily by extrusion, followed by calcination. 
In the past few years the application of monoliths in gas-liquid operation has been 
investigated intensively [10-13]. 

As shown in Fig. 8.6, several typical flow patterns can be found in the monolith 
channels, depending on gas-liquid ratio, flow rates, viscosity, surface tension, and 
channel diameter. All of these flow patterns show a very low static hold-up, but only 
two are regular and allow stable operation: the so-called Taylor-flow and the film- 
flow regime. 



Fig. 8.5. Schematic flowsheet for a co-current/cross-flow 
reactive stripping process. 
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Fig. 8.6. G as-liquid flow patterns in capillaries. 


Taylor-flow or bubble train-flow regimes are characterized by gas bubbles, which 
are separated from the channel wall by a very thin liquid film, and from each other 
by a liquid slug. At flow rates of industrial interest, this regime is achieved with typi¬ 
cal organic fluids or water in monolith channels smaller than 2 mm. Typical geo¬ 
metric surface areas are between 1200 and 4000 m 2 nr 3 . Due to the thin liquid films 
between the bubbles and the wall on the one hand, and a strong internal recircula¬ 
tion of the liquid slug and exchange between the slugs and the films during the 
moving of the slugs and bubbles along the channel on the other hand, mass transfer 
in this regime is extraordinarily high and is accompanied with a low pressure drop. 
Gas and liquid are fed co-currently into the reactor by a spray nozzle for the liquid 
and free gas suction, or together through a special set of static mixers to form a 
foamy layer on top of the monoliths. The low pressure drop permits having, if neces¬ 
sary, a high recirculation rate of gas as well as liquid. Figure 8.7 shows a set-up using 
monoliths in Taylor-flow regime where the heat of reaction is removed by an exter¬ 
nal heat exchanger. Meanwhile, Akzo Nobel runs a commercial process applying the 
Taylor-flow regime, namely the hydrogenation of anthraquinone. 

In monolithic catalyst carriers with wider channels, the liquid forms a film on the 
channel walls, whereas in the core of the channel a continuous gas phase exists. As 
shown by Lebens [10], countercurrent gas-liquid operation is now possible, and 
shows certain advantages over the countercurrent trickle bed operation. Typical 
channel diameters are 3-5 mm, and the geometric surface areas are between 550 
and 1000 m 2 m- 3 . Below the flooding point, almost no hydrodynamic interaction 
between the gas and liquid can be observed; for example, the RTD is the same for 
both co-current and countercurrent operation. Apart from some surface waves, the 
film flow is completely laminar. 
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Fig. 8.7. Schematic flowsheet for a co-current monolithic loop 
reactor. (From Ref. [14].) 

In collaboration with the University of Wageningen, magnetic resonance imaging 
(MRI) was used to visualize the film flow in the monoliths [15]. As shown in Fig. 8.8, 
liquid (water) was fed onto a complete piece of monolith from which four channels 
then were prolonged for measurement. In Fig. 8.9, the liquid is represented as light 
areas in the corners of the four channels. Clearly, the channel walls are not uni¬ 
formly irrigated. In the corners, the gas-liquid interface is shaped like an arc, 
whereas between the pockets, only a thin liquid film remains (-70 pm). This retrac¬ 
tion of the film into the corners can be attributed to the high surface tension of the 
liquid used (water). Additionally, the liquid pockets of one channel have different 
sizes, and this leads to channel scale maldistribution. 

In order to improve the channel wall irrigation, modified channel geometries have 
been developed. Figure 8.10 shows the top view of different monoliths and the corre¬ 
sponding MRI-picture of one channel. The cell density for all three samples is 25 
cells per square inch (cpsi); the diameter is 43 mm. Some details of the monoliths 
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Fig. 8.8. Detail of the experimental set-up used for MRI- 
visualization of the liquid flow in four monolith channels. 
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investigated are listed in Tab. 8.1. On the left side, a clear corner flow can be 
observed for the square channel. For the internally finned monoliths (IFM, center), 
the situation improves in that a larger part of the wall is irrigated. Monoliths with 
strongly rounded channel corners (MRC) achieve the best distribution of liquid, with 
the film thickness being very constant and the walls almost completely wetted. As 
shown in Sections 8.2.2, 8.2.3, and 8.2.4, these different channel geometries also 
have an impact on RTD, mass transfer, and flooding behavior. 

In order to improve the flooding behavior at the point where two pieces of mono¬ 
lith are stacked on each other, it was suggested [17] that short pieces of monoliths 
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Fig. 8.9. MRI-visualization of the liquid flow in four monolith 
channels (uls = 0.03 m s _1 ; no forced gas flow, 25 cpsi monolith). 


Table 8.1. Geometric details of the monoliths investigated. 


Cell density [cells in- 2 ] 

25 

25 

25 

25 

50 

Shape 

Square 

(SQ) 

Rounded 1 
(RC) 

Rounded 2 
(MRC) 

Finned 

(IFM) 

Square 

Void fraction - e [%] 

65 

63 

59 

73 

68 

Surface/volume ratio - 
a [m 2 m- 3 ] 

640 

591 

546 

1040 

920 

Hydraulic diameter - 
dhydraulic [mm] 

4.07 

4.29 

4.31 

2.81 

2.96 

Corner radius - 
roomer [mm] 

— 

0.74 

1.35 

— 

— 

Number of full channels 

44 

44 

44 

44 

88 
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Fig. 8.10. Top view of different monolith types and the 
corresponding M Rl-visualization of the liquid flow in one channel. 

Left: 25 cpsi square channels (SQ); center: 25 cpsi internally 
finned (IFM); right: 25 cpsi more rounded corners (MRC). 

with wider channels be stacked between the standard monoliths (Fig. 8.11). In con¬ 
sequence, the laminar film flowing down the monolith channels is disturbed and 
remixed at these stacking points, and this has a positive influence on the liquid side 
mass transfer and RTD. 

8.2.1.2 SulzerDX® 

These packings are built up from corrugated sheets of wire gauze (Fig. 8.12). Liquid 
forms a thin film that is spread over the complete wire gauze by capillary forces. At 
the location where two corrugated sheets touch, the liquid films are partly remixed. 



Fig. 8.11. Stacking of monoliths for extension of flooding limits, 
residence time distribution (RTD) and mass transfer by remixing 
the laminar layers. Short pieces with a higher hydraulic diameter, 
turned through 45°, are stacked between longer monoliths with a 
small hydraulic diameter. (From Ref. [23].) 
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The 5 cm-long packings are stacked with an axial 90° turn against each other, and 
this again leads to a complete mixing of the liquid films. Due to their high voidage 
(ca. 80 %) and high surface area (900 m 2 rm 3 ), these packings are often applied for 
vacuum distillation. For the application in reactive stripping, the wire gauze is 
coated with catalyst. 

8.2.1.3 Sulzer katapak-S® 

Sulzer katapak-S® were developed for use in reactive distillation, though their use 
for trickle bed operations [18, 19] and as catalyst carrier in bubble flow columns [20] 
has also been investigated. Like DX, these packings consist of corrugated sheets 
made from wire gauze. Every second channel between the corrugated sheets is 
closed to form a “tea bag” which is filled with catalyst particles (Fig. 8.13). Therefore, 
voidage (ca. 40 %) and surface area (440 m 2 m- 3 ) are approximately half of those for 
the DX. 

Due to capillary forces, pure liquid phase flow is found in the catalyst bags, and 
this leads also to a high static hold-up. At low liquid loadings, only a very thin film is 
formed on the wire gauze in the open channels that is spread by the gas flow. At liq¬ 
uid flow rates, beyond the so-called loading point, liquid flows through the open 
channels also as bypassing rivulets. If the liquid flow rates become even higher, the 
flooding limits are reached. 

Generally, liquid-solid mass transfer and surface reaction on the catalyst are dom¬ 
inant in the catalyst bag, whereas the open channels serve for the gas-liquid mass 
transfer. As in DX-packings, the liquid film is partly remixed at the connecting knots 
between the two corrugated sheets. Even more importantly, the packings are turned 
by 90° against each other every 20 cm. At this point, partial flooding occurs, and 
consequently the liquid from the open channels and the tea bags is remixed to a 
high extent. As shown in Sections 8.2.3 and 8.2.4, these two different mixing pat¬ 
terns have a strong influence on RTD and gas-liquid mass transfer. 



Fig. 8.12. One element of Sulzer DX® packing. 
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Fig. 8.13. One element of Sulzer katapak-S® packing. 

8 . 2.2 

Hold-up, Pressure Drop, and Flooding Limits 

Magnetic resonance imaging permitted direct observation of the liquid hold-up in 
monolith channels in a noninvasive manner. As shown in Fig. 8.14, the film thick¬ 
ness - and therefore the wetting of the channel wall and the liquid hold-up - 
increase nonlinearly with the flow rate. This is in agreement with a hydrodynamic 
model, based on the Navier-Stokes equations for laminar flow and full-slip assump¬ 
tion at the gas-liquid interface. Even at superficial velocities of 4 cm s _1 , the liquid 
occupies not more than 15 % of the free channel cross-sectional area. This relates to 
about 10 % of the total reactor volume. Van Baten, Ellenberger and Krishna [21] 
measured the liquid hold-up of katapak-S®. Due to the capillary forces, the liquid 
almost completely fills the volume between the catalyst particles in the “tea bags” 
(about 20 % of the total reactor volume) even at liquid flow rates of 0.2 cm s- 1 
(Fig. 8.15). The formation of films and rivulets in the open channels of the structure 
cause the further slight increase of the hold-up. 

Experiments to measure pressure drop and flooding limits were performed in a 
set-up accommodating monoliths with diameters of 43 mm (Fig. 8.16), while the 
length of the monoliths varied up to total length of 1 meter. The liquid was distrib¬ 
uted by a nozzle; the gas was introduced in countercurrent mode via mass flow 
controllers in the system. At the outlet of the monolith, a special device was 
mounted (Fig. 8.17), which improved draining of the monolith. The pressure drop 
along the column was measured using differential pressure transmitters. All experi¬ 
ments were performed at room temperature and atmospheric pressure. 

Typically, the pressure drop increases for a given liquid velocity slowly with 
increasing gas flow rates. Between 100 and 300 Pa m -1 , the pressure drop 
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Fig. 8.14. Liquid hold-up in monolith channels: comparison of 
modeling result with data obtained from MRI-experiments for 
liquid flow visualization. 



Fig. 8.15. Experimentally determined liquid hold-up in 
katapak-S® packing. (From Ref. [21].) 

rises strongly, and the flooding starts. These curves appear similar to those for 
katapak-S®, except that the onset of flooding occurs at pressure drops of about 800- 
1000 Pam- 1 [22]. For comparison, Fig. 8.18 shows the (more or less coinciding) 
flooding points for 25 cpsi monoliths with square channels (dhydmulic = 4 mm), kata- 
pak-S® [dhydraulic = 6.4 mm) and Montz multipak (dhydmuiic= 7 mm). 
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Fig. 8.16. Schematic flowsheet for the experimental 
determination of pressure drop, flooding limits, residence time 
distribution (RTD), and mass transfer. 



Fig. 8.17. Outlet device for improved draining of monoliths by 
optimized droplet formation. 

Flooding in monoliths starts at the outlet, the inlet, or where two pieces of mono¬ 
liths are stacked. At these points, the laminar film is disturbed. Droplets or waves 
might fill the cross-sectional area and are transported upwards by the gas. It was pro¬ 
posed to add at these critical points short pieces of monoliths with a larger channel 
diameter in order to avoid the onset of flooding by widening the cross-sectional area 
(Figs. 8.11 and 8.19(a)). As shown in Fig. 8.19(b), the flooding limits are shifted 
towards higher gas flow rates. In this way, countercurrent operation is possible even 
in 200-cpsi monoliths (dhydmulic= 1.25 mm). 

8.2.3 

Residence Time Distribution 

The liquid RTD in monoliths was measured in the set-up described above (see Fig. 
8.16). Monoliths with a length of 50-100 cm were used for these experiments, and 
an additional length of 1 cm was investigated to take into account the effects of the 
tracer injection, liquid distribution, and collection section on residence time. 
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Fig. 8.18. Experimentally determined flooding limits (water/air) 
for different packings. (Data for katapak from Ref. [22]; data for 
Multipakfrom Ref. [27].) 
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Fig. 8.19. (a) Improved monolith stacking at the reactor 

inlet and outlet, (b) Flooding limits of 50 cpsi monolith 
(dhydraulic = 3 mm) in countercurrent operation for different 
gas flow rates. 

The liquid (tap water) was pumped through the tracer injection fitting, where a 
determined tracer volume was injected. Before entering the spray nozzle, the liquid 
flow was monitored for the dye concentration using an optical flow cell. The liquid 
passed the channels of the monolith and was collected with a small stirred vessel 
(mixing-cup). From this mixing cup the liquid was led on to a second probe, which 
measured the dye concentration by spectroscopy. The absorption of light is related to 
the concentration of the tracer by the Beer-Lambert law. 
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Fig. 8.20. Experimental dimensionless RTD for a finned 
monolith (IFM) of75 cm length. (From Ref. [10].) 


Fig. 8.21. Experimental dimensionless RTD for a 
continuous monolith of 100 cm length (RC, full line) 
and stacked monoliths (50cpsi/25 cpsi, length 
100 cm, dotted line). 

Each experiment was repeated at least four times, and good reproducibility was 
found between the different experiments. Air was used as medium for the gas 
phase, but it transpired that gas flow has almost no influence on the liquid RTD. 

Figure 8.20 shows the dimensionless RTD for a finned monolith (IFM) of 75 cm 
length (from Ref. [10]). Typical for all film-flow monoliths are the high peaks at 
times earlier than the mean residence time, as well as the very long tailing. Both 
phenomena can be explained with the character of the laminar flow. The fastest liq¬ 
uid can be found at the film surface in the corners, as here the distance to the chan¬ 
nel wall is maximal. This causes the early breakthrough, whereas the tailing 
represents the liquid flowing with very small velocity next to the wall. In round-chan¬ 
nel geometries, the breakthrough comes later than in square geometries, because 
the maximum film thickness is lower. However, as the channel wall is nearly com¬ 
pletely wetted in round geometries, the tailing increases [24]. 

The stacking of monoliths (see Fig. 8.11) remixes the liquid film each time, and 
thus, the difference between slow- and fast-flowing liquid layers should decrease. 
Figure 8.21 shows the not deconvoluted RTD curves for a 100 cm-long continuous 
monolith (25 cpsi, round channels) and a set of four pieces of 21 cm length (50 cpsi, 
square channels) with five pieces of 3 cm length (25 cpsi) stacked before, after, and 
in between the longer ones. The effect of the stacking on the early peak is not as 
strong. Nonetheless, in the stacked case no dye emerges before half of the mean res¬ 
idence time, whereas the breakthrough starts at one-fourth of the residence time in 
the continuous monolith. More evident is the cutting of the tail. In the stacked case, 
the tail ends at about 9 = 2.5, whereas in the continuous monolith the tail persists 
until 6 = 4.5. As a consequence, the number of tanks in series describing the stan¬ 
dard deviation of the system with the continuous monolith is about 3.3 compared to 
9.6 in the stacked case. 

The RTD of katapak-S® has been measured by Moritz and Hasse (Fig. 8.22). 
Below the load point, a narrow distribution with a pronounced tail is observed which 
can be attributed to stagnant zones present at low liquid loads. Around the load 
point, the continuous flow through the catalyst-filled bag causes a narrow distribu¬ 
tion without any tailing, whereas the bypassing flows occurring beyond the load 
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point strongly broadens the RTD. The mean residence times of packings with 
catalyst-filled bags are comparatively higher than those of monoliths due to the 
higher liquid hold-up [25]. 


8.2.4 

Gas-Liquid Mass Transfer 

In the above-described set-up (Fig. 8.16), the physical absorption of oxygen in water 
was used to measure the gas to liquid mass transfer. Thin-film fluorescence quench¬ 
ing-based sensors were installed to determine the oxygen concentration at the inlet 
and exit of the reactor. From the measured oxygen concentrations, the mass transfer 
coefficient was calculated based on the reactor-based liquid velocity: 


Mi 


a ls 


In 


(i) 


To separate liquid distribution, entrance and collection effects, a short monolith 
piece was measured and deduced for the determination of the feia-value of the con¬ 
sidered monolith section in developed laminar film regime. Figure 8.23 shows some 
results for monoliths of different channel geometry and diameter. In general, a 
slight increase of the mass transfer performance with liquid velocity is found. This 
can be related to a large amount to the increase in gas-liquid interface area for 
higher flows. 

Two basic trends can be determined. By comparing the 25 cpsi monoliths, chan¬ 
nel rounding clearly leads to better mass transfer performance. The slightly rounded 
channels (RC) show a small increase, but a significant improvement is found for the 
more rounded channels (MRC). As expected, a higher S/V ratio or cell density also 



Fig. 8.22. Experimental dimensionless RTD for 
katapak-S® packing (from Ref. [22]): far below loading 
point (dashed line); at loading point (dotted line); 
beyond loading point (full line). 
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Fig. 8.23. Experimental gas-liquid mass transfer 
coefficients for fully developed laminar flow 
(monolith section from 80-500 mm) □ = 25 cpsi 
square channels; A = 50 cpsi square channels; 

♦ = 25 cpsi rounded corners (RC); • = 25 cpsi 
more rounded corners (MRC). 
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leads to a better mass transfer performance. Even though the S/V ratio for the MRC 
monoliths is significant less (60 %), a better performance is found compared to the 
50 cpsi square monoliths. This clearly indicates the importance of channel shape in 
fully developed laminar flow. 

However, the mass transfer coefficients found are clearly lower than those 
reported for distillation packings [26, 27]. This can be explained by the flow patterns 
in distillation packings, where the films constantly are disturbed and remixed, and 
therefore a completely developed laminar profile is never present. The mass trans¬ 
port is dominated by convection, not diffusion. It would be expected that remixing of 
the film layers, as accomplished by the stacking of monoliths (see Section 8.2.3) 
improves not only the RTD but also the mass transfer performance of monoliths. 

To compare the mass transfer behavior under realistic stripping conditions, a set 
of experiments was carried out at elevated temperatures and pressures. In a 2 in¬ 
king column (diameter 5 cm), nitrogen was brought into contact with a mixture of 
ca. 14 mol% ester (octyl-hexanoate) and 86 mol% cumene, enriched with 2000- 
2500 ppm water, which was representative for the reactive experiments in these 
studies. 

First, the effects of gas and liquid flows, co-current versus countercurrent opera¬ 
tion, pressure and temperature were checked. As expected, based on the influence of 
these parameters on the vapor pressure or the vapor-liquid equilibrium (VLE), the 
fraction of water stripped by the nitrogen increases with increasing gas flows, 
decreasing liquid flows, lower pressures and higher temperatures. Countercurrent 
operation is more efficient than co-current operation, because the liquid phase at the 
inlet was already enriched with the compound which was to be separated. 

In a second set of experiments, different monolith types - Sulzer DX®-packings 
and katapak-S® - were tested under varying gas flow rates in countercurrent opera¬ 
tion. The scatter of the data points in Fig. 8.24 was caused by the slightly changing 
water concentrations in the organic liquid. 

Nonetheless, certain trends can be identified from these results. At low gas flow 
rates, the GLE is far to the liquid side, and therefore all monoliths and packings 
show low apparent stripping efficiency. The situation is inversed at high gas flow 
rates: now, most of the water can be stripped, and the differences in mass transfer 
performance again are not clearly visible. In the middle range, the expected advan¬ 
tage of structured packings over monoliths can be observed, but no difference was 
seen between the different monoliths. This is most probably due to the entrance 
effects (the better mass transfer of the developing film is equal for all channel geom¬ 
etries) and the less-pronounced corner flow of the organic liquid, which has a low 
surface tension. 

8.2.5 

Conclusions 

The very particular flow patterns investigated explain to a large extent the differences 
observed between monoliths and distillation packings. The generally low pressure 
drop of monoliths and DX-packings can be attributed to the high voidage and large 
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Fig. 8.24. Performance of water stripping from a 14 % ester/ 
cumene mixture for different type of packings, depending on the 
nitrogen flow (2 m column length, 5 cm diameter, 160 °C, 5 bar a bs, 
liquid flow 25 kg kr 1 , water contents 2000-2500 ppm). 

hydrodynamic diameter, whereas the katapak-S® gains from the separation of gas 
flow and liquid-filled channels due to capillary forces in the catalyst-filled bags. The 
onset of flooding occurs at similar conditions for all packings; however, the ongoing 
development of improved monolith stacking and inlet/draining devices shifts the 
flooding limits for monoliths towards higher capacities and smaller hydrodynamic 
diameters. 

The fully laminar flow regime in long monoliths leads to high early peaks and very 
long tailing in the RTD and fair mass transfer performance, whereas continuous 
remixing of the fluid due to the corrugations and the 90° turn of stacked distillation 
packings (DX, katapak-S®, but also Montz Multipak or katapak-SP®) reveals a nar¬ 
rower RTD and higher mass transfer rates. Rounded monolith channels have a bet¬ 
ter mass transfer and RTD than squared channels. However, an even larger 
improvement is expected (and was shown for RTD at low liquid loads) by remixing 
the laminar layers in stacked monoliths. On the other hand, straight-channel mono¬ 
liths with fully developed laminar flow may have an advantage in gas-liquid contact¬ 
ing of highly viscous fluids (for example polymers) or in liquid-liquid processes. 
Compared to corrugated packings, the straight flow in continuous monoliths per¬ 
mits smaller hydrodynamic diameters, and therefore higher geometric surface areas. 

8.3 

Reactive Experiments 

The feasibility of using catalyst-coated film-flow monoliths for reactive stripping 
applications was demonstrated successfully by a set of reactive experiments in a 
pilot-scale reactor [28]. 

The following sections introduce the kinetics and the side reactions of the chosen 
model reaction, the catalyst and the set-up used for the experiments, and outline the 
main results that are valid, independent of the type of packing used. 
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8.3.1 

Model Reaction 

As shown by Schembecker and Tlatlik [6], the production of a high-boiling ester is a 
promising system for reactive stripping application. The esterification of hexanoic 
acid with 1-octanol was studied as model reaction. The reaction runs very slowly 
without additional catalyst, and can be catalyzed by solid acids such as Amberlyst® 
or zeolites. Water, besides the octyl-hexanoate one of the reaction products, strongly 
inhibits the activity of the catalyst and lowers the maximally obtainable conversion of 
this equilibrium-limited reaction. In two side reactions, di-octyl-ether and octene are 
formed. As discussed later, the stripping of the water influences not only the activity, 
but also the selectivity. Therefore, this particular reaction is an illustrative example 
for the production of a high-boiling ester rather than a process of direct industrial 
interest. 


8.3.1.1 Kinetics 

The kinetics of the esterification of 1-octanol with hexanoic acid on zeolite BE A was 
studied by Nijhuis et al. [29]. For the acid, a first-order behavior was found, whereas 
the alcohol showed a negative reaction order of -1. From the data, an Eley-Rideal 
mechanism was concluded. The acid adsorbs onto the surface of the catalyst and 
reacts with an alcohol. The adsorption of water, alcohol, ester or ether inhibits the 
reaction. Hoek [30] found that the adsorption constant of water is more than one 
order of magnitude higher than those of the other compounds. The rate law given by 
Nijhuis et al. [29] also includes the equilibrium limitation: 
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8.3.1.2 Side Reactions 

As mentioned earlier, two side reactions are present. Octene is formed to a low 
extent (<2 %), and this might occur by dehydration of the 1-octanol or by splitting of 
an ester. Due to the small amounts, neither the mechanism of octene formation was 
further investigated, nor the principally possible isomerization of octene and subse¬ 
quent formation of secondary esters or ethers. 

The etherification of two 1-octanol molecules to di-octyl-ether is more important. 
Nijhuis et al. [29] suggested a dual-site mechanism and a second-order reaction for the 
alcohol: 
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Under the experimental conditions chosen, no equilibrium limitation for this reac¬ 
tion was observed. The values for all kinetic parameters are presented in Tab. 8.2. 

8.3.2 

Experimental 

8.3.2.1 Catalysts 

Any (solid) acid can catalyze this esterification (e.g., Nafion® or Amberlyst®), 
though zeolite BEA turned out to be most active. Before coating, the monoliths were 
fired at 1000 °C. Following the procedure described in Ref. [31], a slurry of BEA-pow- 
der, colloidal silica and a small amount of surfactant in water was prepared. The dou¬ 
ble quantity of water was used to obtain very thin (but uniform and stable) catalyst 
layers in the wide channels. The monoliths were dipped into the slurry, dried and 
calcined. To increase the catalyst hold-up, they were again coated, dried and calcined. 

An ion exchange with ammonium nitrate solution and subsequent calcination was 
carried out to guarantee obtaining the H-BEA form. Using this method, 22-26 g of 
catalyst could typically be coated onto a piece of monolith (43 mm diameter, 50 cm 
long). Higher catalyst hold-ups can be achieved by repeating the coating procedure 
several times. 

The coating of wire gauze DX-packings is also described in Ref. [31], and in this 
way a catalyst hold-up of 17 g in 50 cm of packing was achieved. The catalyst bags of 
the katapak-S® were filled with a sieve fraction (250-500 pm) of ground H-BEA 
extrudates, and this resulted in ca. 66-67 g catalyst in 50 cm of packing. 

8 . 3.2.2 Experimental Set-ups 

Most of the experiments were carried out in a pilot-scale reactor (Fig. 8.25). For each 
experiment, four pieces of coated monoliths were stacked carefully in line and 
mounted in a 2 m- high heated column of 50 mm diameter. The preheated liquid 
feed was distributed via a spray nozzle. After each pass, the liquid was collected in 
the liquid-supply vessel and was circulated continuously through the reactor (batch- 
recycle mode). The preheated countercurrent nitrogen stream was fed after one pass 
to a condenser to separate the liquid, and then vented. The condensables were col¬ 
lected in a phase separator, from where the water could be tapped off, whilst the 


Table 8.2. Kinetic parameters for the reaction rate expressions 
of esterification/etherification of hexanoic acid and 1-octanol (as 
determined by Ref. [29]; K wa ter* from Ref. [30]). 


Parameter 

Value 

Units 

ki 

0.020 

1 gear 1 mim 1 

Kalcohol 

9.2 

1 mob 1 

^3 

0.046 

1 gear 1 min- 1 

lc4 

0.00051 

mol gear 1 min- 1 

Kester 

7.5 

1 mol- 1 

Kwater * 

600 

1 moH 

Ke q 

16 

- 
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organics were sent back to the liquid vessel via an overflow. During the experiments 
liquid samples were taken from the liquid inlet to the reactor and from the reactor 
outlet. Samples were analyzed using gas chromatography (GC) and a Karl Fischer 
coulombmeter (KF) to determine concentrations and water contents. Herein, the 
conversion measured at the reactor inlet for a certain time point is referred to as 
“reactor inlet conversion”. The difference in conversion between the reactor inlet and 
outlet samples at the same time point will be called “per (single) pass conversion”. 

For reactive stripping experiments, ca. 13 L of liquid was used containing cumene 
as solvent, tetradecane as internal standard, and ca. 12 mol% each of hexanoic acid 
and octanol-1. For the experiments with elevated acid concentrations, these values 
were 20 mol% and 11 mol%, respectively. All experiments were carried out at 160 °C 
and 5 bar absolute pressure. 

The total BEA catalyst amount in the reactor ranged from 91 to 103 g for the dif¬ 
ferent monolith sets. The mass balances for the experiments were in the range of 
99 % to 101 %. The water balances for the reported experiments were in the range 
of 97 % to 101 %, thus giving sufficient confidence in the results of GC- and 
KF-analyses. Flooding of the column was never observed. 

For the experiments with increased water content or suppressed water removal, a 
5 cm-long piece of coated monolith was mounted in a 500-mL autoclave. All liquid 
concentrations, operation conditions and catalyst hold-up were the same as in the 
pilot-scale plant. To maintain a gradient-less operation, a turbine-type stirrer recircu¬ 
lated the liquid very rapidly through the monolith channels. During the experi¬ 
ments, liquid samples were taken from the reactor and analyzed as described above. 

For the activity test, stirred glass flasks (50 mL) were run under atmospheric pres¬ 
sure and reflux conditions. The solvent (cumene) boils at 160 °C, and the vapor 
enters the cooler above the glass flask, from where the condensates flow back. Treat¬ 
ment of the samples, all liquid concentrations and catalyst hold-up were similar to 
those in the pilot-scale plant and in the autoclave. 

phase 



Fig. 8.25. Schematic flowsheet for pilot-scale reactive stripping 
experiments in countercurrent mode. 
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8.3.3 

Experimental Results 

In this section, only general findings will be discussed which are valid for all pack¬ 
ings investigated. Differences between the monolith types or between distillation 
packings and monoliths, which can be explained by the different flow patterns, are 
discussed in Section 8.4. 

Figure 8.26 shows the initial reaction rates, measured for the original BEA pow¬ 
der, for BEA-extrudates (ca. 12 mm long, 1.5 mm diameter), milled extrudates, sam¬ 
ples from BEA coating and from coating of DX-packings. It is clearly visible, that all 
initial rates (with exception of that for the DX-coating) are practically equal. It can be 
concluded that internal (pore) diffusion limitation plays no role. Also, the coating 
procedure seems to have no negative impact on the activity in the case of monoliths. 

For the coating of the DX-packings, slight deactivation can be assumed, as the DX- 
packings had already been used and recalcined several times. 

8.3.3.1 Effect of Water Removal 

The conversion of hexanoic acid as a function of time for the three different experi¬ 
ments is plotted in Fig. 8.27. For orientation, the maximally obtainable conversion if 
no water is removed from the mixture is also plotted (79 % under the chosen condi¬ 
tions). The lowest curve shows a blank experiment where the liquid flows over 
uncoated monoliths and reacts homogeneously. The second curve represents an 
experiment in the autoclave where the water removal is suppressed. The comparison 
of these two curves indicates that, without decreasing the water contents, the cata¬ 
lytic activity of the BEA cannot be used efficiently. The third (highest) curve proves 
the effect of reactive stripping. The reaction runs much faster and easily continues 
beyond the equilibrium. 
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Fig. 8.26. Initial rates for different zeolite BEA-based catalysts, 
measured in open round-bottomed glass flask reactors (160 mg 
catalyst, 160 °C, atmospheric pressure). 
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8.3.3.2 Co-current versus Countercurrent 

Due to an always high water contents at the reactor inlet, the eventual internal water 
loop (as described in Fig. 8.3) should not be a problem. However, if co-current and 
countercurrent operation is compared (Fig. 8.28), a clear difference between these 
two operation modes is found only for the water concentrations, whereas the gain in 
space-time yield is limited to around 10 %. This can be attributed to the high recir¬ 
culation rate of the liquid, whereas in both experiments the gas phase was vented 
after one pass. Therefore, the gas-liquid operation was of the cross-flow-type rather 
than pure co-current or countercurrent. To identify the effect of pure co-current or 
countercurrent operation, the gas phase should also be recycled. 


T 1.0 



Fig. 8.27. Conversion of hexanoic acid in countercurrent 
operation with liquid recycle (2 m column length, 5 cm diameter, 

160 °C, 5 barabs, liquid flow 25 kg h _1 , nitrogen flow 500 Nm 3 h- 1 ). 



run time [min] 


Fig. 8.28. Conversion of octanol and outlet water contents in 
countercurrent (A, dotted line) versus co-current (▲, solid line) 
operation with liquid recycle (1 m of DX® packings, 5 cm diameter, 
160 °C, 5 barabs, liquid flow 25 kg h _1 , nitrogen flow 500 Nm 3 h _1 ). 
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8 . 3.3.3 Selectivity 

Due to side reactions, in most of the experiments a higher octanol conversion than 
acid conversion is found. To investigate this phenomenon, an instantaneous 
selectivity is defined as the ratio of the rate of ester formation over the rate of 
1-octanol-disappearance in one pass through the column: 



c — c 

ester, outlet ester, inlet 

c — c 

oct., inlet oct ; n | et 


hex.acid, inlet hex.acid, outlet 


c —c 

oct., inlet oct., inlet 


( 4 ) 


As the selectivity depends on the concentrations of all compounds, the instanta¬ 
neous selectivity is plotted over octanol inlet conversions to compare different exper¬ 
iments at similar concentrations. Figure 8.29 shows the Sinst for five different 
experiments where only the type of packing was varied. Two striking observations 
can be made. First, all data points for Sinst are on the same curve; and second, this 
curve starts at around 75 %, runs through a maximum, then at ca. 50 % conversion 
level through a minimum followed by a second maximum and a final decay to ca. 
50 % at very high inlet conversion levels. 

The coincidence of the data points for several experiments can be explained by the 
similar concentrations obtained by the way the data are plotted. However, this 
implies that the water contents are also similar. As shown in Fig. 8.30, and as 
expected based on the similar stripping performance of most internals (see 
Fig. 8.24), the water contents are also comparable. 

At low inlet conversions, the single-pass conversions are so high that not all of the 
water produced in one pass can be stripped. Therefore, at the initial stages of 
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Fig. 8.29. Instantaneous octanol selectivity Sinst for different 
packings plotted over inlet octanol conversion (2 m column 
length, 5 cm diameter, 160 °C, 5 bar a bs, liquid flow 25 kg h -1 , 
countercurrent operation). 
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Fig. 8.30. Outlet water concentrations for different packings 
plotted over inlet octanol conversion (2 m column length, 5 cm 
diameter, 160 °C, 5 bar a bs, liquid flow 25 kg h _1 , countercurrent 
operation). 

the experiment the water concentrations are higher at the reactor outlet than at the 
inlet. Only with decreasing per-pass conversions at higher total conversion levels can 
the overall water content be decreased. 

In order to understand the maxima and the minimum of the instantaneous selec¬ 
tivity Si m t, it is useful to plot the predictions of the kinetic model as represented by 
the two rate Equations (1) and (2). In Fig. 8.31, the Sinst expected from the kinetics is 
plotted depending on the fraction of water stripped from the liquid. All these curves 
start at around 75 %, increase to near-unity, and then show a sharp drop at high inlet 
conversion levels. Depending on the fraction of water stripped, the slope of the ini¬ 
tial increase and onset of the final drop of Sinst differ. 

The difference in initial slope is attributed to the different number of catalytic 
sites involved in the two reactions. If water is stripped from the liquid, coverage of 
the catalyst surface with water molecules decreases, and in consequence both reac¬ 
tions are running faster. However, the increase of ether formation is proportional to 
the square of the progress of the esterification, because of the square in the adsorp¬ 
tion term in the ether rate expression (3). Therefore, stripping of water increases the 
rates, but lowers the selectivity at low conversion levels. 

If the conversion level increases, the reactant concentrations decrease. As the 
esterification is of first order in acid, but the etherification of second order in alco¬ 
hol, the latter suffers more from low reactant concentrations. In consequence, the 
instantaneous selectivity increases with increasing conversion levels. 

The sharp drop at high conversion levels is caused by the equilibrium limitation of 
the esterification. If the equilibrium is reached, no more ester is formed, whereas 
the etherification continues. As the equilibrium depends on the water concentra¬ 
tion, the drop of Sinst to zero occurs at higher conversion levels, if water has been 
stripped from the liquid. 
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Fortunately, inlet and outlet concentrations are known, as are the inlet and outlet 
water contents (Fig. 8.30), and therefore also the maximum possible water content 
in the middle of the column. This allows plotting “regions” of concentration levels 
and the corresponding water contents found in the experiments into the graph 
(shown as circles in Fig. 8.31). At the beginning of the experiments, water contents 
are so high that the instantaneous selectivity follows the line for stoichiometric water 
contents. At about 50 % conversion, the effect of the water stripping is evident, and 
the selectivity drops. As the reaction continues, the selectivity rises again due to the 
low reactant concentrations until the equilibrium is reached and the selectivity drops 
finally. Principally, the shape of the Si rts( -curve is found back and therefore explained 
from the interaction between kinetics and mass transfer. For a more detailed 
analysis, modeling/simulation studies are carried out in collaboration with 
Dortmund University. Results will be published soon. 

8.3.3.4 Acid Excess 

The selectivity issues discussed in the previous section can easily be avoided by an 
excess of acid. An optimized process should run in semi-batch operation (continu¬ 
ous feeding of the alcohol to keep its concentration low). In this way, the effective 
water removal would have the greatest impact on the space-time yield. 

To study the influence of the acid concentration, an experiment with an initial 
hexanoic acid concentration of 20 mol% and 11 mol% initial octanol concentration 
was carried out. As expected, very high octanol selectivity and octanol conversion are 
achieved (Fig. 8.32). ITowever, taking the 1.8-fold higher acid concentration into 
account, enhancement of the single-pass conversions is lower than expected. As the 



acid conversion [-] 

Fig. 8.31. Predicted instantaneous octanol selectivity Sj^st 
plotted over inlet octanol conversion for different degrees of water 
removal. Circles indicate the inlet octanol conversions and the 
corresponding degrees of water removal found in the experiments 
shown in Fig. 8.29. 
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esterification is in first order to the acid concentration, and the acid adsorbs only 
weakly on the catalyst [29], more than 50 % enhancement could be expected, but 
only 30 % was found. This can be explained by the high water contents (400 to 
3000 ppm), which are almost double the values found at non-elevated acid concen¬ 
trations (200-1300 ppm). 

In a non-reactive stripping experiment, it was found that higher acid concentra¬ 
tions change the GLE and cause higher liquid phase water concentrations. Reaction 
product mixtures with constant water contents, but of different reactor inlet conver¬ 
sion levels, were fed at 160 °C and 10 bar g over uncoated IFM-monoliths. Hence, no 
reaction other than water removal could take place in the column. With increasing 
reactor inlet conversion levels - and therefore decreasing acid concentrations - the 
fraction of water stripped out increases. The only reason for this can be a shift of the 
VLE (Fig. 8.33). This observation is confirmed by flash simulations in Aspen Plus® 
at Dortmund University [32], which showed increasing equilibrium water contents 
in the organic liquid for increasing acid concentrations. 

8.3.4 

Conclusions 


The esterification of 1-octanol with hexanoic acid is a good system for studying 
reactive stripping, as it not only represents many industrial processes, but also illus¬ 
trates the interdependencies of activity, selectivity, and mass transfer in reactive 
separations. 

Experiments in a pilot-scale plant demonstrated the feasibility of applying coated 
monoliths and DX® packings or katapak-S® successfully as catalyst carriers in 
reactive stripping. It was proven that the water removal increases the catalyst activity 
and permits a “shift” in the equilibrium. In accordance with the kinetics of this 
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Fig. 8.32. Selectivity, per-pass-octanol-conversion and inlet/ 
outlet water contents for an experiment with increased inlet 
hexanoic acid concentration (2 m column length, 5 cm diameter, 
160 °C, 5 bar a bs, liquid flow 25 kg h -1 , countercurrent operation). 
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particular model reaction, the water removal causes a loss in selectivity due to differ¬ 
ent reaction mechanisms. However, it was shown that acid excess or semi-batch 
operation mode (continuous feeding of alcohol to keep its concentration low) solves 
all selectivity issues. In any case, in many other processes or reaction systems, an 
improved mass transfer may have a positive influence on the selectivity. 

8.4 

Comparison of Different Internals 

In this section, the effects on reactor performance caused by different flow patterns 
or geometries of the packings investigated are discussed. The first section examines 
the influence of different monolith channel geometries, whilst in the second section 
monoliths and distillation packings are compared. 

8.4.1 

Film-flow Monoliths 

Four different types of BEA-coated monoliths were used for reactive stripping exper¬ 
iments [28]: 25 cpsi square, 50 cpsi square, finned (IFM) and more rounded corners 
(MRC). To allow a direct comparison, in Fig. 8.34, the octanol conversions per single 
pass (i.e., the difference in overall conversion between inlet and outlet of the reac¬ 
tor), normalized to 100 g of catalyst, are shown, plotted over the octanol conversion 
at the reactor inlet. The increase in single-pass conversions for low inlet conversions 
is caused by the strong decrease of the initially high water concentrations due to the 
stripping. At inlet conversions above 25 %, a decrease in single-pass conversions can 
be observed, which can be explained by the decreasing concentrations of acid and 
alcohol. 

However, no significant differences in the performance of the three monolith 
types are observed. As shown in Fig. 8.30, the water contents for all four monolith 
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Fig. 8.33. Stripping performance depending on hexanoic acid 
concentration (2 m column length, 5 cm diameter, 160°C, 
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Fig. 8.34. Per-pass-octanol-conversion for different monolith 
types plotted over inlet octanol conversion (2 m column length, 

5 cm diameter, 160 °C, 5 bar a bs, liquid flow 25 kg h _1 , 
countercurrent operation). 

types are also quite similar, and this was expected on the basis of the non-reactive 
stripping experiments (see Fig. 8.24). Most probably, wetting of the catalyst layers is 
more uniform due to the low surface tension of the organic liquid. Another reason 
might be the dominance of the entrance effects, which may mask differences in 
mass transfer performance for completely developed laminar films in different 
channel geometries. 

8.4.2 

Monoliths versus DX® and katapak-S® 

8.4.2.1 Activity 

If the conversion of octanol is plotted over the run time for katapak-S®, DX® and a 
typical monolith experiment (Fig. 8.35), katapak-S® shows clearly the highest, and 
DX-packings the lowest, space-time yield. 

However, catalyst hold-up was very different among the experiments, ranging 
from 34 g of BEA-coating for the 1 m-long bed of DX over 91 g for 2 m coated mono¬ 
liths to 262 g BEA-extrudates in the beds of katapak-S® (2 m). The conversions per 
single pass through the column are shown in Fig. 8.36, but normalized to 100 g of 
catalyst. Now, the picture is inverted. The high activity of the coated DX-packings 
can be explained with the extraordinarily low water contents (<300 ppm) in the only 
1 m-long bed of DX-packings. As the catalyst activity and water contents are similar 
for katapak-S and monoliths, a similar normalized conversion was expected. The 
slightly lower activity of the katapak-S might be explained with some stagnant zones 
being present in this type of packing at very low liquid loads [22]. Another explana¬ 
tion might be minor catalyst deactivation, as the packings had already been used and 
recalcined several times. Nonetheless, it is remarkable that the higher amount of 
water produced in katapak-S® by the larger catalyst hold-up did not accumulate. 
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Thus, it can be concluded that, in monoliths as well as in katapak-S®, the mass 
transfer performance is limiting, but is reasonable compared to catalyst hold-up. A 
comparison with the DX-packings should perhaps be made by modeling/simula¬ 
tion, as the shorter column greatly improves the stripping performance. 

8.4.22 Selectivity 

The overall selectivity (i.e., total amount of ester produced divided by the total 
amount of octanol reacted) for the three experiments is presented in Fig. 8.37. Due 
to the high water contents in the experiment with katapak-S, the etherification was 
suppressed to the highest extent, and this resulted in the highest overall selectivity. 
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Fig. 8.35. Octanol conversion for different packings plotted 
over the run time (2 m katapak-S®, 2 m monoliths, 1 m DX®, 

160 °C, 5 bar a bs, liquid flow 25 kg h _1 , countercurrent operation). 
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Fig. 8.36. Per-pass-octanol-conversion for different packings, 
normalized to 100 g catalyst hold-up plotted over inlet octanol 
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Fig. 8.37. Overall selectivity for different packings plotted over 
the run time (2 m katapak-S®, 2 m monoliths, 1 m DX®, 160 °C, 

5 bar a b s , liquid flow 25 kg h _1 , countercurrent operation). 


On the other hand, the short column of DX-packings favored the stripping and 
therefore the side reaction (etherification). 

8.5 

Conclusions and Future Trends 

Reactive stripping has its own importance, in addition to reactive distillation. Several 
situations exist in which reactive stripping becomes more interesting: for example, 
in the production of high-boiling esters and ethers, especially, when reactants or 
products are temperature-sensitive, and also in gas-liquid-solid processes, where 
product inhibition may play a role. 

The potential of structured packings as catalyst carriers for reactive stripping, 
film-flow-monoliths, Sulzer DX®-packings, both coated with zeolite BEA, and 
katapak-S®, filled with BEA-particles, was explored in cold-flow experiments 
and under reactive stripping conditions in a pilot-scale plant. 

All packings show generally a low pressure drop (compared to a trickle flow in a 
bed of particles). The onset of flooding in countercurrent operation occurs at similar 
conditions for all packings; however, the ongoing development of improved mono¬ 
lith stacking and inlet/draining devices shifts the flooding limits for monoliths 
towards higher capacities. 

The flow pattern in DX and katapak-S® (and also Montz Multipak® or katapak- 
SP®) is characterized by frequent remixing and disturbance of the liquid films, 
whereas fully developed laminar flow dominates in long monoliths. The latter leads 
to high early peaks and long tailing in the RTD and fair mass transfer performance, 
whereas continuous remixing of the fluid in distillation packings leads to a narrower 
RTD and higher mass transfer rates. However, an improvement is expected from 
remixing the laminar film flow in stacked monoliths. On the other hand, monoliths 
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with fully developed laminar flow may have an advantage in gas-liquid contacting of 
highly viscous fluids. 

All reactive stripping experiments showed that reducing the water content level 
(due to better stripping performance) increases the per-pass conversions, but has a 
negative effect on selectivity in the chosen model reaction system. Nonetheless, the 
water contents are the result of a balance between stripping efficiency and catalyst 
hold-up. As a consequence, the space-time yield was highest for katapak-S®, 
whereas in DX®-packings, the excellent separation efficiency optimized the use of 
catalyst, but decreased the selectivity. For industrial applications, the choice will 
always depend on the balance between mass transfer performance, the kinetics, the 
activity of the catalyst, and the process economics. 

In principle, a higher catalyst hold-up in monoliths is possible, but then the mass 
transfer performance should also be adapted. For this purpose, the remixing of lam¬ 
inar layers in monoliths by intelligent stacking shows promising preliminary 
results, although this has still to be demonstrated in reactive stripping experiments. 
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Symbols 

a, S/V 
c 

Ccatalyst 

dhydraulic 

£ 

k 

K 

Ke q 

kisx 

l 

r 

Ycomer 

Sinst 

ULS 


geometric surface area [m 2 m- 3 ] 
concentration [mol dm.- 3 ] 
catalyst concentration [g dm -3 ] 
hydraulic diameter [mm] 
voidage [m 3 m~ 3 ] 

kinetic parameter [dm 3 gear 1 min- 1 , mol gear 1 min- 1 ] 
adsorption constant [dm 3 mol -1 ] 
equilibrium constant [mol 2 mol -2 ] 
volumetric mass transfer coefficient [s- 1 ] 
length [m] 

reaction rate [mol min- 1 ] 
corner radius [mm] 
instantaneous selectivity [mol mol -1 ] 
superficial liquid velocity [m 3 m 2 s _1 ] 
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9 

Reactive Absorption 


Eugeny Y. Kenig and Andrzej Corak 

9.1 

Introduction 

The main purposes of absorption processes are the removal of one or more compo¬ 
nents from the gas phase, the production of particular substances in the liquid 
phase, and gas mixture separation [1]. Industrial absorption operations are usually 
realized by combining absorption and desorption units. 

An example given in Fig. 9.1 illustrates this combination of two processes. In an 
absorber, one or several gas components are absorbed by a lean solvent, either phys¬ 
ically or chemically. A rich solvent, after preheating in heat exchangers Hi and H3, is 
transported to the top of a desorption unit which usually operates under a pressure 
lower than in absorber. Part of the gas absorbed by the rich solvent is desorbed due 
to flashing and heating. The other part has to be desorbed in the stripper with the 
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rich solvent 
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Fig. 9.1. Scheme of an absorber-desorber link (adapted from 
Ref. [1]). 
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inert gas or steam. The lean solvent then flows through the heat exchanger Hi 
to recover heat necessary for heating the reach solvent, passes the heat exchanger 
H 2 to cool down to a desired temperature and finally enters the absorber [1], 

Usually, a small amount of fresh solvent should be added to the column in order 
to equalize the solvent loss due to evaporation in the desorber or underwent irrevers¬ 
ible chemical reaction occurring in the whole system [1], 

Reactive absorption represents a process in which a selective solution of gaseous 
species by a liquid solvent phase is combined with chemical reactions. As compared 
to purely physical absorption, reactive absorption does not necessarily require ele¬ 
vated pressure and high solubility of absorbed components: because of the chemical 
reaction, the equilibrium state can be shifted favorably, resulting in enhanced solu¬ 
tion capacity [2]. Most of the reactive absorption processes involve reactions in the 
liquid phase only, but in some of them both liquid and gas reactions occur [3,4]. 

Usually, the effect of chemical reactions in reactive absorption processes is advan¬ 
tageous only in the region of low gas-phase concentrations due to limitations by the 
reaction stoichiometry or equilibrium [5]. Further difficulties of reactive absorption 
applications may be caused by the reaction heat through exothermic reactions and 
by relatively difficult solvent regeneration [6, 7]. Most of the reactive absorption pro¬ 
cesses are steady-state operations, either homogeneously catalyzed or auto-catalyzed. 
Recently, an application of a reactive absorption process based on using secondary 
amine groups on solid supports as immobilized activators has been reported [8]. 

Reactive absorption processes are predominantly used for the production of basic 
chemicals, e.g., sulfuric or nitric acids, and for the removal of harmful substances 
such as H 2 S from gas streams. Absorbers or scrubbers in which reactive absorption 
is performed are often considered as gas-liquid reactors [9]. If more attention is paid 
to the mass transport, these apparata are treated rather as absorption units. Some 
important industrial applications of reactive absorption are given in Tab. 9.1. 

Reactive absorption can be realized in a variety of equipment types. The process is 
characterized by independent flow of both phases and permits both co-current 
(down-flow and up-flow) and countercurrent regimes. 

Reactive absorption is essentially an old process which has been known since the 
foundation of modem industry. This is also a very important process, being the basic 
operation in many technological chains. More recently, the role of reactive absorption 
as a key environmental protection process has grown up significantly, and today the 
process appears to be the most widely applied reactive separation operation. 

Despite the clear importance of reactive absorption, its behavior is still not prop¬ 
erly understood. This can be attributed to a very complex combination of process 
thermodynamics and kinetics, with intricate reaction schemes including ionic spe¬ 
cies, reaction rates varying over a wide range, and complex mass transfer-reaction 
coupling. As compared to distillation, reactive absorption is a fully rate-controlled 
process and it occurs definitely far from the equilibrium state. Therefore, both prac¬ 
titioners and theoreticians are highly interested to establish a proper understanding 
and description of this process. 
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Table 9.1. Industrial applications of reactive absorption. 


Aim of the process 

Examples 

Application area 

References 

Removal of harmful 

substances 

• Coke oven gas purification 

• Carbon dioxide removal by 
amines/ amine blends/ hot 
potassium carbonate solutions 

• NO x removal 

Gas purification 

63, 89, 91, 

105-107 

Retrieval/regeneration of 
valuable substances or 

non-reacted reactants 

• Solvent regeneration 

Gas separation 

108 

Production/preparation of 
particular products 

• Sulfuric and nitric acid 

manufacture 

• Formaldehyde preparation 

Chemical 

synthesis 

4, 26, 86 

Water removal 

• Water removal from natural gas 

• Air drying 

Gas drying 

109, 110 

Conditioning of gas 
streams 

• Synthesis gas conditioning 

Gas separation/ 
gas purification 

108 

Separation of substances 

• Olefin/paraffin separation 

Separation of 

organic 

components 

111 


This chapter provides a comprehensive overview of reactive absorption and 
discusses in detail the following issues: 

• important industrial applications 

• reactive absorption equipment 

• modeling basics and different modeling concepts 

• model parameter estimation 

• four different industrial case studies, namely 

- NO x absorption 

- coke gas purification 

- CO 2 absorption by amines 

- SO 2 absorption into aqueous NaHC 03 /Na 2 CC >3 solutions 


9.2 

Reactive Absorption Equipment 

Reactive absorption is usually carried out in apparata providing a continuous flow 
of both contacting phases. Reactive absorption units can be best classified if one con¬ 
siders which of the phases is in a continuous form, and which is in a disperse form. 
Using this criterion, the classification of the reactive absorption equipment is repre¬ 
sented in Tab. 9.2 (see Ref. [1]). 

Most often, reactive absorption is carried out in packed or plate columns. The 
structure of such columns and different internals are shown schematically in 
Fig. 9.2. 

Packed columns are commonly used in reactive absorption operations [10, 11]. 
They represent cylindrical or rectangular columns up to several meters in diameter 
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Table 9.2. Reactive absorption units. 


Unit group criterion 

Unit type 

Both phases in a continuous form 

• packed columns 

• thin-film contactors 

• wetted-wall columns 

• contactors with flat surface 

• laminar jet absorber 

• disc (sphere) columns 

A disperse gas phase and a continuous 

• plate columns 

liquid phase 

• plate columns with packing 

• bubble columns 

• packed bubble columns 

• mechanically agitated columns 

• jet absorbers 

A disperse liquid phase and a continuous 

• spray columns 

gas phase 

• venturi scrubbers 


and up to 60 meters high. In packed columns, the desired large specific contact area 
is achieved when a liquid flows down a packing surface, whereas a gas streams along 
the packing free surface, either countercurrently or co-currently. 



Random Packlr>g 


Fig. 9.2. Schemal 
column and different 

















9.2 Reactive Absorption Equipment | 269 

Packings can be subdivided into two classes: dumped (random) packings and 
structured ones. Within the first class, one can distinguish between three genera¬ 
tions: elements with closed structure (e.g., Rasching rings); those with more open 
structure (e.g., Pall rings, Berl saddles, Intalox saddles); and low pressure-drop 
elements (e.g., Nutter-Ring, FLEXIRING, Raschig Super-Ring). 

Two “areas of choice” of structured packing are low pressure-drop applications 
and increasing the capacity of existing columns. Among the modern structured 
packings are gauze wire packings Sulzer BX and Montz-Pak A-series, sheet packings 
Sulzer Mellapak and Montz-Pak B-Series, lamella packing RomboPak, etc. [12]. 

Plate columns represent another basic type of equipment widely used for reactive 
absorption operations. These consist of a shell and a number of plates placed one 
above the other (cf. Fig. 9.2). The diameter and height of the column can reach 10 
and 50 m, respectively, although they are usually much smaller. The phases gener¬ 
ally flow countercurrently, however on each given plate a cross-flow is usually estab¬ 
lished. The plates are usually made of steel sheets, and there are three basic plate 
types, namely cross-flow plates (e.g., bubble cap, sieve and valve trays), countercur¬ 
rent plates (e.g., baffle plates), and less widespread plates, which provide gas and 
liquid flow through the same orifices in the plate. The latter type does not require 
downcomers. There are numerous plate designs, and details of their description can 
be found elsewhere [13]. In cases when the gas phase contains dust particles or 
some deposit may precipitate, additional light packing elements placed on the plates 
are advantageous in preventing column blocking. 

Bubble columns are used very widely for reaction absorption applications. In 
bubble columns, the gas phase flows in the form of bubbles, either countercurrently 
or co-currently. Bubble columns provide significant liquid hold-up and sufficient 
liquid residence time. The column diameter sometimes exceeds 5 m, and its height 
reaches 10 m or more. 

There are several other types of apparata used for reactive absorption, though 
these are less widespread. In mechanically agitated bubble columns it can be assumed 
that both phases are ideally mixed, whereas in the jet absorber, the gas stream breaks 
on a liquid surface and is dispersed in the liquid. In spray towers and venturi scrub¬ 
bers, liquid is sprayed as fine droplets. Thin-film contactors, in which liquid film is 
scrapped from the walls by impellers, are applied for reactive absorption in viscous 
liquids. Some units, such as wetted-wall columns, contactor, laminar jet absorber and 
disc (sphere) column are used mainly in laboratory. 

Distributors and collectors of liquid provide uniform wetting of the packings area 
and the withdrawal of phases from the packing. The best-known distributor types 
are: orifice-riser, perforated-pipe, spray-nozzles, and through distributors. 
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9.3 

Modeling Concept 

9.3.1 

General Aspects 

Optimal functioning of reactive absorption processes depends primarily on relevant 
process design, properly selected column internals as well as sufficient understand¬ 
ing of the process behavior. To describe such phenomena adequately, specially devel¬ 
oped mathematical models capable of simultaneously taking into consideration 
column hydrodynamics, mass transfer resistances and reaction kinetics are 
required [14]. 

Reactive absorption processes present essentially a combination of transport phe¬ 
nomena and reactions taking place in a two-phase system with an interface. Because 
of their multicomponent nature, reactive absorption processes are affected by a com¬ 
plex thermodynamic and diffusional coupling which, in turn, is accompanied by 
simultaneous chemical reactions [14-16]. Generally, the reaction has to be consid¬ 
ered both in the bulk and in the film region. Modeling of hydrodynamics in gas-liq¬ 
uid contactors includes an appropriate description of axial dispersion, liquid hold-up 
and pressure drop. 

In order to model large industrial reactive separation units, a proper sub-division 
of a column apparatus into smaller elements is usually necessary. These elements 
(the so-called stages) are identified with real trays or segments of a packed column. 
They can be described using different theoretical concepts, with a wide range of 
physico-chemical assumptions and accuracy (Fig. 9.3). 

9.3.2 

Equilibrium Stage Model 

In recent decades, modeling and design of reactive absorption processes has usually 
been based on the equilibrium stage model. Since 1893, when the first equilibrium 
stage model was published by Sorel [17], thousands of publications discussing various 
aspects of model development, application and solution have appeared in the litera¬ 
ture [18]. The equilibrium stage model assumes that each gas/vapor stream leaving a 
tray or a packing segment is in thermodynamic equilibrium with the corresponding 
liquid stream leaving the same tray or segment. In the case of reactive separation pro¬ 
cesses, the chemical reaction has to be additionally taken into account, either via reac¬ 
tion equilibrium, or via rate expressions integrated into the mass and energy balances. 

The Hatta-number represents the ratio of maximal possible reaction and mass 
transfer rates and helps to specify different absorption regimes. Depending on the 
Hatta-number value, it is possible to discriminate between very fast, fast, average 
and slow chemical reactions, in respect to physical mass transport [19, 20]. 

If a very fast reaction is considered, the reactive separation process can be satisfac¬ 
torily described assuming reaction equilibrium. Here, a proper modeling approach 
is based on the non-reactive equilibrium stage model, extended by simultaneously 
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Fig. 9.3. Modeling approaches for reactive absorption. 

using the chemical equilibrium relationship and tray efficiency. If the reaction rate 
with respect to the mass transport is lower, the influence of the reaction kinetics 
increases and becomes a dominating factor of the process. Taking this tendency into 
account, the reaction kinetics has to be integrated into the mass and energy 
balances. This approach is widely used today (see, e.g., Refs. [21, 22]). 

In real reactive absorption processes, the thermodynamic equilibrium can seldom 
be reached. Therefore, some correlation parameters such as tray efficiencies or 
HETP-values (Height Equivalent to One Theoretical Plate) are introduced to adjust 
the equilibrium-based theoretical description to the reality. However, reactive 
absorption always occurs in multicomponent mixtures, for which this simplified 
concept often fails [16, 23, 24]. 

9.3.3 

HTU/NTU-concept and Enhancement Factors 

A simple approach to account for the mass transfer kinetics was suggested by 
Chilton and Colburn for the physical absorption of one component. This is called 
the HTU/NTU method, as it allows the column height to be determined as a product 
of two values, HTU (Height of a Transfer Unit) and NTU (Number of Transfer 
Units) [25]. The NTU-value can be determined either graphically or numerically by 
integrating an inverse of the mass transfer driving force over the column height. It 
does not depend on the column internals used. The HTU-value depends on the 
column load, internals-related geometric parameters and empirical mass transfer 





























272 | 9 Reactive Absorption 

correlations. To simplify the calculations, the total mass transfer resistance is often 
referred to one of the contacting phases [2]. 

The acceleration of mass transfer due to chemical reactions in the interfacial 
region is often accounted for via the so-called enhancement factors [19, 26, 27]. These 
parameters are defined as a relationship between the mass transfer rate with 
reaction and mass transfer rate without reaction, assuming the same mass transfer 
driving force. 

The enhancement factors are either obtained by fitting experimental results or are 
derived theoretically on the grounds of simplified model assumptions. They depend 
on reaction character (reversible or irreversible) and order, as well as on the assump¬ 
tions of the particular mass transfer model chosen [19, 26]. For very simple cases, 
analytical solutions are obtained, for example, for a reaction of the first or pseudo- 
first order or for an instantaneous reaction of the first and second order. Frequently, 
the enhancement factors are expressed via Hatta-numbers [26, 28]. They can be used 
in combination with the HTU/NTU-method or with a more advanced mass transfer 
description method. However, it is generally not possible to derive the enhancement 
factors properly from binary experiments, and a theoretical description of reversible, 
parallel or consecutive reactions is based on rough simplifications. Thus, for many 
reactive absorption processes, this approach appears questionable. 

9.3.4 

Rate-based Stage Model 

A more physically consistent way to describe a column stage is known as the rate- 
based approach [29, 30]. This approach implies that actual rates of multicomponent 
mass and heat transfer and chemical reactions are taken into account directly. 

Mass transfer at the gas/vapor-liquid interface can be described using different 
theoretical concepts [14, 16]. Most often, the two-film model [31] or the penetration/ 
surface renewal model [26, 32] are used, whereas the model parameters are estimated 
from empirical correlations. In this respect, the two-film model is advantageous 
since there is a broad spectrum of correlations available in the literature, for all types 
of internals and systems. 

In the two-film model (Fig. 9.4), it is assumed that all of the resistance to mass 
transfer is concentrated in thin films adjacent to the phase interface, and that trans¬ 
fer occurs within these films by steady-state molecular diffusion alone. Outside the 
films, in the fluid bulk phases, the level of mixing is so high that there is no compo¬ 
sition gradient at all. This means that in the film region we have one-dimensional 
diffusion transport normal to the interface. 

Multicomponent diffusion in the films is described by the Maxwell-Stefan equa¬ 
tions which can be derived from the kinetic theory of gases [33]. The Maxwell-Stefan 
equations connect diffusion fluxes of the components with the gradients of their 
chemical potential. In a generalized form, these equations can also be used for the 
description of real gases and liquids [16]: 
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Fig. 9.4. Two-film model. 
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Similar equations can also be written for the gas phase. Thus, the gas-liquid mass 
transfer is modeled as a combination of the two-film model presentation and Max- 
well-Stefan diffusion description. In this stage model, the thermodynamic equilib¬ 
rium is assumed only at the phase interface. 

The film thickness represents a model parameter which can be estimated using 
mass transfer coefficient correlations. These correlations govern the mass transport 
dependence on physical properties and process hydrodynamics and are available 
from the literature (see, e.g., Refs. [2, 16]). 

9.3.4.1 Balance Equations 

The component mass balance equations of the traditional multicomponent rate- 
based model (see, e.g., Refs. [15,16]) are written separately for each phase. As chem¬ 
ical reactions take place in the fluid phases, the steady-state balance equations 
should include the reaction source terms: 

)+(ny + i>!,A)A- i = i.» (3) 
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Equations (3) and (4) represent the component mass balances for continuous sys¬ 
tems (packed columns). For discrete systems (tray columns), the differential terms 
transform to finite differences, and the balances are reduced to algebraic equations. 

If chemical reactions take place in the liquid phase only (this is valid for most reac¬ 
tive absorption processes), the gas-phase balances simplify to 

° = j l (Gy?)- N % i a lA c ; i = l,...,n (5) 

The bulk-phase balances are completed by the summation equation for the liquid 
and gas/vapor bulk mole fractions: 


2xf = i 

(6) 

i=1 


n 

2y? = i 

i= 1 

(7) 


The volumetric liquid hold-up 4 >l depends on the gas and liquid flows in the 
column and is calculated via empirical correlations (e.g., [34]). For the determination 
of axial temperature profiles, differential energy balances are formulated including 
the product of the liquid molar hold-up and the specific enthalpy as energy capacity. 
The energy balances written for continuous systems are as follows: 

0 = -^( Lh ?) + (Qy-RfaAH° RL ) A c (8) 


0^jl(Gh B G )-(Q^a I -R B G cp G AH 0 RG )A c (9) 

If the dynamic process behavior has to be considered, Eqs. (3)-(5), (8)—(9) become 
partial differential equations including derivatives of the hold-up with respect to 
time (see more details in Section 9.5.2.6). 

9.3.4.2 Mass Transfer and Reaction Coupling in the Fluid Film 

The component fluxes Nf entering into Eqs. (3)—(5) are determined based on the 
mass transport in the film region. As the key assumptions of the film model result 
in one-dimensional mass transport normal to the interface, the differential compo¬ 
nent balance equations including simultaneous mass transfer and reaction in the 
film are as follows: 


dz 


( 10 ) 
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Equations (10) are generally valid for both liquid and gas phases if reactions take 
place there. They represent nothing but a differential mass balance for the film 
region with the account of the source term due to the reaction. To link this balance to 
the process variables like component concentrations, some additional relationships 
- often called constitutive relations (see Ref. [16]) - are necessary. For the component 
fluxes Ni, these constitutive relations result from the multicomponent diffusion 
description (Eqs. (1), (2)); for the source terms, from the reaction kinetics descrip¬ 
tion. The latter strongly depends on the specific reaction mechanism [27]. The reac¬ 
tion rate expressions R; usually represent nonlinear dependencies on the mixture 
composition and temperature of the corresponding phase. 

Equations (10) are completed by the boundary conditions relevant to the film 
model. These conditions specify the values of the mixture composition at both 
film boundaries and are applicable to both phases. For example, for the liquid phase: 

x i(z = 0) = x{, x t (z = d L ) = xf ; i = l . n (11) 

By combining Eqs. (10) with the boundary conditions (11) written in a vector form 
and using the constitutive relations like Eqs. (1),(2), one obtains a vector-type bound¬ 
ary value problem which permits the component concentration profiles to be 
obtained as functions of the film coordinate. These concentration profiles, in turn, 
allow to determine the component fluxes. Thus, the boundary value problem 
describing the film phenomena has to be solved in conjunction with all other model 
equations. 

The composition boundary values in Eqs. (11) represent external values for Eqs. 

(10). With some further assumptions concerning the diffusion and reaction terms, 
this allows an analytical solution of the boundary value problem (Eqs. (10), (11)) in a 
closed matrix form; (see Refs. [15, 35]). On the other hand, the boundary values need 
to be determined from the total system of equations describing the process. The 
bulk values in both phases are found from the balance relations, Eqs. (3), (4). The 
interfacial liquid-phase concentrations are related to the relevant gas-phase concen¬ 
trations yj by the thermodynamic equilibrium relationships and by the continuity 
condition for the molar fluxes at the interface [16, 35]. 

Due to the chemical conversion in the liquid film, the molar fluxes at the interface 
and at the boundary between the film and the bulk of the phase differ. The system of 
equations is completed by the conservation equations for the mass and energy fluxes 
at the phase interface and the necessary linking conditions between the bulk and 
film phases [14, 16]. 

Generally, all of these considerations are also valid for the gas film phase, 
provided that reactions occur there [35]. Both the analytical and numerical solution 
of the coupled diffusion-reaction film problem is analyzed at full length in Ref. [36], 
their particular applications are considered in the Sections 9.5.1 and 9.5.2. 
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9.4 

Model Parameters 

The accuracy of the simulation results obtained by application of the above-men¬ 
tioned model equations strongly depends on the model parameters used. Thus, a 
rigorous modeling should be based on high-quality model parameters. This means 
that the parameter accuracy has to be improved with growing modeling depth. This 
requires a substantial effort concerning both the experimental technique and the 
theoretical description. 

9.4.1 

Thermodynamic Equilibrium 

Reactive absorption processes occur mostly in aqueous systems, with both molecu¬ 
lar and electrolyte species. These systems demonstrate substantially non-ideal 
behavior. The electrolyte components represent reaction products of absorbed gases 
or dissociation products of dissolved salts. There are two basic models applied for 
the description of electrolyte-containing mixtures, namely the Electrolyte NRTL 
model and the Pitzer model. The Electrolyte NRTL model [37-39] is able to estimate 
the activity coefficients for both ionic and molecular species in aqueous and mixed 
solvent electrolyte systems based on the binary pair parameters. The model reduces 
to the well-known NRTL model when electrolyte concentrations in the liquid phase 
approach zero [40]. 

The expression for the excess Gibbs energy is built up from the usual NRTL equa¬ 
tion normalized by infinite dilution activity coefficients, the Pitzer-Debye-Huckel 
expression and the Born equation. The first expression is used to represent the local 
interactions, whereas the second describes the contribution of the long-range ion- 
ion interactions. The Born equation accounts for the Gibbs energy of the transfer of 
ionic species from the infinite dilution state in a mixed-solvent to a similar state in 
the aqueous phase [38, 39]. In order to become applicable to reactive absorption, the 
Electrolyte NRTL model must be extended to multicomponent systems. The model 
parameters include pure component dielectric constants of non-aqueous solvents, 
Born radii of ionic species and NRTL interaction parameters (molecule-molecule, 
molecule-electrolyte and electrolyte-electrolyte pairs). 

Another basic method for the gas-liquid equilibrium calculation is given by the 
Pitzer model [41, 42], which constitutes a further development of the model by 
Guggenheim [43]. This model can be used for aqueous electrolyte systems up to 
ionic strength of 6 mol kg- 1 . It is, however, applicable exclusively to aqueous solvents 
[44]. This model considers the “hard-core” effects in the Debye-Hiickel theory and 
suggests a general expression for the excess Gibbs energy including an electrostatic 
term (responsible for the hard-core interactions), a term describing the short-range 
forces between two solutes and a term covering the triple solute collisions. 

This model also requires different parameters, which are, however, pure interac¬ 
tion parameters, namely binary interaction parameters (molecule-molecule, mole¬ 
cule-electrolyte and electrolyte-electrolyte) and ternary parameters (either two 
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cations and one anion or two anions and one cation). In order to extend the area of 
validity to higher electrolyte concentrations, the original Pitzer equation [42] has 
been modified in [41, 45] and extended in Ref. [46]. 

The calculation methods for the gas solubility are largely based on the Henry con¬ 
stant, which gives a relationship between the liquid-phase concentration of a physi¬ 
cally dissolved gas and its partial pressure. The determination of such coefficients in 
presence of chemical reactions becomes complicated and, therefore, different esti¬ 
mations based on chemically inert systems are often applied. One of these methods 
uses the Henry coefficients of similar, but chemically inert, species in order to esti¬ 
mate the solubility of a reactive component. An example is represented by the N 2 O 
analogy for the determination of CO 2 solubility in amine solutions [47]. 

Equilibrium calculations must involve the non-ideality of both liquid electrolyte 
phase and gas phase. In order to realize that, a modification of the Henry coefficient 
with a correction term can be applied. Another way is to include activity and fugacity 
coefficients into the calculations. In the first method, the correction term integrates 
the ionic strength and a parameter responsible for all contributions of electrolyte 
species in the solution and gas-phase components [26]. In the second method, the 
correction depends both on the calculation procedure for the activity coefficients in 
the liquid phase (cf. above) and on the description of the gas phase. Here, the equa¬ 
tions of state are largely used, e.g. the Soave-Redlich-Kwong equation or the Peng- 
Robinson equation (see Ref. [40]). An alternative way is to use a single equation of 
state describing both phases. Such an approach is applied in Ref. [48]. 

9.4.2 

Chemical Equilibrium 

Chemical equilibrium state corresponds to the minimum value of the Gibbs free 
energy. Hence, the chemical equilibrium composition and the reaction direction can 
be predicted from the dependence of the Gibbs free energy on the reaction extend. 

For the reaction 


v a A + v b B -\ -> v p P + VqQ -I— 

the chemical equilibrium constant is defined as [27] 


( 12 ) 


a v P p a V Q ••• 

_ <2 _ 

1 V. V R 

a A a B 


(13) 


For the description of gas-phase reactions, the activities in Eqn. (13) are substituted 
by the respective partial pressures of reagent and product components. In the case of 
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non-ideal gases, it is necessary to proceed with the fugacities [49]. The temperature 
dependence of the equilibrium constant is described via the varft Hoff equation: 

d\nK eq A H° . . 

-=-f (14) 

dT UtT 2 

From Eqn. (14) it follows that with an exothermic reaction - and this is the case for 
most reactions in reactive absorption processes - K e ‘ 1 decreases with increasing tem¬ 
perature. The electrolyte solution chemistry involves a variety of chemical reactions 
in the liquid phase, for example, complete dissociation of strong electrolytes, partial 
dissociation of weak electrolytes, reactions among ionic species, and complex ion 
formation. These reactions occur very rapidly, and hence, chemical equilibrium con¬ 
ditions are often assumed. Therefore, for electrolyte systems, chemical equilibrium 
calculations are of special importance. Concentration or activity-based reaction equi¬ 
librium constants as functions of temperature can be found in the literature [50]. 

9.4.3 

Physical Properties 

To estimate the Maxwell-Stefan and effective diffusion coefficients, diffusion data for 
binary mixtures is necessary. For gas systems under low pressure, the model of Fuller 
et al. is used most frequently [51]. The method of Wilke and Lee [40] is also valid for 
low pressures. Both of these methods generally agree with experimental data with an 
accuracy of up to 10 %, although discrepancies of about 20 % cannot be excluded [40]. 

For diffusion coefficients in systems under high pressure, the method of Dawson- 
Khoury-Kobayashi (see Ref. [52]) suggests a relevant pressure correction factor. To 
estimate the molar volumes, some reliable equations of state should be applied, 
whereas the necessary binary diffusivities at 1 atm can be determined with one of 
the methods described above. 

Liquid-phase diffusion coefficients are a few orders of magnitude smaller than 
those of gases. This is explained by a denser molecular packing resulting in more 
intensive interactions. A theoretical consideration of the diffusion process results in 
the Stokes-Einstein relationship (see Ref. [44]). For the estimation of effective diffu¬ 
sion coefficients of molecular species in the liquid phase, the equation of Wilke and 
Chang is often used, which represents an empirical modification of the Stokes-Ein¬ 
stein relationship with an average deviation of about 10 % [53]. Here, it is assumed 
that the molecules diffuse in infinitely diluted mixture, and hence, no interaction of 
the molecules of the same species occurs. For many engineering applications, this 
assumption is supposed to be valid up to concentrations of 10 mol%. Another 
method for diffusion coefficients under infinite dilution in aqueous solutions is sug¬ 
gested by Hayduk and Minhas [40]; here, deviations of about 10 % are possible. 

Since reactive absorption systems often contain electrolyte species, the calculation 
of relevant diffusion coefficients is crucial. The effective diffusion coefficients for 
electrolyte components can be obtained from the Nernst-Hartley equation (see 
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Ref. [4-4]), but this equation is valid only for dilute solutions. At higher electrolyte 
concentrations, another, empirical equation by Gordon (see Ref. [44]) should be 
applied, which takes the influence of the liquid phase viscosity into account. 

Due to the lack of a reliable description, the diffusion of an ionic species in a 
molecular species is usually represented by the effective ionic diffusivity in the 
liquid phase [52]. The calculation of the diffusion coefficient for an ionic component 
in another ionic species is reduced to the arithmetical mean of both effective ionic 
diffusivities [52]. 

The method of Blanc [16] permits calculation of the gas-phase effective multicom¬ 
ponent diffusion coefficients based on binary diffusion coefficients. A conversion of 
binary diffusivities into effective diffusion coefficients can be also performed with 
the equation of Wilke [54]. The latter equation is frequently used in spite of the fact 
that it has been deduced only for the special case of an inert component. Further¬ 
more, it is possible to estimate the effective diffusion coefficient of a multicompo¬ 
nent solution using a method of Burghardt and Krupiczka [55]. The Vignes approach 
[56] can be used in order to recalculate the binary diffusion coefficients at infinite 
dilution into the Maxwell-Stefan diffusion coefficients. An alternative method is 
suggested by Koijman and Taylor [57]. 

Generally, diffusion coefficients strongly depend on viscosities and densities as 
well as molar volumes. The surface tension represents another important factor in 
calculations of mixture properties and mass transport correlations. Thus, possibly 
accurate determination methods are required. 

The calculation of viscosities of electrolyte mixtures can be accomplished with the 
method of Andrade (see Ref. [40]) extended with the electrolyte correction by Jones- 
Dole [44]. First, the pure component viscosities of molecular species are determined 
by the three-parametric Andrade equation, which allows a mixing rule to be applied 
and the mixture viscosity of an electrolyte-free liquid phase to be obtained. The latter 
is transformed into the viscosity of the liquid phase using the electrolyte correction 
term of Jones and Dole [44], whereas the ionic mobility and conductivity are used as 
model parameters. 

The determination of molar volumes of molecular species in the liquid phase can 
be performed with the Rackett equation [58], requiring critical temperature, pressure 
and volume as well as a further fitting parameter. It is possible to calculate the molar 
volumes of electrolyte species using the two-parameter equation of Clarke (see 
Ref. [52]). 

The surface tension is important for the calculation of mass transfer coefficients 
and the specific contact area (see Section 9.4.4). Depending on the availability of nec¬ 
essary parameters, the surface tension for a molecular species can be determined 
either with the simplest method of Hakim-Steinberg-Stiel or with a more complex 
DIPPR-method (see Ref. [52]). The mixture surface tension can be obtained via a 
mixing rule. A further extension to cover electrolyte mixtures is realized by the 
method of Onsager and Samaras (see Ref. [44]). The latter uses an additive term 
which can be estimated using the dielectric constant of the mixture and molar 
volumes of electrolytes. 
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9.4.4 

Mass Transport and Fluid Dynamics Properties 

In the two-film model applications, the film thicknesses of both liquid-side and gas- 
side films are of crucial importance. These thicknesses depend strongly on the flow 
pattern in the column, on the column internals type and on the physical properties 
such as surface tension, diffusivities and viscosities. The same is valid for another 
model parameter, the specific contact area, which can deviate from the geometric 
surface of the column internals. In several cases, it is possible that, at moderate 
liquid loads, the geometric packing surface is not completely covered, and thus, 
mass transfer occurs through a smaller surface than the geometric one. The oppo¬ 
site situation in which the phase interface is larger than the geometric surface is also 
possible. 

The above values are most often determined via correlations, which allow a scale- 
up (or down) to different operating states. Along these lines, the liquid and gas 
phase mass transfer coefficients are usually related to Sherwood number (Sh) as a 
function of Reynolds number (Re), Schmidt number (Sc) and other dimensionless 
process characteristics [3, 59-61]. It is important that the correlations are applied 
within the same parameter range in which they are determined as only there can 
their reliability be assured. 

Further parameters related to the correlations are the liquid hold-up on the rele¬ 
vant column internals and the pressure drop caused by the flow resistance in the col¬ 
umn. The liquid hold-up is necessary both for the liquid-phase reaction description 
and for the estimation of the gas-phase hold-up in the case of gas-phase reactions. 
The pressure drop can primarily influence the phase equilibrium and hold-up. 
These parameters also depend on the operating conditions, column internals type 
and physical properties. In some cases, hold-up and pressure drop are coupled and, 
therefore, cannot be calculated explicitly. They should rather be determined by itera¬ 
tions (see, e.g., [59]). Usually, different equations describe different loading regions, 
as both hold-up and pressure drop depend strongly on hydrodynamic interactions, 
and there is a discrimination between a region below the loading point and that 
between the loading and flooding points. 

The selection of a proper correlation is mostly a question of user experience. Basi¬ 
cally, the mass transfer correlations must be compared and validated with experi¬ 
mental data because the application of different correlations can lead to different 
simulation results (e.g., axial concentration profiles). Some correlations which - 
according to our experience - demonstrated their suitability for reactive absorption 
processes can be found in [60-62]. 

9.4.5 

Reaction Kinetics 

Although reactions in reactive absorption processes are fast, the assumption of 
instantaneous reactions is usually not justified. Figure 9.5 demonstrates substantial 
differences in the gas phase concentration profiles of CO 2 in a sour gas absorption 
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by a mixture of monoethanolamine (MEA) and methyldiethanolamine (MDEA) (see 
Section 9.5.3.1). If reactions are regarded as instantaneous for this system, the CO 2 
absorption rates are too high, and consequently the gas-phase concentrations are too 
low, which leads to an underestimation of the required column height. Thus, it is 
necessary to differentiate between finite-rate (kinetically controlled) and instanta¬ 
neous reactions. Reaction kinetics parameters also proved to have a significant influ¬ 
ence in other sour gas absorption processes [63-65]. This is especially relevant for 
reactions including CO 2 as reagent. 

The reaction rate of a homogeneous kinetically controlled reaction 


v a A + v b B — > v p P + YqQ 
is usually represented by 

V V V v „ 

y — u r A r B _h r P r Q 
' ~ K for L A l B K r&v L P L Q 


(15) 


(16) 


whereas the reaction rate constant of the forward reaction is determined by the 
Arrhenius law: 


k /or=V 


RT 


(17) 


and the reaction rate constant of the reverse reaction via the chemical equilibrium: 


k 


rev 


kfor 


(18) 
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Fig. 9.5. CO 2 gas-phase concentration profile in a 
monoethanolamine (MEA)/methyldiethanolamine (MDEA) 
absorption process for different reaction descriptions. 
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Measurements of kinetic parameters of liquid-phase reactions can be performed 
in apparata without phase transition (rapid-mixing method [66], stopped-flow 
method [67], etc.) or in apparata with phase transition of the gaseous components 
(laminar jet absorber [68], stirred cell reactor [69], etc.). In experiments without 
phase transition, the studied gas is dissolved physically in a liquid and subsequently 
mixed with the liquid absorbent to be examined, in a way that ensures a perfect mix¬ 
ing. Afterwards, the reaction conversion is determined via the temperature evolution 
in the reactor (rapid mixing) or with an indicator (stopped flow). The reaction kinet¬ 
ics can then be deduced from the conversion. In experiments with phase transition, 
additionally, the phase equilibrium and mass transport must be taken into account 
as the gaseous component must penetrate into the liquid phase before it reacts. In 
the laminar jet absorber, a liquid jet of a very small diameter passes continuously 
through a chamber filled with the gas to be examined. In order to determine the 
reaction rate constant at a certain temperature, the jet length and diameter as well as 
the amount of gas absorbed per time unit must be known. 

Our own dynamic experiments for the determination of the gas-liquid-reaction 
kinetics have been performed in a stirred-cell reactor (Fig. 9.6). After thermody¬ 
namic equilibrium is reached inside the reactor, the gas is introduced rapidly and 
the pressure decrease recorded as a function of time. From this course, the reaction 
rate constant at the respective temperature can be obtained. 

Simulation studies based on different kinetic descriptions of the monoethanola- 
mine carbamate reaction (see Section 9.5.3.4) using aqueous solutions of MEA and 
MDEA lead to deviations in the calculated column height of up to 15 % (Fig. 9.7). This 
demonstrates the importance of a proper kinetics measurement and description. 

9.5 

Case Studies 

In this section, four examples illustrating the application of the rate-based modeling 
approach discussed above are presented. First three reactive absorption processes - 
namely absorption of NO x , coke gas purification and CO 2 absorption by aqueous 




9.5 Case Studies 



0.0001 0.001 0.01 0.1 

y co 2 [-] 

Fig. 9.7. CO 2 gas-phase concentration profile in a MEA/MDEA 
absorption process for different reaction kinetics. 

amine solutions - represent the authors’ own studies, whereas the last process, SO 2 
absorption into aqueous NaHC 03 /Na 2 C 03 solutions, is taken from Ebrahimi et al. 
[70]. The process chemistry and set-up, modeling peculiarities, model parameters 
and the simulation results are discussed for all examples. 

9.5.1 

Absorption of NO x 

9.5.1.1 Chemical System 

The reactive system considered is the basic one used in the production of nitric acid, 
as well as in some other industrial processes [4]. It consists of ten main components 
including air (N 2 , O 2 ), water (H 2 O), oxyacids of nitrogen (HNO 2 , HNO 3 ) and nitro¬ 
gen oxides (NO, NO 2 , N 2 O, N 2 O 3 , N 2 O 4 ). The components are involved in simulta¬ 
neous, parallel and consecutive reactions occurring in both phases. The reactions 
are of high orders and most of them are exothermic. 

The basics of the reaction scheme are given in Ref. [71] and modified for the case 
considered [72]. The final scheme involves eight reactions and can be regarded as 
the most extensive reaction system so far. 

The gas-phase reactions are governed by the following equations: 


2N0 + 0 2 —>2N0 2 , AH° R =-114kJ/mol ( R1 ) 

N0 + N0 2 ^>N 2 0 3 , AH r =- 39.9 kj/mol ( R2 ) 

2 N0 2 <r>N 2 0 4 , AH R =-57.2kJ/mol ( R3 ) 

3N0 2 + H 2 0 2HN0 3 + NO , AH R =-35.4kJ/mol ( R4 ) 
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whereas the corresponding equations for the liquid phase are: 


2N0 2 + H 2 0 -> HN0 2 + HN0 3 , AH R =—10.72 kj/mol (R5) 

N 2 0 3 + H 2 0 h> 2HN0 2 , AH° r = - 3.99 fe//moI (R6) 

N 2 0 4 + H 2 0 -> HN0 2 + HN0 3 , AH r =- 5.03 kj/mol (R7) 

3 HN0 2 <h> HN0 3 + H 2 0 + 2NO , AH R =+ 7.17 kj/mol (R8) 


The liquid-phase reactions are valid for nitric acid concentrations below 34 wt%. 
In the case of higher nitric acid concentrations, reactions (R5) to (R7) become revers¬ 
ible. The oxidation of NO (Rl) is the slowest reaction in this system. Therefore, the 
total gas-phase hold-up in absorbers can be determined using the kinetic data of this 
reaction [73]. The other gas-phase reactions are reversible instantaneous reactions. 

9.5.1.2 Process Set-up 

Measurements have been carried out for an industrial NO x absorption process [74]. 
The absorption plant (Fig. 9.8) represents a sequence of four units used for the 
removal of nitrogen oxides from the waste gas of an adipin acid factory. Each unit is 
separated into two sections, thus, there are altogether eight columns of 2.2 m diame¬ 
ter and 7 m height each, which are connected countercurrently. To enhance the 
mass transport in the columns, 35 mm INTALOX ceramic saddles with a packed 
bed height of 3.2 m are used. The plant is operated at atmospheric pressure. 

To cool the liquid phase, columns 1 to 7 are connected with a pump-around. The 
liquid feeds entering columns 7 and 8 are low-concentration nitric acids. The liquid 
product has a HNO3 concentration of about 35 wt%, whereas the gas feed concentra¬ 
tion of NOx is about 60 000 vppm, with one-quarter of the NO x being NO and the 
rest NO2. 

9.5.1.3 Modeling Peculiarities 

The boundary value problem (Eqs. (10), (11)) is usually solved numerically. However, 
it is also possible to use another approach employing a linearization of this second- 
order, non-linear problem and a subsequent analytical treatment. The analytical 
solution of the linearized boundary value problem in the film region is obtained in [15]: 

x = sinh{[ l P](d £ — z)} sinh -1 {[ v I / ] d^x 1 
+ sinh{[ l P] z} sinh -1 {[W] d L } x B 

with 

[ W ] = ([ 0 ]- 1 [ K ])° 5 


( 20 ) 
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Matrix [D] results from the transformation of the Maxwell-Stefan equations (1) to 
the form of the generalized Fick’s law [23]. This matrix is generally a function of the 
mixture composition and is assumed constant along the diffusion path [23]. The 
direct expressions for the elements of the diffusion matrix [D] can be found, for 
example, in Ref. [16]. 

Matrix [K] follows from the linear approximation suggested by Wei and Prater [75]: 

Rs —[K]x (21) 

Equation (21) represents one of the best approaches to the modeling of complex 
reaction systems providing a satisfactory representation for many rate processes 
(see, e.g., Refs. [19, 76-78]). It has gained widespread acceptance in various chemical 
and reactor engineering areas [79], and is also recommended for use in the model¬ 
ing of reactive separation operations [14, 78]. For the design of large industrial reac¬ 
tive separation units, the analytical solution (Eqs. (19), (20)) can be considered as a 
useful simplification as compared to numerical methods. 

Differentiation of Eqn. (19) gives simple analytical expressions for the component 
fluxes with regard to the homogeneous reaction in the fluid films (see Ref. [35]). The 
methods of determination of the reaction matrix [K] have also been detailed [36, 75, 

77, 78, 80], 

9.5.1.4 Model Parameters 

The multicomponent diffusion matrices [D] in both phases are determined via the 
binary diffusivities. The latter can be estimated using different correlations summa¬ 
rized in Tab. 9.3. The film thicknesses which represent important model parameters 
(cf. Section 9.4.4) are estimated via the mass transfer coefficients [16, 23]. 

The correlations of Onda et al. [60] and Billet [10] are valid for various mixtures 
and packing types. The correlation of Kolev [61] represents a further development of 
the model by Onda et al. [60], with an extended validity area for the liquid-phase 
viscosity. 

The thermodynamic equilibrium is calculated with the Henry coefficients 
corrected for the electrolyte influence. As nitric acid is a strong electrolyte, the solu¬ 
bilities of nitrogen oxides in water [81] must be recalculated according to [20] to 
account for the non-ideal electrolyte behavior. 


Table 9.3. Binary diffusion and mass transfer coefficients. 


Phase 

Binary diffusion coefficients 

Mass transfer correlations 

Gas 

Fuller et al. [51] 

Onda et al. [60] 

Billet [10] 

Wehmeier (see Ref. [85]) 

Liquid 

Siddiqi and Lucas [112] 

Onda et al. [60] 

Billet [10] 

Kolev [61] 

Mika [113] 
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The chemical equilibrium is calculated in terms of liquid-phase activities. The 
local composition model of Engels [82] based on the UNIQUAC model is used for 
the calculation of vapor pressures and activity coefficients of water and nitric acid. 
Multicomponent diffusion coefficients in the liquid phase are corrected for the 
non-ideality, as suggested in Ref. [16]. 

9.5.1.5 Results 

The sensitivity analysis performed in Ref. [83] proves that the suggested model pro¬ 
vides qualitatively correct behavior of the concentration profiles. The simulations of 
the industrial absorption process shown in Fig. 9.8 are carried out using the rate 
constant of reaction (Rl) (the slowest and hence the most important reaction in the 
system) according to [84]: 

k pl = 217347.9 -1041.156 ■ T +1.3605 • T 2 (22) 

the liquid-side mass transfer coefficient according to [61] and the gas-side mass 
transfer coefficient according to Wehmeier (see Ref. [85]). 

Figure 9.9 shows a comparison of the simulated and measured gas-phase concen¬ 
trations of NO and NO 2 throughout the whole absorption plant. The zigzag form of 
the simulated concentration profiles results from switching different sections of 
each single column (see Ref. [35]). Good agreement between experimental and sim¬ 
ulation results can be definitely observed here. 

In Fig. 9.10, the experimental and simulated liquid-phase concentrations of HNO 3 
and HNO 2 throughout the absorption plant are demonstrated. They also match each 
other. Only for the first two columns one observes larger deviations between the 
experiments and simulated results. This can be attributed to the fact that at high 
concentration of HNO 3 reactions (R5) to (R7), which are assumed to be irreversible, 
convert to reversible ones, but data on their rate constants are lacking. 



Fig. 9.8. 


Absorption plant consisting of four units (eight columns). 
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Fig. 9.9. Experimental and simulated gas-phase 
concentrations of NO and NO 2 throughout the absorption plant. 



Fig. 9.10. Experimental and simulated liquid-phase concentrations of 
HNO 3 and HNO 2 throughout the absorption plant. 


9.5.2 

Coke Gas Purification 


9.5.2.1 Chemical System 

Coke oven gas mainly consists of a mixture of carbon monoxide, hydrogen, meth¬ 
ane, and carbon dioxide. It is contaminated with a variety of organic and inorganic 
compounds which must be separated in absorption columns before its further use 
as a synthesis gas. The selective absorption of coke plant gas contaminants results 
from a complex system of parallel liquid phase reactions. All reactions are reversible, 
some of them being instantaneous (a proton transfer) and other being finite-rate 
reactions. 
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Instantaneous reversible reactions: 


NH 3 + H 2 0 <-> NHj + OH~ (R9) 

H 2 S + H 2 0<r>HS~+H 3 0 + (RIO) 

HCN + H 2 0 *4 CN~ + H 3 0 + (R11) 

HC0 3 + H 2 0<h> C0 3 ~ + H } 0 + (R12) 

H 3 0 + + OH~ <h> 2H 2 0 (R13) 

Finite-rate reversible reactions: 

C0 2 + OH~ <-> HC0 3 (R14) 

C0 2 + 2H 2 0<->HC0 3 +H 3 0 + (R15) 

C0 2 + NH 3 + H 2 0 <h> H 2 NCOO~ + H 3 0 + (R16) 


Considering pH-values of the process under study, the dissociation reaction of 
hydrogen sulfide (HS~) into sulfide ions (S 2 ~) can be neglected. 

The reactions including CO 2 obey first- and second-order kinetics, whereas the 
other reversible reactions result from a simple proton transfer and are, therefore, 
regarded as instantaneous by the corresponding mass action law equations. The for¬ 
mation of bicarbonate ions (HCO 3 ) takes place via two different mechanisms. The 
rate of the direct reaction between carbon dioxide and hydroxyl ions (OH - ) is deter¬ 
mined according to Ref. [86]. 

Usually, the reaction between CO 2 and water is very slow and hardly contributes to 
the total carbon dioxide reaction rate. Nevertheless, for the sake of completeness, it 
has been considered as a reaction of the first order with respect to the CO 2 , since the 
reaction kinetics depends on the carbonation ratio (see Ref. [87]). 

The absorption rate of carbon dioxide increases with growing concentration of 
ammonia. Therefore, the reaction kinetics of NH3 and CO2 must also be considered 
in the model equations. The rate constant, as a function of the temperature, has 
been determined according to Ref. [87]. The coefficients necessary for the calcula¬ 
tion of the chemical equilibrium constants in this system of volatile weak electro¬ 
lytes are taken from Ref. [88]. 

The CO 2 absorption is hindered either by slow chemical reactions in which the 
dissolved gas molecules are converted into the more reactive ionic species, or by low 
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base reagent concentrations. Therefore, when gases containing H 2 S, NH 3 and CO 2 
contact with water, H 2 S and ammonia are absorbed much faster than CO 2 and this 
selectivity can be accentuated by optimizing the operating conditions [89]. Neverthe¬ 
less, all chemical reactions are coupled by hydronium ions and additional CO 2 
absorption leads to the desorption of hydrogen sulfide and decreases the scrubber 
efficiency. 

9.5.2.2 Process Set-up 

Today’s coke plant gas purification processes are mostly carried out under atmospheric 
pressure, employing a circulated ammonia-based absorbent. The consumption of the 
external solvent is reduced using ammonia available in the coke gas [90]. An exam¬ 
ple of innovative purification processes is the Ammonia Hydrogen Sulfide Circulation 
Scrubbing (ASCS) (Fig. 9.11), in which the ammonia contained in the raw gas dis¬ 
solves in the NFb-absorber, after which the absorbent saturated with ammonia 
passes through the FDS-absorber to selectively absorb the components H 2 S and 
HCN from the coke gas. The next step is thermal regeneration of the absorbent with 
steam in a two-step desorption plant, while a part of the deacidified water is fed back 
into the FDS-absorber [91]. 

Pilot-plant experiments have been carried out at real process conditions in the coke 
plant “August Thyssen” (Duisburg, Germany). The DN 100 pilot column (Fig. 9.11) 
was made from stainless steel and equipped with about 4 m of structured packing 
(Sulzer MELLAPAK® 350Y), three liquid distributors, and a digital control system. 
Several steady-state experiments have been compared with the simulation results and 
supported the design optimization of the coke gas purification process [91]. 


recovered 



Fig. 9.11. Right: Ammonia-hydrogen sulfide circulation 
scrubbing process for the coke oven gas purification. 

Left: H 2 S absorber. COG = coke oven gas. 
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9.5.2.3 Modeling Peculiarities 

A purely numerical approach to the solution of this complex reactive absorption 
problem has been suggested in Ref. [92]. The liquid film is considered as an 
additional balance region in which reaction and mass transfer occur simultaneously. 
Therefore, the reactions are considered both in the differential film balances, 
Eq. (10), and in the liquid bulk phase, Eq. (3). 

In order to describe the presence of electrolytes in the system, the driving force 
due to electrical potential difference needs additionally to be taken into account [16]. 
Therefore, the gradient of the electrical potential is introduced into the generalized 
driving force dp. 


Xi 1 dfii F 1 dtp 

9tT d L drj 1 1 9fT d L dr/ ’ 


i = 1,..., n 


(23) 


In dilute electrolyte systems, the diffusional interactions can usually be neglected, 
and the generalized Maxwell-Stefan equations are reduced to the Nernst-Planck 
equations: 


_ c Lt D Li,eff 
^ Li s 

°L 


dX ; 


F dtp 


dr] ftT dr] 


+ X:N, 


i = 1, ...,n 


(24) 


where n is the solvent index. In electrolyte systems, the electroneutrality condition has 
to be met in each point of the liquid phase: 


2 XiZi = 0 (25) 

i =1 

9.5.2.4 Model Parameters 

Thermodynamic non-idealities are considered both in the transport equations and 
in the equilibrium relationships at the phase interface. If electrolytes are present, the 
liquid-phase diffusion coefficients should be corrected to account for the specific 
transport properties of electrolyte systems. 

The thermodynamic equilibrium at the gas-liquid interface is described as follows 
(see also Section 9.4.1): 

y! = K t x‘ : i = l. n (26) 

It should be noted that distribution coefficients Ki comprise both fugacities in the 
gas phase and activity coefficients in the liquid phase. These coefficients are deter¬ 
mined by the three-parametric Electrolyte-NRTL method. The latter is based on the 
local composition concept and satisfactorily represents physical interactions of this 
multicomponent electrolyte system [46]. 

The liquid-phase diffusion coefficients are found with the Nernst-Hartley equa¬ 
tion (cf. Section 9.4.3). The gas-phase diffusion coefficients are estimated according 
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to the Chapman-Enskog-Wilke-Lee model (see Ref. [4-0]). The mass transport prop¬ 
erties of the packing type are described with the correlations suggested in Ref. [62]. 

9.5.25 Results 

Several steady-state simulations have been performed with the aim of analyzing the 
influence of numerical and physico-chemical parameters, beginning with a single 
stage and ending with a column simulation. Different film and packing section dis¬ 
cretizations, several mass transfer and hydrodynamic correlations, and different 
driving forces and diffusion models have been thoroughly tested (Fig. 9.12). 

The most sensitive components appeared to be those involved in finite-rate reac¬ 
tions, especially CO 2 . Furthermore, the impact of electrical forces enhances the 
absorption of the strong electrolytes H 2 S and HCN by 3-5 %, while the CO 2 absorp¬ 
tion rate is dominated by the reaction in the film [92, 93]. Significant changes in the 
concentration profiles and the component absorption rates due to the film reaction 
have been established [65, 94]. 

Single-stage simulations reveal that the intermolecular friction forces do not lead 
to reverse diffusion effects, and thus the molar fluxes calculated with the effective 
diffusion approach differ only slightly from those obtained by the Maxwell-Stefan 
equations without the consideration of generalized driving forces. This result is as 
expected for dilute solutions and allows to reduce the model complexity for the pro¬ 
cess studied [95]. 

As a further model simplification, a linearization of the film concentration profiles 
has been studied. This causes no significant changes in the simulation results and, at 
the same time, reduces the total number of equations by half and stabilizes the 
numerical solution [94]. The assumption of chemical equilibrium in the liquid bulk 



Fig. 9.12. Absorption rates calculated with different model 
assumptions concerning reaction consideration. 
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phase does not change the absorption rates significantly, which indicates fast conver¬ 
sion. Therefore, neglecting the film reaction unrealistically reduces the absorption 
rates. On the other hand, neglecting the reaction kinetics within the film results in 
completely different orders of magnitude for the calculated absorption degree. As a 
consequence, the reactions of CO 2 should not be regarded instantaneous although 
the corresponding Hatta number of about 7 characterizes the reaction as very fast [1]. 

The model optimized in respect to the numerical parameters and physico-chemi¬ 
cal properties has been validated against experimental data, whereas the axial 
concentration and temperature profiles for both phases demonstrated a good agree¬ 
ment (Fig. 9.13). It has also been found that the simulations of the scrubber based 
on the equilibrium stage model extended by the chemical reaction kinetics yield 
results completely inconsistent with the experimental studies, namely, the selectivity 
towards H 2 S and HCN absorption cannot be reflected (Fig. 9.13). In this case, the 
film reaction constitutes an essential element of the rate-based approach which 
must be considered in the model. In this respect, the only feasible simplification is 
represented by a linearization of the film concentration profiles, including the 
implementation of the average reaction kinetics in the liquid film region [95]. 

9.5.2.6 Dynamic Issues 

Steady-state modeling is not sufficient if one faces various operation disturbances 
(e.g., feed variation) or tries to optimize the start-up and shut-down phases of the 
process. In this case, a knowledge of dynamic process behavior is necessary. Further 
areas where dynamic information is crucial are the process control, as well as safety 
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Fig. 9.13. Liquid phase axial concentration profiles for the H 2 S 
scrubber: comparison between experimental and simulation 
results based on different model approaches. 
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issues and factory staff training. Dynamic modeling can also be considered as the 
next step towards the deep process analysis which follows steady-state modeling and 
is based on its results. 

In the dynamic rate-based stage model, molar hold-up terms must be imple¬ 
mented into the mass balance equations, whereas the change of both, the specific 
molar component hold-up and the total molar hold-up, are taken into account. For 
the liquid phase, these equations are as follows: 

^U Ii =~(Lxf) + (Nla I + Rl<p L ) A c ; i = l,...,n (27) 

U Li = *?U Lt ; i = 1. n (28) 

The gas hold-up can often be neglected due to the low gas-phase density, and the 
component balance equation reduces to Eqn. (4) (see Ref. [92]). 

The dynamic formulation of the model equations requires a careful analysis of the 
whole system in order to prevent high index problems during the numerical solu¬ 
tion [96]. As a consequence, a consistent set of initial conditions for the dynamic 
simulations and a suitable description of the hydrodynamics must be introduced. 

For example, pressure drop and liquid hold-up must be correlated with the gas and 
liquid flows. 

The model optimized based on the steady-state analysis allows for a dynamic real¬ 
time simulation of the entire absorption process. As the dynamic behavior is mainly 
determined by process hydraulics, it is necessary to consider those elements of the 
column periphery which lead to larger time constants than the column itself. There¬ 
fore, major elements of the column periphery such as distributors, stirred tanks and 
pipelines have been additionally implemented into the dynamic model. 

The dynamic behavior of the coke gas purification process has been investigated 
systematically [92, 93, 97]. For example, local perturbations of the gas load and its 
composition have been analyzed. A significant dynamic parameter is represented by 
the liquid hold-up. Figure 9.14 illustrates the changes in solvent composition after a 
decrease of the gas flow rate from 67 m 3 h- 1 to 36.4 m 3 h- 1 and a simultaneous small 
increase of the liquid flow rate. 

The liquid hold-up of the packing section decreases, and this leads to a lower con¬ 
version of the kinetically controlled reactions of CO 2 and a reduction of the CO 2 
absorption rate. As a consequence, the solvent molar fractions of HSJ and carbam¬ 
ate decreases, whereas the relative fraction of (HS~) increases. Selectivity of the 
absorption process towards the H 2 S and HCN reduction is enhanced by minimizing 
the liquid hold-up of the column. At the same time, a larger interfacial area 
improves the performance of the plant. Therefore, modern industrial sour gas 
scrubbers should be equipped with structured packings. 

Figure 9.15 illustrates the system response after a sudden increase of the gas flow 
by 20 % and its H 2 S load by 100 %. As expected, the H 2 S load increases everywhere 




Fig. 9.15. Dynamic change of the H 2 S gas phase concentration 
along the column after a sudden increase of the gas flow rate and 
its H?S load. 
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along the column height in the gas phase. The change is more significant in the 
lower part of the absorber than at the top because some additional hydrogen sulfide 
is absorbed. The new steady state is achieved after only 30 minutes, which justifies 
the implementation of dynamic models for the column periphery. 

9.5.3 

CO 2 Absorption by Aqueous Amine Solutions 
9.5.3.1 Chemical System 

Amine solvents are widely used for sour gas removal, in syngas, fertilizer and natu¬ 
ral gas plants. They are mainly used to withdraw the sour components CO 2 and H 2 S 
from process gas streams, and the process is usually carried out in packed-bed 
columns. Depending on the specifics of a particular process, either aqueous primary 
(e.g., monoethanolamine, MEA), secondary (e.g., diethanolamine, DEA), tertiary 
(e.g., methyldiethanolamine, MDEA) amines or aqueous amine blends are 
employed. 

As no chemical reaction between CO 2 and tertiary amines occurs, the latter (e.g., 
MDEA) are used in selective scrubbing of H 2 S. To absorb CO 2 , primary or secondary 
amines in the aqueous phase are required, which can react with CO 2 directly 
yielding carbamate ions. 

The example to be considered concerns the removal of CO 2 from a natural gas 
stream free of H 2 S using an aqueous MEA-solution [98]. Amine gas treating pro¬ 
cesses follow a basic liquid-phase reaction system. All reactions are reversible; 
however instantaneous (a proton transfer) and finite-rate reactions should be differ¬ 


entiated here again (cf. Section 9.5.2.1). 

Finite-rate reversible reactions: 

C0 2 + OH” HC0 3 “ (R17) 

C0 2 +MEAH+H 2 O^MEACOO~+H } 0 + (R18) 

Instantaneous reversible reactions: 

MEAN + HC0 3 “ MEACOO~ + H 2 0 (R19) 

MEAH + H 3 0 + <h> MEAH 2 + H 2 0 (R20) 

HC0^ + H 2 0^C0 3 “ + H 3 0 + (R21) 

H 3 0 + + OH~ <K> 2 H 2 0 (R22) 
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Since the solvent is a base, the reaction between CO 2 and H 2 O is neglected. The 
reactions involving CO 2 obey second-order kinetics, while all other reactions are 
described as instantaneous reactions by application of the respective mass action 
law. The CO 2 in the liquid phase participates in two different reactions mechanisms, 
(R17) and (R18). The reaction rate constant of (R17) is determined as a function of 
temperature according to Ref. [86]. The data necessary for the description of the 
instantaneous reactions (R19)-(R22) for the electrolyte system under study are taken 
from Ref. [50]. 

In this reaction system, CO 2 absorption takes place at moderate liquid-phase loads 
mainly via (R18). This can be explained as follows: in spite of the fact that reaction 
(R17) is faster than (R18), the MEA concentration is much higher than that of 
OH--ions. 

9.5.3.2 Process Set-up 

To investigate amine gas-treating processes, a column reducing CO 2 content of a 
natural gas stream using an aqueous MEA solution is modeled and simulated. The 
column (Fig. 9.16), which is made of stainless steel, has a diameter of 1.9 m and is 
equipped with 50-mm Pall rings placed into three sections, with the total packing 
bed height of 14.1 m. Natural gas consists mainly of a mixture of low alkanes 
(C1-C4) and nitrogen. Carbon dioxide represents a contaminant to be withdrawn, 
before the purified gas can be applied further. As solvent, an aqueous MEA solution 
providing high CO 2 solubilities at low partial pressures [98] is used. 

9.5.3.3 Modeling Peculiarities 

Similar to the case of coke gas purification (see Section 9.5.2), this complex reactive 
absorption problem is solved by a purely numerical method. The liquid film is 



Fig. 9.16. C02-absorber in an amine scrubbing process. 
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dimensionless film coordinate t| [-] 


Fig. 9.17. Concentration profiles in the liquid film in a MEA 
absorption process. 

subdivided into additional balance segments in which simultaneous reactions and 
mass transfer take place. This discretization permits the calculation of film concen¬ 
tration profiles, which become curvilinear, due to the reaction influence (Fig. 9.17). 

As electrolyte species are available in the system considered, the driving forces 
caused by the electrical potential differences must be taken into account [16]. The 
migration is described through the Nernst-Planck equation (Eq. (24)). This implies 
that the electroneutrality condition, Eq. (25), is satisfied. 

9.5.3.4 Model Parameters 

Thermodynamic non-idealities are taken into account while calculating necessary 
physical properties such as densities, viscosities, and diffusion coefficients. In addi¬ 
tion, non-ideal phase equilibrium behavior is accounted for. In this respect, the Elec- 
trolyte-NRTL model (see Section 9.4.1) is used and supplied with the relevant 
parameters from Ref. [50]. The mass transport properties of the packing are 
described via the correlations from Refs. [59, 61]. This allows the mass transfer coef¬ 
ficients, specific contact area, hold-up and pressure drop as functions of physical 
properties and hydrodynamic conditions inside the column to be determined. 

For the studied system consisting of monoethanolamine, CO 2 and water, experi¬ 
ments for the determination of reaction kinetics in a stirred-cell reactor have been 
carried out (see Section 9.4.5). These experiments yield the following Arrhenius 
expression for the second-order reaction (R18) (Fig. 9.18): 

_ 44940 

k for = 4,4947-10 n -e (29) 

Figure 9.18 demonstrates significant deviations between the kinetics proposed in 
Ref. [66] and the measurements taken from other works [87] (see Section 9.4.5). Our 
experiments show a good agreement with the kinetics reported by Hikita et al. [66]. 
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Fig. 9.18. Arrhenius diagram for the reaction between CO 2 and 
MEA. 

9.5.3.5 Results 

From the sensitivity analysis of individual segments, it is possible to obtain 
the required number and scaling type of the discretization points in the liquid film 
for the amine system. By varying the number of discretes, significant changes of the 
concentration profiles - and consequently absorption rates of the individual species 
- are obtained. The increase in the number of discretes is related to a growing model 
complexity, which can lead to a significantly longer calculation time. A reduction of 
the number of grid points, without any loss in the model accuracy, can be achieved 
with a corresponding grid point scaling. Thus, one arrives at a numerical optimiza¬ 
tion problem, the solution of which should provide both a minimal number of grid 
points and minor deviations of the results from those obtained with a finer discreti¬ 
zation. 

Furthermore, steady-state simulations have been carried out in order to investi¬ 
gate the influence of numerical and physico-chemical parameters, starting from a 
single segment up to the total column. Different segment heights and different driv¬ 
ing force descriptions, as well as different mass transfer and hydrodynamic correla¬ 
tions, have been thoroughly analyzed. The specific contact area and liquid-phase 
mass transfer coefficient have been found to be the most sensitive parameters. An 
additional result of this study is that the film reaction consideration is indispensable. 

The model optimized with regard to numerical and physico-chemical parameters 
has been tested with experimental data from a pilot plant, and used to evaluate 
industrial operation data. Here, a good agreement between experimental and simu¬ 
lated values is established, both for the gas-phase concentration of CO 2 (Fig. 9.19) 
and for the temperature in the liquid phase (Fig. 9.20). 
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Fig. 9.19. Concentration profile of CO 2 in the gas phase. 



Fig. 9.20. Temperature profile in the liquid phase. 

9.5.4 

SO 2 Absorption into Aqueous NaHC 03 /Na 2 C 03 Solutions 
9.5.4.1 Chemical System 

Sulfur dioxide is generated in flue gas as a result of combustion of fossil fuel in, for 
example, thermal plants. Although the sulfur dioxide content in the flue gas is usu¬ 
ally small, namely below about 0.1-0.4 vol.% [86], the volume of the produced gas is 
so large that considerable amounts of sulfur dioxide contaminate the atmosphere, 
and therefore proper desulfurization becomes important. Here, absorption of SO 2 
by the sodium method is considered as part of the combined chemical/biological 
process shown in Fig. 9.21. The process includes SO 2 removal, NaHCCb recovery, 
and elemental sulfur production [70]. 

When diluted sulfur dioxide is absorbed into aqueous NaHCO/Na 2 CC >3 solutions, 
the following reactions should be considered [70]: 
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1 S0 2 Absorber 

2 Sulfite Reduction Bioreactor 

3 H 2 S Absorber 

4 Ferric Regeneration Bioreactor 


l-y C0 2 Elemental Sulfur 


Fig. 9.21. Process scheme of chemo-biological SO 2 removal. 


Finite-rate reversible reactions: 


C0 2 +H 2 0<-*H + +HCO] (R23) 

C0 2 + OH~ <h> HCO 3 “ (R24) 

Instantaneous reversible reactions: 


S0 2 + H 2 0 <-> H + + HSOj (R25) 

HS0 3 “ <h> H + + S0 3 ~ (R26) 

HC0 3 “ <-> H + + CO\~ (R27) 

H 2 0 H + + OH~ (R28) 


The hydrolysis of CO 2 is a slow reaction [26]. Forward reaction (R23) obeys 
pseudo-first-order kinetics, whereas forward reaction (R24) has second-order kinet¬ 
ics. The reaction rates for (R23) and (R24) are defined in Refs. [86, 99]. 

In any solution of pH > 10, the CO 2 reaction rate according to (R24) will be more 
than 30-fold higher that that of (R23). However, at pH values below 8, as in the 
process considered here, reaction (R23) is faster than (R24) [26, 86]. 

9.5.4.2 Process Set-up 

A gas mixture containing SO 2 is fed at the bottom of the column, as shown schemat¬ 
ically in Fig. 9.22, whilst a liquid containing the absorbing reactant flows from the 
top. This set-up is common for reactive absorption processes (cf. Figs. 9.11 and 
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9.16). The flue gas from a 600-MW power plant contains 1000 ppm SO 2 (0.1 vol%) 
and has an inlet flow rate of 2 x 10 6 Nm 3 h _1 . The temperature is 110 °C and the total 
pressure is 0.14 bar. The liquid phase is an aqueous NaHC 03 /Na 2 C 03 solution. 

The design studies are made for a packed column filled with 35-mm Pal rings. The 
height of the column is determined for 95 % removal of SO 2 when 0.05 kmol m~ 3 
bicarbonate solution is used as absorbent. The column diameter choice is based on 
60 % of flooding condition. 

For the validation purpose, the data from Ref. [100] are used. In this study, absorp¬ 
tion experiments were carried out using a baffled vessel operated batch-wise with 
respect to liquid, and the experimental results were compared with an approximate 
analytical solution based on the Leveque model. The authors proposed a two- 
reaction-plane model and achieved a good agreement between theoretical and exper¬ 
imental absorption rates (see Section 9.5.4.5). 

9.5.4.3 Modeling Peculiarities 

Similar to the two previous cases (see Sections 9.5.2 and 9.5.3), the problem is solved 
numerically, whereas the liquid film region is discretized in a spatially uniform grid. 

The process is considered as an isothermal operation, assuming plug flow of both 
phases and constant flow rate values of both gas and liquid phases due to low solute 
concentrations [70]. In the bulk liquid, reaction equilibrium condition is used as a 
boundary condition for the film region. In order to describe film diffusion, the sim¬ 
ple Fick’s law is applied. 

It has been shown that the impact of any electric potential gradient on the flux of 
ions may be disregarded under flue gas desulfurization conditions, as long as the 
mass flux equations are combined with a flux charge equation [99]. Therefore, the 
mass balances must be combined with a flux of charge balance as the potential gra¬ 
dient is neglected [70]. 

9.5.4.4 Model Parameters 

The gas-phase diffusion coefficients are calculated using the equation given in Ref. 

[40]. The liquid-phase diffusion coefficients of components at infinite dilution in 



Fig. 9.22. Schematic of the packed 
column for S02-absorption. 
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water at 25 °C were taken from Ref. [101] and extrapolated from 25 °C to 55 °C using 
the Stokes-Einstein equation: 

—= constant (30) 

Correlations for the determination of the dissociation equilibrium constants and 
solubility values for SO 2 and CO 2 as functions of temperature as well as the equa¬ 
tions for activity coefficients are given in Ref. [70]. Thermodynamic non-idealities 
are taken into account depending on whether species are charged, or not. For 
uncharged species, a simple relationship from Ref. [102] is applied, whereas for indi¬ 
vidual ions, the extended Debye-Hiickel model is used according to Ref. [103]. 

Mass transfer coefficients and specific contact area are calculated with the correla¬ 
tions of Onda et al. [60]. In order to determine the liquid film thickness, the 
diffusion coefficient for SO 2 is used. 

9.5.4.5 Results 

To validate the model, the pH and concentration profiles for all species are calcu¬ 
lated in Ref. [70], using the same parameters and conditions as those from 
Ref. [100]. The concentration profiles clearly demonstrate the rapid depletion of SO 2 
near the gas-liquid interface, and agree with the existence of two reaction planes 
suggested elsewhere [100]. 

The predictions of the analytical model [100] and the calculations performed in 
Ref. [70] using the rate-based model described above are compared with experimen¬ 
tal data in Fig. 9.23. It can be seen that the theoretical results obtained with both 




(b) 


(N CQ2 )exp. x 10 e (kmol/m 2 s) 


Fig. 9.23. Comparison of simulated absorption/desorption 
rates with experimental data of Hikita and Konishi [100] for SO 2 
absorption into aqueous Na 2 CC >3 solutions (adapted from Ref. 
[70]). (a) SO 2 absorption rate; (b) CO 2 desorption rate. 
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models are in good agreement with the measured absorption rate. However, it 
cannot be expected that at high concentrations of Na 2 CCb the two-reaction-plane 
model proposed in Ref. [100] will still be valid, as, for example, an assumption of 
zero concentrations for specific components will not be realistic any longer. The 
significance of the rate-based model developed in Ref. [70] is therefore clear. 

Based on calculated pH and concentration profiles for the various chemical 
species in the liquid film, the process behavior can be understood. In particular, SO 2 
depletion close to the interface due to the very fast reactions causes a high enhance¬ 
ment of SO 2 transfer. In addition, two different reaction regions can be discrimi¬ 
nated in the liquid film. 

The film phenomena influence the process variables along the column. The par¬ 
tial pressures of SO 2 and CO 2 are shown in Fig. 9.24. It can be seen that CO 2 is 
absorbed in the fresh alkaline solution at the column top. Then, as the pH decreases 
from the top to the bottom due to SO 2 absorption, the CO 2 concentration increases, 
and the direction of the CO 2 flux at the interface changes (see Fig. 9.25). CO 2 desorp¬ 
tion also occurs when the concentration in the reaction plane is higher than that at 
the interface, even if in the bulk it may be lower [70]. The co-existence of absorption 
and desorption phenomena shown in Figures 9.24 and 9.25 is similar to the 
phenomena discussed elsewhere [104]. Further sensitivity studies regarding the 
effect of the buffer concentration and SO 2 gas concentration can also be found [70]. 



Fig. 9.24. Partial pressure of SO 2 and CO 2 in the flue gas along 
the column (adapted from Ref. [70]). 
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Fig. 9.25. Mass transfer fluxes of SO 2 and CO 2 in the flue gas 
along the column (adapted from Ref. [70]). 

9.6 

Conclusions and Outlook 

This chapter presents an overview of reactive absorption, which is one of the most 
important industrial reactive separation operations. Industrially relevant systems 
and equipment are highlighted, the modeling basics and peculiarities are detailed, 
and the methods of model parameter estimation are discussed. Both steady-state 
and dynamic modeling issues are addressed. The implementation of the theoretical 
description is illustrated with a number of up-to-date applications and validated 
against laboratory-, pilot- and industrial-scale experiments. 

Reactive absorption occurs in multiphase multicomponent fluid systems, and a 
single modeling approach for all - in part very different - processes, is desirable. 
Such an approach is suggested here, whereby an application of a reactive rate-based 
model as a suitable and accurate method is recommended. This method employs a 
kinetic description of diffusion and reaction steps. 

A comprehensive discussion of the most important model parameters covers 
phase equilibrium, chemical equilibrium, physical properties (e.g., diffusion coeffi¬ 
cients and viscosities), hydrodynamic and mass transport properties, and reaction 
kinetics. The relevant calculation methods for these parameters are explained, and a 
determination technique for the reaction kinetics parameters is represented. The 
reaction kinetics of the monoethanolamine carbamate synthesis is obtained via mea¬ 
surements in a stirred-cell reactor. Furthermore, the importance of the reaction 
kinetics with regard to axial column profiles is demonstrated using a blend of 
aqueous MEA and MDEA as absorbent. 

The peculiarities of specific processes and different solution strategies considered 
within the discussion of the case studies govern mass and heat transfer phenomena 
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and chemical reactions as well as their coupling, both for steady-state and dynamic 
cases. 

The suggested modeling strategy is illustrated with NO x absorption, coke gas puri¬ 
fication, CO 2 absorption by amines and SO 2 absorption into aqueous NaHCCb/ 
Na2CC>3 solutions. The first example handles the reaction and mass transfer cou¬ 
pling in the film analytically, whereas three other examples employ a purely numeri¬ 
cal method. The simulation results are compared with experimental data from an 
industrial absorption plant consisting of eight columns with countercurrent pump¬ 
around (NO x absorption), a pilot plant for ammonia, hydrogen sulfide circulation 
scrubbing (coke gas purification), an industrial plant for CO 2 reduction (amine 
scrubbing process), and a batch-wise operated baffled agitated vessel (SO 2 
absorption). For the coke gas purification, both steady-state and dynamic operations 
are studied. 

All results demonstrate a good agreement between the simulations and experi¬ 
ments. The simulation studies warn of equilibrium stage model application, which 
appears to be completely inappropriate for the case of finite rate reactions. The film 
reaction consideration is found to be crucial. 

Despite highly developed computer technologies and numerical methods, the 
application of new-generation rate-based models requires a high computational 
effort, which is often related to numerical difficulties. This is a reason for the 
relatively limited application of modeling methods described above to industrial 
problems. Therefore, a further study in this field - as well as in the area of model 
parameter estimation - is required in order to bridge a gap and to provide process 
engineers with reliable, consistent, robust and user-friendly simulation tools for 
reactive absorption operations. 
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Symbols 



Ac 

cross-sectional column area 

m 2 

a 

activity 


a 1 

specific contact area 

m 2 rn 1 

c 

molar concentration 

kmol m 3 

d 

mass transport driving force 

m-i 

-B- 

Stefan-Maxwell diffusivity 

m 2 s- 1 

Da 

diffusion coefficient of component A 

m 2 s- 1 

Dcff 

effective diffusivity 

m 2 s- 1 

Ea 

activation energy 

kj kmok 1 

F 

Faraday’s constant 

9.65 x 104 c mol-i 
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G gas phase molar stream 

A H° r reaction enthalpy 

h molar enthalpy 

k second order reaction rate constant 

fco pre-exponential factor (Eq. (17)) 

Ki distribution coefficient 

K* q equilibrium constant of reaction i 

[K\ reaction matrix (Eqs. (20), (21)) 

l axial co-ordinate 

L liquid-phase molar stream 

n number of components 

N molar flux 

Q heat flux 

r specific reaction rate of reaction 

R reaction rate of component 

R vector with elements Ri 

91 gas constant 

t time 

T temperature 

U specific molar hold-up 

x component liquid-phase mole fraction 

x vector with elements Xi 

y component gas-phase mole fraction 

z normal co-ordinate 

z ionic charge 

Creek letters 

$ film thickness 

(p volumetric hold-up 

(p electrical potential 

77 dimensionless film coordinate 

v stoichiometric coefficient 

// chemical potential 

[l v dynamic viscosity 

Subscripts 

for forward reaction 

G gas phase 

ij component or reaction index 

I liquid phase 

n solvent 

rev reverse reaction 

t mixture property 


kmol s- 1 
kj kmol -1 
kj kmoh 1 
m 3 (kmol- 1 s _1 ) 
m 3 (kmol- 1 s _1 ) 


s _1 

m 

kmol s -1 


kmol m-Zs- 1 
kWm-2 
kmol m- 3 s _1 
kmol m- 3 s _1 
kmol m- 3 s-! 

8.3144 kj kmol- 1 Kr 1 

s 

K 

kmol m -1 
kmol kmol -1 
kmol kmol- 1 
kmol kmol- 1 
m 


m 

m 3 m~ 3 

V 

kj kmoh 1 
Pa-s 
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Superscripts 

B bulk phase 

I interface 
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10 

Reactive Extraction: Principles and Apparatus 
Concepts 

Hcms-Jorg Bart 

10.1 

Introduction 

Extraction processes have their history in “life-science” applications with the recov¬ 
ery of perfumes, waxes or pharmaceutically active substances. An extraction pot dat¬ 
ing back to 3500 BC was found 250 km north of Baghdad (Fig. 10.1), and extraction 
instructions were documented by a Summerian text of 2100 BC. The next technolog¬ 
ical milestone was in the mediaeval age, when ethanol was used as a new solvent, 
and mineral acids or amalgams were used for metal extraction and raffination. The 
next major step was in the 19th century, when Peligot [1] first applied reactive extrac¬ 
tion when using diethylether as a solvent for uranyl nitrate. Additionally, the distri¬ 
bution law by Nernst (1891) was formulated and the first liquid-liquid extraction 
column was patented by Pfleiderer (1898) which incorporated all the features (coun- 
terflow of phases, stirrer, inlet distributer, coalescence acids) of modern columns [2]. 
The reactive extraction of metals was first industrialized within the “Manhattan” 
project during the 1940s, with the extraction of uranium. Niche applications were 
then identified with Nb/Ta or Zr/Hf separations, until during the 1960s when Cu/Fe 
separation provided the breakthrough for a broad commercial application. In this 
process, LIX (Liquid Ion eXchanger) chemicals [3], as size-selective extractants, 
allowed the recovery of copper from low-grade ores. Today, the use of liquid ion 
exchangers has expanded to include the recovery, enrichment or separation of ionic 
or neutral solutes in the hydrometallurgical, environmental, petrochemical, chemi¬ 
cal and biochemical fields [4—8]. 

10 . 1.1 

Physical Extraction 

Liquid extraction systems consist either of pure solvents and mixtures, but may also 
contain additives. The application of single solvent or simple mixtures is well-known 
in classical physical extractions when using bulk organic chemicals (toluene, 
butanol, etc.) to extract a solute. Today, a new class of solvents is that of ionic liquids 
[10], which are low-melting organic salts where the cation is, for example, from 
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Fig. 10.1. Extraction pot (1 cooling cap, 2 vapor, 3 extraction 
pot, 4 heating, 5 condensate droplet, 6 condensate film, 7 feed 
material, 8 solvent (oil or water). (From Ref. [9]). 


nitrogen ions (e.g., quaternary ammonium, quinolinum, pyridinium, imidazolium). 
These are liquid at room temperature, and have negligible vapor pressure and vary¬ 
ing water miscibility due to the anion. Typical anions promoting water miscibility 
are Ch, NO 3 and CF 3 CO 2 , while immiscibility is with PFg , N(S0 2 CF 3 ) 2 - Gener¬ 
ally, thermodynamic data are scarce (physico-chemical properties, solubilities, etc.), 
but commercial applications have been reported. BASF were able to reduce a 8 -m 3 
batch reactor to a 5-mL continuous tube reactor in their BASIL® process when using 
ionic liquids based on imidazoles. This was due to the simpler process when extract¬ 
ing products, which shifted the equilibria towards higher yields, in addition to 
employing the catalytic activity of the ionic liquid [ 11 , 12 ]. 

10 . 1.2 

Reactive Extraction 

A reactive extraction system usually consists of a liquid ion exchanger diluted in 
solvent. The latter is used to adjust rheological or physico-chemical properties, since 
most of the ion exchangers are highly viscous or even solid. The solvent should be 
non-miscible with water and with a high boiling point (e.g., - 500K) to avoid losses. 
If kerosene-like solvents are used, a modifier (e.g., isododecanol) is sometimes 
necessary in order to prevent the formation of a third phase and so to help to solubi¬ 
lize the ion exchanger-solute complex. The regeneration and re-extraction of the 
extract phase is with a chemical shift as discussed below. This is in contrast to physi¬ 
cal extraction, where stripping is performed by distillation. 




10.1 Introduction 

The practical handling and design of a reactive solvent extraction process is given 
in appropriate handbooks [4—8], but a short review on the principles involved is 
provided here. Liquid ion exchangers are available as either anion, cation, or solvat¬ 
ing exchangers. An example of an anion exchange is: 


2 R 4 NHCl + ZnCl 4 2 ~< - >(R 4 NH) 2 ZnCl 4 +2 CT (1) 

The quaternary R. 4 -alkyl-substituted ammonium chlorides are commercially avail¬ 
able, and can be stripped with a surplus of chloride, hydroxide, etc.; thus, the solute 
is regenerated in the re-extraction or stripping step. The quaternary compound has 
the advantage of being able to be used in alkaline media compared to the frequently 
used ternary amines. Primary, secondary (both are water-soluble, less used) and ter¬ 
tiary amines are only stable in acidic aqueous media, as hydroxide destroys the 
ammonium complex: 


RjNHCI + OH~ <- *R 3 N + Cr + H 2 0 ( 2 ) 

Volatile anions such as acetate and formate can also be removed and stripped by a 
temperature swing, which yields the free tertiary amine, R 3 N, similar to Eq. (2). The 
change in counter ion concentration and temperature gives rise to a reversible 
extraction process according to Eq. (1). Generally, the selectivity of anion exchangers 
is not always good, and there are many developments of new host-guest-ligands 
which take advantage of the different sizes of the solutes [13]. 

The cation exchange mechanism is as follows: 


2 ■ (HDEHP) + Ni 2+ * - >Ni(DEHP) 2 +2H + (3) 

Here, nickel is extracted with a di(2-ethylhexyl) phosphoric acid in its H-form 
(HDEHP) and two protons are set free. This causes a pH-shift during extraction, 
which can be avoided if the ion exchanger is, for example, in the Na-form. Typical 
extraction isotherms are depicted in Fig. 10.2. At the indicated pH-value no nickel, 
but more than 80 % cobalt, can be extracted in one equilibrium stage. During cobalt 
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Fig. 10.2. Typical pH-dependency of Co/Ni isotherms. 
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extraction similar to Eq. (3), the pH-value will shift and, as can be seen from 
Fig. 10.2, the extraction efficiency of cobalt will be reduced. Exchange of Co versus 
Na will avoid this. However, a problem with sodium is the occurrence of microemul¬ 
sion systems, which will be discussed below. Re-extraction is usually with strong 
mineral acids (preferable H 2 SO 4 ). In addition to the alkylated phosphoric com¬ 
pounds, phosphonic and phosphinic acids and their thio-forms are also available. 
The latter compounds are strong extractants, and although di-thiophosphoric acids 
are difficult to strip they can be used at a feed pH-value lower than 1. Carboxylic 
acid-based ion exchangers are seldom used due to their high water solubility, whilst 
aryl-substituted compounds also have limited applications for steric reasons. Most 
liquid ion exchangers have branched alkyl substituents as n-alkyls tend to crystallize 
and are not liquid. From a chemical point of view, both the solute-anion exchanger 
or solute-cation exchanger complex are ionic liquids or liquid organic salts. 

As mentioned above, the breakthrough with reactive solvent systems was obtained 
with chelating ion exchangers for copper recovery. A size-specific host-guest com- 
plexation in addition to ion exchange separates copper from impurities such as iron. 
As can be seen in Fig. 10.3, the nitrogen chelates the copper ion, developing a new 
six-ring structure only stable with copper as solute. A typical process flowsheet is 
depicted in Fig. 10.4. In the center is the extraction circuit where copper is extracted 
and two protons are set free; these are then consumed in the leaching circuit. The 
re-extraction is with strong sulfuric acid, and the stripping solution is fed to the elec¬ 
trowinning station. Here, copper is deposited, whilst on the anode water is trans¬ 
formed to protons and oxygen is set free. In literal terms, as a current is applied, new 
sulfuric acid is produced which, via the extraction cycle, is transported to the leach¬ 
ing section countercurrent to the solute copper. This self-sustaining copper extrac¬ 
tion unit (the primary requirements are only water and current) proved to be 
successful when built in remote areas such as deserts. As can be seen, the copper 
extraction circuit is a very comprehensive and compact scheme that normally 
includes three extraction and two re-extraction stages. If a separation factor (e.g., 
selectivity) is poor, then reflux of the product or scrubbing section might help to 
improve separation (Fig. 10.5). Extra steps to regenerate the ion exchanger in order 
to formulate a sodium or ammonium salt of the ion exchanger may be incorporated, 
as was discussed above with the Co/Ni separation. Aqueous phase microdroplets 
entrained in the organic phase can be removed by using an extra washing step, espe¬ 
cially when there is a switch between different aqueous media (sulfate, nitrate, chlo¬ 
ride, etc.) during the extraction, regeneration and stripping stages. For more 
complex separation tasks (e.g., the Co/Ni separation detailed above), these stages 
may be a scrub (reflux), followed by extraction, stripping and regeneration, with a 
possible intermediate one-stage water scrub when extraction is from chloride and re¬ 
extraction is from a sulfuric acid medium. 

An example of coordinative extraction with solvating agents is shown in Eq. (4). 
The difference with physical extraction is that the capacity and extraction power 
of the liquid neutral ion exchanger is much higher than with any bulk organic sol¬ 
vent (toluene, xylene, butanol, etc.) used in physical extraction. Alkyl-substituted 



10.1 Introduction 


317 


phosphates, phosphonates and phosphine oxides (e.g., tri-octyl phosphine oxide) are 
widely used. 

HNO i +xTBP * - >HN0 3 (TBP) x (4) 



CgH 19 


Fig. 10.3. Copper chelate structure. 


Pregnant liquor Loaded organic Advanced electrolyte 

l-6g/literCu 0.1 -0.8 g/1 iter Cu 40-60 g / liter Cu 

120-170 g/ liter H:SO< 



Raffinate Stripped organic Spent electrolyte 

0.1-0.8 g/liter Cu 0.5-6.0 g/liter Cu 30-40 g/liter Cu 

140-200 g / liter HrSCh 


Fig. 10.4. C ircuits with copper recovery, (left: leaching, 

middle: extraction, right: electrowinning). 






318 | JO Reactive Extraction: Principles and Apparatus Concepts 

'- 1 

1 Extraction i 



Fig. 10.5. Process flowsheet for Co/Ni separation. 

Tri-butyl-phosphate (TBP) has a very high solvating power for neutral substances 
(e.g., undissociated acids or salts), and will extract them. Elevated temperatures and 
low ionic strength (pure water) will achieve re-extraction. Most of the solvating 
exchangers can be used undiluted due to appropriate physical properties. Carbon- 
based compounds (e.g., ketones, ethers) suffer from lower capacity and higher water 
solubility, and the stoichiometry in Eq. (4) is determined by the coordination num¬ 
ber x. They can be regenerated by distillation which otherwise is limited due to high 
boiling points. 

Liquid ion exchangers can be mixed together in order to create synergistic effects. 
This means that the effect of a mixture provides a non-linear improvement with 
regard to the single systems. Basically, the effect results from an improvement in 
solvation of the new ion exchanger-solute complex. Such synergistic behavior has 
also been reported with extraction kinetics, when Henkel improved their first com¬ 
mercial copper extraction reagent LIX64 with an admixture of a small amount of 
LIX63. This markedly enhanced the kinetics of the new reagent LIX64N [14], which 
proved to be a milestone and the commercial beginnings of a process to extract base 
metals on a large scale. Generally, numerous references can be found to synergistic 
effects, and reviews are available in many solvent extraction textbooks. 

An equimolar mixture of cation and anion exchanger gives a “mixed” extraction 
system [15] which can extract salts or acids according to Eq. (5). Re-extraction is then 
either by shift of temperature, aqueous ionic strength, or acidity/basicity. 

2R^N + 2HDEHP + Zn 2+ + 2 Cf «■-»( R 3 NH) 2 Cl 2 ■ Zn(DEHP) 2 


( 5 ) 
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Selection of the correct reactive solvent phase is the key to a successful separation 
process, and a list of various solvent-selection criteria is provided in following. Some 
of these are essential for separation, while others are simply desirable properties that 
will improve a separation and/or make it more economical. Solvent selectivity, recov¬ 
erability and a large density difference with the raffinate are essential. Some of the 
requirements of physical or reactive solvent phases will conflict, and a compromise 
may be necessary. 

In general, the requirements for reactive solvent extraction phases are similar to 
those of physical extraction phases. Typically, the viscosity should be lower than 
2 mPa-s, the boiling point range in the region of 420 to 520 K, and densities from 
750 to 900 kg m~ 3 . The flash point should be at least 25 K higher than the working 
temperature, and a value higher than 330 K is recommended. Aromatic diluents 
with equivalent molecular weight as aliphatic ones are more polar and thus more 
water-soluble. The higher price and greater toxicity of aromatic diluents leads to a 
preference for aliphatic diluents in industrial practice. Degradation of the diluent is 
usually negligible in comparison to that of the ion exchanger. The latter can be 
chemically, thermally and radiochemically degraded, and also can be “poisoned” by 
an irreversibly extracted compound. “Crud” (Chalk River Unidentified Deposit) 
[G.M. Ritcey, personal communication, 1998] is the term used to describe the pollut¬ 
ant phase containing mineral or biological solids that tends to build up at the phase 
interfaces in the solvent extraction plant. Colloidal and dissolved substances (espe¬ 
cially silica) precipitate at high shear rates, and humic acids promote this behavior, 
as reported in hydrometallurgical applications [16]. 

10.1.3 

Additives 

Additives are usually amphiphilic in nature, and thus are either ionic or neutral sur¬ 
factants or even polymers. The role of surfactants in solvent extraction is ambigu¬ 
ous. Usually, they should be avoided as they lower the interfacial tension, which may 
lead to emulsion formation in an agitated extractor. However, every metal-loaded ion 
exchanger is amphiphilic, and can adsorb at the interface or aggregate in the bulk 
phase. This occurrence is well known with sodium or other metals [17], and above a 
critical surfactant concentration (cmc, critical micelle concentration) micellar aggre¬ 
gates are formed. A dimensionless geometric parameter is decisive for the structure 
of the associates, according to Fig. 10.6: 

v 

&Q ' l 

where v is the molecular volume, a 0 the surface and 1 the length of the surfactant. 

When the value v/a 0 T < 1/3, spherical micelles will be found, whilst up to a value 
of 14 the micelles are rod-like, followed by lamellar phases. Inverted micelles are 
then found at a value > 1. At values between 1 and 2 the structures are rod-like, and 
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Fig. 10.6. Possible micellar aggregates. 

above 2 they are spherical. The phase boundaries for this structure is based on a clas¬ 
sification deduced by P.A. Winsor [18, 19]. The classification relies on four classes 
containing surfactant, co-surfactant, oil, and water. The Winsor I system consists of 
an organic oil phase in equilibrium with an oil-in-water microemulsion, while Win¬ 
sor II is an aqueous phase in equilibrium with a water-in-oil microemulsion. Winsor 
III consists of three phases of oil, water, and microemulsion, while Winsor IV is an 
isotropic microemulsion phase (Fig. 10.7). The microemulsion is translucent, as the 
small micelles (5 to 50 mm diameter) will not refract light. Bias et al. [20] describe 
this phase equilibria with Gibbs excess energies. Paatero [21] evaluated the phase 
diagrams for NaOH/Cyanex 272/n-hexane systems. The existence of one-, two-, and 
three-phase regions, and even of liquid crystalline phases, was identified. The same 
effect was seen to be true with Escaid 120 (Fig. 10.8). 

Here, we find up to four phases. The liquid phases (L) are translucent after centrif¬ 
ugation, but the gel phase (G) remains turbid and has a honey-like to solid consis¬ 
tency. A correct solvent extraction operation is with only one organic phase. As can 


Winsor I Winsor III Winsor li 



Fig. 10.7. Microemulsion classes according to Winsor. 
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Escaid 120 



Fig. 10.8. Phase equilibria of Cyanex 272/NaOH/Escaid 120 

at 293 K. 

be seen, this is only a small region, when about 50 % of the ion exchanger is neutral¬ 
ized with 2.4 M NaOH. Figure 10.9 depicts samples of the single- to four-phase 
regions. On the far left is a single phase, while in the second-left sample the inter¬ 
face of the two-phase region is not easily visible and is indicated by a bar. In the 
second-right sample there are two liquid phases (2L) with a gel phase (G) in 
between, while on the extreme right is a 3L and G phase arrangement. It should be 
noted that the water content in all these samples is approximately 40 % by mass, and 
this point must be considered in process design. 

10.2 

Phase Equilibria 

Several sources of liquid-liquid equilibria (LLE) are available, including the 
DECHEMA databank and others [22-26]. Their use is recommended since vapor- 
liquid (VLE) data provides less accurate predictions. There are implemented in 



Fig. 10.9. Phase behavior of Ecaid 120/2.4M NaOH/Cyanex 
272 at 293 K. 
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commercial flowsheet simulators (e.g., ASPEN®, ChemSep®, HYSIM®, Chem- 
Cad®). In reactive extraction the aqueous phase is often composed of ions. The 
aqueous non-ideality of electrolyte solutions can be simulated with a modified Pitzer 
model [27], which is applicable up to 6 molar ionic strength for weak and strong elec¬ 
trolytes. The organic non-ideality can be treated with different concepts [28]. The reg¬ 
ular solution theory of Hildebrand and Scott [29] is suitable for non-polar mixtures 
of molecules which are not too different in size. The molar volumes of the solute 
should not differ more than 50 % in respect to that of the solvent. The extraction of 
Zn zinc with the cation exchanger di(2-ethylhexyl) phosphoric acid, (RH), is accord¬ 
ing to the following equation: 

Zn 2+ +1.5 R 2 H 2 ZnR 2 ( RH) + 2H + (7) 

The ion exchanger is known to be in dimeric form in aliphatic diluents [30], and the 
stoichiometry in Eq. (7) was found with classical slope analysis at low concentrations 
and FTIR-analysis even at high concentrations [31, 32]. A compilation of all thermo¬ 
dynamic parameters is given in http://dechema.de/Extraktion/, as this system is a 
recommended test system for reactive extraction studies by the European Federation 
of Chemical Engineering (EFCE). The predictability of the model is quite good, as is 
depicted in Fig. 10.10, where zinc extraction from chloride media is predicted from 
sulfate media [33]. 

For molecules which differ in size or shape interactions between the surface of the 
molecules, different Gibbs excess models, such as NRTL [34] or UNIQUAC [35], are 
recommended, respectively. The predictive group contribution method UNIFAC [36] 
will fail if several polar groups compose a solvent or solute molecule. As a 



log([2n]* aq ) 


Fig. 10.10. Comparison of experiments with simulated zinc 
equilibria from chloride or sulfate parameters. 
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consequence, complex solvents such as sulfolane are then best treated as single 
group. If the compounds involved are highly polar and even form hydrogen bonds, 
then solvatochromic models are appropriate. 

The standard molar Gibbs energy of solvation can also be derived from pure com¬ 
ponent data using spectroscopic information for determining solvatochromic 
parameters in respect of activity, basicity, polarity, etc. There exists a number of lin¬ 
ear solvatochromic scales, the most widely used of which is the linear solvation 
energy relationship (LSER) devised by Kamlet and Taft [37, 38]. The Nernst distribu¬ 
tion of solute i according to Kamlet is: 

logD” = C 0 + C,V, + C 2 di + C 3 7 t* + C 4 a, + C 5/ 3 ; (8) 

Here, Vi is the molar volume of the solute (as a measure of the size of the cavity to 
accommodate the solute i in the solvent), di is an empirical parameter which takes 
also account for polarizability n*, ai and /3; characterize respectively the acidity or 
basicity which in general represents the ability to form hydrogen bonds, and the C's 
are solvent characteristics independent of the solute. Meyer and Maurer [39] used 
this equation for 30 systems (371 substances, 947 experimental distribution coeffi¬ 
cients) to evaluate generalized solvent Cj parameters. 

This equation is quite accurate in comparison with group contributing methods 
[40] or other predictive LSER methods [41]. For compounds where the solvatochro¬ 
mic parameters are known, the mean absolute error in log D,j is about 0.16. It is usu¬ 
ally less than 0.3 if solvatochromic parameters of the solute and solvent must be 
estimated according to empirical rules [42]. In contrast to the prediction of gas-liq¬ 
uid distribution coefficients, which is usually easier, the LSER method allows a 
robust estimation of liquid-liquid distribution coefficients. However, these equa¬ 
tions always involve empirical terms, despite their being physico-chemically 
founded thermodynamic models. However, this is considered due to the fundamen¬ 
tal character of the solvatochromic scales. 

One promising predictive method based on statistical thermodynamics and quan¬ 
tum chemistry is that of COSMO-RS. Thermodynamic parameters, even of complex 
molecules, can be derived using eight general COSMO-RS inherent parameters, a 
single radius and one dispersion constant per chemical element [43, 44]. To date, the 
system has been tested (www.cosmologic.de) with vapor-liquid binary phase dia¬ 
grams, activity coefficients, excess properties, isomeric effects, temperature depen¬ 
dency and applications in life science (water solubility, blood-brain partitioning, 
intestinal absorption). However, the accuracy of the method is relatively poor, and 
few reports have been made with liquid ionic solutions. 

10.3 

Reactive Mass Transfer 
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The mass transfer at the liquid-liquid interface is composed of diffusional, kinetic 
and convective elements. Most of these applications are concerned with the extraction 
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of ionic species that are primarily not soluble in the organic phase. After complex- 
ation by the liquid ion exchanger, the complex formed is rendered soluble in organic 
media. This is why complexation or chemical reaction takes place at the interface. A 
prerequisite to that is that the ion exchanger is available at the interface. Most of 
them have an amphiphilic behavior, and their adsorption isotherms can easily be 
estimated when measuring the interfacial tension arising from different bulk con¬ 
centrations [31]. In general, the assumption is that the adsorbed ion exchanger 
reacts with the solute, and in a second step is replaced by a fresh one while the com¬ 
plex is been released to the bulk. According to a model of Klocker et al. [45], this 
reads: 


Zn 2+ +2(RH) ad (ZnR 2 ) ad +2H + 

(9) 

(ZnR 2 ) ai+ lR 2 H 2 ^ZnR 2 (RH) + 2(RH) ad 

(10) 


Here, ad denotes the adsorbed species and the bars indicate bulk organic species. 
The resulting governing kinetics equation is then [31]: 


d [Zn 2+ ] K f -[R 2 H 2 ] L5 -[Zn 2+ ]-A: r -[h + ] 2 -[ZnR 2 (RH)] 

4 

[r 2 h 2 \ 


dt [r 2 h 2 ] 1 ' 5 +c 1 -[h + ] 2 

(C 2 4 

■ 4*2^2 Jj 


( 11 ) 


The equation has three kinetic parameters, (see: http://dechema.de/Extraction/), 
since the forward, kj, or the reward reaction constant K n can be substituted by the 
equilibrium constant (see Eq. (7)) according to 


The parameter estimation is made in a stirred Lewis-type cell (Fig. 10.11) where, 
in the plateau region, chemical reaction prevails. With increasing stirring speed the 
initial mass transfer rates will increase as diffusional effects are diminished and a 
plateau is reached where mass transfer is independent of diffusion, as discussed 
elsewhere [31, 46]. A further increase in stirrer speed will disrupt the planar inter¬ 
face, leaving the operating area for determining the kinetics parameters. 

The usual mass transfer geometry for reactive extraction is not planar but is spher¬ 
ical, due to dispersions produced in mixer-settlers, extraction columns or centri¬ 
fuges. Rigid spheres can be found with small droplet diameters, whereas with 
increasing droplet diameters (usually 1 to 6 mm) there is an onset of circulations 
until large oscillating droplets are disrupted into smaller new ones. In these small 
droplets, instationary diffusion from the surface to the center prevails. In general, 
with reactive extraction we normally find bulky organic constituents, which is the 
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Fig. 10.11. Stirred Lewis cell with two independent stirrers and 
a planar interphase. 

ion exchanger and the ion exchanger-solute complex. Their molecular mass is 
higher than that of the solute in the aqueous phase. Additionally, the higher viscosity 
of the organic phase makes it more likely that diffusion resistance is predominant in 
the organic phase in respect to the aqueous phase. A correct description is then to 
model diffusion inside the droplet with the Maxwell-Stefan diffusion law [47], where 
the chemical potential - and not the concentration differences - represent the driv¬ 
ing force. However, a problem until now has been to obtain information in respect 
of an exact value of the cross- diffusion coefficients. These represent frictional cou¬ 
pling of the fluxes of the species involved, and can be neglected only in very dilute 
systems. 

Bosse [48] proposed a new model to predict binary Maxwell-Stefan diffusion coef¬ 
ficients Dij, based on Eyrings absolute reaction rate theory [49]. A correlation from 
Vignes [50] which was shown to be valid only for ideal systems of similar-sized mol¬ 
ecules without energy interactions [51] was extended with a Gibbs-excess energy 
term 
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(13) 
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where the mean distance parameter is as 

= x l^l + * 2^2 ( 14 ) 

and the individual A; may be estimated from the cubic root of the molecular or the 
van der Waals volumes. The g E parameters can be taken from isotherm VLE or LLE 
data using UNIQUAC, COSMO-RS or any other g E model. The quality of these 
parameters is then decisive for the model predictions. A bad choice may produce up 
to 30 % error compared to 5 % in the best case. 

Modern measurement techniques based on Raman spectroscopy [52] are under 
way for rapid data evaluation with technically acceptable accuracy. It is clear from 
theory that in circulating droplets diffusion no longer prevails, as in the case of rigid 
droplets. This is depicted in Fig. 10.12, where a Laser-Lichtschnitt of a 3-mm tolu¬ 
ene droplet using laser-induced fluorescence (LIF) is depicted. The fluorescence sig¬ 
nal of the solute in the continuous phase, responding to wake and interfacial tension 
effects affecting mass transfer, can be clearly seen. This is why it is difficult to rec¬ 
ommend mass transfer correlations, and direct measurements in rising/falling 
droplet or venturi tubes should be preferred. In that respect, the venturi tube (Fig. 
10.13) allows arbitrary residence times in respect of the chemical reaction kinetics 
involved. With regard to the Zn/HDEHP EFCE test system, a correlation proposed 
by Steiner [53] for single droplets in combination with the above derived kinetics 
model (see Eq. (11)) gave satisfying results. A better representation of the experi¬ 
mental data was with models having adjustable parameters, such as the stagnant cap 
model of Slater [54] or the model of Henschke and Pfennig [55], but the contribution 
of the chemical reaction to the overall mass transfer kinetics could never be 
neglected, as has been discussed elsewhere [28, 56]. It is well known that 
amphiphilic substances will adsorb at liquid-liquid interfaces (see Section 10.1.3). 
Huminic acids, impurities and even the solute-ion exchanger complex act in that 
respect. As a result, during the droplet rise the surfactants adsorbed will be swept to 
the rear of the droplet, where they build into a stagnant cap (Fig. 10.14) followed by a 
wake in the continuous phase. Thus, part of the droplet is then mobile or rigid, and 
the ratio may be determined experimentally using the model of Slater [54]. 

In extraction columns, it is possible to find droplet swarms where the local veloci¬ 
ties near the droplet surface are higher, this being due to the lower free area available 
for the countercurrent flowing continuous phase. Wake and Marangoni influences 
make the prediction of a physical mass transfer coefficients difficult. With reactive 
extraction the influence of interfacial kinetics on overall mass transfer is generally 
not negligible. In any case, a combination of reactive kinetics with any eddy mass 
transfer model is recommended, whereas the latter could rely on correlations 
derived for specific column geometries. 

A practical approach is to use the venturi tube (see Fig. 10.13) with a swarm of rep¬ 
resentative droplets of a certain diameter to estimate an effective mass transfer coef¬ 
ficient, including diffusional and reactive resistances. The value obtained would be 
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Fig. 10.12. Laser-induced fluorescence picture of a toluene 
droplet (100 % is 0.1 mmol L _1 Rhodamine 6G). 



Fig. 10.13. Venturi tube (1 feed, 2 metering pump, 3 nozzle, 4 
rotary gear pump, 5 pump, 6 heat exchanger, 7 funnel, 8 sample 
valve, 9 valve). 


of limited use to extrapolate to other conditions, but fairly well reflects the system 
behavior. An advantage here is that only small amounts of process liquids have to be 
used to obtain the decisive information. 
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10.4 

Hydrodynamics 

The choice of an apparatus for reactive extraction is similar to physical extraction 
[57]. If longer residence times are needed, mixer settlers are easily adapted. How¬ 
ever, modern liquid ion exchangers will reach reaction equilibria in many cases in 
less than 1 minute, even with the slow chelating reagents for copper extraction. This 
has led to the use of extraction columns in the mining industries, following a trend 
set in the chemical and pharmaceutical industries, mainly for reasons of cost. For 
example, Western Mining Corporations, Olympic Dam operations in South Austra¬ 
lia recently installed pulsed Batman columns to treat 800 m 3 fr 1 of uranium solu¬ 
tions. These columns were shown to be able to reduce evaporation losses, 
entrainment and solvent inventory when compared to mixer settlers. The Alamine 
336/kerosene anion exchanger phase in this case has relatively rapid extraction 
kinetics, and the extraction is controlled by diffusion process, likewise physical 
extraction. Other examples where large columns are being considered are in INCO’s 
Ni/Co extraction process plant currently being built at Goro in New Caledonia. 

Predictions of the column height required for any given separation can be 
obtained by using either a staged approach or a transfer unit approach. The plug 
flow models for determining the height of a column are of limited value due to the 
effect of axial dispersion, which is caused by 

• molecular and turbulent diffusion in axial and radial directions; 

• carrying of continuous phase in the wake of a droplet; and 

• entrainment of smaller drops. 

The state of the art for column simulations is with the dispersion or back-mixing 
model, where one parameter reflects all hydrodynamic non-idealities [5, 7, 8]. A step 
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forward is with droplet populance models (DPM) [58, 59], which take into account 
the coalescence and break-up of droplets, and thus provide a better physical picture 
and more reliable simulation results. Equation (15) gives the droplet density distri¬ 
bution P(t,z,d) as a function of convection (wa), back-mixing (Dd.ax), breakage (Sb.p) 
and coalescence (Sc,p) of the dispersed phase. For the concentration profile of the 
solute in Eq. (16), a mass transfer term is included. For the solute profile of the con¬ 
tinuous phase, the mass transfer must be integrated with respect to all droplet 
classes (see Eq. (17)). 


dP(t,z,d) _ dP(t,z,d ) d 2 P(t,z,d) 


dt 


- = w d - 


dz 


+ D, 


'd,ax -r ~2 - + S B,P (t.z,d,P) + S C P ( t,z,d,P ) (15) 

dz 
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+ D c _ 7 
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(y — m-x(d)) dd 


(17) 


The local hold-up is obtained from an integration of all droplet classes: 


<p(t,z,d) = fj”" P(t,z,d)dd 


(18) 


The source term for breakage is according to: 

S BP ( t,z,d,P ) = /d™ P{d 0 ,d)g(t,z,d)P(t,z,d)dd 0 — g(t,z,d)P(t,z,d) (19) 

where g(t,z,d) is the breakage frequency and (3(do,d) is the daughter droplet distribu¬ 
tion. The same parameters are then valid to describe the concentration distribution 
within the droplet swarm: 

S B Q (t,z,d,Q) = fi(d 0 ,d)g(t,z,d)Q(t,z,d,P)dd 0 -g(t,z,d)Q(t,z,d,P) (20) 


The positive part in the integral is due to the increase in the number in a given class 
gained from a higher class of bigger droplets and the negative part is due to the loss 
into a lower class of smaller droplets. The integral terms for coalescence can be 
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developed in analogy. Here, it is assumed that only two droplets with diameter di 
respectively d 2 will react (no multilateral effects). The coalescence probability co(di,d 2 ) 
is the determining parameter for the probability density functions of droplets 
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dd 1 


The breakage frequency and daughter droplet distribution must be determined in 
the geometry under consideration [60], as is depicted in Fig. 10.15 for Rotating Disc 
Contactor (RDC) geometry. The daughter droplet distribution is usually according to 
a decay function which is a (3-distribution, starting with a maximum value which is 
the mother droplet do. The breakage probability is correlated to a modified Weber 
number taking viscosity and surface tension for a certain droplet diameter into con¬ 
sideration. The coalescence parameters are then evaluated in a similar cell, compris¬ 
ing five column compartments for statistical reasons. In this differential contactor 
the inverse droplet population balance is solved, considering droplet-breakage but 
neglecting dispersion effects [61]. Basically, the experiments can be carried out 



Fig. 10.15. Breakage cell. 
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simultaneously under mass transfer conditions when estimating the coalescence 
probability. The saturated phase in equilibrium can then be used for break-up exper¬ 
iments under conditions that are non-critical with regard to coalescence. Since mass 
transfer is usually rapid, not the initial but the final conditions (altered solute con¬ 
centration and thus, for instance, interfacial tension) are decisive for the daughter 
droplet distribution and breakage probability. 

The DPM demands knowledge of the dispersion coefficients. At high throughputs 
and turbulence (i.e., high stirring speed), the dispersion coefficient of both phases 
become similar, when otherwise the dispersed phase coefficients are three- to six¬ 
fold higher [62]. If no correlations are available from the literature, the use of CFD 
methods is a valid tool for the estimation of residence time distributions of fluid ele¬ 
ments and Bodenstein numbers in agitated extraction columns. Figure 10.16 con¬ 
firms the correlation of Steiner [63], developed on a 150-mm diameter Kixhni 
column used to scale-down the performance of a small scale miniplant Kixhni extrac¬ 
tion column [64] at a certain compartment height, He, rotor diameter, Dr, and rotor 
speed, N: 
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Fig. 10.16. Axial dispersion coefficients (solid line: correlation, 
points: CFD and experimental data). 
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The last remaining parameter in the DPM is the individual rising velocity of a dis¬ 
persed phase droplet in a certain apparatus geometry. The velocities of both phases 
are related to the two-layer model [65] which is expressed as: 

w d (t,z,d,<p) = w r (t,z,d,<p) + w 0 {t,z,<p) (24) 

with w 0 the continuous phase, Wd the dispersed phase and w r the relative velocity of a 
drop of diameter d relative to the surrounding continuous phase. It can be obtained 
from the single drop terminal velocity wrby the following correlation: 

w r (d,ip) = k v (d) w T (1 -<p) (25) 

where k v (d) is the slowing coefficient taken by definition values between 0 and 1. 
The value of k v (d) depends on the type of the extraction column [66]. 

For a RDC a correlation from literature has been proposed as follows [67]: 

, \0.44 

fe y (d) = l-1.037(N 3 D^)°' 12 -0.62 - (26) 

\D S ~D R/ 

with N the rotor speed, Ds and Dr as the stator and rotor diameters, respectively. 

Figure 10.17 illustrates graphically a comparison of experimental and predicted 
mean Sauter diameters, d 23 , from different-sized RDC columns [68, 69] with (from 
continuous to dispersed phase and vice versa) and without mass transfer. The simu¬ 
lated column values are based on parameter estimations from the above-discussed 
small laboratory-scale units. There is a good agreement between experimental and 
simulated Sauter diameters, despite the fact that in the column simulations with the 
DPM concept there is no adjustable parameter. The dispersion coefficients and ris¬ 
ing velocities were taken from above correlations. The break-up probability and 
daughter droplet distribution were obtained from laboratory-scale experiments (see 
Fig. 10.15), although appropriate correlations exist [60]. Only the coalescence proba¬ 
bility cannot be estimated beforehand and must be experimentally determined [61, 
69]. It could be shown that even column behavior under mass transfer conditions 
could be correctly predicted, assuming an axial linear surface tension gradient aris¬ 
ing from mass transfer. 

10.5 

Conclusions 

Reactive extraction is, in many aspects, quite similar to physical extraction. Modern 
liquid ion exchangers with fast kinetics allow the use of columns for solute recovery. 
Complex feed mixtures can be efficiently handled in respect to the given selectivity 
due to the selective chemical reaction involved and the set-up of a process schema, 
including scrubbing and regeneration steps. Reactive equilibria and mass transfer 
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concepts are well established in that field, whereas for the latter areas effective mass 
transfer models with adjustable parameters await improvements. 

In the future, the design of reactive extraction columns in general should rely on 
DPM concepts, since the background is a physically more rigid description of what 
actually happens in a column. All hydrodynamic and mass transfer parameters 
required could be estimated in small-scale laboratory units, where only small 
amounts of process liquors are required. Indeed, when predicting column behavior 
solely on the basis of physico-chemical data, correlations may also be used, though 
chemical kinetics and coalescence frequency cannot be determined beforehand. In 
many industrially relevant cases the kinetics is rapid and the systems have hindered 
coalescence and thus, at first glance, may be neglected. This provides a means of 
obtaining reliable estimates of column performance and product recovery before 
costly attempts are made to validate a process in a pilot or mini-plant operation. 
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Development of Reactive Crystallization Processes 


Christianto Wibowo, Vaibhav V. Kelkar, Ketan D. Samant, 

Joseph W. Schroer and Ka M. Ng 

n.i 

Introduction 

A large number of products ranging from basic chemicals to pharmaceuticals are 
produced by reactive crystallization. Examples include terephthalic acid from the air 
oxidation of p-xylene [1], and bisphenol A by means of adductive crystallization of 
phenol and bisphenol A [2], among others. Also, almost all crystallization products 
involving ionic species such as inorganics produced from salt lakes belong to this 
category. The development of such a reactive crystallization process is rather 
involved. In plant design, the crystallizer as well as the entire plant needs to be con¬ 
sidered. In equipment design, both equilibrium thermodynamics and crystallization 
must be taken into account. 

This chapter describes in a step-by-step manner a generic strategy that we have 
been using for the development of various industrial processes. The chapter begins 
with a discussion of the overall workflow for process development, followed by a 
description of the way in which a process is synthesized, which relies heavily on the 
use of phase diagrams. The deviation from equilibrium behavior is accounted for 
using a model-based approach. This is illustrated with an example on the asymmet¬ 
ric transformation of an enantiomer. 

n.2 

Workflow in Process Development 

The very nature of process development necessitates the contributions of all mem¬ 
bers of a typical development team. Thus, reaction engineers determine reaction 
kinetics and select the best reactor type, while filtration experts measure the filter 
cake resistance and washing efficiency. To reduce development time, it is crucial that 
all of these activities be performed in a coordinated manner. Proper workflow auto¬ 
mates such a development process, in whole or part, during which documents, 
information, or tasks are passed from one participant to another for action, accord¬ 
ing to a set of procedural rules. 
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Figure 11.1 shows four main tasks in the development of a reactive crystallization 
process. The central column shows the tasks to be tackled. The rectangles on the left 
indicate the data required for the corresponding tasks. Experiments are necessary 
because, contrary to what some people might believe, the state of the art simply does 
not allow reliable predictions of a number of common engineering parameters. For 
example, while it is possible to predict SLE (solid-liquid equilibrium) for ideal sim¬ 
ple eutectic systems, it is difficult or impossible for complex molecules with compli¬ 
cated phase behaviors such as the presence of solvates, hydrates and compounds. 
Washing efficiency must also be measured because it can have considerable impact 
on the cost of solvent recycling. Similarly, it is difficult to predict the occurrence of 
agglomeration and breakage which depend not only on the material properties, but 
also on the processing history of the particles. Solid-liquid equilibrium, and nucle- 
ation and growth kinetics data were often not measured in a project because of time 
constraints. It is not uncommon that these quantities are not known, even for an 
active commercial plant. However, in the past few years a number of industrial labo¬ 
ratories have been set up to measure the relevant quantities on a routine basis. A 
similar situation existed for reaction kinetics, although systematization of those 
measurements is much further advanced. 

The rounded rectangles on the right in Fig. 11.1 indicate the techniques, design 
procedures, and basic sciences required for the corresponding tasks. Thus, a good 
understanding of high-dimensional reactive SLE phase diagrams is helpful for the 
synthesis of separation schemes. Transport phenomena and population balance 


Expts Objectives Tools 



Product with Desired Qualities 


Fig. 11.1. Overall workflow for the development of a reactive 
crystallization process. 
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equations (PBEs) are essential for the design of crystallizers. Since the capital and 
operating costs for the filtration, washing, and deliquoring of the crystals can be 
more expensive than that for the crystallizers, it is equally important to have a firm 
grasp of the downstream system. 

To integrate conceptual design, modeling and experimentation, it is necessary to 
assemble a team with the requisite technical skills, and to identify what is achievable 
based on the available time, technological limit, and both human and monetary 
resources. Figure 11.2 shows the RAT 2 IO concept for workflow; the acronym stands 
for objective, information, tools, time, activities, and resources. Thus, for each step 
of the workflow, the objective of the task as well as the input and output information 
should be defined. 

The appropriate tools such as software, experimental equipment, and instruments 
for executing the task should be identified. The activities to meet the objective such as 
computer simulation, modeling and experimentation are defined. To meet the project 
deadline, it is also necessary to estimate the time needed to complete the tasks. 
Proper allocation of human and monetary resources to perform the activities is also 
essential [3], 

11.3 

Process Synthesis 

Let us consider synthesis of the separation system. Visualization is an effective way 
of understanding the functional relationships among variables in systems derived 
from multivariate problems and multicomponent mixtures, which are ubiquitous in 
chemical engineering. A case in point is the graphical representation of the phase 
behavior of a system in the form of a phase diagram. Regions where the system 
exists as a single phase or a mixture of multiple phases are shown in the composi¬ 
tion space. To completely represent the phase behavior of a c-component system, we 
need to use a phase diagram in a (c + 1)-dimensional space, where the axes represent 
temperature, pressure, and (c - 1) mole fractions. However, since pressure does not 
have a significant effect on solid-liquid phase behavior, it is generally sufficient to 
consider isobaric SLE phase diagrams, the dimensionality of which is equal to the 
number of components (c). 

Because of its high dimensionality, it is difficult - or even impossible - to view the 
phase diagram of a multicomponent system in its entirety. For example, an isobaric 
phase diagram for four components would involve a four-dimensional space. To 
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documentation 


Fig. 11.2. The RAT 2 IO concept for workflow. 



342 | 77 Development of Reactive Crystallization Processes 

overcome this problem, the only practical approach is to reduce the dimensionality 
so that entities of dimensions four or higher can be viewed in lower dimensions. 
This can be achieved by taking projections and cuts. Consider the following familiar 
low-dimensional example. The T-x diagram for a three-component system is conve¬ 
niently represented using a 3-D triangular prism (Fig. 11.3). The vertical axis is 
temperature, while the base is a ternary diagram. We can visualize this 3-D diagram 
in 2-D by looking at a polythermal projection or a series of isothermal cuts. 

The use of phase diagrams to represent thermodynamic relationships such as 
phase and reaction equilibria has been the foundation for synthesis procedures for 
distillation processes, crystallization-based separations, extractive reaction processes, 
and hybrid systems. Graphical methods for synthesizing separation processes 
depend on the capability to track composition changes on the phase diagram, creat¬ 
ing the so-called “process paths”. When the phase diagram is plotted in mole frac¬ 
tion coordinates, material balance lines are always linear and the lever rule is always 
valid. It is desirable to preserve this feature when taking a projection, so that the pro¬ 
cess path can still be constructed in the same way on the resulting plot in canonical 
coordinates (see below). Linear projection is preferable for this purpose, since linear¬ 
ity is preserved. 

Figure 11.4 illustrates an example where SLE phase diagram is used for generat¬ 
ing a flowsheet alternative for separating p- and m-cresol from a 50:50 mixture [4]. 
Crystallization is an attractive technique because p-cresol (A) and m-cresol (B) are 
close boilers (both having a boiling point of 202 °C), while their melting points differ 
quite significantly (35 °C forp-cresol and 10.9 °C for m-cresol). The binary system of 



Fig. 11.3. Solid-liquid phase diagram for a three-component 
mixture. 
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these isomers forms a compound (AB 2 ) with a congruent melting point at 33.3 % A. 

The two eutectics are located at 12.5 % and 60 % A. Tare and Chivate [5] proposed 
the use of t-butyl alcohol (S), as a solvent to enable separation. This component 
forms an adduct with both isomers, as can be seen from the polythermal phase dia¬ 
gram in Fig. 11.4. 

Since it is desired to separate pure A and B from the mixture, two crystallizers are 
needed (Fig. 11.4(a)). To achieve the separation objective, one must visit compart¬ 
ments A and B. By inspection of the phase diagram, it is found that the feed (located 
in compartment AB 2 ) can be brought to compartment A by adding S (Fig. 11.4(b)). 

This implies that A should be separated first, and B recovered next. However, it is 
not possible to move from compartment A to B, because the two compartments are 
not adjacent to each other. One option to deal with this problem is to crystallize AS, 
which is an adduct that can be easily separated using distillation. Instead of A, the 
adduct AS is recovered in the first crystallizer (Fig. 11.4(c)). Solvent removal is then 
used to cross from compartment AS to B, followed by crystallization of B. The final 
mother liquor (point 4) is recycled (Fig. 11.4(d)). To complete the flowsheet, two 
units are added: a dissolver to introduce solvent S to the feed, and a distillation col¬ 
umn to recover A from the adduct (Fig. 11.4(e)). S is recycled back to the dissolver. 
Cooling-type crystallizers are used for both Cl and C2, since the boiling point of 


a) 







Fig.n.4. Process synthesis using phase diagram (after 
Ref. [4]). 
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t-butyl alcohol (82.9 °C) is substantially higher than the melting points of A and B, 
prohibiting the use of an evaporative crystallizer. 

n.4 

Reactive Phase Diagrams 

As demonstrated in the previous section, it is advantageous to obtain a deeper 
understanding of how to perform projections and cuts for multicomponent reactive 
systems. A single projection or cut captures only part of the system under consider¬ 
ation. However, the user can form a mental picture of the phase diagram in its 
entirety by making a sequence of such projections and cuts [6]. 

11.4.1 

Projections and Canonical Coordinates 

An m-dimensional subspace within the original n-dimensional space can be repre¬ 
sented as the intersection of ( n - m) hyperplanes of dimension (n - 1), 

q i -y = 0; i = l,2,...,n — m, (1) 

where qi is the normal vector to each hyperplane and y is a position vector. In other 
words, the subspace is defined by a set of normal vectors {qi, qi, ..., q n -mj which are 
linearly independent. To describe objects lying entirely in an m-dimensional sub¬ 
space, it is both redundant and inconvenient to use the original set of (n + 1) coordi¬ 
nates. Instead, we can use a set of (m + 1) coordinates {Yi, Y 2 .Y m , Yo}, which are 

referred to as the canonical coordinates. Once the relationship between the canonical 
and original coordinates is known, it is straightforward to plot the cut or projection 
of the original system using the new coordinates. 

The most convenient way to plot a projection of an n-dimensional system in an m- 
dimensional linear projective subspace is to use multiple orthogonal projection, in 
which the directions of projection rays are parallel to the normal vectors (qi, qi, ..., 
q n - m ) defining the projective subspace. Under this projection, a point is first pro¬ 
jected in the direction of qi, then of q2, and so on. A convenient set of canonical coor¬ 
dinates describing the projective subspace is given by 

Yi=Yi- dj Qrejyref 7 = 0,1, 2,..., m (2) 

where 


0j=[?i,i <h,i ■■■ q„- m ,i] T ; i = 0,l,2,...,m 


( 3 ) 



(h,m+l (?2,m+l 
_ 9l,m+2 fem+2 

CZre/ “ : 

(?1,» *?2,n 


tfn—m,m+l 
tfn—m,m+2 
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( 4 ) 


/ re / = [ym+i ym +2 ••• y»] T (5) 

Here, qij represent the j-th element of vector qc 
A special case of orthogonal projection in homogeneous space is the frequently 
used Janecke projection, where one reference component is neglected and the com¬ 
position of the remaining species are renormalized. As a special case of multiple 
orthogonal projection, we define multiple Janecke projection, where the dimensional¬ 
ity is reduced directly to m. If components (m + 1) to (C - 1) are taken to be the refer¬ 
ence components, the elements of the projection ray vectors {<ji, q 2 , qc-m-i} are 
given by 

jl, if i = j + m or i = 0 ^ 

[0, otherwise 


This projection is equivalent to neglecting components (m + 1) to (C- 1), and nor¬ 
malizing the remaining mole fractions. 

Another special case is the reactive projection. When chemical reactions are 
present, possible compositions are confined to a lower dimensional subspace. Con¬ 
sider a system involving C components and R independent reactions described as 

Vij A 1 + v 2j A 2 +- + v cj A c =0;j = 2 - R (7) 

where Vij is the stoichiometric coefficient of component i in reaction j, which has a 
negative value for reactants and positive for products. Changes in composition due 
to these reactions are described by a set of equations 

»■ = »i, 0 + 2 Vij i = l 2,.. ., C (8a) 

j = 1 

R 

n TOT = n TOT, 0 + 2 v TOT,j 
j = 1 


(8b) 
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where is the molar extent of reaction j. It can also be written as 

» = ■*%+lift+&0Z +~‘+% R q R 


(9) 


where 


9j=[ V lj v 2j ■■■ V C-l,j v TOT,jJ-’j = 1. •••> R - (10) 

Equation (9) describes a linear stoichiometric variety of dimension R. A reactive 
projection is defined as a multiple orthogonal projection from a C-dimensional 
space to a (C — -R — 1)-dimensional subspace, where the directions of the R projection 
rays follow the directions of {qi, q 2 , ..., qs} defined in Eq. (10). Such projection 
causes the stoichiometric variety to disappear, leaving a reaction-invariant projec¬ 
tion. The set of canonical coordinates defining the projective subspace can be found 
by substituting Eq. (10) into Eqs. (2)-(4) [7]. 

11.4.2 

High-Dimensional Phase Diagrams 

With the generic framework for making projections and cuts, we are in the position 
to plot high-dimensional phase diagrams. Consider a simple eutectic system of five 
components: A, B, C, D, and E. A complete representation of the polythermal phase 
diagram requires a four-dimensional diagram (c= 5). Figure 11.5(a) is a 3-D cut 
taken at xe = constant, which is formed by stacking together cuts at different values 
of xd and that particular value of xe. In a similar way, one can generate similar 3-D 
cuts at different values of xe, and combine them to recover the complete 4-D phase 
diagram. Another view of the phase diagram is shown in Fig. 11.5(b), where the 
entire phase diagram is projected onto a 2-D space. Clearly, both figures only provide 
partial view of the phase diagram, but nonetheless provide an idea of the higher 
dimensional system. 

The plotting of such a phase diagram allows the visualization of saturation variet¬ 
ies, which are regions where one or more components are saturated and can crystal¬ 
lize out of the solution. For example, the region bounded by Ae, ABe, ABCe, ACe, 
ACDe, ADe, and ABDe in Fig. 11.5(a) is the saturation variety of A, where compo¬ 
nent A can be crystallized out in a pure form. Identification of this region is useful 
for determining conditions of a crystallizer for separating A. 

Figure 11.6 shows an example of the phase diagram for a reactive system, in 
which a compound C is formed from components A and B. An isothermal cut and 
the polythermal projection are also shown. Such a phase diagram can be obtained 
via a reaction invariant projection of a higher-dimensional simple eutectic phase dia¬ 
gram. AS and BS are binary nonreactive eutectics, since their presence is not 
affected by the reaction, while ACSb and BCSa are ternary reactive eutectics. Similar 
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Fig. 11.5. (a) Three-dimensional cut of the five-component 

polythermal solid-liquid equilibrium (SLE) phase diagram. 

(b) Projection of the five-component SLE phase diagram to 
the normalized mole fraction space (after Ref. [4]). 

to the nonreactive phase diagram, crystallization regions corresponding to each 
component can be identified. 

Figure 11.7 shows a ternary system consisting of components A, B and a com¬ 
pound C. The presence of the reaction confines the feasible composition to the reac¬ 
tion equilibrium surface. Projection of the intersection between the solubility 
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Fig. 11.6. Ternary phase diagram for a system with compound 
formation. 

surfaces and the reaction equilibrium surface results in the familiar temperature- 
composition diagrams of congruent (Fig. 11.7(a)) and incongruent (Fig. 11.7(b)) com¬ 
pounds. Note that the composition axis is in terms of a transformed coordinate [8]. 

Figure 11.8 is an example of a high-dimensional ionic system phase diagram [9]. 
Consider an aqueous solution containing two cations (A + , B 2+ ) and three anions (X~, 
Y 3 “, Z 2 ~). The ions can form six simple salts, that is, AX, A 3 Y, AfZ, BXj, B 3 Y 2 , and 
BZ. For simplicity, these salts are referred to as K, L, M, N, O, and P, respectively. 
The isobaric isothermal phase diagram of this system can be represented in a four¬ 
dimensional space. Taking a Janecke projection with respect to the solvent vertex, we 
obtain a 3-D diagram (Fig. 11.8(a)). Each rectangular face of the prism represents a 
quaternary conjugate salt system comprising of both cations as well as two of the 
three anions (X~and Y 3_ , X~and Z 2 ~, or Y 3 ~and Z 2 ~). Each triangular face represents 
a system of three salts with a common cation (A + or B 2+ ). There are nine vertices 
with two saturated salts lying on the edges of the prism, and eight vertices with three 
saturated salts lying on the faces (two each on the three rectangular faces and one 
each on the two triangular faces). There are also three vertices with four saturated 
salts lying in the interior of the prism, shown as squares. These vertices define the 
saturation variety of the salts. For example, the saturation variety of salt AX is the vol¬ 
ume bounded by vertices K, KL, KLM, KM, KMN, KN, KLN, and KLMN. Figure 
11.8(b) shows a 2-D projection of the phase diagram obtained by neglecting the 
concentration of ion Z 2 ~. Two more projections are required to completely represent 
this system. 
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C saturation 
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Fig. 11.7. Isobaric phase diagram of a binary system where 
the following reaction takes place: A + B —> C resulting in 
(a) a congruent melting compound and (b) an incongruent 
melting compound. 




350 7 7 Development of Reactive Crystallization Processes 




Fig. 11.8. Isobaric isothermal phase diagram for a six-salt 
simple ionic system: (a) 3-D diagram; (b) 2-D projection. 







11.5 Kinetic Effects 

11.5 

Kinetic Effects 

The equilibrium-based design of reactive crystallization systems provides a starting 
point for the incorporation of the following kinetics and mass transfer effects. 
Supersaturation of the dissolved compound is created due to reaction, leading to the 
formation of crystal nuclei. Incorporation of the solute into the crystal lattice leads to 
crystal growth, but this can be hindered by mass transfer effects. This scenario can 
be further complicated by a gas-liquid reaction where gas-liquid mass transfer rep¬ 
resents an additional step. Similarly, the dissolution rate of a solid agent can be the 
rate-limiting step in salting-out crystallization. Each of the above steps is character¬ 
ized by a characteristic time, the ratios of which determine the relative rates of the 
different mechanisms. This is illustrated below using a salting-out reactive crystalli¬ 
zation system [10]. 

11.5.1 

Reactive Crystallization with a Solid Reactant 

Consider a liquid feed stream containing reactant species A entering an MSMPR 
crystallizer at a volumetric flow rate F. A solid reactant B is also charged continu¬ 
ously at a molar flow rate W. The solid reactant B dissolves, and reacts with A in the 
liquid phase in the presence of an inert solvent S. The reaction rate can be generally 
given as a function of the concentrations of the reactant species, <E>(c). An amount of 
product P in excess of the solubility limit precipitates out of the solution as a solid 
product. 

B (s) * B (i) 

A (1) +B (1) «-*2Pj (11) 

The material balances for the reactant and product species: 

Balance for species A 


F(ci-c A )-vo=o 


( 12 ) 


Balance for species B 
Liquid phase 
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Vk s a s (Cg — C B ) —V<P —FC B =0 


(13) 
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Solid phase 


W-W 



Vk s a s (c B C B ) —0 


( 14 ) 


Balance for species P 
Liquid phase 

F(Cp — C p )+VO—Vk s a T (c p — Cp)—v(k v p m L 3 0 )j n =0 (15) 

Liquid-crystal interface 

Vk s a T (c p —Cp) — V(a T /2)p m G = 0 (16) 

Here, Cp is the concentration of the dissolved solute in the bulk of the liquid, Cp is 
the concentration of the solute at the liquid-crystal interface, and Cp is the solubil¬ 
ity. Note that the nucleation rate (J n ) and the linear growth rate (G) have been trans¬ 
formed into molar units by using appropriate multiplying factors. It should be 
emphasized that, while these equations capture the phenomena under consider¬ 
ation, to be correct, they should be expressed in terms of activities in stead of 
concentrations. 

Examination of Eqs. (12) to (16) reveals five distinct rate steps: dissolution of B; 
the reaction between A and B; the generation of P nuclei in the liquid phase; the 
mass transfer of dissolved P to the growing P crystals; and the surface integration of 
the solute P into the crystal lattice (i.e., the crystal growth step). The relative impor¬ 
tance of each of these steps can be characterized by a dimensionless number. For a 
reaction which is second order overall, and for nucleation and growth kinetics which 
can be represented by conventional power law expressions, we have 


<b-k 2 (c A c B 

(17) 

Jn = k n (c p - Cp ) 

(18) 

G=k g (c®-c;) g 

(19) 


Comparison of the individual steps results in the following dimensionless numbers: 
Reaction 


Da R — 


Reaction Rate 
Reactor Throughput 


= k,C‘, 


( 20 ) 
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Dissolution 

Reaction Rate k,c( 

Da D =-= - A 

Dissolution Rate k s a s 

Mass transfer 

Reaction Rate k 7 C» 

— _ — ____ 

M Mass Tansfer Rate from Bulk to Crystal Face k s a T 
Nucleation 


( 21 ) 


( 22 ) 



These dimensionless numbers can also be combined. For example, the ratio DaR/Dao 
compares the dissolution rate to the reactor throughput while the product DbrNnu 
compares the nucleation rate with the reactor throughput. The exact form of the 
dimensionless numbers would change as the reaction kinetics, the growth rate 
expressions, etc. change, but the meanings would remain the same. 

n.6 

Asymmetric Transformation of Enantiomers 

The impact of kinetics on the equilibrium-based design is now illustrated using a 
asymmetric transformation process for resolution of a racemic mixture in a batch 
crystallizer. The effects of crystal nucleation and growth, seeding, and the racemiza- 
tion reaction are illustrated independently by starting from a simple base case and 
building up to the full process models. The nucleation and crystal growth rate 
parameters in the rate laws are the same for both enantiomers. The model parame¬ 
ters for the base case scenario are given by Schroer and Ng [11]. The inputs for the 
process are typical of the racemization kinetics and crystallization kinetics. 

11 . 6.1 

Base Case (BC) 

Figure 11.9 shows the process paths for different cases and operating conditions. 
This base case examines an unseeded crystallization without racemization reaction. 
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S 



Fig. 11.9. Isobaric isothermal ternary phase diagram containing 
process paths for an asymmetric transformation example. The two 
enantiomers are labeled R and S, and the solvent is labeled W. 

Process paths begin at point b and terminate at the double 
saturation point, ds (after Ref. [11]). 

Both enantiomers nucleate and crystallize. The process path starts from point b 
which represents an equimolar mixture of R and S enantiomers and proceeds 
towards the double saturation point (labeled ds), which is the equilibrium point. The 
linearity of the process path indicates that an equal amount of R and S crystals are 
being formed. 

11 . 6.2 

Seeded Crystallization (SC) 

The second case considered is that of a seeded crystallization with racemization. An 
amount of S crystal seeds that is 2.5 % of the number of moles of S present is added 
to the mixture. The seeding enhances the crystallization rate of S, and initially the 
process path moves away from the S vertex with the product at short crystallization 
times significantly enriched in the S isomer. However, as the nucleation of the R iso¬ 
mers begin to kick in, the path turns towards the double saturation point, resulting 
in a drop in purity of the solid product. This can be seen in Fig. 11.10, which plots 
the fraction of the crystallized solid consisting of S crystals, zs. The left axis in Fig. 
11.10 is the mole fraction scale and the right axis is the purity expressed as the per¬ 
cent enantiomeric excess. Toyokura et al. [12] found a similar result in experimental 
studies on the selective seeding crystallization of S-carboxymethyl-L-cysteine 
(l-SCMC) from a solution containing its racemate. After a period of desupersatura¬ 
tion of the l-SCMC enantiomer, the concentration of d-SCMC would decrease due to 
its nucleation and crystal growth. The purity drop with resolution time of racemic 
mixtures has also been discussed in detail [13]. Figure 11.11 shows the amounts of 
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t/10 4 , s 


Fig. 11.10. Crystal product purity versus time (after Ref. [11]). 



Fig. 11.11. Cumulative amounts of each solid enantiomerversus 
time (after Ref. [11]). 


solids R and S plotted against time. There is a single curve for both R and S in the 
unseeded case (BC), and the amount of R enantiomer is less than that of S enanti¬ 
omer in the seeded case (SC). Thus, some enrichment in the S enantiomer may be 
obtained if the crystallization is stopped before reaching equilibrium. 
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11.6.3 

Seeded Crystallization with Racemization (SR) 

We now consider seeding of the S enantiomer along with the racemization reaction 
for two values of racemization constant, 1 x 1CM s -1 (SRI) and 1 x ICh 3 s- 1 (SR2). As 
can be seen in Fig. 11.9, racemization holds the path closer to a composition of a 
50:50 mixture. In addition, the product purity at the end of the batch is significantly 
higher than in the other cases (Fig. 11.10). Although some of the undesired R enan¬ 
tiomer still crystallizes out, the ratio of the amounts of S to R is significantly higher 
than the SC case. This is particularly so for the case with fast racemization from R to S. 

Figure 11.12 shows the relative effects of racemization and seeding on the product 
purity at the end of the batch. At this time, the supersaturation is depleted and the 
process path is close to the equilibrium double saturation point on the phase dia¬ 
gram. The results are corrected for the amount of seed used. That is: 


, _ M{ -M° s 
S M[+M{ -M° s 


(25) 


In general, purity increases with the amount of seeding and rate of racemization. 
However, the product purity encounters a plateau when the amount of seeding is in 
excess of 4 mol% of the amount of S in the mother liquor. These results are for a 
uniform seed size, and are expected to depend on the particle size distribution of the 
seed crystals used, although the general trends will remain the same. 



% Seeding 


Fig. 11.12. Product purity at the end of the batch versus 
amount of seeding and racemization reaction rate (after 
Ref. [11]). 
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11.7 

Conclusions 

A strategy is proposed for the development of reactive crystallization processes. 
First, the strategy emphasizes workflow which helps to identify what operations 
must be carried out, and how this is achieved from a management viewpoint. Sec¬ 
ond, process synthesis - which is a key element of such a development effort - 
shows that, for multicomponent reactive systems, the availability of reactive phase 
diagrams can greatly facilitate process synthesis. In crystallizer design, reaction and 
crystallization kinetics can be captured in the form of process paths that show the 
extent of departure from equilibrium conditions. The strategy also calls for the inclu¬ 
sion of downstream process synthesis [14], although this point is not discussed in 
the present chapter. 

Acknowledgments 

The authors gratefully acknowledge financial support from the Research Grant 
Council HIA02/03.EG02. 

References 


1. A. G. Bemis, J. A. Dindorf, 

B. Horwood, et al., Phthalic Acids, in: 
Kirk Othmer Encyclopedia of Chemical 
Technology, Vol. 17, 3rd edn., 
p. 732. John Wiley & Sons, 

New York, 1982. 

2. A. K. Mendiratta, Ion Exchange 
Catalyzed Bisphenol Process, 

U.S. Patent 4, 391, 997, 1983. 

3. K. M. Ng, MOPSD: A Framework 
Linking Business Decision-Making 
to Product and process Design, in: 
Process Systems Engineering 2003, 

Ed. B. Chen and A. W. Westerberg, 
p. 63, Elsevier, 2003. 

4. C. Wibowo and K. M. Ng, 

Unified Approach for Synthesizing 
Crystallization-Based Separation 
Processes, AIChE J., 2000, 46, 1400. 

5. J. P. Tare and M. R. Chivate, 
Separation of Close Boiling Isomers 
by Adductive and Extractive 
Crystallization, AIChE Symp. Ser. 

No. 143, 1976, 72, 95. 

6. K. D. Samant, D. A. Berry, K. M. Ng, 
Framework for Representation of 
High-Dimensional, Molecular 


Solid-Liquid Phase Diagrams, 

AIChE J., 2000, 46, 2435. 

7. C. Wibowo and K. M. Ng, Visualization 
of High Dimensional Systems via 
Geometric Modeling with 
Homogeneous Coordinates, Ind. 

Eng. Chem. Res., 2002, 41, 2213. 

8. C. Wibowo, K. D. Samant, K. M. Ng, 
High-Dimensional Solid-Liquid Phase 
Diagrams Involving Compounds and 
Polymorphs, AIChE J., 

2002, 48. 2179. 

9. K. D. Samant and K. M. Ng, 
Representation of High-Dimensional 
Solid-Liquid Phase Diagrams for 
Ionic Systems, AIChE J., 

2001, 47. 861. 

10. V. V. Kelkar and K. M. Ng, Design 
of Reactive Crystallization Systems 
Incorporating Kinetics and Mass 
Transfer Effects, AIChE ]., 

1999, 45, 69. 

11. J. W. Schroer and K. M. Ng, Process 
Paths of Kinetically Controlled 
Crystallization: Enantiomers and 
Polymorphs, Ind. Eng. Chem. 

Res., 2003, 42, 2230. 



358 7 7 Development of Reactive Crystallization Processes 


12. K. Toyokura, M. Kurotani, 

Fujinawa, J., Concentration Change 
ofL-SCMC S-(Carboxymethyl)-L- 
cysteine. in a Supersaturated Solution 
of DL-SCMC with Suspended L-SCMC 
Seeds in a Batch Operation, in: ACS 
Symposium Series; American 
Chemical Society: Washington DC, 
1997, Vol. 667, p. 46. 


13. M. Matsuoka, Purity Drop in Optical 
Resolution of Racemic Mixtures, 

in: ACS Symposium Series; American 
Chemical Society: Washington, 

DC, 1997, Vol. 667, p. 59. 

14. W. C. Chang and K. M. Ng, Synthesis 
of the Processing System Around a 
Crystallizer, AIChE]., 1998, 44, 2240. 



359 


12 

Analysis and Experimental Investigation of 
Catalytic Membrane Reactors 


Andreas Seidel- Morgenstern 

12.1 

Introduction 

In this chapter, the possibility will be discussed of using membranes to improve the 
performance of chemical reactors compared to conventional reactor concepts. 

Membrane reactors have, for a long time, been the focus of intensive research, 
and a variety of membrane reactor configurations have either been developed or 
suggested. The state of the art with regard to this broad field has been the subject of 
several excellent reviews [1-10], while comprehensive summaries have recently been 
provided by Sanchez Marcano and Tsotsis [11] and Dixon [12]. Modern develop¬ 
ments were reported on a regular basis during the International Congresses on 
Catalysis in Membrane Reactors - ICCMR [13]. 

As such reviews are readily available, the discussion below will focus on two exper¬ 
imental case studies conducted recently in the author’s laboratory. These studies 
were related to two different areas where membrane reactors might be applied 
successfully: 

• the selective withdrawal from the reactor of specific reaction products of revers¬ 
ible reactions; and 

• the optimized dosing of a specific reactant into the reactor to enhance product 
selectivity. 

In both cases, reactions were considered that require elevated temperatures, and 
consequently inorganic membranes were utilized in the reactors. 

Before introducing the two examples and describing the experiments performed, 
selected basics of chemical reaction engineering will be summarized. These should 
be valuable to the reader in identifying the position of membrane reactors among 
the arsenal of rival concepts. 

12.2 

Basic Aspects of Chemical Reaction Engineering 

Basic aspects of the analysis and optimization of various types of reactors and their 
operating regimes have been discussed in detail in classical textbooks of chemical 


Integrated Chemical Processes. Edited by K. Sundmacher, A. Kienle and A. Seidel-Morgenstern 
Copyright © 2005 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim 
ISBN 3-527-30831-8 
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reaction engineering [e.g., Refs. 14, 15]. More specific aspects related to the 
frequently applied catalytic fixed-bed reactors were treated, for example, by 
Eigenberger [16]. 

12 . 2.1 

Reaction Rates 

In order to quantify chemical reactions and to describe the performance of chemical 
reactors, reaction rates are the key information required. 

The rate of a single reaction in which N components are involved is defined as: 


^Scale 


1 1 dn ; 

Scale Vj dt 


i = 1,N 


( 1 ) 


The use of the stoichiometric coefficient Vi guarantees that the reaction rate does 
not depend on the concrete component i considered. There are several possibilities 
regarding the selection of an appropriate scale. Frequently, the reaction volume Vr is 
used leading to a reaction rate rv which has the dimension [mol nr 3 s]. 

In heterogeneous catalysis, the mass or surface area of the catalyst, meat or 
Acat, are often more useful scaling quantities leading to tm in [mol g- 1 s] or ta in 
[mol m- 2 s]. Since, typically, the main goal is to describe properly the molar changes 
dnt/dt, it is necessary to use only rscale and the chosen scaling quantity consistently. 
If different scales are of relevance (e.g., “a” and “b”), it must obviously hold that: 

Scale a r Scafei = Scale b r Scaleb (2) 


Assuming that the scale is the reaction volume Vr and this is constant, for the 
reaction rate holds: 


1 do .. m 

r v =-with C: = — l = 1,N 


Vi dt 


V R 


( 3 ) 


In principle, the reaction rates might depend on temperature and on all concen¬ 
trations, i.e.: 


r v — r v(T> c iC 2 ...,c N ) 


( 4 ) 


If only one reaction occurs, a single key component is enough to describe the 
development of the concentrations of all components. If reactant A is chosen as 
the key component, its conversion defined as: 


X 


A r o 

C A 


( 5 ) 



12.2 Basic Aspects of Chemical Reaction Engineering | 361 

can be conveniently used as a dimensionless concentration. The concentration c A 
stands here for the initial or inlet concentration. Clearly, Eq. (4) can be reformulated: 

r v =r v (T,c°,X A ) (6) 

The temperature dependence can be typically described successfully using the 
Arrhenius equation [e.g., Refs. 14,15]. 

With regard to the concentration dependence, r v can be split into a constant 
factor r° (related to the initial or inlet concentration) and a conversion dependent 
function f(XA) depending on the rate law of a specific reaction: 


r v = r v ( c a) f(X A ) (7) 

12 . 2.2 

Conversion as a Function of Rate Laws and Feed Composition 

One of the simplest models used to describe the performance of tubular reactors 
is the well-known isothermal one-dimensional plug flow tubular reactor (PFTR) 
model. The mass balance of this model for steady-state conditions, the simulta¬ 
neous occurrence of M reactions and a constant volumetric flow rate V is: 


dq 

dz 


A M 
v' 


i = 1,N 


( 8 ) 


In Eq. (8), the vq are the elements of the stoichiometric matrix, Ar represents 
the cross-section area of the tube, and z is the axial coordinate. This system of 
ordinary differential equations can be integrated numerically for arbitrary rate 
laws, provided that appropriate initial conditions c 0 { = q(z = 0) are provided. 

If only one reaction needs to be considered, and conversion Xa is chosen to be 
the state variable of interest, using Eqs. (5) and (7), the mass balance of the 
PFTR, Eq. 8, can be expressed as follows: 

( -|/ A) r v a r _ dX A (9) 

4 v f(x A ) 


Integration from 0 to the reactor length L and from 0 to Xa(L) leads to the 
well-known dimensionless mass balance of the PFTR: 


Da = 


Y 1 dX A 

o f(X A ) 


( 10 ) 
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In this equation, Da is the Damkohler number [14] 


Da = 


(“•'a) i 


Ca 


( 11 ) 


and r is the residence time 


ArL _ V R 


The Damkohler number is a ratio of the characteristic times for convection and 
reaction. 

The dimensionless mass balance Eq. (10) can be solved analytically for various 
rate laws, providing instructive XA(Da)-profiles. 

If for example a first-order reaction A —> C (r = kcA) is analyzed, the dimen¬ 
sionless balance provides (with r® = kc® and f(XA) = 1-Xa): 


X A =1 —e“ 


(13) 


In contrast, for a second-order reaction with the rate r = kc| holds: 


X A = 


Da 

1 + Da 


(14) 


In case of a bimolecular reaction of the type vaA +vbB —» Products, the 
composition of the feed mixture is an important free parameter. This can be 
conveniently expressed using a stoichiometric feed ratio X defined as follows: 


k = 


V A C B 


(15) 


If component B is introduced in excess, i.e., if 0 < X < 1, holds: 

e Da(l-A) _ x 
X A = e Da(l-2)_ A 


(16) 


Besides considering the order of a reaction and its effect on conversion, 
another important aspect is to understand effects related to reversibilities. 

Formally, the overall rate of a first-order reversible reaction A ±5 B can be 
expressed as: 


r v= k f(c A -c B / K e) 


(17) 
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where Ke is the reaction equilibrium constant for which holds 


K 


e 



(18) 


with kf and kb being the reaction rate constants of the forward and backward 
reactions, respectively. 

Solving the coupled mass balances of components A and B (Eq. (10)) leads to 


X 


A — 


K e 

1 + K e 


e —Da(l+l/KJ 

1 + 1/K e 


(19) 


For high Da numbers, the following equilibrium conversion is clearly reached: 


X 


A,eq 


K e 

1 + K e 


( 20 ) 


The different functions described by Eqs. (13), (14), (16) and (19) are illustrated 
in Figures 12.1 and 12.2. 

The curves shown in Figures 12.1 and 12.2 reveal well-known and important facts: 

1. An excess of a reactant increases the conversion of the other reactant (this 
means that dilution of a reactant increases its conversion). 



Fig. 12.1. Dependence of conversion on Damkohler number 
for: a) a first-order reaction (Eq. (13)); b) a second-order 
reaction (Eq. (14)); and c) a second-order reaction with two 
reactants and a nonstoichiometric feed composition (Eqs. (15) 
and (16), here for X = 0.5). 
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Da 


Fig. 12.2. Conversion as a function of Damkohler number for 
a reversible reaction A B (Eq. (19)) using different values for 
the equilibrium constant K e . 



( 22 ) 
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If we consider a desired reaction A + B —> D and an undesired consecutive 
reaction D + B —» U the following rate laws could be postulated: 


r D = k D C A C B 

(21) 

r u = k u C D C B 

(22) 


The selectivity and the yield with respect to D depend strongly on the ratio ku/ku. 
Typical results obtained solving numerically the mass balance equations of the 
PFTR model (Eq. (8)) are shown in Fig. 12.3. 

The courses of So(XA)-curves depend strongly on the concrete concentration 
dependencies of the reactions involved - that is, on the reaction orders. An adequate 
description of the rates of heterogeneously catalyzed reactions is very difficult and 
often requires complex functions [17] which, in general, can only be determined 
experimentally [18]. 



X A 


Fig. 12.3. Selectivity Sd and Yield Yd as a function of conversion 
Xa for the two consecutive reactions A + B —> D and D + B —> U 
calculated with the PFTR model (Eq. (8)) fixing the residence time 
and varying the feed composition in a wide range. The reaction 
rates were described with Eqs. (21) and (22)). Three different ratios 
ofthe rate constants ofthe desired and the undesired reaction were 
considered: a) ko/ku = 10; b) ko/ku = 1; c) ko/ku = 0.1. 
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Clearly, it is highly desirable to operate in the upper right corner of the plot shown 
in Fig. 12.3, where both conversion and selectivity are high. This “corner” is the 
main target of the numerous intensive activities devoted to the development of more 
selective catalysts. A demonstration that reaction engineering concepts render this 
“corner” more accessible will be presented in Chapter 12.6. 

12.3 

Mass Transfer through Membranes 

The reasoning behind developing different membrane reactor concepts is based 
on the realization of selective transport processes. Typically, certain components 
should be brought into - or removed selectively from - a reaction zone. Thus, an 
essential requirement for the successful operation of membrane reactors is to 
understand, and quantify, these transport processes correctly. 

Currently, there is a great deal of activity in the development of various types of 
new membrane materials, both polymeric and inorganic. As many industrially 
relevant reactions require higher temperatures to achieve and maintain eco¬ 
nomic performance, temperature-resistant inorganic membranes are of especial 
interest. Indeed, many excellent reviews are currently available describing these 
materials and future trends in their development [e.g., Refs. 19-22]. 

An example of highly sophisticated new porous membranes with excellent per¬ 
formance is given e.g. in [23]. The current state regarding dense membranes is 
given in [10] for metal membranes and in [24] for ionic and electron conducting 
materials. A comprehensive overview of the significant progress made in the 
last years was provided at the last two International Conferences on Inorganic 
Membranes - ICIM [25]. 

Comprehensive monographs are also available detailing the analysis of mass 
transfer though porous and dense membranes. Standard textbooks [e.g., Refs. 
26, 27] provide the basis for discriminating between various possible transport 
mechanisms and the selection of models capable of describing the processes in 
quantitatively. 

In order to predict correctly the fluxes of multicomponent mixtures in porous 
membranes, simplified models based solely on Fick’s law should be used with 
care [28]. Often, combinations of several mechanisms control the fluxes, and 
more sophisticated models are required. A well-known example is the Dusty Gas 
Model which takes into account contributions of molecular diffusion, Knudsen 
diffusion, and permeation [29]. This model describes the coupled fluxes of N gas¬ 
eous components, Ji, as a function of the pressure and total pressure gradients 
with the following equation: 


f x ) Ji - x i h ! Ji 

H (e/r)D° D c k ,(K 0 ) 

j*i 11 



i = l,N (23) 
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The free parameters of this model are the ratio of porosity to tortuosity, s/x, the 
binary molecular diffusivities, D-j, the Knudsen coefficient, Ko (which determines 
specific effective Knudsen diffusivities, D|j) and the permeability constant, Bo. 

More complicated and realistic models which allow the prediction of transport 
processes in porous media have been suggested, and have been validated in recent 
years. For example, it was realized that there might be significant contributions to 
the overall flux by components which are adsorbed at pore walls but possess a 
certain mobility [30]. To quantify such surface diffusion processes, a Generalized 
Stefan-Maxwell equation has been proposed [28]: 


, j? 

H OsaiD* of 


1 — £ 
RT 




1,N 


(24) 


In Eq. (24) the gradient of the surface chemical potential, p?, is assumed to be the 
driving force. The surface phase concentrations, q; and q sa t, and the surface diffusiv¬ 
ities, and D?, must be known in order to predict the surface fluxes, J? 

Based on classical concepts [31], several significant activities are currently devoted 
to describing in detail the mass transport processes in porous media, notably by 
applying more complex network models. 

A description of the transport in highly selective dense membranes is easier, pro¬ 
vided there are no defects which need to be taken into account. Transport in metallic 
membranes can be often described successfully by the solution diffusion model 
(Sievert’s law), and a comprehensive overview of hydrogen transport in palladium 
membranes was recently provided [10]. The aspect of incorporating the presence of 
membrane defects into a description of mass transfer has been discussed [e.g., 
Ref. [32]). Classical Wagner theory is usually adopted to calculate oxygen fluxes 
through mixed ionic and electron-conducting dense membranes as a function of the 
oxygen chemical potential gradient, according to the following expression [24]: 


Jo 2 - 


1 g el ' °ion 

16F 2 a d +a ion 


V/<0 2 


(25) 


In this equation, o e i and Oi on are the partial conductivities of oxygen ions and elec¬ 
trons, respectively, and F is Faraday’s constant. 

An important problem which arises when quantifying transport processes in 
membranes is the fact that they typically possess a composite structure. Although 
one layer is usually the main resistor to transport, effects caused by other layers can 
generally not be completely neglected (e.g., Ref. [33]). For this reason, integral 
descriptions of composite membranes should be applied carefully, as they cannot 
explain observed direction-dependences of fluxes [34]. 
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12.4 

Kinetic Compatibility in Membrane Reactors 

In order to achieve a significant effect for a membrane introduced into a reactor 
compared to a conventional reactor operation, there should be compatibility 
between fluxes passing the membrane and amounts consumed or produced dur¬ 
ing the chemical reactions. The specific amounts related to the simultaneous 
occurrence of M chemical reactions can be expressed, based on Eq. (1) as: 

M 

= Scale E Viji-Scaie.j i = l.N ( 26 ) 

Reaction j—1 


dn ; 

dt 


As mentioned earlier, different scales might be appropriate to quantify the 
reaction rates. With regard to transport through membranes, the membrane area 
Am is the appropriate scaling parameter. Thus, it holds that: 


1 1 Membrane 


= A M Ji i = 1,N 


(27) 


In the above, Ji represents the overall flux that might be composed for porous 
media out of different contributions (see for example Eqs. (23) and (24)). 

Provided that the required information is available, based on Eqs. (26) and (27) 
several important questions can be answered in an early development stage - for 
example, how much membrane area must be provided per scale of the reaction 
zone and, more generally, whether a more detailed investigation of the coupling 
reaction and mass transfer through the membrane considered is justified. 

Based on this approach, a useful estimation was provided recently [35]. With 
regard to the reaction aspect, achievable space-time yields (STY) of currently 
operated catalytic reactors were considered, whereupon Weisz defined the fol¬ 
lowing “window of reality” [36]: 

STY= %rod ==1 _ 10 E^l (28) 

V R ms 


The achievable fluxes through membranes, J, were designated in [35] as area 
time yields (ATY, in molm- 2 s). Figure 12.4 provides an estimation of the cur¬ 
rent state regarding the possibility of matching the two processes. For a wide 
range of membranes under consideration, the required ratios of membrane area to 
reactor volume (Am/Vr) are between 10 and 100 m- 1 . These values allow to estimate 
that the diameter of applicable cylindrical tubular reactors should be between 0.04 
and 0.4 m. These appear to be reasonable values for industrial applications, and 
indicate that matching of the two processes under consideration is achievable with 
currently available membranes. 
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STY catalytic reactgors [mol-rrr 3 ^- 1 ] 



Fig. 12.4. Comparison of the space-time yield (STY) of 

catalytic reactors with the area time yield (ATY) of several 
inorganic membranes. (Reprinted from Ref. [35], Fig. 11; 
copyright 1999, with permission of Elsevier.) 

12.5 

Example 1: Product Removal with Membranes (“Extractor”) 

Removal of the products of reversible reactions was the area where, initially, the most 
intensive efforts related to the development of membrane reactors were undertaken. 
The simple principle, which is based on removing one of the products of a desired 
reaction via a membrane from the reaction zone is illustrated in Fig. 12.5. 

The starting point of systematic research activities was, in particular, the attempt to 
remove hydrogen formed in dehydrogenation reactions [37]. Significant contribu¬ 
tions to develop highly Fh-selective Pd and its alloys were made in the former Soviet 
Union [38] and in Japan [39]. Several dehydrogenation reactions have been investi¬ 
gated in the meantime in membrane reactors applying different porous and dense 
membranes and catalysts. Examples of this are the dehydrogenations of benzene to 
cyclohexane [e.g., 40], of ethane [e.g., 41], of propane [e.g., 42, 43], of butane [e.g., 44], 
and of ethyl benzene [e.g., 45, 46]. 

In most of the studies mentioned, it was possible to demonstrate positive effects 
related to the presence of the membrane. Results of reactor simulations were 



Fig. 12.5. Schematic representation of a membrane reactor 
aiming to withdraw selectively a product C formed in a 
reversible reaction. 
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presented in several reports, although considering the importance of the reaction 
rates (outlined in Section 12.3.1), their careful determination in the systems under 
investigation was rarely assessed adequately. For this reason, in the present investi¬ 
gations two laboratory studies were conducted which were devoted to two types of 
membrane reactors. First, a product extractor aiming to shift the equilibrium of a 
reversible reaction was investigated, and the results obtained are reported in Section 
12.5.1 to 12.5.6. Subsequently, a reactant distributor was considered which aimed to 
enhance selectivity with respect to an intermediate product. The corresponding 
results are presented in Section 12.6. In both cases the reaction rates of the model 
reactions investigated were measured carefully for the specific catalysts applied. This 
information was then used to describe and analyze the two membrane reactor 
concepts investigated. 

12.5.1 

Model Reaction, Procedures and Set-up 

The dehydrogenation of cyclohexane to benzene was studied at the laboratory scale. 

C 6 H 12 <=* C 6 H s + 3 H 2 AH r ° = 206 kj mol" 1 (29) 

To catalyze the reaction, 1 wt% Pt on a g-AhCb support (Degussa, F221 XH/D 
1 %) was used. The BET surface area of this catalyst was 215 m 2 g- 1 , and pellet 
sizes of 2-4 mm and crushed material were used. 

Due to a high selectivity and moderate temperatures required to perform this 
endothermic reaction it is well suited to serve as a model reaction [40]. 

The membrane used was a Vycor glass tube (Corning Inc., code 7930), the 
dimensions of which were dinner = 7.8 mm, d ou ter = 10 mm, and L = 100 mm. 
Vycor glass possesses a narrow pore size distribution, with a mean pore diameter 
of approximately 4 nm. 

Four types of measurements were made: 

(i) The rates of the reaction were determined experimentally using a gradient¬ 
less reactor. 

(ii) Fixed-bed reactor experiments were performed in order to validate the 
determined reaction rates and to deliver reference data. 

(iii) The mass transfer through the membrane was quantified using a combina¬ 
tion of steady-state and transient experiments. 

(iv) The performance of the membrane reactor was investigated using the set¬ 
up illustrated in Fig. 12.6. 


12.5.2 

Reaction Rates 

In preliminary experiments the performance of the applied Micro-Berty reactor 
(Autoclave Engineers, Vr = 12 cm 3 [18]) was tested. The catalyst mass introduced 
in this reactor was meat = 2.1 g. In preliminary runs, by varying the stirring rate it 
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membrane (Vycor glass) 



Fig. 12.6. Illustration of the system investigated and the 
membrane reactor set-up used to withdraw selectively hydrogen 
from the reaction zone. 

was found that gradientless conditions could be achieved above 4500 min- 1 . Based 
on standard correlations [15, 18], it was also found that heat and mass transfer 
limitations do not influence the results significantly [47]. 

Mass-related reaction rates, tm, were determined at normal pressure for the 
following ranges of operating conditions: T = 473 to 503 K, x c 6 h 12 = 2-6 vol%, 
normal pressure conditions at both membrane sides, gas hourly space velocity 
(GHSV): 400-1000 h- 1 . The composition of the effluent was measured under 
steady-state conditions using gas chromatography (GC). 

The potential of several models with regard to their ability to analyze the rate 
data measured was compared [47], and the following model, considering the 
reversible adsorption of benzene, was found to be the most satisfactory: 


Pc.h,, Pc.h. Ph,/K- 


p.e 


1 + K c H. Pc.H, 


(30) 


The reaction equilibrium constant K p , e could be determined a priori based on 
classical thermodynamic concepts. Thus, four free parameters were determined 
in attempting to match the observed and predicted rates. The following values 
were obtained: 


k M = 7 • 10“ 6 • exp(-44600/RT) 


mol 

[ gCat sPa] 


(31) 


K C H6 = 1 ■ 10“ 8 • exp(39900/RT) 


1 

Pa 


(32) 


The quality of the agreement between the observed rates and the predictions of 
Eq. (30) is shown as a parity plot in Fig. 12.7. 
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Fig. 12.7. Experimentally determined reaction rates r M of the 
dehydrogenation of cyclohexane on a supported Pt-catalyst 
versus predictions based on Eqs. (30)—(32). 

Figure 12.7 illustrates that, with the applied catalyst, reaction rates of up to 
tm ~ 4 x 10-7 mol g-hat s could easily be achieved. This corresponds (with an 
apparent density of the catalyst of 1.2 g cm- 3 ) to a STY of ca. 0.5 mol m- 3 s (which 
is close to the value given in Eq. (28)). 

12.5.3 

Fixed-bed Reactor Experiments 

In order to validate the reaction rate equation, additional experiments were 
performed in a fixed bed (dinner = 7 mm, L=100mm) filled with 3.1 g of the 
same catalyst. 

Typical results are shown in Fig. 12.8. They demonstrate the expected tendency 
that increasing the temperature and residence time leads to higher conversions, 
with equilibrium conversion being reached at sufficient residence time. Figure 
12.8 also illustrates the fact that a higher conversion of cyclohexane can be 
achieved if the feed is more diluted - a finding which is in agreement with the 
predictions of Eq. (16) (see Fig. 12.1). 

To describe the reactor behavior, a simplified isothermal dispersed plug-flow 
reactor model was used. The well-known mass balance of this model for steady- 
state conditions can be formulated as [14, 15]: 



P 1 d (V X;) 
RT A r d z 


+ D — 1 

RT d z 2 






V R 


i = 1,N 


(33) 


The axial dispersion coefficient D ax was estimated from conventional residence 
time analysis for nonreacting conditions [14, 47]. The lines shown in Fig. 12.8 
demonstrate that essential features of the reactor behavior are well represented. 
This also indicates a certain reliability of the derived kinetic equation Eq. (30). 
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residence time x [s] residence time x [s] residence time x [S] 

Fig. 12.8. Comparison between measured conversions of cyclo¬ 
hexane and predicted values (based on solving Eq. (33)) as a 
function of the residence time for different temperatures (A, 493 l<; 

A, 483 l<; •, 473 l<) and cyclohexane feed concent-rations (left, 

3.7 vol%; center, 4.9 vol%; right, 5.8 vol%). The dashed line in 
the left figure indicates the equilibrium conversion at 473 K. 

12.5.4 

Mass Transfer through the Membrane 

In order to study mass transfer through the Vycor glass membrane, systematic 
measurements were performed with single gases and gas mixtures under steady- 
state and transient conditions [30, 47]. The results showed that, for many gases, 
Knudsen diffusion is the most important mechanism, and under the conditions 
studied permeation plays only a minor role. The two mechanisms could be well 
described using the Dusty Gas Model (Eq. (23)). The essential free parameters of 
this model were found for Vycor glass to be: K = 6.6 x 10- 11 m, Bo = 11 x 10~ 20 m 2 
and e/x = 0.03. With regard to the transport of benzene, a certain contribution of 
surface diffusion was identified. The surface diffusivity of the Generalized Ste- 
fan-Maxwell model (Eq. (24)) was estimated as H = 1.45 x 10~ 9 m 2 s- 1 [47]. 

In general, the Vycor glass membrane can be considered to be a membrane of 
the Knudsen type. Thus, the selectivity of transport of two gases i and j is approx¬ 
imately related to their molecular weights [27] according to: 



A comparison is shown in Fig. 12.9 of the transient pressure difference 
between the two sides of the membrane after introducing a feed composition 
change at one side [30]. The good agreement between the predicted and measured 
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data demonstrates the general applicability of applied transport model and the 
parameters determined. 

By using the parameters detailed above, it could be estimated that for a partial 
pressure difference of 1 bar, hydrogen fluxes through the Vycor glass of 
ca. J Hi = 5 x 1(H mol cm- 2 s could be achieved. 

Thus, in order to achieve interaction between the reaction process and the trans¬ 
port process the required membrane area per mass of catalyst must be in the 
following range: 

A M = r M = 4 ' !Q~ 7 m °l/gCatS = Q g cm M (35) 

m Cat Jh 2 5-10 -7 mol/cm^j g Cat 


12.5.5 

Membrane Reactor Experiments and Modeling 

The Vycor glass tube used in the membrane reactor experiments was filled with 
3.2 g of catalyst. As the accessible area was ca. 30 cm 2 , the ratio of membrane 
area to catalyst mass is in the range specified by Eq. (35). Consequently, there 
should be sufficient membrane area available to remove significant amounts of 
hydrogen and, therefore, to have an effect on the reaction process. 

The experiments were performed at a temperature of 473 K, with three differ¬ 
ent feed compositions being investigated. For each composition the ratio 
between the sweep flow rate, V s , and the feed flow rate, V f , was altered over a 
wide range. This sweep (or dilution) ratio, y, was defined as: 


Y = 


V“ 


„o v° 

X f,CH„ V f 


(36) 



Fig. 12.9. Results of two complementary 

transient diffusion experiments with a tubular 
Vycor glass membrane. The figure shows 
development of the pressure difference between 
the two sides ofthe membrane after exchanging 


at one side ofthe membrane 7.5 vol% C6H6 
in helium against pure helium (and vice versa). 
The predictions are based on the Dusty Gas 
Model and the Generalized Stefan-Maxwell 
equation (Eqs. (23), (24)) [30, 47]. 
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The results of the experimental investigation are summarized in Fig. 12.10. 
Given is the achieved conversion defined as follows: 


X 


An f,c 6 H l; _ n c t H 6 _ x f,c t H 6 Vf + x s,c 6 h 6 V s 

n° 0° y° v° 

n f,C 6 H 12 n f,C s H 12 X f.C 6 H 12 V f 


(37) 


It is clear that the cyclohexane conversion increases with an increasing sweep 
ratio y- that is, with increasing driving forces for mass transfer through the 
membrane. In addition, the introduction of a more diluted feed leads to an 
enhanced conversion. Proof of an effect of the realized product removal via the 
Vycor glass membrane was the fact that the achieved conversions exceeded the equi¬ 
librium conversions (shown as dotted lines in Fig. 12.10). 

In addition to these experiments, a simplified isothermal 1-D dispersed plug- 
flow reactor model of the membrane reactor was used to carry out theoretical 
studies [47]. The model used consisted of the following mass balance equations 
for the feed and sweep sides: 


0 = _p L J_d^V L X 52 ) + P L d^ L _27TW j l + i 

RT A Rf dz f RT d z 2 A Rf '‘I 1-4 ” V Rf lM 


o-jy-L d ft *•■) + D , 


RT A R,s d 2 


p s d 2 x si | 2jrr outer 
RT d z 2 A r>s 


Ji r=r_ i = 1.N 


1,N 

(38) 

(39) 


The A R f and A R s represent the cross-sectional areas of the feed and sweep sides, 
respectively. 



Fig. 12.10. Comparison between experimentally determined and 
predicted conversions of cyclohexane in the membrane reactor 
(Eq. (37)) as a function of the sweep (dilution) ratio (Eq. (36)) at 
473 K for three different cyclohexane feed concentrations (right, 
3.7 vol%; center, 4.9 vol%; left, 5.8 vol%). The corresponding 
equilibrium conversions, X e q, are indicated by dashed lines. 
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Compared to Eq. (33), in Eq. (38) an additional term was included which 
represents the transport through the membrane. In addition, the balance for the 
membrane was considered: 

0 = — ~-(r Jj) i = 1,N (40) 

TOT 

In Eq. (40) the flux model validated for Vycor glass [47] was incorporated in 
order to quantify the Ji as a function of the driving forces. 

The set of Eqs. (38)—(40), together with appropriate boundary conditions, was 
solved numerically using a combination of a finite difference method and a 
Newton-Raphson iteration [47]. 

The results shown in Fig. 12.10 indicate that both the simplified model and the 
measured parameters of reaction rates and mass transport describe the general 
trends identified during the experiments. Clearly, these predictions do systemati¬ 
cally underestimate the conversions achievable. This may be in particular due to 
deviations from isotherm conditions occuring in the reactor. 

12.5.6 

Evaluation of the Extractor-type of Membrane Reactor 

In order to interpret and further analyze the results obtained for the membrane reac¬ 
tor it is expedient to perform a comparison with the conventional fixed-bed reactor. 
Following studies conducted by Reo et al. [49, 50], the three possible configurations 
illustrated in Fig. 12.11 could be compared. 

Besides considering the membrane reactor and the conventional fixed-bed reactor, 
in this context it is instructive to take into account a “diluted fixed-bed reactor". In 


conventional fixed bed reactor 


Feed 



P 


Inert 

Feed 


membrane reactor 



„diluted“ fixed bed reacor 


Feed 


Inert 



P 


Fig. 12.11. Schematic representation of three rivaling operating 
modes. 
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this reactor the additional amount of sweep gas introduced into the membrane reac¬ 
tor is premixed with the feed of the conventional fixed-bed reactor. 

For all three reactor configurations the conversion could be expressed as a 
function of the Damkohler number (defined relative to the forward reaction): 


Da = 



(41) 


The results of a systematic parametric study using the reaction and mass trans¬ 
port rates determined above are summarized in Fig. 12.12. 

In Fig. 12.12, curve (a) corresponds to the conventional fixed-bed reactor and is 
characterized by the typical finite equilibrium conversion which is reached for 
high Da numbers. The achievable conversion is in agreement with that shown in 
Fig. 12.10 approximately 0.5. 

In contrast, curve (b) in Fig. 12.12 demonstrates the dependence for the 
“diluted” fixed-bed reactor in which a higher equilibrium conversion can be 
achieved (cf. Figs. 12.1 and 12.10). For lower Da numbers, due to the lower rates 
of the forward reaction, the conversion falls in the “diluted” fixed-bed reactor below 
the corresponding value in the conventional reactor. 

The membrane reactor has an additional degree of freedom allowing to opti¬ 
mize the amount of the product removed. This can be conveniently described by 
a dimensionless Peclet number which relates convective flow through the reactor 
to transport through the membrane [50]. For each Da number there exists an 
optimal Pe number maximizing the conversion. For a given membrane material 
the Pe number is directly related to the membrane thickness. Curve (b) in Fig. 
12.12 represents the theoretical behavior of a membrane reactor optimized with 
respect to membrane thickness. For low Da numbers the membrane should be 
very thick in order to keep the reactants in the reactor, and in this respect the 
membrane reactor is identical to the conventional fixed-bed reactor. In contrast, 
for high Da numbers the membrane reactor should possess a very thin wall for 

Fig. 12.12. Calculated dependence of 
cyclohexane conversion (Eq. (37)) as a 
function of the Damkohler number 
(Eq. (41)) for: a) the conventional fixed-bed 
reactor; b) the “diluted” fixed-bed reactor; 
and c) the membrane reactor with an 
optimized thickness of Vycor glass mem¬ 
brane (the dashed line corresponds to a 
hypothetically higher membrane selectivity, 
Sm). The range in which the membrane 
reactor experiments were performed is also 
indicated. Parameters:! = 473 K, xj r H = 
4.9 vol%, pf = 1 bar, sweep ratio y = 20 
(Eq. (36)). The catalyst mass was assumed 
to be the same as in the membrane reactor 
experiments in all three cases. 



Da 
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the effective removal of reaction products. Clearly, this then attains the performance 
of the “diluted” fixed-bed reactor. For intermediate Da numbers there may be a 
potential for improvement using the membrane reactor. As illustrated in Fig. 12.12 
for the concrete system under investigation, this potential is quite small, mainly due 
to the fact that the selectivity of the applied Vycor glass membrane is relatively low 
(due to the prevailing Knudsen mechanism). If a membrane with a higher permse¬ 
lectivity were to be used, the benefit window for the membrane reactor could be 
increased (as shown by the dashed line in Fig. 12.12). This window could also be 
altered by adjusting the sweep ratio y, as discussed in Ref. [50]. Increasing y clearly 
increases the driving force for transport through the membrane, but this can also be 
achieved by using on the sweep side a reactive gas that consumes the permeated 
product of the main reaction. Couplings between dehydrogenation and hydrogena¬ 
tion reactions in membrane reactors have been investigated previously (e.g., Refs. 
[32, 48, 51], 

From the above it may be concluded that a careful analysis should be performed 
prior to substituting a fixed-bed reactor by a membrane reactor in order to perform 
reversible reactions. If conversion is the essential objective function, then a “diluted” 
fixed-bed reactor might be a simple alternative. 

12.6 

Example 2: Reactant Dosing with Membranes (“Distributor") 

In the field of chemical reaction engineering considerable efforts are devoted to tack¬ 
ling the problem of limited selectivities with which intermediates can be produced 
in coupled parallel-series reactions. Typical and important examples are partial oxi¬ 
dations where the formation of undesired side products or total oxidation products 
significantly reduces process efficiencies. Despite the progress achieved in the field 
of catalysis, many important industrial reactions still suffer from not satisfying 
conversion-selectivity relationships [52]. 

It is well known that in parallel-series reaction networks, optimal local reactant 
concentrations are essential for a high selectivity towards a certain target product 
[14, 15]. If undesired consecutive reactions can occur it is usually advantageous to 
avoid back-mixing, and this is one of the main reasons why partial hydrogenations 
or oxidations are performed preferentially in tubular reactors. Typically, all reactants 
enter such reactors together at the reactor inlet (co-feed mode). Thus, in order to 
influence the reaction rates along the reactor length, essentially the temperature 
remains as the sole parameter that could be influenced. The realization of defined 
temperature modulation in a tubular reactor is not straightforward, however. An 
alternative and attractive possibility which is capable of influencing the course of 
complex reactions in tubular reactors is to abandon the co-feed mode and to install 
more complex dosing regimes. It is possible to add one or several of the reactants to 
the reactor in a locally distributed manner. This concept, which is illustrated in 
Fig. 12.13, obviously offers a large variety of options that differ mainly in the 
positions at which one or several components are dosed. 
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Fig. 12.13. Schematic representation of a membrane reactor 
aiming to dose one reactant which participates in several 
reactions of a network. 

To answer the question whether a certain dosing strategy is useful requires a 
detailed knowledge of how the reaction rates depend upon the concentrations. It 
may therefore be instructive to consider (as in Section 12.2.3) a simple scheme for a 
desired reaction and an undesired consecutive reaction: 

A + B —> D desired reaction with rate r D 

D + B —> U undesired reaction with rate ru 


(42) 

(43) 


If the rates of these two equations are described by power laws based on the 
partial pressures: 


r D = koPAPs 1 

(44) 

r u = kuPoPB 2 

(45) 


for the differential selectivity with respect to D follows: 



= 1 - 




(46) 


Equation (46) reveals that an improved selectivity Sd can be achieved if: 

(i) a temperature is chosen which minimizes ku/ko; 

(ii) the partial pressure of D is kept low (i.e., low conversion of A and/or a product 
removal, e.g., with a membrane reactor of the above described extractor type); 

(iii) the partial pressure of A is kept high (i.e., low conversion and no back-mixing, 
the latter fact obviously favors tubular reactors compared to stirred-tank 
reactors); and 

(iv) a low (for P 2 > Pi) or high (for P 2 < Pi) partial pressure of B is realized (in the 
first case a distributed feeding of B is attractive). 
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Clearly, the distributor type of membrane reactor is focussed on point (iv) above. 
Systematic theoretical studies explaining in the more detail the significance of reac¬ 
tion orders with regard to the selection of the component that should be dosed are 
available [53-55]. 

Besides dosing one or several components at discrete positions into a fixed-bed 
reactor (Fig. 12.14, top), there exists also the possibility of implementing a continu¬ 
ous distributed feeding over the reactor wall (center). This can be conveniently 
achieved by applying membranes. Possible extensions of the concept consist of 
implementing stagewise arrangements, as also illustrated in Fig. 12.14 (bottom). 

Several profound theoretical and experimental studies performed on the laboratory 
scale have been reported which focus on the use of various configurations of mem¬ 
brane reactors as a reactant distributor in order to improve selectivity-conversion per¬ 
formances. In particular, several industrially relevant partial oxidations have been 
investigated, including the oxidative coupling of methane [56], the oxidative dehydro¬ 
genations of propane [57], butane [58], methanol [59, 60], the epoxidation of ethylene 
[61], and the oxidation of butane to maleic anhydride [62]. 

12 . 6.1 

Model Reaction, Set-ups and Procedures 

As in previous investigations [63, 64], the oxidative dehydrogenation of ethane to eth¬ 
ylene was chosen as a model reaction for an experimental study on the laboratory 
scale. A VOx/y-AhCb catalyst with 1.4 % V was used, and prepared using standard 
techniques described in Ref. [65]. The particle size of the support was 1.8 mm. 

Two types of reactors were utilized: 1) a conventional (co-feed) fixed bed reactor; 
and 2) a tubular membrane reactor. Both reactors were filled with the catalyst parti¬ 
cles. A schematic illustration of the configurations used is shown in Fig. 12.15. 

A specific feature of the membrane reactor is the fact that a “dead” end config¬ 
uration regarding the shell side was implemented. This means that all gas 


B B 



Fig. 12.14. Illustration of possible dosing concepts: top, 
discrete dosing; center, continuous dosing in a single stage; 
bottom, continuous dosing in several stages. 
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Fig. 12.15. Illustration of the two 
configurations used in an experimental 
study of the oxidative dehydrogenation 
of ethane to ethylene. 


supplied to the shell side was forced by convection to enter the tube side. In this way, 
the amounts dosed could be controlled precisely in the experiments. A tubular 
ceramic composite membrane was applied consisting of a stable OC-AI 2 O 3 support 
(average pore diameter 3 mm), three OC-AI 2 O 3 layers (pore diameters: 1 pm, 0.2 mm, 
60 nm, thicknesses: each 25 mm) and a final y-AhCb layer (pore diameter: 6 nm, 
thickness: 2 mm) (Hermsdorfer Institut fur technische Keramik, Germany). The 
whole tube had a length of 300 mm, and both ends were vitrified, leaving a perme¬ 
able zone of L = 60 mm. Further dimensions were: dinner = 7 mm and d ou ter = 10 mm. 
Additional experimental details are provided in Refs. [ 66 , 67]. 

The performance of the membrane used was investigated in detail [33]. How¬ 
ever, as it acts in this study simply as a distributor, and controlled convection is 
the essential transport mechanism, no specific knowledge is required to predict 
fluxes. A membrane suitable for the purpose described does not need to possess 
a special permselectivity. 

The operating parameters covered in this study were as follows: p = 1 bar, 
T = 673-923 K, x 0 “ =0 — 0.203, x c “ H( . =0 — 0.01, gas hourly space velocity (GHSV): 
6000-38 000 h _1 . The composition of the effluent was measured under steady-state 
conditions using GC. 

Three types of measurements were performed: 

(i) In preliminary investigations systematic measurements were performed in 
the fixed-bed reactor under low conversion conditions in order to under¬ 
stand the reaction network and to estimate kinetic parameters. 

(ii) In order to deliver reference data, more fixed-bed reactor experiments were 
performed at elevated conversion levels. 

(iii) Experiments with the membrane reactor set-up were carried out. 


12 . 6.1 

Reaction Rates 


For various types of catalyst there are results of kinetic investigations for the oxi¬ 
dative dehydrogenation of ethane available (e.g., for a magnesium oxide catalyst 
doped with samarium oxide, lithium nitrate and ammonium chloride [64] or a 
V 205 /y-Al 203 catalyst [ 68 ]). In another study with a Sri.oLai.oNdi.oO x catalyst, 
investigations were reported of noncatalytic reactions, which were found to be 
significant at temperatures above 700 °C [69]. 
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By analyzing the experimental data collected over a wide range of operating 
parameters, the reaction scheme illustrated in Fig. 12.16 was established. By 
using this scheme it was possible to explain the observations made in the most 
consistent manner [65]. 

The five reactions were analyzed using simple power law expression of the type 
of Eqs. (44) and (45): 


r j = k jPcPfi 


1 = 1,5 


(47) 


with C being the carbon-containing component. The determined reaction orders 
of the five reactions with respect to oxygen are also shown in Fig. 12.16 [70]. 
These orders are rather low, a situation which is in agreement with that reported 
in Ref. [68]. By applying the arguments given above, and noting that the desired 
reaction possesses the smallest order with respect to oxygen ([3i = 0.02), there 
should be a potential to dose oxygen over the wall in the membrane reactor com¬ 
pared to the conventional co-feed fixed-bed reactor operation. 

12 . 6.2 

Fixed-bed and Membrane Reactor Experiments 

A selection of the experimental data obtained is provided in Fig. 12.17. The figure 
illustrates initially the achieved conversions of ethane as a function of temperature in 
the fixed-bed reactor, and in the membrane reactor for the highest space velocity 
investigated (GHSV: 38 000 h- 1 ) and a relatively low oxygen concentration in the 
dosed gas stream (Xq = 0,004)- The slightly higher ethane conversion seen in the 
membrane reactor compared to the fixed-bed reactor was mainly due to differences in 
the residence time behavior of ethane (due to the fact that oxygen is only dosed grad¬ 
ually, and there is initially a lower flow rate in the membrane reactor). This effect 
becomes more pronounced for oxygen-excess conditions [66, 67]. 

The center section of Fig. 12.17 indicates the expected and observed increases 
of ethylene selectivity in the membrane reactor. This increase is related to the 
sequence of reaction orders with respect to oxygen, as was discussed above. 

The improvement achievable in such a type of membrane reactor is finally 
illustrated in the selectivity versus conversion plot. The results show that, for 
the same catalyst, by simply changing the concentration and residence time 



Fig. 12.16. Reaction network of the 
oxidative dehydrogenation of ethane [65]. 
Reaction n is the desired reaction. The 
individual reaction orders with respect 
to oxygen, determined experimentally, 
are indicated [70]. 
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Fig. 12.17. Comparison between experimental results obtained 
in a conventional (co-feed) fixed-bed reactor (FBR) and in a 
membrane reactor (MR) where the oxygen was dosed from the 
shell side over the membrane wall in a dead-end configuration. 
Conditions: xo 2 ° = 0.004; xc 2 H 6 ° = 0.007; GHSV = 38 000 hr 1 . 


conditions there is a potential to progress further into the “corner of desire”. It 
should be noted that the results shown in Fig. 12.17 do not represent optimized 
situations for both reactors. 

Additional experimental data not presented here are summarized in Refs. [66, 67]. 
As was pointed out also in Ref. [64], these results highlight the important point that in 
membrane reactors, besides differences in local concentration profiles, different resi¬ 
dence time distributions occur that lead to specific reactor behavior. Others [71] have 
also suggested that the flexibility of this type of “distributor” membrane reactors 
allows a certain target component to be produced efficiently within a complex reaction 
network. In the present example, there exist certain operating conditions under which 
the membrane reactor outperforms the conventional reactor in terms of the produc¬ 
tion of CO or CO 2 (if these are considered as target products instead of ethylene). 

12.6.3 

Theoretical Analysis 

Several profound theoretical studies are available with regard to the “distributor” 
type of membrane reactor available. A thorough analysis of this situation has 
been presented in [72]. Later reports [53-55] deliver further instructive insight. 

Again, the simple isothermal 1-D plug-flow reactor model provides a good 
basis for quantitative descriptions. This model allows to explore the potential of 
using series connections of several membrane reactor segments. The corre¬ 
sponding mass balance for a component i and a segment k can be formulated as 
follows: 

dnf “ k 

T ^ = A r EVv + p rJ 1 i = l,Nk = l,Nseg 

d z j=i 


( 48 ) 
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In the above equation, Pr represents the perimeter of the tube. For complex 
reaction networks and transport laws and most boundary conditions, Eq. (48) can 
be solved only numerically. However, there are several special cases of interest 
which allow to derive instructive analytical solutions [73, 74]. 

Provided that the reaction kinetics are known, the available models can be used to 
determine optimal dosing profiles for single units and for multistage arrangements. 
Typical results that can be obtained by solving Eq. (48) numerically and applying a 
sequential quadratic programming (SQP) optimizer are shown in Fig. 12.18 [66]. 
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Fig. 12.18. Comparison of the optimized reduced amounts that 
should be dosed and the corresponding internal compositions 
for a fixed-bed reactor (discrete dosing, top) and a membrane 
reactor (continuous dosing, bottom). A triangular network of 
parallel and series reactions was analyzed using an adapted 
plug-flow reactor model, Eq. 48. One stage (left) and 10 stages 
connected in series (right) were considered. All reaction orders 
were assumed to be 1, except for those with respect to the 
dosed component in the consecutive and parallel reactions 
(which were assumed to be 2) [66]. 
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In Fig. 12.18, a comparison is provided between the fixed-bed reactor and the 
membrane reactor for a conventional triangular reaction network where compo¬ 
nent B is consumed in all three reactions (e.g., oxygen). For given kinetic param¬ 
eters in both cases the optimal amount of component B that should be dosed was 
determined in order to maximize the fraction of the desired component at the 
reactor outlet, Xd. The figure shows the corresponding axial composition pro¬ 
files. For the single-stage units there is clearly a significant improvement apply¬ 
ing the distributed dosing with regard to the achievable amount of D (an increase 
from 0.7 to 0.89 compared to the fixed-bed reactor). The results for ten stages are 
summarized on the left side of the figure. The membrane reactor arrangement is 
also superior in this situation. It is instructive to note that for this reactor and the 
conditions studied, there is no significant further improvement between one and 
ten stages (indicating the attractive feature, that with a low number of stages 
most of the potential might already be available). 

When evaluating these results, the immense importance of reaction rates for 
the results of such studies should again be highlighted. Indeed, other reaction 
orders can change the trends discussed here to a significant degree. 

12.7 

Summary and Conclusions 

In the present chapter, only a narrow view of the broad and active field of mem¬ 
brane reactors has been presented. Many important aspects could not be dis¬ 
cussed. Finally, a few more points should be shortly mentioned. 

One subject not considered above was the large field of membrane bioreactors, 
despite their frequent and successful use in a variety of industrial processes 
where soluble catalysts must be retained in the reactor. However, excellent 
reviews are available on this subject [75-77]. 

Another area where membrane reactors have now reached the industrial scale 
is in pervaporation-based hybrid processes using various types of polymer mem¬ 
branes (for an informative review, see Ref. [78]). 

Related to the experimental studies performed in our laboratory, in this review 
packed-bed membrane reactors were discussed. It should be mentioned that there 
are significant investigational activities devoted to study catalytically active mem¬ 
branes where the catalyst is deposited in either the membrane pores or on the inner 
or outer surface of the tubes [11]. Another similarly interesting and promising princi¬ 
ple is based on using the “Contactor” type of membrane reactors, where the reactants 
are fed from different sides and react within the membrane [79]. Significant efforts 
have been made to exploit this principle for heterogeneously catalyzed gas-liquid 
reactions (three-phase membrane reactors) [80, 81]. 

Finally, there is intensive and widespread activity on the development of elec¬ 
trochemical membrane reactors. Recent results of these investigations have been 
presented in [82-86]. 

In general, there remain many problems which must be solved in order to ini¬ 
tiate a broader use of membrane reactors in industry. One critical aspect of this is 
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related to reactor safety, and in particular possible membrane breakage must be 
incorporated into design concepts. Currently, more realistic 2-D nonisothermal 
mathematical models also available [87-90] that could be applied to analyze con¬ 
crete configurations in more detail. Another issue which until now has been only 
rarely investigated is that of the dynamics of membrane reactors [91]. Also from the 
catalytic viewpoint there remains room for significant improvement. Recently, it was 
emphasized that the optimal catalyst for a membrane reactor might differ signifi¬ 
cantly from that used in conventional fixed-bed operation [92]. 

Some conclusions which might be drawn form the concrete results reported in 
this chapter include: 

1. When withdrawing the products of equilibrium-limited reactions, the amounts 
of sweep gas required must be included in the process evaluation. 

2. Highly selective and still sufficiently permeable membranes are required for the 
efficient use of extractor-type membrane reactors. 

3. Dosing profiles in distributor-type membrane reactors should be adjusted care¬ 
fully in accordance with the reaction rates. 

4. A multistage membrane reactor configuration appears to be attractive for the 
enhancement of yields. 

Considering the significant potential for further improvement, the prognosis 
regarding the development of high-temperature membrane reactors which was sug¬ 
gested in 1996 by Burggraaf and Cot [20] and is shown in Fig. 12.21 appears to be 
somewhat behind schedule, though still a very realistic evaluation. 
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Fig. 12.19. Quantitative scheme of expected 
market penetration as a function of time for 
different groups of membrane applications. 
(Reprinted from Ref. [20], p. 10, Fig. 1.2; 
copyright 1996, with permission of Elsevier.) 
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Reactive Extrusion for Solvent-Free Processing: 

Facts and Fantasies 

Leon P. B. M. Janssen 

Abstract 

Reactive extrusion has emerged from a scientific curiosity to an industrial process. 
Various types of extruders can be used, all with their specific advantages and disad¬ 
vantages. Further development suffers from lack of kinetic and rheological data at 
high conversions and from uncertainties about heat transfer and reactor stability. 
Nonlinear effects in the process can give rise to instabilities that are of thermal, 
hydrodynamical or chemical origin. 

13.1 

Introduction 

The possibility of using an extruder as a polymerization reactor was recognized as 
early as 1950, when Stober and Amos filed a patent for the Dow Chemical Company 
[1] describing the use of a single-screw extruder as a main polymerizing device. 
Following a pre-polymerization stage in a stirred-tank reactor with a residence time 
of 90 hours, a screw conveyor was used as a polymerization reactor in which a resi¬ 
dence time of 18 hours was necessary for the thermal polymerization of styrene. The 
first polymerizations described in the open literature were the polymerization of 
nylon [2] and several polycondensation reactions (e.g., Ref. [3]). The first theoretical 
considerations concerning reactive extrusions appeared during the mid-1970s, when 
Meyuhas et al. [4] stated that an extruder is a good plug-flow reactor for viscous 
materials, though some distribution in molecular weight of the polymer formed 
could not be prevented. In this study, a pre-polymerization is advised to avoid low 
viscous material to be fed to the extruder. Much later [5], it was shown that this also 
adds greatly to the stability of the reactive extrusion process. Pioneering studies were 
conducted by Mack and Herter [6], who proposed twin-screw technology for reactive 
extrusion because of difficulties in scaling up single-screw extruders, that could be 
avoided in twin-screw extruders. Residence times of half an hour were possible in 
self-wiping, twin-screw machines. 
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During the past few decades, the mechanisms for reactive extrusion have become 
much better understood, and the residence times needed for complete conversion 
have come within reasonable limits. A large variety of polymerization reactions have 
been investigated in different types of extruders, and reactive extrusion has been 
implemented on an industrial scale [7]. 

13.2 

Advantages and Disadvantages 

Due to its specific properties, the extruder has certain advantages as a reactor for 
polymerization and modification reactions: 

• The extruder is a stable pump for highly viscous media; this guarantees a 
constant throughput, which is vital for its operation as a continuous reactor. 

• No solvent (or only a small amount) has to be used in an extruder-polymeriza¬ 
tion process; therefore no expensive extra separation steps are needed. Due to 
the absence of volatile solvents the process is also more environmentally 
friendly, which is important as legislation is expected to increase strongly in this 
area. 

• The process is continuous. 

• The mixing can be adjusted to the requirements by using a judicious screw 
design. 

• Devolatilization of the reaction product in the extruder makes it possible to 
remove and recycle unreacted components. 

However, there are also certain restrictions to the use of extruders as polymerization 
reactors, and also to the type of extruder that can be used: 

• As the extruder is a reactor with a relatively expensive volume, the residence 
time needed for the reaction should be short. Therefore, the reaction kinetics 
must be sufficiently fast to acquire an economically feasible process. 

• There is a limitation to the reactions that can be performed in extruders based 
on the heat of reaction and the viscosity reached. If the reaction enthalpy is very 
large, the temperature rise in the extruder is too large to control. Moreover, the 
viscosity of the reaction product must be sufficiently high to be able to obtain a 
stable transport of the material and to make the use of an extruder profitable. 

• On scaling-up the equipment, the surface-to-volume ratio decreases, which 
limits the heat removal in production machines. Moreover, in production-size 
machines thermal inhomogeneities may occur that do not exist in laboratory 
equipment. This requires a careful design of the experiments on laboratory scale 
in order to assure a reliable scale-up procedure. 

• Due to the large viscosity changes that arise during most polymerizations, 
instabilities may occur, resulting in very low conversions or fluctuating through¬ 
put. These instabilities can be dependent on the scale of the equipment, and 
therefore they pose extra restrictions to the scaling up of the process. 
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13.3 

Main Reactions in Extruders 

Reactions involving polymers which have been performed in extruders can generally 
be divided into five categories [8], as indicated in Tab. 13.1. 

From a processing point of view, all reactions can be divided into two main 
groups: single component and multi-component. 

Single-component reactions can occur throughout the bulk of the material. At the 
start of the reaction only one single component, monomer or prepolymer, is present 
or the components used are well miscible and premixed. For this group of reactions 
the temperature of the mixture plays an important role, as well as macro-mixing 
over the length of the extruder, which is related to the residence time distribution. 

Both parameters determine the progress of the reaction. 

Multi-component reactions , on the other hand, occur predominantly between 
immiscible components. Because the reaction proceeds mainly at the interface 
between the components, micro-mixing plays an important role. Normally, this type 
of reaction becomes diffusion-limited as the reaction progresses due to the build-up 
of reaction products at the interface between the components. To overcome this dif¬ 
fusion limitation, extensive micro-mixing is necessary. In addition to micro-mixing, 
these reactions are, of course, also influenced by temperature and macro-mixing. 

Table 13.1. Reactions performed in extruders. 

Type of polymerization End product 

Step polymerization (condensation polyetheremide, polyesters, polyethylterephthalate (PET), 
reactions) polybutylterephtalate (PBT), polyamide 6.6, polyarylate, 

polyurethanes, polyamide 6 

Chain polymerization (addition polyoxymethylene, polymethyl methacrylate (PMMA), 
reactions) acrylic polymers, polystyrene and styrene copolymers, 

water-soluble polyamide 

Graft reactions and Graft copolymer of polystyrene and maleic anhydride 

functionalization reactions graft copolymer of polyolefines and vinylsilanes 

graft copolymers of polyolefines and (meth) acrylic 
monomers, graft copolymer of EVA with acrylic acid 
graft copolymer of polyolefines and maleic anhydride 
halogenation of polyolefines or EVA 

Interchain copolymer formation Copolymers of reactive polystyrene and polymers with 

amide, mercaptan, epoxy, hydroxy, anhydride or carboxylic 
acid groups, copolymer of polypropylene grafted with 
maleic anhydride and nylon-6, copolymer of polyolefines 
and polystyrene, copolymer of EVA grafted with 
methacrylates and grafted polystyrene 

Coupling reactions Coupling of PBT with diisocyanate and polyepoxide or 

polycarbodiimide, coupling of PET with bis(2-oxalzoline) 
Degradation reactions Degradation of polypropylene by shear-heating, 

degradation of PET with ethylene glycol 
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13.4 

Extruder Types 

Although there exists a variety of different types of extruders, a main division can be 
made between single-screw and twin-screw forms. The transport mechanism is the 
most important difference between those two types of machine. A single-screw 
extruder consists of one screw rotating in a closely fitting barrel; the transport mech¬ 
anism is based on friction between the polymer and the walls of the channel. If the 
polymer slips at the barrel wall, it is easy to envisage that the material will rotate with 
the screw, but without being pushed forward. This makes this type of machines 
strongly dependent on the frictional forces at the wall and the properties of the 
material processed. Generally, these machines are less suitable for reactive extrusion 
processes where large viscosity differences occur. An exception to this is the 
co-kneader, in which the screw consists of elements with interrupted flights and 
rotates in a barrel with stationary pins. Due to the rotation and a superimposed axial 
oscillation, a good mixing action is achieved. 

All twin-screw extruders consist of two screws, placed in an 8-shaped barrel. In the 
case of intermeshing extruders, the flights of one screw sticks in the channel of the 
other screw. Because of this, the polymer cannot rotate with the screw, irrespective of 
the rheological characteristics of the material. This indicates the most important 
advantage of intermeshing twin screw-extruders - that the transport action depends 
on the characteristics of the material to a much lesser degree than in the case of a 
single-screw extruder. There are various ways of classifying extruders, and the main 
types are shown diagrammatically in Fig. 13.1. 

• The single screw extruder (a) is most common in polymer processing. Its work¬ 
ing characteristics are strongly dependent on the material properties. In reactive 
extrusion single-screw extruders can only be used if the viscosity changes of the 
material are limited and if there are no strong requirements to micro-mixing. 

• Co-kneaders (b) have one single screw, whilst the barrel is equipped with knead¬ 
ing pins. The screw rotates and oscillates, giving a very good mixing action. The 
pins can also be used for monitoring the temperature, or as injection points. 
Moreover, the pins prevent the material from rotating with the screw and there¬ 
fore ensure a more stable operation than can be provided in an ordinary single¬ 
screw extruder. Pressure build-up is rather poor in this type of machine. 

• Tangential twin-screw extruders (c and d) are not closely intermeshing; they can 
be envisaged as a parallel connection of two single-screw extruders with mutual 
interaction. The screws can be arranged in two different ways, a mixing mode 
(c) or a transport mode (d). All commercial tangential twin screw-extruders are 
counter-rotating. This type of machine is particularly popular in the USA for 
modification reactions. 

• The closely intermeshing twin-screw extruders, both counter-rotating (e) and 
co-rotating (f), can best be modeled as series of C-shaped chambers. Due to the 
rotation of the screws these chambers transport the material from hopper to die, 
while interactions between the chambers occur via leakage flows. Due to the 
large resistance to back-flow through the narrow gaps, these extruders posses a 
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strong positive conveying character and their process stability in reactive extru¬ 
sion is large. 

• The screws and the barrel of closely intermeshing twin-screw extruders can also 
be conical (g). This has advantages for the feeding process if the material has a 
low bulk density. While passing through the extruder the chambers gradually 
decrease in size and compress the material. Moreover, conical screws provide a 
larger space for the bearings of the screws, and they can easily be removed from 
the barrel. 

• Self-cleaning, co-rotating, twin-screw extruders (h) are very popular for reactive 
extrusion, and they generally have modular screws with different types of 
mixing elements. This provides a large flexibility in screw design. They rotate at 
high speed and are able to provide intensive micro-mixing at large throughput. 

To ensure sufficient residence times in reactive extrusion, the screws are 
generally quite long (L/D ratio = 30 to 40). 

If a twin-screw extruder is stopped and opened, several zones can be clearly distin¬ 
guished [9]. Depending on whether the extruder is fed with a solid or a liquid mate¬ 
rial, two different situations occur. In the case of a solid feed (a polymer or solid 
monomer), the channels near the feed hopper are more or less filled with 
solids. This material melts, resulting in a zone where the channels are only partly 
filled. At the end of the screw, close to the die, a zone exists where the channels are 
completely filled with polymer. If the extruder is fed with a liquid monomer, the first 
part does not necessarily need to be partly empty but, as will be explained later, for 
reasons of stability it is advisable to create a zone where the channels are not fully 
filled. In particular, the fully filled zone is very important for correct functioning of 
the extruder. In this zone the pressure is built up, the mixing and kneading mainly 



Fig. 13.1. D ifferent types of extruders, a) single screw; 

b) co-kneader; c) non-intermeshing, mixing mode; d) non¬ 
intermeshing, transport mode; e) counter-rotating, closely 
intermeshing; f) co-rotating, closely intermeshing; g) conical 
counter-rotating; h) self-wiping, co-rotating. 
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takes place, and the major influence of viscous dissipation also occurs. In order to 
explain the existence of the fully filled zone, it must be realized that the different 
zones in a twin-screw extruder cannot be viewed separately, but are interconnected. 
The throughput of a twin-screw extruder is determined by the feeding zone. Because 
the channels are only partially filled no pressure can be built up in this zone, and the 
hydrodynamics will be limited to drag flow only. Under normal circumstances, 
the throughput of this zone is therefore independent of pressure at the die end of 
the extruder. In the last part of the extruder, where the pressure required to squeeze the 
polymer through the die is built up, a pressure gradient is present and considerable 
back-flow will occur. 

A fixed pressure is built up at the die of the extruder, which depends only on 
throughput, viscosity and die geometry. With a given screw geometry the pressure 
gradient in the screw is fixed; therefore, within reason, there will be a point in the 
extruder at which the actual pressure becomes zero (Fig. 13.2). Between this point 
and the die there is a pressure gradient, and this will result in a back-flow and the 
channels being completely filled with polymer. Between this point and the feed hop¬ 
per, there is no pressure gradient and the channel is only partly filled with material. 
For good processing, the length of the completely filled zone is one of the most 
important factors, while for good process control, knowledge of the different param¬ 
eters that influence the length of the completely filled zone is indispensable. Details 
of these influence are shown schematically in Tab. 13.2. If, for example, in an iso-vis- 
cous situation the resistance of the die is doubled, the pressure in front of the die will 
also double, because the output remains constant. However, the leakage flow is not 
influenced by the die pressure, so that the pressure gradient in the extruder remains 
constant. Ergo, the completely filled length increases, as indicated in Fig. 13.2(b). If 
the viscosity is not constant, as in reactive extrusion, the ability to build up pressure 
is proportional to the viscosity. If a monomer is polymerized by reactive extrusion, 
hardly any pressure can be built up in the region where conversion is low. Small fluc¬ 
tuations in die pressure result in large fluctuations in filled length, which requires 
for an appreciable buffer zone where the channel is not fully filled with material. 

13.5 

Kinetic Considerations 

In order to describe reactive extrusion it is important to understand the kinetics in 
all stadia of the reactions, from diluted solutions to concentrated melts. Unfortu¬ 
nately, most of the kinetic experiments which have been reported are performed 
only in strongly diluted systems, whereas in extrusion polymerization the polymer 
concentration changes in time between zero and approximately 100 %. This implies 
that for the first stage of the polymerization reaction, where the polymer forms a 
diluted solution in its monomer conventional kinetics can be used. The second stage 
of the reaction occurs when the polymer molecules interact with each other and 
entangle. At this stage the kinetics is still fairly conventional, although the viscosity 
increases dramatically with the progress of the reaction. The third stage, which is 
much less documented, is reached when the conversion passes a certain critical 
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Table 13.2. Influence of extrusion parameters on the filled length. 
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point. During polymerization the reaction system has become increasingly viscous, 
and this leads to a limitation in the mobility of the polymer chains. In chain radical- 
polymerization the consequence is that at these high viscosity levels the termination 
reaction is controlled by diffusion, and this results in a reduced termination 
constant. On the other hand, because the diffusion of the small monomer molecules 
is not restricted until very high conversions are reached, the propagation rate does 
not decrease significantly. Due to the reduced termination velocity the amount of 
active polymer radicals increases, which results in an abrupt rise in the propagation 
velocity and of the momentary degree of polymerization (Fig. 13.3) [10]. This 
phenomenon is known as the “Trommsdorff effect” or “gel effect” [11, 12] and 
results in a higher molecular weight and higher conversion than would be expected 
from conventional kinetics. 

Another complication, which generally is not encountered in conventional 
solution polymerization, is the occurrence of a ceiling temperature. Many polymer- 
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Fig. 13.2. Pressure build up. a) Changing rotational speed; 
b) changing die resistance. 
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izations are equilibrium reactions that shift towards increased monomer concentra¬ 
tions at higher temperatures. Dainton and Ivin [13] first established that above a 
certain temperature depropagation may occur, and that this may lead to an apprecia¬ 
ble decrease in final conversion. The temperature, where propagation and depropa¬ 
gation are in equilibrium is referred to as the “ceiling temperature”, T c , and it follows 
from the Gibbs energy equation: 

AG = AH p -TAS p 

where AG is the Gibbs free energy, AH P the polymerization enthalpy, AS P the poly¬ 
merization entropy and T the absolute temperature. Only if AG for the polymeriza¬ 
tion is less than zero the reaction can take place. The temperature at which AG 
equals zero is termed the ceiling temperature, and for a polymer-monomer mixture 
this can be written as: 


T = 



AH 


P 


ASp+R-ln 


(M) 

UM]°J 


where AS{] is the polymerization entropy at the monomer concentration [M]° and R 
the gas constant. Generally, for polymers, AH P and AS P have negative values. This 
means that the higher the conversion, the lower the monomer concentration and 
consequently the lower the ceiling temperature. For pure methylmethacrylate the 
ceiling temperature is 220 °C [14] and the polymerization enthalpy is -55.5 kj moH 
at 74.5 °C. Ceiling temperatures of similar materials can be derived because the 



conversion (%) 


Fig. 13.3. Reaction rate constant for n-butyl methacrylate at 
three different temperatures (110, 120 and 130 °C). 
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standard molar entropy for the polymerization of liquid monomer to condensed 
amorphous polymer is virtually independent of the constitution in the case of 
compounds with olefinic double bonds [15]. Differences in ceiling temperature are 
therefore generally caused by polymerization enthalpy only. 

13.6 

Heat Transfer and Thermal Instabilities 

The most important heat resistance in extrusion occurs between the polymer and 
the barrel wall. The oldest model for this heat transfer is based on the theory of a 
scraped heat exchanger, and was suggested in 1953 by Jephson [16]. In this mecha¬ 
nistic model the extruder is considered as a scraped heat exchanger, where the 
passing screw flight acts as scraper. After a flight has passed, a layer of fresh polymer 
is deposited against the barrel wall, and penetration of heat into this layer occurs, 
forming a thermal boundary layer. This model leads to an expression for the heat 
transfer coefficient: 


< a > = — f adt = . — ApC mN 


or, in terms of dimensionless numbers: 


< a > D 
A 



or: 


< Nu > = 1.15- < Fo rot >~ 1/2 


where Fo ro t is the Fourier number related to the revolution time 
The heat transfer coefficient according to Jephson is proportional to the rotational 
speed, to the square root of the number of screw flights and is independent of 
viscosity and screw diameter. 

An alternative heat transfer model was published by Todd [17], based on a correla¬ 
tion of heat transfer data over a Reynold’s number range from 10~ 3 to 10: 


< Nu >= 0.94 Re 0 ' 28 Pr 0 ' 33 (/< b /^ w ) 0 ' 14 


where pb and p w represent the viscosities in the bulk and at the wall, respectively. 
The heat transfer coefficient according to Todd is much less dependent on rotational 
speed (N 0 - 28 ) than the Jephson model, is approximately inversely proportional to the 
square-root of the diameter (D- 0 - 44 ), and depends only slightly on bulk viscosity 
(pb 005 ). The dependence on the number of screw flights is not given. Both expres¬ 
sions lead to a heat transfer coefficient that varies for practical situations between 
300 and 700 W m- 2 K. 
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A special complication is formed by thermal inhomogeneities. The polymer fol¬ 
lows a circular path in the cross-channel direction, which implies that only a certain 
amount of polymer passes the thermal boundary layer where it is cooled directly. 
Therefore, for deep cut channels the heat of reaction in the middle of the channel is 
difficult to remove. Janeschitz Kriegl [18] compared the thickness of the thermal 
boundary layer with the channel depth, and identified a criterion for thermal homo¬ 
geneity in a single-screw extruder. This can be adapted to twin-screw extruders with 
m thread starts per screw. It may be concluded that thermal inhomogeneities 
become important if: 


rnNH 2 

a 


>150 


where N is the rotational speed, H is the channel depth, and a is the thermal diffu- 
sivity. It can also be seen that thermal inhomogeneities increase strongly for larger 
scale extruders, where the channels are deeper cut. This is especially the case for 
continuous channels, for example in self-wiping, co-rotating machines operating 
with materials with a large heat of reaction. Local high temperatures can reduce the 
conversion considerably due to a ceiling temperature. Moreover, a reliable scale-up, 
in terms of thermal homogeneity is only possible if at regular intervals mixing 
elements are used to homogenize the radial temperature differences. 

If the overall temperature rise is too large to be accepted, some classical solutions 
can also be applied to reactive extrusion: 

• Part of the polymer formed may be fed back and mixed with or desolved into the 
monomer. This will decrease the heat of reaction per unit throughput. An extra 
advantage of desolving some polymer into the monomer is the viscosity rise at 
the feed end of the extruder, which stabilizes the process. 

• If an inert material has to be added this also decreases the reaction heat per 
kilogram throughput. 

• Devolatilization of part of the monomer (or of an inert material) will decrease 
the effective heat by the phase change enthalpy of the volatiles removed. 

• Several side feeds of deep cooled monomer will lower the base temperature to 
which the adiabatic temperature rise has to be added. A fraction of the mono¬ 
mer is fed at the beginning of the extruder and has to be heated to the starting 
temperature of the reaction; hence successive side feeds can be metered at 
much lower temperatures. 

13.7 

Instabilities 


The large variations in viscosity during reactive extrusion can lead to process insta¬ 
bilities as a result of competition between die effects and pressure build-up abilities 
of the screws. In general, two stable working points can be distinguished - one at 
low conversion with a short, fully filled length, and one at high conversion with a 
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long, fully filled length. Figure 13.4 illustrates a sudden drop in conversion for a rad¬ 
ical styrene polymerization if the die resistance decreases below a certain value [19]. 

In the transition region between the two stable working points, severe oscillations 
in throughput and conversion may occur [20] (Fig. 13.5). These oscillations can be 
explained by assuming an initial situation where the reaction comes to completion 
in the vicinity of the die, thereby resulting in a high local viscosity at the die and a 
lower viscosity in the rest of the extruder. Due to the resultant low throughput, the 
extruder fills itself while the reaction proceeds; the viscosity continues to build up 
until the extruder is capable of emptying itself. The resulting short residence time 
after this period leads again to low viscosities in the extruder and a higher viscosity 
in the melt. A more stable operation can be achieved if a certain amount of high- 
viscosity material is permanently present at the end of the screws, thereby assuring a 
good pumping ability at all times. The same conclusions follow from a more rigid 
mathematical derivation of the stability regions [21]. 

Instabilities, resulting in a sudden transition from an operating mode with high 
conversions to low conversion, vice versa, or in severe oscillations during the 
process can have three possible sources of instabilities: of thermal origin; of hydro- 
dynamic origin; and of chemical origin [7]. This can be illustrated by an interaction 
diagram for reactive extrusion, as shown in Fig. 13.6. 



reciprocal die resistance (lo'm) 3 

Fig. 13.4. Transition from state of high conversion to state of 
low conversion at decreasing die resistance. 



Fig. 13.5. 

styrene. 


Instabilities in throughput for reactive extrusion of 
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Fig. 13.6. Interaction diagram for a radical polymerization 
reaction in a twin-screw extruder. 

In this diagram, a plus sign (+) indicates a positive correlation between the param¬ 
eters, while a minus sign (-) stands for a negative correlation [22]. If only the 
extruder part of the diagram is considered and, for the time being the reaction part is 
neglected, four dependencies of the fully filled length can be distinguished: 

1. An increase in die resistance demands for a larger pressure build-up in 
the extruder, which leads to a longer fully filled length. 

2. An increase of the screw rotation rate at constant throughput increases the 
back-flow and therefore decreases the filled length. 

3. An increase of throughput increases the die pressure and decreases the back- 
flow, both leading to an increase of the filled length. 

4. An increase in viscosity both increases the die pressure and the pressure build¬ 
up abilities of the extruder. In the simplified case of an iso-viscous process, the 
filled length remains constant. In reactive extrusion, where the material is 
generally far from iso-viscous, the filled length may increase or decrease, 
depending on the viscosity changes along the screw. 
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In the total interaction diagram of Fig. 13.6, as the system yields for reactive 
extrusion, several positive feedback loops can be distinguished, due to which a 
disturbance in a process parameter can be amplified which may lead to an unstable 
operation. In this way, three different possible sources of instabilities can be 
distinguished: 

1. Thermal instability, where an increase in temperature leads to an acceleration 
of the reaction which, for exothermic reactions, again leads to an extra increase 
in temperature. 

2. Hydrodynamic instability, where a small increase in die pressure leads to a 
larger local residence time, which in turn, through conversion, results in 
a larger viscosity. This viscosity increase will successively increase the die 
pressure even further. The positive feedback will be counterbalanced by the 
back-flow, because an increased viscosity also increases the pressure build-up 
ability of the extruder. An influence on the stability may be expected if the inter¬ 
action parameters and the local viscosities are such that the positive feedback 
dominates. 

3. A chemical instability which can be distinguished based on the gel effect or 
Trommsdorff effect, or on the ceiling effect. The influence of the gel effect on 
stability depends on its location. For example, if it occurs entirely within the 
screws, the increases in viscosity and reaction rate will stabilize the process, but 
if it occurs close to the die it will mainly affect viscosity in the die, which leads to 
destabilization. The ceiling effect will generally decrease the reaction speed, and 
therefore it will be negative for the stability of the process. 


13.8 

Conclusions 

Reactive extrusion is a new tool in polymer reaction engineering. From an environ¬ 
mental viewpoint, the need for only small quantities of volatile solvents, and conse¬ 
quent reduced cost, are positive aspects. From an economical point of view, the 
expensive extrusion equipment is compensated by there being no need to separate 
the polymer from the solvent. The process is largely complicated by the occurrence 
of various nonlinear effects that may introduce instabilities into the process, these 
being of thermal, hydrodynamic, and chemical origin. 

Thermal considerations teach us that most extrusion polymerization processes 
occur under local runaway conditions. This point is especially the case for large¬ 
sized equipment, and should be considered when designing an experimental 
program. Experiments on a small scale may easily lead to results that cannot be 
scaled up successfully. If the barrel wall is heated electrically, then small temperature 
changes may be enhanced by the reaction, leading to severe fluctuations in the filled 
length and residence time. Large radial thermal inhomogeneities can build up 
especially in large-scale equipment. 

Hydrodynamic considerations lead to the contention that there are two stable operat¬ 
ing points in reactive extrusion - one with a large, fully filled length and a high 
conversion, and one with a small, fully filled length and a low conversion. Severe 



406 | 13 Reactive Extrusion for Solvent-Free Processing: Facts and Fantasies 

oscillations in throughput and conversion may also occur. The stability and, as a 
consequence, the maximum attainable throughput at high and stable conversion, 
can be improved by increasing the reaction speed, by increasing the viscosity build¬ 
up in the screws, and by increasing the residence time. 

Chemical considerations lead to two effects that influence the stability of reactive 
extrusion - the gel effect and the ceiling temperature. Gel effects increase the 
conversion by an “autocatalytic” behavior. If the gel effect occurs completely in the 
screws it stabilizes the process, but if it occurs near or in the die it may have a desta¬ 
bilizing effect. The occurrence of a ceiling temperature slows down the reaction and 
so has a direct, negative influence on hydrodynamic stability. 
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14 

Reactive Comminution 

Ulrich Hoffmann, Christian Horst and Ulrich Kunz 

14.1 

Introduction 

Reactive comminution is a field of long tradition in human mankind, and a short 
history of mechanochemistry can be found in Refs. [1-3]. Very early applications are 
the lighting of fire with flint, pyrite and steel, the use of matches, the preparation of 
gunpowder, or the welding of silver and platinum in South America. During the 
early 20th century, contributions from for example Tamman [4] extended the view on 
pressure-induced phase transformations and solid-state reactions. The initiation of 
explosions during milling gave rise to the theory of “hot spots” in mechanical acti¬ 
vated solids and liquids, as mentioned by Bowden and Yoffe [5], The mechanical acti¬ 
vation of solids and mechanochemical reactions are a field of prolonged research 
which has been conducted since the classification of Ostwald [6, 7] and his findings 
about the so-called Ostwald ripening. Many small crystals form in a system initially 
but slowly disappear, except for a few that grow larger. The formation of smaller crys¬ 
tals is kinetically favored and lowers the supersaturation of the solution. The larger 
crystals are thermodynamically favored because of the smaller surface energy. The 
morphology, structure and energy state of mechanically treated substances have 
been examined by many authors. Thiessen et al. [8], Schmalzried [9], and Heinicke 
et al. [10] were among the first to compile these earlier studies into books about tribo- 
chemistry. Boldyrev and Meyer [11], Heegn [12] and Tkacova [13] showed the positive 
influence of mechanical treatment on minerals and other materials. Fundamental 
ideas about the description of mechanochemical reactions have also been presented 
by Heegn [14, 15]. The theory of fracture mechanism and stressed single particles 
has been originated by Schonert [16]. 

The utilization of mechanical energy in solid transformations can be divided into 
four clusters: 

• mechanical comminution: the size reduction of solids by mechanical means; 

• mechanical activation: the use of mechanical energy to alter the behavior of 
solids in a subsequent process; 

• mechanical alloying: the use of mechanical energy to cause dissolution or 
dispersion of different solid materials; and 
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• reactive comminution: the use of mechanical energy to induce a chemical reac¬ 
tion, simultaneous mechanical treatment and chemical reaction (tribochemistry 
or mechanochemistry). 


14.2 

Mechanical Comminution of Solids 

Most of the technical raw materials used in solid reactions are polycrystalline, and 
these - when in solid form - undergo a range of modifications during milling. The 
first observation is the fracture of the solid into smaller pieces. The fracture mechan¬ 
ics are a topic of discussion, and fracture can be divided into two steps, namely 
“crack formation” and “crack propagation”. Depending on the ability of the material 
to undergo plastic deformation before fracture, either brittle or ductile fracture can 
be defined: 

• Ductile fracture is present if the solid undergoes plastic deformation in the 
crack tip and can be observed in most metals. The plastic deformation quenches 
energy and leads to stable cracks. 

• Brittle fracture is accompanied by very little plastic deformation and is predomi¬ 
nant in ceramics and inorganic material. Mostly, a very rapid propagation of the 
crack is observed. 

The ductile fracture can be mediated by dislocations which accumulate and form a 
cavity perpendicular to the applied stress. Brittle fracture can be transgranular with 
fracture of crystallites or intergranular with fracture along grain boundaries. Typi¬ 
cally, the fracture strength of a material should be approximately one-tenth of 
Young’s modulus, E. Practical values are orders of magnitude smaller, this being due 
to the action of defects which act as stress raisers. A second possible mechanism is 
the fatigue fracture in dynamic loading. This is initiated by the formation of a crack, 
the incremental crack propagation, and finally by a brittle-like failure. 

Steinicke and Linke [17] refer to several microscopic and macroscopic states of 
mechanically stressed solids. Short time effects can be described by stochastic 
means or nonequilibrium thermodynamics. Long-lasting effects can be measured 
by calorimetry. The chemical potential and activity of the stressed solid can be mea¬ 
sured depending on the induced defects. These defects include: 

• Zero-dimensional point defects, such as Schottky and Frenkel defects. 

• One-dimensional line defects, such as step and screw dislocations. 

• Two-dimensional area defects, such as stacking faults, grain boundaries, twin 
boundaries and contact areas with other phases. 

• Three-dimensional volume defects such as amorphous regions, pores, other 
phases and metastable regions. 

Line defects in crystals such as screw or edge dislocations are quite common in 
solid substances. The typical length of all dislocation in 1 m 3 of annealed material 
amounts to 10 10 m (10 km in 1 cm 3 ). The so-called dislocation density is defined as: 

total length of dislocation lines 

P = 


volume 
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Fig. 14.1. Modifications in polycrystalline solids during 
processes with particle size changes. 
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Fig. 14.2. Defects introduced by mechanical processing in solid 
substances. 
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During the cold hardening of material the dislocation density rises from 
10 10 m nr 3 to values of 10 14 m nr 3 . The stored strain energy is released during re¬ 
crystallization. 

During milling, the fragmentation of polycrystalline material and primary crystal¬ 
lites proceeds until the fragmentation limit is reached. The particles undergo mainly 
plastic deformations and accumulate defects, which leads to an amorphization of 
the solid. 

The amount of additional free energy in a solid ranges from 5 kj moH in calcite to 
20 kj moH in quartz and 350 kj moH in kaolinite [12]. 

Typical quantities for the description of stresses in polycrystalline material are: 

• specific surface area 

• diameter of the primary crystallites 

• crystallinity 

• lattice distortion 

Most of these quantities can be measured by using either BET (Brunauer, Emett, 
Teller surface area measurement) or X-ray diffraction methods. The fact that the nec¬ 
essary amount of energy to comminute solids depends on the particle size, the size 
reduction ratio and the solid can be expressed by empirical formulas. According to 
Beddow [18] three of the most common types are the equations by: 

1. Rittinger’s law 


W =C 





2. Kick’s law 


w m = c- 



3. Bond’s law 



all of which allow calculation of the specific energy consumption W m depending on 
the difference between initial particle size Do and final particle size D i and a solid- 
specific constant C. Figure 14.3 shows typical energy demands for the comminution 
of different materials. 
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The Bond working index Wi is the most common description for comminution 
tasks, and is measured routinely in small-scale laboratory mills: 


W m 


'low/ 

1- 

<i0.5 \ 
U 80,P 

dg.5 

dg.5 

80, P 


80 ,F / 


where dso.F and dso.p are in units of pm. The Bond working index ranges between 
Wi = 8 kWh T 4 (gypsum) and 20 kWh t- 1 (granite). 

According to Rumpf [19] and Schonert and Steier [20] the mechanical energy must 
be transferred to the treated solid, and this can be accomplished by four basic load 
modes: compression; shear; impact; and impingement. In milling equipment, one 
of these modes is generally predominant. Hard and brittle material is readily frag¬ 
mented by compression, ductile, plastic-elastic, and visco-elastic materials are best 
milled by impact, and soft material can only be cut. The main criteria for the frag¬ 
mentation [15] are the loading velocity, intensity, frequency, and the thickness of the 
grinding stock. The loading frequency depends on the type of apparatus. In tumb¬ 
ling mills, vibration mills, stirred media mills or planetary mills, the product of 
rotational speed and residence time determine the number of single load events. 
Rotary impact mills have a mean loading frequency depending on the internals, but 
approximately 10 single events per pass can be expected. The loading velocity 
depends on the acceleration and the free path of the particles or the grinding media 
or the rotation velocity and the diameter. Tumbling mills operate at velocities of the 
grinding media of only a few meters per second (fall in gravity field), whereas for 



10 ' 10 ° 10 ' 10 2 10 3 10 4 


•WM " 1 

Fig. 14.3. Energy consumption in typical milling application 
with polydisperse (ellipses) and monodisperse solids (spheres). 
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vibration mills, planetary mills and grinding media mills, values of between 5 and 

15 m s- 1 are common. Rotary impact mills reach 300 m s -1 , whereas jet mills 
operate at supersonic velocity of the driving gas. The loading energy is a composed 
quantity. The number of single load events N and the kinetic energy of the grinding 
media £kin are referred to the mass ms of the grinding stock 


W fh 


N-E, 


kin 


kWh 

t 


and the kinetic energy of the grinding stock is determined by the loading velocity y M 
and the mass m M of the grinding media 


kin 


2 MM 


and can be interpreted as the loading intensity if multiplied with the loading 
frequency. 

A typical task is the milling of minerals in the pm-range with power consumption 
of approximately 50 Wh kg- 1 . A tumbling ball mill would need 1 hour of milling 
time at a specific power input of 50 W kg- 1 for the comminution, a stirred media 
mill would need 2 min at 1400 W kg- 1 , a vibration mill 40 s at 4500 W kg- 1 , and a 
planetary mill 5 s at 36,000 W kg- 1 (Fig. 14.4). 


compression shear shock cutting 




Fig. 14.4. Fundamental load modes in milling equipment. 
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Energy-efficient milling can be achieved when the transmitted force, loading 
mode and energy in a single fragmentation event are high enough to overcome the 
strength of the material. Excess energy is lost in waste heat. Impact and impinge¬ 
ment stress leads to increased specific surface areas and a deep destruction of crystal 
structure. Compression and shear stress leads to increased surface areas without 
major structure alteration. Wet grinding leads to higher surface areas with less struc¬ 
ture destruction than dry grinding. 

Other milling parameters are, for example, the impact energy £b of a single ball 


\ m A 


and the milling intensity I of the impact frequency 

I=f, -e b 

the energy dose D 
D=I-t 

and specific dose 

_ rn]T 

The erosion of metals by solid and liquid impact has been investigated (e.g., [21]). 
h =p r R rf, [w/m 2 ] 

A review on the energetics, stresses and strains in different devices has also been 
compiled [22]. 

14.2.1 

Reactivity of Mechanically Activated Solids 

The primary effect of milling a solid is to increase its specific surface area. Most 
reactions between a solid and another phase are proportional to the extent of specific 
surface area being in contact. This includes outer surfaces as well as the inner sur¬ 
faces of pore systems and primary crystallites. Intensive milling decreases the size of 
the primary crystallites which tend to lower the energy by recrystallization. There¬ 
fore, a limiting crystallite size can be reached for a given experimental set-up. Most 
of the crystallite surface is not accessible for fluid reactants, but changes in the pore 
system and the outer surface allow for an increased reaction rate. 
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Other mechanisms which are related to enhanced reaction rates under mechanical 
treatment include: 

• short-lived, highly excited states during impact (impact plasma); 

• states initiated by energy dissipation such as hot-spots, high crack-tip tempera¬ 
tures; and 

• states which are caused by lattice defects with relatively high life-times. 

Early explanations about the effect of mechanical energy on the reactivity of solids 
are the ‘hot-spot-model’ [23] and the ‘magma-plasma-model’ [8]. The generation of 
‘hot-spot’ may be used to explain the initiation of a self-sustained reaction such as 
explosion, deflagration, or decomposition. Temperatures of over 1000 K on surfaces 
of about 1 pm 2 for 1CH to 10 -3 s can be created. These temperatures can also be 
found near the tip of a propagating crack [24]. Typically nonequilibrium thermody¬ 
namics are used to describe these phenomena. The ‘magma-plasma-model’ allows 
for local nonequilibrium states on the solid surface during impact; however, due to 
the very short time scale of l(h 7 s of these states only statistical thermodynamics can 
describe the behavior. 

Long-lived states including defects and dislocations have been analyzed by equilib¬ 
rium thermodynamics [14]. Mechanically activated solids have an actual free energy 
content G which is higher than the equilibrium free energy G*: 

G = G*+G e 

the excess free enthalpy is made up of the contributing defects and their disturbance 
enthalpy 

G B = 2c i H*+Tk h NA2c i lnc i 

i i 


with major contributions from: 

• step and screw dislocations; 

• outer specific surface; 

• particle size of primary crystallites; and 

• amorphous regions and different phases. 

Knowledge of the concentration of defects and molar disturbance enthalpies 
would permit calculation of the actual free energy of the solid, and also the chemical 
potential. These can be measured by using either solution calorimetry or differential 
scanning calorimetry. An example of the excess energy was given as 20-30 kj moH 
in mechanically activated quartz. Different types of reactions demand different 
defect types. For example, Boldyrev et al. [25] state a classification and provide exam¬ 
ples for solid reactions with different mechanisms and necessary solid alterations. 
Often, reaction rates in solids depend strongly on the mass transport of matter. Lidi- 
ard [26] and Schmalzried [27] each provide reviews on transport properties in 
mechanically treated solids. The increased amount of defects allows a faster trans¬ 
port of ions and atoms in the solid structure. 
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14.3 

Equipment and Processes 

Reactive comminution is a multistep phenomenon with simultaneous fragmenta¬ 
tion, mixing of reactants, and mechanical activation, and is carried out in modified 
milling devices. Thorough classifications of grinding equipment have been pub¬ 
lished [28-30]. Crushers operate with high forces and low specific energy on feed 
particle size greater than 100 mm, whilst mills operate with low forces and high 
specific energy with a product size smaller than 10 mm. Often, particle diameters of 
1 pm result. The mills can be further categorized as roller and ring-roller mills, cut¬ 
ting mills, grinding media mills, impact mills, and jet mills, with most types being 
capable of operation in either dry or wet milling. A typical criterion is the fineness 
(Tab. 14.1) of the resulting particles, the hardness of the material (Fig. 14.5), and 
available combinations of these criteria (Fig. 14.6). 

14.3.1 

Milling Designs 

14.3.1.1 Crushers 

Crushers of different designs are large-scale machines for coarse grinding. They 
have throughputs of up to 35001 tr 1 , with a specific comminution work of 
0.15-2.2 kWh It 1 . The product particle size lies between 5 and 250 mm. 

14.3.1.2 Cutting Mills 

Cutting mills, like shredders, are able to chop material which is too soft for milling; 
examples of such materials include plastic, paper or leather. Industrial applications 
can be found in the paper and pulp industry, or in the recycling sector. 

14.3.1.3 Roller and Ring-roller Mills 

Roller mills apply stress to single solid particles between two rotating rollers. The 
diameter of the rollers is between 0.5 and 1.5 m, and the minimum gap width allows 
only fine milling. A second type of roller mills operates at higher roller pressures 
and treats a bed of solids. These high-compression roller mills can be used for 
ultrafine milling. 


Table 14.1. Classification of mills by final particle size range. 


Size range [«m] 

Milling term 

10<>-105 

Coarse crushing 

105-10+ 

Fine crushing 

105-50 

Fine milling 

50-5 

Ultrafine milling 

5-0.5 

Microfine milling 

<0.5 

Nanofine milling 
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Fig. 14.5. Hardness of typical grinding stocks, grinding media 

and construction materials. 

Ring-roller mills operate with a layer of solid material on a screen which is treated 
by a roller. The oldest type of a ring-roller mill is known from the milling of cereal. 
The solid bed is compressed, and a resulting fineness of less than 30 pm is possible. 
The Szego mill is a common type of ring-roller mill used in wet grinding. Roller 
frames with gaps of 20 pm are used in the ink industry, or in the production of 
chocolate. 

14.3.1.4 Disk Attrition Mills 

This type of mill is used in wet nanofine grinding. The gap between the conical rotor 
and the stator of an attrition mill can be varied from 30 to 500 pm. Velocities of up to 
35 m s _1 and throughputs of up to several tonnes per hour are possible. Colloid mills 
are used for the homogenization of liquid-liquid or liquid-solid dispersions. Teeth 
or abrasive coatings are the main grinding tools. 

14.3.1.5 Grinding Media Mills 

Mills with grinding media include tumbling mills such as ball mills, rod mills, or 
autogeneous mills. Other designs are planetary mills where the grinding drum is 
moved on a rotating disk. Vibration mills utilize an eccentric drive to actuate an oscil¬ 
lator consisting of the milling chamber, springs, and a bracket. Centrifugal mills are 
special planetary mills with a grinding drum between two eccentric bearings. 
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Fig. 14.6. Length scale, Mohs hardness and applicability of 
different mills. 

Tumbling mills are commonly used in industry for grinding large quantities. There 
are three distinct types, each with different application areas: 

• Ball mills are operated with cylpebs or balls, and often employ a conical shape or 
compartments for better milling characteristics; they can also be used for 
microfme milling. 

• Rod mills rods of up to 6 m in length as the grinding media, and can be used for 
fine milling. 

• Autogeneous mills use the grinding stock itself as grinding media, but can only 
be used for fine crushing. They have the lowest length to diameter (L/D) ratio of 
0.25, whereas rod and ball mills can have a L/D ratio up to 6. 

The motion of the grinding media depends on the rotation speed, and can be cas¬ 
cading at low speeds (Fig. 14.7), cataracting at medium speed, and centrifugal at 
higher speeds. The volume fraction of the grinding media amounts to 0.3, while the 
mass fraction of the grinding stock is typically less than 0.2 of the total mass. 

Planetary mills operate at higher stress intensities than tumbling mills. Grinding 
drums are placed on a rotating bracket and rotate at about 400 rpm such that acceler¬ 
ations of 60 g and over are possible. These mills are used for nanofine milling in 
batch mode (Fig. 14.8). 
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rotating drum balls with liners with lifting buckets 

with liners / \ 



feed through outlet through 

trunnion bearing trunnion bearing 


Fig. 14.7. Schematic of a ball mill with discharge conveyor in 
cascading mode. 

rotating 
grinding drums 



grinding media rotating bracket 

Fig. 14.8. Schematic of a four-drum planetary mill. 

Vibration mills are filled with 60-80 % spheres, cylpebs® or rods. The grinding 
drum is attached to a frame on springs and is driven by an eccentric drive at a fre¬ 
quency of 1000-1500 rpm and amplitudes of approximately 10 mm. The tubes can 
be up to 4 m in length, with diameters of up to 0.65 m. The continuous operation is 
performed without classifier at throughputs of up to 15 tonnes per. Vibration mills 
are use for the microfme grinding of hard material (Fig. 14.9). 

Centrifugal mills are a special design of vibration mill with a fixed amplitude 
(Fig. 14.10). 

Stirred media mills or agitated ball mills are used mainly in wet microfme and 
nanofme milling. They are filled to 80 % capacity with grinding media (glass beads, 
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Fig. 14.9. Schematic of an eccentric vibration mill. 
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Fig. 14.10. Schematic of a centrifugal mill. 


steel balls, ceramic powder ranging from 0.1 mm to several millimeters). A stirrer 
with velocities controllable between 2 and 40 m s- 1 agitates the plates, disks or pins, 
whereas other designs locate the grinding media and the grinding stock in a conical 
or cylindrical gap. Very high energy densities can be achieved, with special types of 
rotary ball mills being operated in a horizontal position (e.g., Simoloyer from Zoz 
GmbH, Germany). Low-velocity mills are sometimes referred to as Attritor®. 

14.3.1.6 Impact Mills 

Impact mills are commonly used in industry, and utilize the collision of particles on 
surfaces for fragmentation. Because of the impact of solid particles on high-velocity 
parts of the mill, only soft and brittle solids with hardness below 4 Mohs can be 
used. The design type is mostly a rotary impact mill with different impactors. 
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Depending on the design of the impactor, these mills can be divided into subclasses 
such as pinned disc mills, baffle plate mills, beater mills, hammer mills or swing 
hammer mills. 

Beater mills, hammer mills, baffle plate mills, pin mills and universal mills con¬ 
sist of a horizontal shaft with a rotor and, optionally, an impact surface (Fig. 14.12). 
Impact bar mills and impact hammer mills with vertical shafts are also used. 

14.3.1.7 Jet Mills 

The impact of accelerated solid particles with walls or other particles is used in jet 
mills (Fig. 14.13). Velocities of 500 to 1200 ms- 1 are reached in a driving gas or 
vapor jet [31]. In a spiral jet mill, particles are sucked through an injector into a 



Fig. 14.11. Schematic of different stirred media mills, (a) Batch 
stirred mill; (b) stirred ball mill. 



Fig. 14.12. Schematic of rotary impact mill, (a) Baffle plate mill; 
(b) pin mill. 
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Fig. 14.13. Schematic of a spiral jet mill (a) and a target mill (b). 

spiral chamber, and the gas jets are introduced into the chamber via gaps. In the oval 
jet mill, particles are accelerated in the chamber and are broken up as the result of 
particle-particle collisions. The fines are removed by the classifying effect of the spi¬ 
ral flow. Particles can also be accelerated in a two-phase injector, in which two injec¬ 
tors are used in the opposed jet mill. Fluidized-bed jet mills use only gas nozzles to 
maintain a fluidized bed, with the particle-particle collisions leading to abrasion. 
Target mills use heavy, armored targets for accelerated particle jets in order to 
increase the possibility of particle impact. 


14.3.1.8 Pressure and Shear Devices 

The first diamond anvil cell was constructed by Bridgman in the mid-1900s [32], and 
cells of this types are commonly used to generate high static pressures. The surfaces 
comprise 8- or 16-sided polygons with areas in the range of 0.01 to 0.5 mm 2 (0.1 to 
0.8 mm width between opposing sides), while the back surface of the anvil - the so- 
called table - has a surface which is 25- to 1000-fold larger. This in turn is mounted 
in a metallic component of even much larger cross-section. Thus, with a moderate 
force acting on the back of this metallic component, very high pressures can be 
achieved in the sample, which is still much smaller than the cullet surface of the 
diamonds. By rotating the cell, very high shear forces can be applied in addition to 
the static pressure. 


14.3.1.9 Special Milling and Activation Devices 

Solids are sometimes fragmented in shock tubes by the action of shock waves in 
liquids or gases. The breakdown of kidney stones - known as lithotripsy - by shock 
waves is an example of this type of apparatus. Typically, shock tube applications are 
limited to laboratory experiments. 

Ultrasound reactors are used quite often for the low-intensity treatment of solids 
in liquids. Examples of industrial-scale ultrasound reactors are the ‘Reverbatory 
Ultrasonic Mixer’ with 16 kW total power input and 0.2 m 3 min-i flow rate, the 
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‘Vibrating Tray’ with 2 kW total power input operating with 40 tons of slurry per 
hour at 1 m 3 min - 1 flow rate, or the ‘Ultrasound Gap Reactor’ with 4 kW total power 
input used in the production of 1 ton per day of organometal compounds. An intro¬ 
duction into the field of ultrasound reactors has been produced by Hoffmann et al. 
[33]. One special type of milling device is the ‘Vibrating Bar Reactor’, which consists 
of a magnetically driven bar which weighs 3 tons, is 4.1 m long, has a diameter of 
34 cm, and vibrates at 100 Hz. According to Mason [34], this device is used to treat 
solid slurries. 

Electrical discharge-assisted mills use ball milling with high voltage in spark-mill¬ 
ing or glow-milling conditions. This type of mill is used to prepare nanomaterials [35]. 

14.3.1.10 Dry and Wet Grinding 

Normally, milling is performed with dry or only slightly moist solids. Wet grinding 
is used when the feed or the product form a suspension, or the material tends to 
explode. Another reason for wet grinding is the achievable lower particle size and 
the deagglomeration of sticky powder. Wet grinding stocks do not cover the grinding 
media and allow therefore a finer size reduction. All of the above-mentioned designs 
except for crushers, impact mills and jet mills, can be used in wet grinding. 

14.3.1.11 Machine Wear 

Both machine parts and the grinding media are exposed to great stress during the 
milling process, and this leads in general to a severe mass loss of these parts. Typical 
values for machine wear are 0.5 to SgkWh-lr 1 for dry grinding, and 10 to 
80 g kWh-lr 1 for wet grinding of hard material [29]. This very low mass loss is nor¬ 
mally of no importance, unless this material is poisoning the product sample. Resi¬ 
dues from machine parts can be avoided by the use of polymeric linings, and 
grinding media can be chosen to be inert under all conditions. 

14.3.1.12 Energy Efficiency 

The ideal process of particle fragmentation is defined as a multistage sequence in 
which stress is applied to single particles. This can be described by a mathematical 
model which requires experimental determination of the breakage function, the 
breakage fraction, and the energy required to comminute the various particle sizes 
under different loads. Knowledge of the necessary energy for a typical milling proce¬ 
dure and the actual energy input into the milling device can be used to define a 
energy efficiency, i]. Standard values for the efficiency of size-reduction equipment 
are very unequal for different equipment. Schubert [30] discriminates between: 

• Jaw and roll crushers rj = 0.7-0.9 

• Impact crushers rj = 0.3-0.4 

• Roller-ring mills rj = 0.007-0.15 

• Ball mills 27 = 0.05—0.1 

• Impact mills rj = 0.1 

The poor values for roller-ring and ball mills are due to the fact that stress is 
applied to a bed of particles. Furthermore, in ball mills the stress is applied stochasti- 
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cally and with a wide variation in intensity. Roller-ring mills require energy for exten¬ 
sive internal circulation of the feed. Impact mills are not very efficient because of the 
energy needed for ventilation and the limited loading attainable in fine grinding. 

14.3.1.13 Solid Guidance 

The movement of solids in the milling equipment is a very considerable aspect of the 
process. Depending on the raw material used, pre-milling to the actual particle size 
in the reactive comminution device might be necessary. Rotary vane feeders, tread¬ 
mills or lock chambers must be employed to feed the solids. The movement inside 
the mill is typically determined by cross fall, hydraulic or pneumatic transport, as 
well as guided movement by internal baffles. The solids are held back in the reaction 
chamber by slot screens, sieves, gratings or gaps. Large particles leaving the reactor 
are typically recycled to the feed of the milling chamber, such that this internal or 
external loop amounts up to six-fold the feed mass. Hydrocyclones, cyclones or other 
classifying devices are used to separate coarse fractions for recycling purposes. 

14.4 

Applications 

The combination of the two unit operations comminution and reaction can be dis¬ 
tinguished into several application fields: 

• increase in specific surface area during the reaction; 

• mechanical activation of solids prior to a subsequent reaction; 

• mechanical alloying of distinct solids; and 

• simultaneous comminution and reaction. 

A review on the subject of application has been published by McCormick and 
Froes [36]. 

14.4.1 

Surface Area Creation 

The simple effect of enhanced surface area after milling cannot be disregarded. 
Ellern [37] mentions the influence of the specific surface area of metallic powders in 
pyrotechnical applications. Beside the spherical particles of magnesium and alumi¬ 
num made by the so-called atomizing process, iron, nickel and cobalt can be pre¬ 
pared by pyrolysis of carbonyls. Other, less-easily vaporizable metals can be prepared 
by grinding in an inert atmosphere. The increase in specific surface area is directly 
proportional to the reaction rate and leads to enhanced conversions. Reactions 
which generate insoluble products are also appropriate because the constant 
removal of product layers allows faster reactions and higher solid conversions 
(Fig. 14.14). Finely dispersed alkali and alkaline earth metals in high-boiling solvents 
have a broad application in organometal reactions. 
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Fig. 14.14. Surface areas for different materials and available 
particle diameters by the corresponding particle preparation 
methods. 

14.4.2 

Mechanical Activation 

The term “mechanical activation” should only be used for processes where a solid is 
pretreated prior to a subsequent reaction. The mechanical activation of solids is 
often used on an industrial scale to effect the calcination times of ceramics, or the 
solubility of ores. For a review of hydrometallurgical applications, see Ref. [38]. 

14.4.2.1 Phase Transitions 

The transformation of solids with different phases is often thermally initiated, but it 
can be shifted to lower temperatures by milling. Fernandez-Bertran [39] describes 
the phase transformation of low-pressure forms into high-pressure phases for 
CaCC >3 calcite-aragonite, SI 32 O 3 : senarmonite-valentinite, and SiCh: quartz-coesite. 
The transformation of quartz into cristobalite at 1200 °C [40] results in a drastic 
decrease in the necessary activation energy of the pre-milled solid. This was inter¬ 
preted as a breakage of Si-O bonds and therefore a facilitated reordering of the crys¬ 
tal structure. Phase changes of Y-AI 2 O 3 to OC-AI 2 O 3 have been reported [41]. A 
disordering of the solid lattice is often observed in addition to the change into stable 
phases. Metastable phases can be created as described by Begin-Colin et al. [42], who 
investigated the preparation of metastable rutile phases formed from anatase TiC >2 
by wet grinding. Amorphous phases can also be prepared and measured by X-ray 
diffraction. For example Koch [43] described the formation of amorphous phases 
during milling, and explained the amorphization by an increase in grain boundaries 
and defect density. In the raw materials industry, the pretreatment of solid materials 
is a common method for reducing the calcination temperature. Examples for the 




14.4 Applications | 425 

partial amorphization of SiC> 2 , the cement clinker formation, the sintering of ceram¬ 
ics, and the thermal decomposition of carbonates have been reported [38]. 

14.4.2.2 Enhanced Solubility of Minerals 

The mechanical activation of minerals is a well-known method for enhancing the 
solubility of natural ores. These two key processes of hydrometallurgy - namely, 
milling of the solid and leaching of the valuable metal - can be combined in a simul¬ 
taneous process. The increased dissolution of ilmenite (FeTiCh, the source ofTiCh) 
after milling in a ball mill has been reported [44], the acid-leaching process being 
four- to five-fold faster than normal. The same group [46] also used carbon as the 
reducing agent for the conversion of ilmenite to rutil after or during milling. 
Boldyrev [46a] cites the mechanical activation of phosphate rocks for fertilizers. 
Tricalcium phosphate in phosphate rocks cannot be dissolved readily in soil, and 
typically a chemical conversion to “superphosphate” under wet acidic situation is 
required. A commercial product, Tribophos®, was prepared by mechanical activa¬ 
tion of natural phosphates. Tungsten-containing minerals are leached by sodium 
carbonate solutions [2[. An example of selective leaching has also been identified [47] 
where the reaction between CuFeS 2 and CuO results in the formation of CuSCU 
which can be removed easily with water. The leaching of mixed copper iron sulfides 
has been investigated [48] where acid leaching of ore was easy with finely milled 
material. Corrosion of magnesium alloys has been investigated as an example for 
the dissolution of metals [49]. 

14.4.2.3 Surface Cleaning 

The reactivity of solids is sometimes reduced by the existence of unreactive (passi¬ 
vating) surface layers that are easily removed by mechanical energy. In this way the 
reactivity of hydrogenation catalysts such as nickel or platinum has been greatly 
increased. The use of metals and nonmetals in synthetic reactions under mechanical 
surface cleaning has been reviewed [50]. 

14.4.3 

Mechanical Alloying 

The repeated deformation, fracture and welding of metallic and non-metallic pow¬ 
ders allows the preparation of very interesting materials. The thermodynamic basis 
of mechanical alloying is reviewed by Bormann [51], while others [52] regard 
mechanical alloying nowadays to be a key step in powder metallurgy. This technique 
originated during the late 1960s, when dispersion-strengthened alloys of nickel or 
iron alloys (Inconel) were prepared from powders [53]. Other materials have been 
investigated and the preparation of metallic glasses, raw materials for powder metal¬ 
lurgy, mixed oxides, and ceramic-metal composites is an active topic in research, 
based on the plethora of evidence presented at a recent congress on reactive commi¬ 
nution, the 4th INCOME in Braunschweig 2003. (The proceedings of this congress 
are to be published in the Journal of Materials Science .) The process has been consid¬ 
ered as an effective tool for the synthesis of metastable materials, supersaturated 
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solid solutions, amorphous alloys, and nanocrystalline materials. These metastable 
materials can be used as precursors. 

Cocco et al. [54] discuss the preparation of metallic glass, while copper-titanium, 
aluminum-titanium, and palladium-titanium systems in particular are prepared 
under a controlled atmosphere with hydrogen and argon. Components of Nb-Ni 
and Nb-Y have also been described [55]. Amorphous Ni-Ti alloys have been 
prepared by Schwarz et al. [56], while Ni-Ga, Ni-Ge, Ni-In, and Ni-Sn has been syn¬ 
thesized in supersaturated solid solutions [57]. Fe, Co, Ni-Ta-alloys are described by 
Lee and Yang [58], while FeSi 2 doped with Co or Al for thermoelectric material is also 
mentioned [59]. 

14.4.4 

Simultaneous Reaction and Comminution 

The simultaneous reaction and comminution of solid reactants can lead to synergetic 
effects. A better size reduction by reaction, or a faster reaction due to the simulta¬ 
neous grinding, are possible. Both processes are quite difficult to describe and must 
be investigated separately, and also in combination. Until now, very few systems have 
been modeled and the quality of scale-up calculations is only approximate. 

14.4.4.1 Solid-Solid Reactions 

Solid-solid reactions are often limited by the diffusion of solid reactants. The prod¬ 
uct layer forms a barrier against diffusion of the two reactants such that, with 
increased conversion the diffusion lengths become larger. Milling offers the oppor¬ 
tunity to create fresh surfaces without product layers, and hence an increased con¬ 
tact area due to fragmentation. Schmalzried [60] describes the reaction of binary 
solid system on the basis of thermodynamic models and experiments. According to 
others [61], two main procedures are observed in mechanically activated solid-solid 
reactions. The reaction proceeds only at distinct areas, and the product is formed in 
separated zones, or the reaction is self-supporting and a combustion is initiated. 
Depending on the solid-solid system analyzed, distinct types of mechanical activa¬ 
tion routes are possible, and different reaction types demand different comminution 
strategies. 

Displacement reactions are typical examples for solid-solid reactions. The reduc¬ 
tion of magnetite by aluminum for example is mentioned in Takacs [62]. Reactions of 
CuO and Ag 20 with several metals during milling are also described [63-65]. Schaf¬ 
fer and McCormick [ 66 ] observed the mechanical alloying of CuO and ZnO together 
with Ca which resulted in the formation of brass. An interesting approach for the 
control of fast reactions has been investigated by Pardavi-Horvath and Takacs [67], 
who were able to suppress the reaction between magnetite and aluminum by dosing 
inert solids such as AI 2 O 3 . The preparation of hematite powder from milling FeCh 
and CaO/Ca(OH )2 and subsequent thermal decomposition has been discussed [69]; 
barium or strontium hexaferrite powders (BaFei 20 i 9 ) have been prepared in a like¬ 
wise manner [69]. Other reactions for the reduction of metal oxides sometimes lead 
to mixed metal alloys [70]. The simultaneous reduction and grinding of metal oxides 
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with aluminum leads, in the case of tungsten, to the pure metal. Titanium oxide and 
nickel oxide can be reduced by Al, but produce the corresponding alloys TiAl and 
NiAl. The reduction of chlorides of rare earth elements for magnets with calcium or 
sodium was also used [71-73]. For example, Tsuzuki and McCormick [74] used reac¬ 
tive comminution to prepare niobium pentoxide NbiOs nanoparticles from the reac¬ 
tion ofNbCls with Na 2 CC >3 or MgO. Iron nanoparticles have been synthesized from 
FeCh and Na [75], and the reduction of TiCU with Mg to Ti-powder has also been uti¬ 
lized [76]. This reaction occurs at low temperatures when the TiCU is in the solid 
phase. 

Mixed oxides have a widespread application as magnets, catalysts, and ceramics. 
Often, nonstoichiometric mixtures with unusual properties can be prepared; for 
example, Fe 203 and ZnO have been milled for the production of zinc ferrite [40], 
while mixed oxides of Ca(OH )2 and Si02 were described by Kosova et al. [77]. Piezo¬ 
ceramic material such as BaTi 03 from BaO and anatase Ti02 has been prepared [78], 
while ZnO and Cr 203 have been treated by Marinkovic et al. [79] and calcium silicate 
hydrates from calcium hydroxide and silica gel by Saito et al. [80]. The thermal dehy- 
droxylation of Ni(OH )2 to NiO or NiO-Ni(OH )2 nanocomposites has also been 
investigated [81]. 

Reactions of metal oxides with elementary carbon or sulfur produce the carbides 
and sulfides. The reaction of FeTi03 with carbon releases Fe and TiC, and the reac¬ 
tion with CaW 04 produces Ca and WC. These hard materials are used for mechani¬ 
cal purposes [70]. 

Solid-state reactions are currently used to evaluate the possibility of solvent-free 
organic synthesis. Normally, solid products are produced by the dissolution/evapora¬ 
tion of solid starting materials, a reaction in the gas or liquid phase, and a drying or 
crystallization step. The reaction in the solid phase would permit synthesis in a one- 
step process [46b]; indeed, the synthesis of sodium salicylate [2] is mentioned as an 
example for the solvent-free synthesis of material by milling solid sodium bicarbon¬ 
ate and salicylic acid at production rates of 100 kg h h Fernandez-Bertran et al. [82] 
obtained ammonium salts by grinding organic acids and amines under proton 
transfer. Phosphorus ylides and phosphonium salts have also been prepared [83a], 
while others [84b] use high-energy ball milling to obtain imines from the condensa¬ 
tion of p-hydroxybenzaldehyde with p-aminobenzoic acid. Organic reactions which 
run to completion and do not require purification steps are prone to be produced by 
milling of the solid reactants. 

Topochemically controlled solid reactions are governed by the crystal structure of 
the solid. Even if the intrinsic reactivity allows for a reaction, the topochemical 
restrictions circumvent a conversion. The photodimerization of solid anthracene 
was observed electron microscopically at dislocations [85]. The reason for this is the 
possibility of molecule rotation at the dislocation, and not only the high pressure. 

14.4.4.2 Catalyst Preparation 

The structure and the morphology of solids determine their use in catalytic 
reactions. Several examples for the preparation and reactivation of solid catalysts by 
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reactive comminution have been reported. Hashimoto [86] provides a survey of cata¬ 
lysts and electrocatalysts prepared from metastable materials. 

The preparation of Cu/ZnO catalysts and precursors for the methanol synthesis 
reaction have been described [87, 88], while others [89] used a mixture of Pt, Ru and 
a leachable metal such as A1 to prepare catalysts for CO-tolerant catalysts for fuel 
cells. 

Janot et al. [90] described the increased hydrogen adsorption of ball-milled Mg 2 Ni 
alloys and interpreted their findings with the removal of oxide layers. A Pd-Mg cata¬ 
lyst precursor used for the synthesis of methyl isobutyl ketone was prepared by mill¬ 
ing PdO with Mg [91]. Dehydration and dehydrogenation reactions of 4- 
methylpentan-2-ol over ball-milled catalysts such as CuM (M = Ti, Zr, Hf) have also 
been investigated [92]. 

Zeolites and inorganic ion-exchange catalysts have been treated in reactive milling 
to alter their properties. For example, the amorphization of Zeolite A has been 
described by Kosanovic et al. [93]; these authors observed a loss of crystallinity, a 
decrease of cation-exchange capacity, and an increase of solubility of A and Y zeolites 
which was caused by breaking of Si-O-Si and Si-O-Al bonds in the zeolite. 

Intercalation reactions were referred to by Chatakondu et al. [94], who observed 
the deposition of n-hexylamine in TaS 2 . Mechanically activated Al(OH)3 shows 
enhanced dissolution rates in acids, and can also be used as a host material for for¬ 
eign molecules. The use of the layers of hydrargillite as a selective sorption medium 
for small ions such as Li can be enhanced by a mechanical pretreatment [2], and this 
can also be used in the electrolysis of bauxite. The use and preparation of clay miner¬ 
als and kaolinite has been reviewed by Yariv and Lapides [95]. 

14.4.4.3 Solid-Cas Reactions 

The first mechanochemical gas-solid reactions, which were identified almost by 
accident, include the oxidation of carbon and titanium, the reactions being explosive 
under certain conditions. 

C + O 2 —4 CO 2 

Ti + O 2 —t Ti0 2 


Other solid-gas reactions are limited by the low reactivity of the solid and the 
occurrence of passivating layers. An extensive overview of solid-gas reactions was 
provided by Roa and Gopalakrishnan [70]. 

The synthesis of carbonyls by the reaction of Ni, Fe or Mo with carbon monoxide 
is possible under low-temperature and low-pressure conditions. The apparent activa¬ 
tion energy is reduced under milling conditions. The difference between non-acti- 
vated solid, pretreated solid and simultaneous reaction and milling is depicted in 
Fig. 14.15 [10]. At normal temperatures, a distinct decrease in activation energy and 
frequency factor can be seen; this higher reactivity is derived from a high dislocation 
density. Below a critical temperature, the solid alters the breakage behavior from 
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Fig. 14.15. Preparation of nickel carbonyl at different 
temperatures and milling conditions according to Heinicke 
etal. [10], 

ductile to brittle, this point occurring at -40 °C for Ni. Below this temperature a 
change in the reaction behavior can be observed because of the local action of hot¬ 
spots and magma states. Other examples of gas-solid reactions are the treatment of 
Fe with NH 3 which has been described in Chen and Williams [96], yielding phase 
transformations and nitrides. Hydrides of magnesium, magnesium alloys, TiFe and 
LaNis from the reaction with hydrogen are described by Konstanchuk et al. [97]; like¬ 
wise, the hydrogenation of carbon monoxide to methane with alloys in hydrogen 
atmosphere has also been investigated [54], the postulated mechanism being 
hydride formation. Metals can be converted directly to the corresponding nitrides, 
chlorides and sulfides in the correct gas atmosphere. An industrially important 
example of gas-solid reactions is the conversion of Si with HC1, wherein the simul¬ 
taneous removal of surface coatings and the fracture allows synthesis to be per¬ 
formed at lower temperatures than usual. This leads to an increased selectivity 
towards the desired SiHCh compared to SiCU which is favored in the normal high- 
temperature reaction. Bade et al. [98] and Uhde and Hoffmann [99] describe the 
mechanical, chemical and theoretical investigations of a novel vibration mill 
(Fig. 14.16). Activation energies, synthesis temperatures and selectivity are greatly 
enhanced by the simultaneous milling and reaction. 

14.4.4.4 Solid-Liquid Reactions 

Few data are available on the subject of the simultaneous reaction and comminution 
in solid-liquid systems. This field is occupied by ultrasound applications and 
synthetic methods, as summarized previously [50, 101]. Of the few applications in 
milling devices the reduction of liquid TiCU with Mg to Ti-powder has been 
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Fig. 14.16. Preparation of chlorosilanes from FeSi and HCI in a 
vibration mill (after Ref. [100]). 

mentioned [76]. Organometal reactions between magnesium and several organic 
chlorides have been investigated in a vibration mill [102]. 

Kaupp et al. [84a] mineralized organic wastes such as chlorinated hydrocarbons or 
tin compounds by milling sand, metallic sodium or magnesium in ethanol, while 
others used CaO to remove organochlorines such as polychlorinated biphenyl and 
dichlorordiphenyltrichlororethane during milling [47]. Monagheddu et al. [103] 
treated hexachlorobenzene with different metals to destroy the organic molecule. 

14.4.4.5 Depolymerization Reactions 

Polymers are very soft materials which are not easily milled under normal condi¬ 
tions. The mastication of natural rubber is the reduction of molecular weight by 
milling or cutting, the process being invented by Thomas Hancock as early as 1820. 
Even today this is a major industrial process in the tire and rubber industry. Other 
polymers are milled under reduced temperature or even in liquid nitrogen to 
achieve a controlled molecular mass. The degradation of several polymers has been 
investigated by Dimitrov et al. [104]. 

Other applications of simultaneous milling and reaction in polymer systems 
include the blending of different immiscible polymers, the blending of polymers 
with ceramics and metals, the coating of material with polymers and the radical co¬ 
polymerization of block and graft co-polymers. One group has described the prepa¬ 
ration of co-polymers and polymer blends by cryogenic milling [105, 106a,b], using 
the breakage and recombination of polymer bonds for the synthesis of block and 
craft co-polymers. Mechanochemical modifications of different polymers are 
described by Butyagin and Radzig [107], while Janke et al. [108] use a vibration mill 
to prepare co-polymers and functionalized polymers. 




7 4.5 Conclusions 

14.5 

Conclusions 


Processes with simultaneous comminution and reaction represent a field of increas¬ 
ing importance. Milling is a key process in industry which has a huge impact on the 
global energy demand, and the combination of the necessary milling with subse¬ 
quent process steps will lead to a better utilization of resources. The modification of 
existing mills for use as reaction mills, together with a more fundamental under¬ 
standing of the mechanisms, are necessary to employ reaction mills with the same 
degree of implicitness as other unit operations. 

In the future, it is likely that reactive comminution will be used as a tool for the 
preparation of novel materials and precursors for catalysts, membranes, high-perfor¬ 
mance ceramics, hydride storage media, raw material for powder metallurgy, and 
nanoparticles. The emerging applications in organic synthesis reactions and envi¬ 
ronmental protection will undoubtedly also lead to broader applications. 
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15 

Reactive Filtration 


Thomas Rieckmann and Susanne Volker 

15.1 

Introduction 

The term “reactive filtration” may be used in a variety of applications. A simple 
search of the internet provides results such as reactive filter paper [1], adsorption fil¬ 
ters for removing heavy metals from water [2], solid matrices used in organic synthe¬ 
sis [3], membranes for wastewater treatment, or even dialysis machines, filters for 
deep-frying pans and devices for the dechlorination of shower water by reaction with 
vitamin C. Most of the applications termed reactive filtration would be named heter¬ 
ogeneous catalysis or adsorption from a chemical engineer’s point of view. 

In the context of integrated chemical processes however, reactive filtration should 
be specified as the combination of the solids handling unit operation “filtration 
device” and the unit operation “chemical reactor”. This comprises the separation of 
solids or aerosols from a fluid stream and the chemical conversion of undesired 
compounds carried by the stream in one instead of two unit operations. The chemi¬ 
cal reaction can proceed either continuously during the separation or stepwise after 
a certain amount of solids or aerosols has been deposited. Two general cases for the 
application of a reactive filtration unit may be distinguished: 

• the removal of inert solids and of reactive volatiles; and 

• the removal of reactive solids. 

The first case covers for example flue-gas treatment, which requires the filtration of 
fly-ash and the reduction of NO x , or gasification processes, where particulates and 
high-boiling tars have to be removed. An example of the second case is that of com¬ 
bustion processes, where incomplete combustion leads to the emission of carbon¬ 
aceous particulates. The most relevant topic in this category is the reduction of diesel 
particulate emissions (“diesel soot”) by catalytic filtration. A more “exotic” example is 
the reaction cyclone for the thermal conversion of biomass, which also combines 
chemical reactions and separation in one apparatus, though its separation mecha¬ 
nism is not filtration. 

The chemical conversion in the reactive filter can be achieved either by simply 
altering the reaction environment through the deposition of material, or with the 
help of catalysts. The alteration of the reaction environment may lead to higher con¬ 
centrations of reactive species or to different heat transfer conditions. The reactions 
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of volatiles and/or solids may be accelerated by catalysts or may be initialized by 
additives, which decompose into radicals at low temperatures. A stepwise reaction of 
deposited solids may also be promoted by periodically heating the filter. 

The question remains, why should a chemical engineer try to convert a filter, 
which is a simple unit operation, into a much more complex apparatus? It can be 
expected that the combination of the two unit operations in the reactive filter results 
in synergetic effects such as energy and space savings or a reduction in investment 
and operation costs. In some cases - for example, the diesel particulate abatement 
for passenger cars - the reactive filter seems to be the only option. In other cases, 
such as the production of bio-oil by the pyrolysis of biomass, the reaction cyclone is a 
promising option to guarantee a very short gas residence time, together with a 
longer particulate residence time. Besides, reactive filters show a unique dynamic 
behavior, which poses challenges to the understanding, modeling and control of 
these systems and makes them an interesting field for chemical engineering 
research. 

In the following sections, the different types of reactive filters, together with their 
typical applications, will be presented. The separation and catalytic combustion of 
diesel soot is the most important and furthest investigated application. Conse¬ 
quently, this type of reactive filtration, with its practical and theoretical aspects, will 
form the main focus of this chapter. 

15.2 

Separation of Particulates and Catalytic Reaction of Volatiles 

15 . 2.1 

Flue-gas Treatment 

Flue-gas from boilers fired with liquid or solid fuels contains fly-ash and gaseous 
contaminants such as CO, NO x , SO 2 , or volatile organic compounds (VOCs). Emis¬ 
sion regulations require their removal, which is achieved by a sequence of after-treat¬ 
ment processes. The after-treatment usually comprises a filter to remove solid 
particulates operated at approximately 150 °C, a wet scrubber for the removal of SO 2 
with an alkaline solution operated at approximately 50 °C, and finally a selective cat¬ 
alytic reduction (SCR) unit, which converts NO x to N 2 with the help of NH3 at 
approximately 370 °C (Fig. 15.1) [4]. During this process, the flue gas is cooled down 
and then heated up again, which requires additional heat transfer equipment, with 
its inherent energy losses. 

In order to avoid the unfavorable process conditions, different flue-gas treatment 
processes for combustion plants based on catalytic filters were developed, which 
combine fly-ash removal with SCR of NO x with NH3 [4—8]. The advantages of these 
processes are space and treatment-cost savings, reduced internal and external mass 
transfer resistances compared to honeycomb SCR catalysts, heat recovery from off¬ 
gases with good efficiency, and low corrosion problems due to the removal of both 
dust and NO x at high temperatures. 
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Fig. 15 . 1 . Flue-gas treatment by a conventional process 
comprising a fabric filter for fly-ash removal, a wet scrubber 
for SO 2 reduction and a selective catalytic reduction unit for 
NO x treatment (from Ref. [4]). 

Catalytic filters should possess the following properties: 1) high thermal, chemi¬ 
cal, and mechanical stability; 2 ) high dust separation efficiency attained by cake fil¬ 
tration (no penetration of particulates into the filter structure); 3) low cost; 4) high 
catalytic activity (operation at high superficial velocities); and 5) low pressure drop. 

Saracco et al. tested several filter types and catalysts, and reported their best filter 
to be a candle filter made from porous a-AkCb with an average pore size of 15 pm 
and a catalytically active surface coating of V 2 O 5 and TiC >2 (anatase) [ 6 ]. This func¬ 
tions as a “cake filter” for fly-ash removal with periodic cleaning by countercurrent 
jet pulsing and as a catalyst for the abatement of gaseous pollutants (NO x , VOCs). 
The group proposed a flue-gas treatment comprising the following sequence: The 
first process step is dry scrubbing of the hot flue gas with Ca(OH) 2 , which reacts 
with SO 2 to CaSC> 4 . Then, NH 3 is added to the flue gas, which reacts in the second 
process step with NO x on the surface of the catalytic filter. The catalytic filter also 
removes the solid CaSCU. In the last process step, a pre-heater transfers residual 
heat from the flue gas to the inlet air for the combustion process (Fig. 15.2). 

The theoretical advantages of this integrated system seem to be challenged by real 
world problems related to ash removal from the surface of the catalytic filter. Alvin et 
al. reported field experiences of the company Westinghouse Electric in 1998 [9]. Fail¬ 
ure and performance limitations resulted from ash-related issues such as bridging, 
filter bowing, inner wall blinding, inner pore plugging, wedging of fines between 
the ceramic filter flange and metal holder mount, auto-ignition of char, and mem¬ 
brane debonding in alkali-laden systems. Nevertheless, in 2003 laboratory tests for 
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Fig. 15.2. Flue-gas treatment by dry scrubbing and catalytic 
filtration (from Ref. [4]). 

the combined reduction of SO 2 , NO x , and particulates in power plants were under 
investigation again by GE Power Systems. Different sorbents for SO 2 were tested 
and blended with different coals for NO x reduction. Field experiences with this new 
approach have not yet been reported [10]. 

15.2.2 

Biomass Gasification 

The major challenge for the utilization of biomass as renewable energy source in 
combined gasification/gas turbine plants is the efficient removal of tar and particu¬ 
lates from the feed gas of the gas turbine [11]. This is a another promising applica¬ 
tion of the concept of catalytic filtration, but the technical development is still in the 
laboratory state. 

Nickel-based steam reforming catalysts are very efficient for the decomposition of 
tars and ammonia in biomass gasification gas. Ceramic candle filters can be applied 
to remove particles at high temperature. It is proposed to use nickel-activated alu¬ 
mina candle filters for the simultaneous removal of tar, ammonia and particles from 
biomass gasification gas [ 12 ]. 

Engelen et al. prepared a novel catalytic nickel-calcium-coated alumina candle fil¬ 
ter for the combined removal of tar and particulates from hot biomass gasification 
gas [13]. Special attention was paid to the improvement of the catalyst’s resistance 
against H 2 S poisoning. Deactivation tests were performed with benzene and naph¬ 
thalene as tar model compounds in a simulated dust-free gasification gas. The filter 
did not change the H 2 S content in the gas. Naphthalene showed a higher conversion 
(96-98 % at 100 ppm H 2 S) than the less problematic benzene. Both compounds 
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were converted to CO, CO 2 and H 2 only. A long-time test over 180 h revealed con¬ 
stant conversion of naphthalene, an increased conversion of benzene after a sharp 
drop, and no problems with carbon deposition. These results are very promising for 
further development. 

15.3 

Separation of Particulates and Reaction of Solids 

15.3.1 

Diesel Soot Abatement 

The most promising technical application for reactive filtration is the removal of 
reactive solids from effluent gases of internal combustion engines such as diesel 
engines. Diesel exhaust gas contains volatile pollutants, such as hydrocarbons and 
NO x together with particulate matter. Diesel particulate is a carcinogenic matter 
comprising small carbon particles and inorganic compounds. The soot particulates 
result from incomplete combustion and consist of primary particulates ranging in 
size from 20 to 60 nm, which aggregate to form secondary aggregates [14]. Some 
90 % of these secondary particulates are smaller than 300 nm in size. On the surface 
of the diesel particulates there is adsorbed a huge variety of hydrocarbons. The EPA 
reported the presence of more than 10,000 identified chemical compounds, most of 
which are more or less volatile and harmful to health. Special interest is given to 
adsorbed polycyclic aromatic hydrocarbons (PAH), most of which are classified as 
being either mutagenic or carcinogenic [15-17]. 

Diesel soot emissions can be reduced by two different end-of-pipe technologies: 

• off-line exchange-filter systems with external filter regeneration; and 

• in-line filters, which regenerate during operation by direct soot combustion on 
the filter surface. 

As an example of the performance of such a diesel particulate trap, a spontaneous 
filter regeneration is shown in Fig. 15.3. 

The pressure drop over the filter increases continuously with time until the 
moment, when a critical soot load has accumulated on the filter surface. Self-igni¬ 
tion of the soot then occurs, which in addition depends on the exhaust gas tempera¬ 
ture, the filter temperature, the oxygen concentration, the type and amount of the 
volatiles adsorbed onto the carbonaceous soot matrix, and the packing density of the 
soot on the filter surface. The soot-laden filter burns free, the pressure drop 
decreases and the loading/regeneration cycle repeats itself again, as shown in 
Fig. 15.4. 

Diesel soot self-ignites at temperatures of approximately 600 °C. This is well above 
the average temperature of a diesel exhaust system, which is in the range of 150 to 
400 °C. To overcome this problem, it is possible to: 1) increase the exhaust tempera¬ 
ture by engine management measures; or 2) increase the soot reactivity or reduce 
the ignition temperature, respectively. Published engineering solutions [19] include 
the use of an open flame (e.g., by means of a diesel burner), electrical heating, addi¬ 
tives sprayed onto the soot surface, fuel additives, catalytic generation of NO 2 , which 
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reacts with the diesel soot, or catalytic combustion of the diesel soot on the filter 
surface, which requires an intense contact between soot and catalyst. The mecha¬ 
nisms of catalytic diesel soot combustion are: 1) catalytic combustion of the 
adsorbed hydrocarbons and co-combustion of the carbonaceous soot matrix; and 2) 
catalytic combustion of the carbonaceous soot matrix, which is in direct contact to 
the catalyst-coated filter surface. 

Reactive filters and fuel additives for the reduction of diesel soot emissions have 
been the subject of scientific efforts for many decades. Investigations into fuel addi¬ 
tives have been published since 1979 [20], on filter systems since 1980 [21], and on 
catalytic filters since 1982 [22]. The working group of Hoffman built a laboratory test 
rig for investigations on the catalytic combustion of real diesel soot during the late 
1980s, and the first thesis and papers were published by this working group in 1989 
[23] and 1990 [24]. In 1993, by running test rigs and test engines, the diesel soot 
community had already learned much about: 

• the use of additives sprayed onto the filter surface; 

• the performance and stability of many different catalytic coatings, such as Pt 
and Pd and the oxides of Ca, Ce, Co, Cr, Cu, Fe, Ni, Mn, V, and Zn; 

• the performance of different filter designs, such as foam ceramic filters, sin¬ 
tered ceramic filters, packed-bed filters, and fiber filters made from different 
materials, such as CeC> 2 , SiC, ZrC> 2 , AI2O3, TiC> 2 , and stainless steel; and 

• the use of fuel additives. 

Today, in 2004, the reactive diesel soot filter finally seems to have become a state- 
of-the-art technology (Tabs. 15.1 and 15.2). 

The question remains - why did it take so long from the laboratory to the market? 

The answer comprises three reasons: 

1. End-of-pipe technology is not attractive - both technically and economically. 

2. The reduction of diesel soot emissions measured as a soot deposit on a filter 
paper was achieved more easily by improved fuel injection and engine control 
technique. 

3. The European regulations did not require lower soot emission levels. 

By using improved fuel injection and engine control techniques, the concentra¬ 
tion of soot particles in the exhaust gas was reduced (less gray filter paper), but the 
number of soot particles was increased and their average size was reduced, which 
made the diesel engine emissions even more harmful. So, everyone was back to 
square one - and the unfavored end-of-pipe technology for the reduction of diesel 
soot emissions came back to life again! 

15.3.1.1 Filter Types and Catalyst Performance 

The particulate filter must perform equally well in different areas. High mechanical 
and thermal stability, together with a high surface area, high filter efficiency, and low 
pressure drop, are the main requirements. The design and geometry must ensure a 
close contact between the filter surface and the deposited soot [25, 26]. The soot 
should be packed on the filter surface as densely as possible, thus ensuring high 
local concentrations for a maximized combustion rate [27]. Only if the contact 
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Table 15.1. Diesel cars available on the German market with diesel soot abatement. Data taken 
from the web, ADAC Germany, spring 2004. 


Make 

Type 

Availability 

Audi 

A4, A6, A8 

mid 2004 

BMW 

5 

beginning 2004 

Citroen 

C5, C8 

can be ordered 

Fiat/Alfa 

Ulysse 

can be ordered 

Ford 

Focus C-Max, Mondeo 

2004 

Jaguar 

X-Type 

2004 

Mazda 

diverse 

2004 

Mercedes 

C-, E-Class, 200 and 220 CDI 

can be ordered 

Opel 

Vectra, Signum, Astra 

2004 

Peugeot 

307, 406, 607, 807 

can be ordered 

Renault 

Vel Satis, Espace, Laguna 

2004 

Toyota 

Avensis D4D D-Cat (limousine) 

can be ordered 

Volvo 

diverse 

mid 2004 

VW 

Passat 2.0 TDI 

can be ordered 

Table 15.2. 

Different methods of diesel soot abatement: the state of the art. 

Provider 

Technology 


Peugeot 

Fuel additive, ignition temperature ~ 450 °C. 

Increase of exhaust temperature by exhaust port injection. 


Filter material: silicon carbide 


HJS 

Fuel additive, ignition temperature ~ 200 °C. 

Assisted regeneration by electrical heating. 


Filter material: sinter metal 


Toyota 

DPNR = Diesel Particulate NO x - 

■Reduction. 


No fuel additive, NO oxidation forming NO 2 . 

BaO as intermediate buffer for NO 2 

Bosch 

Based on HJS technology. 



Sinter ceramic filter with catalytic coating 

Greenpeace 

Using a Peugeot filter and a primary catalyst with high loads 
of Pd resulting in high NO 2 levels. 

Self-generation by reaction of NO 2 with diesel soot 


between soot and catalyst can be increased can the catalytic coatings have a major 
impact on diesel soot combustion [28]. 

Many different filter designs have been the subject of experimental studies on die¬ 
sel soot combustion. In the early investigations, structured honeycomb filters made 
from cordierite, such as those applied for the three-way catalyst for the reduction 
of spark ignition engine gas emissions, were the focus of the experimental studies 
[29-39]. The experimental results with these filters were not promising, because the 
cordierite honeycomb filter did not withstand the thermal stress. Temperature peaks 
of almost 1200 °C were measured, after which the ceramic structure was partly 
melted or totally destroyed [29, 40]. 
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To overcome this challenge, other filter designs and construction materials 
were tested, such as packed-bed filters [41], foam ceramic filters [39, 42-44], sin¬ 
tered ceramic filters [18, 45, 46], candle-type filters made from metal or ceramics 
[22, 47], or honeycomb structures made from steel [48]. Among the construction 
materials, the performance of high-temperature ceramics, such as SiC, ZrC> 2 , or 
SiC> 2 , was investigated [18, 45, 46, 49]. 

To accelerate the combustion of diesel soot deposited on the filter surface, a 
huge variety of different single, binary, and ternary catalyst systems comprising 
metal oxides from all over the periodic table of the elements, such as the oxides 
of Al, Ca, Ce, Co, Cu, Cr, Fe, K, La, Mn, Ni, Si, Ti, V, and Zr, together with noble 
metals such as Pd or Pt, were tested in laboratory experiments on real diesel soot 
[24, 46, 49-54]. Besides a high activity for diesel soot combustion, those catalyst 
must withstand high temperatures without aging, and must also resist poisoning 
by water or sulfur dioxide. 

More recent investigations have been conducted into NO x -assisted soot oxida¬ 
tion [55, 56]. NO 2 was suggested as an oxidation agent to assist the combustion of 
particulate matter in the presence of oxygen in the exhaust gas [57]. NO 2 can be 
produced by catalytic oxidation of NO prior to the catalytic filter. 

15.3.1.2 Formal Kinetics and Modeling 

Many working groups have modeled the performance of diesel particulate traps 
during the past few decades. Concentrated parameter models (CSTR assump¬ 
tion) have been applied for the evaluation of formal kinetic models and model 
parameters. The formal kinetic parameters lump the heat and mass transfer 
effects with the reaction kinetics of the complicated reaction network of diesel 
soot combustion. Those models and model parameters were used for the charac¬ 
terization of the performance of different filter geometries and filter materials, as 
well as of the performance of a variety of catalytically active coatings and fuel 
additives [58]. 

The pressure drop over a soot filter and the concentration versus time function 
gained from an experiment in a closed gas-loop system are shown in Fig. 15.5. 

The inflection point of the oxygen respectively the carbon dioxide concentration 
(maximum of the respective first deviations) is often referred to as the “ignition 
temperature”, which is commonly used as a simple measure for benchmarking 
work on catalyst activity or filter performance. 

Regeneration curves for different diesel particulate trap geometries and mate¬ 
rials are shown in Fig. 15.6. 

The regeneration curves are often derived from CO 2 generation data in closed- 
loop laboratory systems. It is assumed that the formal kinetics of soot combus¬ 
tion may be described by the oxidation of carbon with oxygen. A typical formal 
kinetic model comprises two parallel reactions of n-th order: 

c(i)+o 2 pathl > C0 2 

C(2) + 0 2 path2 > C0 2 

The set of formal kinetic parameters is then evaluated by a LSQ-fitting procedure. 
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Fig. 15.5. Typical pressure drop and concentration-time 
curves of a diesel particulate trap in a closed gas-loop experiment 
with constant heating rate for the characterization of catalyst or 
filter performance for the combustion of diesel soot. Sintered 
SiC ceramic filter, without catalyst coating or fuel additive (from 
Ref. [46]). 



temperature DO 

Fig. 15.6. Standardized burn-off curves of different packed-bed 
filter materials. Without fuel additive, filter without catalytic 
coating (from Ref. [46]). 


filter pressure drop [mbar] 
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Most commonly, distributed parameter models are applied to describe the perfor¬ 
mance of diesel particulate traps, which are a part of the diesel engine exhaust sys¬ 
tem. Those models are one- or two-dimensional, non-isothermal plug-flow reactor 
models with constant convection terms, but without diffusion/dispersion terms. 

They include a mass balance of particulate on the trap pore walls and a mass balance 
of the major gas phase compounds, such as CO, CO 2 , O 2 , and N 2 . A pseudohomoge- 
neous enthalpy balance with thermal conductivity of the trap is used to cover the 
description of temperature changes [57-64] or to calculate the thermal stress of a 
honeycomb-structured wall flow diesel particulate filter [65]. Haralampous et al. 
added a diffusion term to cover the effect of NO 2 back-diffusion, which is responsi¬ 
ble for higher reaction rates than expected at low temperatures [66]. 

Some mathematical models have been developed to predict the behavior of the 
pressure drop over the diesel particulate trap with time during the loading/regenera¬ 
tion cycles [62, 67-69], to calculate the effect of filter-medium properties on filter 
performance of fibrous filters [70] or to describe the flow and filtration process [71] 
and the regeneration process [72-75]. An illustrative example for the performance of 
such a pressure drop model is provided in Fig. 15.7. 

15.3.2 

Filtration Combustion of Solid Fuels 

Some interesting modeling studies have been carried out on the combustion of gas¬ 
eous or solid fuels in porous ceramic reactors, which is referred to as “filtration com¬ 
bustion” (FC). This covers a wide range of combustion processes having a common 
mechanism of front propagation. The main feature of this mechanism is the delivery 
of gaseous reactant to the combustion front by filtration through a porous solid. FC 
refers to chemically heterogeneous systems, where the reactants gas and solid fuel 



Fig. 15.7. Modeling and experimental results of the pressure 
drop of a catalytic diesel particulate trap (from Ref. [68]). 
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are initially separated and the reaction is controlled either by the chemical kinetics or 
by the mass transport of the gas. Co-flow filtration refers to the fact that the gaseous 
reactant flows to the reaction site through the product region and transfers stored 
heat to the reaction site and, even more importantly, to the unburned fuel region. A 
strong overheating of the reaction zone results, where the temperature far exceeds 
the thermodynamic combustion temperature. This is called the “superadiabatic 
effect” [76, 77]. 

15.3.3 

Reaction Cyclone 

The cyclone is a standard solids-handling apparatus for the separation of particulates 
from flowing liquids or gases. For the separation of particulates from gases, the 
cyclone is a suitable separation device for particle sizes in the range of 1 pm to 
1000 pm. It is characterized by high separation efficiencies, a low pressure drop, 
simple operation, no clogging and easy scale-up, together with low investment and 
operation costs. One of the unique features of cyclones is an unusual residence time 
distribution, which leads to much longer residence times for particulates than for 
gases. This makes the cyclone an interesting reactor for fast heterogeneous reactions 
with time constants in the range of milliseconds. The cyclone reactor is best quali¬ 
fied for reactions where solids are converted to volatile products, and where the vola¬ 
tile products should be removed immediately from the reaction zone, thus avoiding 
back-reactions or secondary reactions of the volatiles. Additionally, longer residence 
times of the solids ensure a higher conversion. 

The fast pyrolysis (flash pyrolysis) of biomass to bio-oil, which has gained atten¬ 
tion as a renewable source for fuels or chemicals [78], is such a case (Fig. 15.8). 

The desired primary liquid products of biomass pyrolysis react readily in second¬ 
ary cracking reactions, shifting the product yield from liquids to gases. Those crack¬ 
ing reactions are assisted by contact of the volatiles to the remaining solids, which 
can be reduced significantly by running the fast pyrolysis in a reaction cyclone [79, 
80]. A simplified flow sheet of such a laboratory plant for the fast pyrolysis of bio¬ 
mass is shown in Fig. 15.9. 

The manner of heat transfer is unusual, as this reaction cyclone is solar-heated. In 
any other cases, the carrier gas (e.g., nitrogen or product gas from the fast pyrolysis) 
must be preheated, because the heat transfer by direct contact of the particles to the 
cyclone wall is poor and only sufficient to keep the reactor at adiabatic conditions. 
Lede built two different cyclone reactors for experiments on the fast pyrolysis of 

Gases 



Biomass -► Bio-Oil -► Tar Fig. 15.8. Overall reaction pathways for 

the thermal conversion of biomass by fast 
pyrolysis 


Char 
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Fig. 15.9. Pyrolysis of biomass in a solar-heated reaction 
cyclone (from Ref. [79]). 

wood sawdust. The cyclone appears to be a very efficient multifunctional reactor for 
either liquefaction or gasification of biomass [80]. 

Gabra et al. made use of a reaction cyclone for experiments on the gasification of 
bagasse and cane trash with steam and air to produce a combustible gas with low 
particle and alkali content suitable for use in gas turbines. The bagasse and the cane 
trash were gasified in a two-stage process, where the first stage was a cyclone acting 
as a combined gasification reactor and separator for the residual particles [81, 82]. 

An inverted cyclone gasifier and secondary cyclone combustor have been devel¬ 
oped for use in a biomass fired, small-scale cogeneration plant. The gasifier exhaust 
gas is suitable for direct firing into the secondary cyclone combustor without any 
complex hot-gas cleaning systems. The cyclone combustor produces a strong swirl¬ 
ing flow with good mixing and burnout patterns, creating stable combustion condi¬ 
tions [83]. 

15.4 

Conclusions 

Reactive filters for the removal of inert solids and of reactive volatiles are not yet a 
proven and reliable technique on an industrial scale. The cleaning of flue gases by 
reactive filtration is a tempting and elegant engineering concept with high potential 
energy savings due to the immense number of power plants and steam plants, 
which operate world-wide on the basis of fossil fuels. The application of reactive 
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filtration to the removal of tar from fuel gas derived by biomass gasification is also a 
very encouraging development, because simple and efficient gas cleaning is one of 
the main requirements for the commercialization of biomass gasification processes. 

Reactive filters for the removal of reactive solids (i.e., diesel soot) have already 
passed through the test rig state. For the reactive filtration of diesel soot, industrially 
manufactured devices are available, but improved reaction kinetics and models pre¬ 
dicting accurately the loading and regeneration cycles are yet to be produced. 

The reaction cyclone is a promising integrated system for cases where a residence 
time of gases in the order of magnitude of milliseconds and an efficient separation 
of solids (feed or product) from the gaseous reaction products is essential for good 
performance. A preheated gas or heating by radiation is necessary, because the heat 
transfer coefficients between the wall and the reacting solids are not sufficient. 
Promising applications include the thermal conversion of biomass by fast pyrolysis 
or gasification. 

The reactive filtration concept is waiting for new applications! 

References 


1 . A. M. Dessouki, M. El-Tahawy, 

H. El-Boohy, et al.. Radiation 
Phys. Chem., 1999, 54, 627-635. 

2 . U. Forstner, P. Jacobs, F. v.d. Rammer, 
Fresenius J. Anal. Chem.. 2001, 

371, 652-659. 

3. J. A. Tripp, J. A. Stein, F. Svec, et al., 
Org. Lett., 2000, 2, 195-198. 

4. G. Saracco, V. Specchia, Chem. 

Eng. Sci., 1995, 50, 3385-3394. 

5. G. Saracco, S. Specchia, V. Specchia, 
Chem. Eng. Sci., 1996, 51, 5289-5297. 

6 . G. Saracco, V. Specchia, ECCE-1, 
Florenz, May 4-7, 1997, 

Proceedings, 397-400. 

7. G. Saracco, V. Specchia, Chapter 15, 
in: Structured catalysts and reactors, 

Eds. J. A. Moulijn, A. Cybulski, 

Marcel Dekker, New York 1997. 

8 . W. Duo, J. R. Grace, C. J. Lim, 
et al., Ind. Eng. Chem. Res., 

1999, 38, 260-269. 

9. M. A. Alvin, Fuel Processing Technol., 
1998, 56,143-168. 

10 . A. Ergut, Y. A. Levendis, G. A. Simons, 
Combust. Sci. Technol.. 2003, 

175, 579-617. 

11 . Ph. Hasler, R. Buehler, 

Th. Nussbaumer, “Biomass 


for Energy and Industry”, 

Proc. 10th Int. Conf., Wurzburg, 
Germany, 8-11 June 1998, 272-275. 

12 . H. Zhao, D. J. Draelants, 

G. V. Baron, Catalysis Today. 

2000, 56, 229-237. 

13. K. Engelen, Y. Zhang, D. J. Draelants, 
et al., Chem. Eng. Sci., 

2003, 58, 665-670. 

14. B. S. Haynes, H. Gg. Wagner, 

Prog. Energy Combust. Sci., 

1981, 7, 229-273. 

15. T. J. A. Alander, A. P. Leskinen, 

T. M. Raunemaa, et al., Environ. 

Sci. Technol.. 2004, 38, 2707-2714. 

16. S. D. Shah, D. R. Cocker III, 

J. W. Miller, et al., Environ. Sci. 
Technol., 2004, 38, 2544-2550. 

17. A. K. K. Virtanen, J. M. Ristimaki, 

K. M. Vaaraslahti, et al., Environ. 

Sci. Technol.. 2004, 38. 2551-2556. 

18. U. Hoffmann, Th. Rieckmann, 

K. Schadlich, Erdol, Erdgas, 

Kohle, 1994, 5, 227-232. 

19. J. H. Johnson, S. T. Bagley, 

L. D. Gratz, et al., SAE Techn. 

Paper Ser. 1994, 940233. 

20 . G. Spengler, G. Haupt, MTZ. 

1979, 31 (3). 



21. L. P. Tessier, H. F. Sullivan, 

G. M. Bragg, et al., SAE Techn. 

Paper Ser. 1980, 800338. 

22. B. E. Enga, M. F. Buchman, 

I. E. Lichtenstein, SAE Techn. 

Paper Ser. 1982, 820184. 

23. J. Ma, Thesis, Technical University 
Clausthal, 1989. 

24. U. Hoffmann, J. Ma, Chem. Eng. 
Technol., 1990, 13, 251-258. 

25. A. Lowe, C. Mendoza-Frohn, Chem. 

Ing. Techn., 1990, 62, 759-762. 

26. J. P. A. Neeft, M. Makkee, 

J. A. Moulijn, Appl. Catal. B: 

Environm.. 1996, 8, 57-78. 

27. Th. Rieckmann, U. Hoffmann, 
Dechema Annual Meetings, 1993, 

May 26-28, Nuremberg, Germany. 

28. J. P. A. Neeft, O. P. van Pruissen, 

M. Makkee, et al., Appl. Catal. B: 
Environm.. 1997, 12, 21-31. 

29. F. Indra, VDI Berichte, 1988, 

714, 327-351. 

30. Z. N. Mogaka, V. W. Wong, 

S. M. Shahed, SAE Techn. 

Paper Ser. 1982, 820272. 

31. N. Higushi, S. Mocida, M. Kojima, 

SAE Techn. Paper Ser. 1983, 830078. 

32. P. Oser, U. Thomas, SAE Techn. 

Paper Ser. 1983, 830087. 

33. V. D. Rao, J. E. White, W. R. Wade, 
et al., SAE Techn. Paper Ser. 

1985, 850014. 

34. Y. Niura, K. Ohkubo, K. Yagi, SAE 
Techn. Paper Ser. 1986, 860290. 

35. M. Arai, S. Miyashita, K. Sato, SAE 
Techn. Paper Ser. 1987, 870012. 

36. E. D. Dainty, T. P. Kreuzer, B. H. Engler, 
SAE Techn. Paper Ser. 1987, 870014. 

37. H. Berendes, H. Eickhoff, VDI Berichte, 
1989, 765, 559-569. 

38. F. Shadman, Combust. Set. Tech., 

1989, 63, 183-191. 

39. O. Shinozaki, E. Shinojama, K. Saito, 
SAE Techn. Paper Ser. 1990, 900107. 

40. H. O. Hardenberg, H. L. Daudel, 

H. J. Erdmannsdorfer, SAE Techn. 
Paper Ser. 1987, 870016. 

41. B. Wiedemann, U. Doerges, 

W. Engeler, et al., SAE Techn. 

Paper Ser. 1983, 830086. 

42. G. W. Schweimer, VDI-Berichte, 

1984, 178, 447-463. 


References | 451 

43. J. J. Tutko, H. F. Sullivan, G. M. Bragg, 
et al., SAE Techn. Paper Ser. 

1984, 840073. 

44. Y. Kiyota, K. Tsuji, S. Kume, et al., 

SAE Techn. Paper Ser. 1986, 862094. 

45. U. Hoffmann, Th. Rieckmann, 

K. Schadlich, Erdol, Erdgas, 

Kohle, 1994, 4, 163-170. 

46. U. Hoffmann, Th. Rieckmann, Chem. 

Eng. Technol., 1994, 17, 149-160. 

47. K. Schnitzlein, A. Lowe, Chem. 

Eng. Sci., 1990, 45, 2671-2678. 

48. C. Knab, A. Messerer, R. NieRner, 
et al., Chem. Ing. Techn., 2004, 

76, 1092-1096. 

49. D. Fino, G. Saracco, V. Specchia, 

Industrial Ceramics. 2002, 22, 37-43. 

50. R. E. Marinangeli, E. H. Homeier, 

F. S. Molinaro, Stud. Surf. Sci. Catal., 

1987, 30. 457-467. 

51. P. Ciambelli, P. Parrella, S. Vaccaro, 

Catalysis and Automotive Pollution 
Control II, Proceedings, Elsevier, 

1991, 685. 

52. J. van Doom, J. Varloud, P. Meriadeau, 

Appl. Catal. B, 1992, 1, 117-127. 

53. P. G. Harrison, I. K. Ball, W. Daniell, 
et al., Chem. Eng. J., 2003, 95, 47-55. 

54. S. Kureti, K. Hizbullah, W. Weisweiler, 

Chem. Eng. Technol., 2003, 26. 

1003-1006. 

55. K.-H. Choi, Y. Korai, I. Mochida, 

Combust. Flame, 2004, 137, 255-260. 

56. A. Setiabudi, M. Makkee, J. A. Moulijn, 

Appl. Catal. B: Environmental, 

2003, 42, 35-45. 

57. G. C. Koltsakis, A. M. Stamatelos, Ind. 

Eng. Chem. Res., 1997, 36, 4155-4165. 

58. U. Hoffmann, Th. Rieckmann, J. Ma, 

Chem. Eng. Sci.. 1991, 46, 1101-1113. 

59. E. J. Bissett, Chem. Eng. Sci., 

1984, 39.1233-1244. 

60. H. Aoki, K. Asano, K. Kurazono, 
et al., SAE Techn. Paper Ser. 

1993, 930364, 155-161. 

61. A. G. Konstandopoulos, 

M. Kostoglou, P. Housiada, 

SAE Techn. Paper Ser. 2001, 

2001-01-0908, 111-122. 

62. D. Fino, G. Saracco, V. Specchia, 

Chem. Eng. Sci.. 2002, 57, 4955-4966. 

63. O. A. Haralampous, G. C. Koltsakis, 

Chem. Eng Sci.. 2002, 57, 2345-2355. 



452 


15 Reactive Filtration 


64. M. Kostoglou, P. Housiada, 

A. G. Konstandopoulos, Chem. 

Eng. Sci., 2003, 58, 3273-3283. 

65. Y. Miyairi, S. Miwa, F. Abe, et al., 

SAE Techn. Paper Ser. 2001, 
2001-01-0912,161-176. 

66. O. A. Haralampous, G. C. Koltsakis, 

Ind. Eng. Chem. Res., 2004, 43, 875-883. 

67. G. Saracco, C. Badini, V. Specchia, 
Chem. Eng. Sci., 1999, 54, 3035-3041. 

68. G. Saracco, N. Russo, M. Ambrogio, 
et al., Catalysis Today, 2000, 60, 33-41. 

69. M. Ambrogio, G. Saracco, V. Specchia, 
Chem. Eng. Sci., 2001, 56, 1613-1621. 

70. S. H. Oh, S. McDonald, G. L. Vaneman, 
et al., SAE Techn. Paper Ser. 

1981, 810113. 

71. C. N. Opris, J. H. Johnson, 

SAE Techn. Paper Ser., 1998, 

980545,149-175. 

72. K. Schnitzlein, Chem. Eng. Technol., 
1997, 20, 317-325. 

73. K. Schnitzlein, T. Ratte, Chem. Eng. 
Technol., 1998, 21, 179-186. 


74. K. Schnitzlein, Chem. Eng. Technol., 
2001, 24, 1281-1287. 

75. P. Versaevel, H. Colas, C. Rigaudeau, 
et al., SAE Techn. Paper Ser. 2000, 
2000-01-0477, 129-139. 

76. A. P. Aldushin, I. E. Rumanov, 

B. J. Matkowsky, Combust. Flame, 

1999, 118, 76-90. 

77. C. Lu, Y. C. Yortsos, Ind. Eng. 

Chem. Res., 2004, 43, 3008-3018. 

78. S. Czernik, A. V. Bridgwater, Energy 
Fuels, 2004, 18, 590-598. 

79. J. Lede, F. Verzaro, B. Antoine, et al., 
Chem. Eng. Proc., 1986, 20, 309-317. 

80. J. Lede, Ind. Eng. Chem. Res., 

2000, 39, 893-903. 

81. M. Gabra, E. Pettersson, R. Backman, 
et al., Biomass Bioenergy, 2001, 

21, 351-369. 

82. M. Gabra, E. Pettersson, R. Backman, 
et al., Biomass Bioenergy, 2001, 

21, 371-380. 

83. C. Syred, W. Fick, A. J. Griffiths, 
et al., Fuel, 2004, 83, 2381-2392. 



453 


16 

Reaction-Assisted Granulation in Fluidized Beds 
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Mirko Pegiow, Stefan Heinrich and Lothar Mori 

16.1 

Introduction 

The intensive heat and mass transfer in fluidized-bed spray granulation has been 
reported in many publications. As described in Section 16.1.2, this characteristic of 
fluidized-bed spray granulation is one of the reasons why this process covers a broad 
operational area in process engineering. Fluidized bed spray granulation is an evolu¬ 
tionary application where the drying process, shaping and homogenization, as well 
as thermal treatment processing, for granular solids are coupled. The objective of 
these studies was to model processes during the removal of sulfur dioxide in liquid 
sprayed fluidized beds by injection of a calcium hydroxide suspension, and a reac¬ 
tive absorption with a high conversion of the absorbed gas component on the wetted 
surface of the fluidized particles. The process of dissolution of the gaseous compo¬ 
nents in a liquid is termed “absorption”. Therefore, it would be possible to realize the 
process of absorption, chemical reactions, drying and granulation in a single step. In 
this chapter, a model is developed for the semi-dry flue gas desulfurization in a fluid¬ 
ized bed as an example of reaction-assisted granulation in fluidized beds [41, 42]. 

The pollutant sulfur dioxide is a product by the oxidation of sulfur during combus¬ 
tion. Besides carbon dioxide and water, many pollutants are produced by the 
combustion of fossil energy sources (e.g., hydrocarbons (C m H n ), carbon monoxide 
(CO), nitrogen oxides (NOx)) as well as sulfur dioxide (SO 2 ), and these cause the 
majority of environmental damage. For example, over 60 % of forests in Germany 
are affected by acid rain, and about 20 % of them are heavily damaged [11]. More¬ 
over, for decades the continuing decay of historical buildings as well as the human 
health endangerment has been caused by air pollution. 

16 . 1.1 

Gas Cleaning 

Product disposal and/or utilization, the investment and the operating costs, the space 
requirement for the plant, the possible wastewater accumulation and the material 
conversion are all important criteria for the selection of a desulfurization plant. 


Integrated Chemical Processes. Edited by K. Sundmacher, A. Kienle and A. Seidel-Morgenstern 
Copyright © 2005 WILEY-VCH Verlag GmbH & Co. KGaA, Weinheim 
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Flue-gas desulfurization processes can be arranged into primary and secondary 
processes. In primary processes, the desulfurization takes place directly in the com¬ 
bustion chamber. These processes are technically easily feasible, but they have many 
disadvantages - for example, there is no usability of the produced solid, lime con¬ 
sumption is high, and desulfurization is low. Secondary desulfurization processes 
do not suffer these disadvantages because they are carried out in downstream plants. 
The most well-known secondary processes are detailed in Ref. [41]. Another classifi¬ 
cation into dry, semi-dry and wet flue gas desulfurization processes has been pro¬ 
posed, whereby semi-dry and wet desulfurization are technically important. After 
Schultes [82], the advantages of the semi-dry processes are the effective material con¬ 
version at low temperatures, the unproblematic separation of the reaction product, 
and no wastewater production. One disadvantage which contrasts with wet gas 
cleaning is that the reaction products of the dry and semi-dry desulfurizations are 
not usable, or are usable only after a secondary treatment. In general, a common 
problem of the semi-dry processes is treatment of the dust. The final classification 
describes regenerative and non-regenerative processes. 

At present, almost 200 fossil-fuelled power plants with flue gas desulfurization are 
in operation, and the total electrical power produced is over 53,000 MW. The differ¬ 
ent process variants, together with their market shares, are listed in Tab. 16.1. 

Thus, 87 % of power plants in Germany operate on the basis of wet-chemical 
processes with calcium. Here, the process involves limestone cleaning or a variant, 
the Saarberg Holter process. The spray absorption process equates to only 8 % of the 
market, but if all calcium-based desulfurization plants were to be combined, the 
market share would increase to 97 %. One reason for this is the high affinity 
between calcium and sulfur dioxide, coupled with the almost inexhaustible availabil¬ 
ity of limestone. The critical points for using this technology include total invest¬ 
ment and operating costs, in addition to agreement with all legal regulations. 


Table 16.1. Classification of the gas 

desulfurization processes 

in Germany [84]. 


Processes 

Electrical power 
[MW] 

[%] 

Fluidized bed 


500 

0.94 

Co dry process 


200 

0.38 

Co semi-dry process 


4,400 

8.26 

Co wet process 


46,535 

87.4 

- coal 

25,780 



- brown coal 

18,950 



- gas and oil 

1,805 



Na wet process 


1,000 

1.88 

Na-Ca wet process (two-stage) 


270 

0.51 

Activated coke process 


240 

0.45 

(simultaneous NO x -separation) 




Miscellaneous 


100 

0.19 

Sum 


53,245 

100 
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16 . 1.2 

Application of the Gas-solid Fluidized Bed 

Fluidized-bed technology was founded in 1922 by Winkler [99] for coal gasification, 
but has since been extended into many areas of applications which require different 
constructions of fluidized-bed apparatus. Typical examples of these are described in 
Refs. [7] and [93]. 

Technical fluidized-bed plants can fundamentally be divided into those for physi¬ 
cal processes and chemical processes. Fluidized beds used for physical processes 
have applications in mixing, drying, coating, granulation, agglomeration, adsorp¬ 
tion, heating and cooling of bulk materials. The plants for combustion, gas cleaning, 
water purification, catalytic reactions and gas-solid reactions belong to chemical 
fluidized-bed processes. 

It is also possible to use fluidized beds for the horizontal or vertical transport [95] of 
bulk materials. Fluidized beds can also used as mixer reactor with an immersed agita¬ 
tor [95] to improve mixing behavior, or as a separator of components of a bulk mix¬ 
ture. The separation occurs due to the different densities or diameters of the 
components, an example being the separation from ores. This process is described by 
Reboux [76] as a dry flotage process. Further examples are found in agriculture, for 
example separating potatoes and stones [97], and in the woodworking industry [44]. 

Fluidized-bed granulators and agglomerators are very common. Using this pro¬ 
cess, atomizable liquids (e.g., suspensions, solutions, emulsions or melts) can be 
converted into free-flowing granular solids. Fluidized-bed granulation and agglom¬ 
eration finds application in a wide range of industries, including pharmaceuticals, 
foodstuffs, fertilizers, detergents, mineral processing, and specialty chemicals. Over¬ 
views of these processes are available in Refs. [3, 91, 93]. Other important examples 
of fluidized bed use in reactive granulation are the production of sodium percarbon- 
ate [8, 45] and the neutralization of tensides [73]. Another use is the coating of fabric 
or paper drains, and the coating of hot metals by immersion into the powder-like 
bed. A continuous plant for the coating of fabric drains is described in Ref. [7]. 

Fluidized bed technology has prevailed for the heating, cooling, drying and 
adsorption of porous materials due to a high heat transfer between the fluidization 
gas and the bed material. Examples are the preheating unit for the tempering 
process of cement in a rotary kiln [94] and the continuous cooling of particles in rect¬ 
angular fluidized-bed channels or multi-stage cylindrical apparatuses [58]. Fluidized- 
bed dryers permit a drying process of thermal-resistant and fluidizable, powdered or 
granular materials. It is also possible to use superheated steam as fluidizing gas to 
achieve an inert atmosphere. For industrial applications, the superheated steam 
cycle offers a series of energy-saving and plant safety advantages [29, 33, 64, 65]. In 
continuous fluidized-bed adsorption plants, the adsorber can be combined with the 
desorber, the main problem being the strong attrition of the adsorbent due to the 
fluidization. Ermenc [21] described a multistage adsorption process for the humidity 
removal of gases using silica gel. 

Combustion plants are classical chemical fluidization plants. The stationary and 
circulating fluidized bed combustions must be differentiated one from another. The 
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advantages of fluidized-bed combustion plants are the intensive heat and mass 
transfer, the low combustion temperature, the long residence times, and the 
renouncement of REA- and DENOX plants [6]. For optimal operation, the tempera¬ 
ture must be between 750 °C and 950 °C. According to Kaltschmitt and Hartman 
[46], the disadvantage of this technique is the heating-up time (which depends on 
the installed power) and the high pressure drop in the fluidized bed. Furthermore, 
this process is characterized by high specific investment and operating costs. The 
major problem is the attrition of the apparatus wall by inert and combustion materi¬ 
als. One publication from 1968 highlights the fact that combustion in fluidized beds 
is a very dated technique [77]. 

A further example of using chemical fluidized-bed processes is that of plants 
where fluidizable solids are used as a heat transfer medium. Willing [98] describes 
the use of this process for the cracking of oil arrears, but fluidized-bed plants are 
also suitable for catalytic or gas-solid reactions. The easy controllability of the reac¬ 
tor temperature is emphasized by Baranek et al. [7], wherein the heat of reaction can 
be used by immersed coolers to generate steam. The isothermal behavior, and the 
possibility of both supplying and removing heat, are further advantages. 

Experiments were conducted at the University of Magdeburg to examine the par¬ 
tial oxidation of ethane to ethylene by dosing oxygen into the fluidized bed of porous 
catalysts using immersed sintered metal and ceramic membranes. These studies 
were related to a DFG (German Research Association) research group (DFG-Nr. 
FOR 447/1-1) “Membrane supported reaction engineering” in the subproject “Fluid¬ 
ized-bed membrane reactor”. 

16.1.3 

Modeling and Experimental Set-up 

Simultaneous execution of reactive absorption and granulation is the most recent 
application of the liquid-sprayed gas-solid fluidized bed. Hence, although no mod¬ 
els have been published for the computation and interpretation of such a process, 
several different models describing subprocesses are available. Indeed, the absorp¬ 
tion of spray drops has been the subject of many investigations over several years. 

Danckwerts [16] showed, on the basis of the absorption of sulfur dioxide in water 
and of carbon dioxide in solution, that absorption increases by dissociation pro¬ 
cesses. 

The effect of solid particles in the gas-liquid phase boundary on absorption was 
investigated by Ramachandran and Sharma [74], who showed the absorption process 
to be strengthened by chemical reaction between the absorbed component and the 
solid in solution. 

Uchida and Wen [92] also proposed a mathematical model for absorption by divid¬ 
ing the concentration profiles of the absorbed gas and migration of the solid into 
solution in six classical cases, including the boundary conditions. 

Sada et al. [79] experimented with stirred vessels to determine the absorption of 
CO 2 and SO 2 in calcium hydroxide suspensions, and found their results to be com¬ 
parable with others [74, 92]. These authors concluded that an increase in the solid 
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concentration in suspension leads to an improved absorption of gases; moreover, the 
gas absorption when overlaid with the chemical reaction in suspension could be 
computed using the model of Uchida and Wen. 

Several other groups [9, 10, 72, 80, 83, 96] investigated the classical concentration 
profiles at absorption introduced by Uchida and Wen and, as an alternative to the 
film theory and describing processes at the phase boundary, postulated the penetra¬ 
tion theory. 

Von Getler et al. [23] were the first to consider these processes during spray 
absorption drying when they examined the material system of SO 2 and Ca(OH) 2 . 

In the opinion of these authors, the absorption of sulfur dioxide is limited either by 
the dissolution of solid or by the gas-phase mass transfer in the first drying period 
of the drop. The product of this reaction causes substantial diffusion resistance for 
the absorbed sulfur dioxide and thus obstructs further reactions as the calcium 
hydroxide remains in the core. 

Chang and Rochelle [12-15] investigated some aspects of SO 2 absorption in an 
agitated cell filled with aqueous solution or suspension, and compared their mea¬ 
surements with those of other authors with simulated absorbed mass flows, based 
on enhancement factors from the film and surface renewal theory. The results 
showed that mass transfer, when corrected by an enhancement factor from the sur¬ 
face renewal theory, agreed clearly with the measurements. 

Krishnamurthy and Taylor [51] developed a so-called “non-equilibrium stage 
model”, the characteristics of which were the balance of mass and energy for each 
component in the two phases. These are coupled over the energy and mass flows in 
the boundary layers and are at equilibrium at the phase boundary. 

Experimental investigations and theoretical computations of SO 2 absorption in a 
spray drier [47] showed that, with an excess of calcium hydroxide absorption is lim¬ 
ited only by the gas-phase mass transfer. In addition, the flow in a spray drier could 
be described by the model of an ideal stirred vessel. Newton et al. [70] considered the 
subprocesses of mass transfer of SO 2 from the gaseous phase to the drop surface, 
the absorption, the dissociation of SO 2 , the diffusion of the produced species and the 
dissolution of calcium hydroxide particles in the drop. 

The mathematical models of Partridge et al. [71] and Dantuluri et al. [17] referred 
to a liquid-phase transport resistance for SO 2 and the calcium hydroxide solution. 
These authors assume a reduction of the distance between calcium particles during 
the drying process of the drop. As a result, a decrease of the liquid-phase mass trans¬ 
fer for the SO 2 occcur. They concluded that the gas-phase mass transfer limits 
absorption at the end of drying. 

Korischem and Werner [49, 50] simulated the procedures of flue-gas scrubbing of 
an industrial waste combustion plant. Their model considered the mass and heat 
transfer process between gas and liquid phase by neglecting the solids present in the 
suspension. 

Luckas and Lucas [62] also investigated the thermodynamic processes of wet flue¬ 
gas scrubbing, while others [52-61, 63] dealt extensively the description and compu¬ 
tation of phase and reaction equilibrium for many materials. Hill [40] deduced 
experimental and theoretical values for SO 2 separation from flue gases in a spray 
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drier, and noted that careful drying conditions lead to a large absorption factor”. 
A number of additional parameters were examined, including the drop diameter, the 
stoichiometric ratio and water vapor content. Ultimately, the model developed pro¬ 
vided an excellent description of the process during spray absorption. 

Schultes presented an absorption model for packed columns including simula¬ 
tions [81], while Eden [18] developed a non-equilibrium stage model describing the 
absorption of electrolytes in co-current and countercurrent scrubbers. The simulta¬ 
neous view of phase and reaction equilibrium and the existence of solids in the liq¬ 
uid phase were emphasized in these reports. 

In addition to knowledge of absorption, mass and heat transfer, drying processes 
and possibly also the bubble behavior of fluidized beds, particle growth is also of 
interest in the development of a suitable model. The performance of bubbling fluid¬ 
ized beds is influenced by, and may also be limited by, the distribution and mixing of 
fluid and solids in the bed, and by transport phenomena. Particle-to-fluid heat and 
mass transfer coefficients which appear to be much smaller than respective values 
for single particles are a well-recognized expression of this effect. Indeed, too-low 
values of the transfer coefficients could be explained on the basis of suspension gas 
back-mixing, while the performance of fluidized-bed evaporators and dryers could 
be predicted accurately, without any fitting [27]. 

Mori [67, 68] provided the basis for future studies on the computation of height- 
dependent air humidity, air temperature and degree of wetting in liquid-sprayed flu¬ 
idized beds. Also based on measurements of temperature dependency on height, 
Trojosky and Mori [88-90] stated that a rapid fall in air temperature could not be 
attributed to evaporation of the liquid at the particles; rather, this was due to the heat 
transfer of hot air to the cool particles. These results led to the proposal of a new 
mathematical model which describes the temperature and humidity in liquid- 
sprayed fluidized beds by introducing an axial dispersion coefficient for solid mix¬ 
ing. The model was validated for different fluidized bed plants, but was later 
extended to the radial dispersion of solids to compute temperature and humidity dis¬ 
tribution in liquid-sprayed fluidized beds [30-32, 34—39]. Likewise, a three-dimen¬ 
sional model for humidity, temperature and concentration fields was also proposed 
[28] and used to compute the humidity and temperature of air, the degree of particle 
wetting, liquid film temperature on the particles, particle temperature, local liquid 
loading and locally evaporated water mass flow for different operating parameters 
and/or measured variables. Stationary spatial air temperature distributions were 
measured using a specially prepared probe in both a semi-industrial (diameter 
400 mm) and an industrial fluidized-bed plant (diameter 1500 mm) of the IAUT, 
and the data obtained were compared with simulation results. The results confirmed 
the dependency of substantial temperature gradients in the bed on the position and 
number of nozzles employed. 

In many reports, the terms of granulation and agglomeration are often used 
equivocally, but in the present studies “granulation” is used to indicate the onion-like 
growth of particles. In contrast, the sticking together of particles to form a black- 
berry-like structure is termed “agglomeration”. 
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Mori [67, 68 ] assumed in his growth model that the solid in the suspension would 
deposit itself onto the particles, depending on the size of its surface. Hence, small 
particles would receive less solid than large particles, such that the growth rate (i.e., 
the change of diameter over time) would be identical for both large and small parti¬ 
cles. Consequently, and as a result of a constant particle surface over the time, a 
growth in linear diameter will occur. Smith and Nienow [ 86 ] used this model to 
describe the growth process and validate the model on the basis of their own experi¬ 
mental data, and found a good agreement between model and measured data. Phys¬ 
ically justified conceptions to describe the granulation, the coating and the drying in 
fluidized beds has been derived [2, 19, 20, 43]. For nonporous, wetted surface parti¬ 
cles, a viscous Stokes’ number, which relates relative kinetic energy (capillary dissi¬ 
pation) between colliding particles and viscous dissipation of the binder liquid is 
given by: 


c , _8ppr P Wp 

v_ 9 v 

v '/susp 


( 1 ) 


where pp, rp, wp, T] susp , is the particle density, the particle radius, the relative particle 
collision velocity and the dynamic viscosity of the binder liquid, respectively. A criti¬ 
cal viscous Stokes’ number is used as a boundary condition 
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where e is the coefficient of restitution, A/is the thickness of the liquid surface layer 
(liquid film thickness), and sr is the characteristic height of surface asperities. The 
model predicts that collisions will result in coalescence when the viscous Stokes’ 
number is less then the critical viscous Stokes’ number. Therefore, more agglomera¬ 
tion takes place with increasing particle diameter, particle collision velocity and par¬ 
ticle density. On the other hand, increasing the binder viscosity decreases the rate of 
granule consolidation. Studies conducted by Link [59, 60] were also based on the sur¬ 
face-proportional particle growth. These investigations, which were related to the 
wettability and properties of granulates were carried out as single particle levitator 
experiments. The degree of separation of droplets onto particles, and the growth of 
the particles, can be understood as a function of adhesion efficiency and impact effi¬ 
ciency. Impact efficiency increases with increasing velocity of the drops. However, 
adhesion efficiency falls, starting from a certain velocity and thus the product of both 
quantities, the separation efficiency, will attain a maximum. Furthermore, an 
improvement in wettability was determined with higher particle moistures due to 
smaller gas inlet temperatures. A higher particle moistures leads to improved capil¬ 
lary liquid transport and, thus, to wettability. The capillary liquid transport of the 
pore saturation is limited by a moist surface. Besides reducing adhesion efficiency 
and growth rate, the reflection and destruction of the drops is also possible. This 
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means, with respect to fluidized-bed spray granulation drying, that an average sur¬ 
face moisture of the particles must be adjusted, and this can be varied via the injec¬ 
tion rate as well as by changing the ratio of drying time to spraying time due to 
different fluidizing air temperatures, nozzle arrangements, bed masses and particle 
circulation rates. A further possibility to improve wetting is to reduce the surface 
tension by adding tensides. As mentioned earlier, the growth rate increases progres¬ 
sively with increasing solid concentration, this being due to an increase in adhesion 
efficiency via an increase in viscosity and a decrease in surface tension expressed by 
the capillary number. Becher [5] also suggested that in addition to the necessary par¬ 
ticle-particle impacts, a sufficiently large particle moisture must exist for liquid 
bridges to form and, in turn, for successful coalescence. Starting from a critical liq¬ 
uid mass flow, agglomerate formation in the fluidized bed increases strongly. 

Mori [67, 68] reported a similar behavior with the degree of wetting. Likewise, the 
agglomeration mechanism could be confirmed with the help of this model by rais¬ 
ing liquid mass flows, gas inlet temperatures and gas mass flows. 

Turton et al. [91] suggested a further growth model. According to their concept, 
two cases could be differentiated - namely, that either each particle stays at the same 
position for a very long period in the spray of the nozzle, or a circulation time could 
be computed, depending upon the size of the particles. Subsequently, larger parti¬ 
cles circulate more frequently and thus receive a thicker granulate layer than smaller 
particles. The different approach of Turton et al. should be recognized as being anal¬ 
ogous to surface-proportional growth. 

Further experimental investigations [100] showed that granulates growth 
increases if the suspension mass flow increases, and the bed temperature or the gas 
mass flow is reduced. An increase of throughput in atomization air leads to smaller 
drops, which in turn results in reduced growth. These findings confirmed those of 
other authors. 

Zank and colleagues [101, 102] investigated growth processes in continuously 
operated fluidized-bed granulators. On the basis of their installed configuration, 
they defined a circulation time for particles in the fluidized-bed granulator, and 
assumed that the diameter changed by Ad within a circulation. A size-dependent 
particle growth was identified within the examined diameter range. 

Many reports have been made on experimental and theoretical investigations in 
the area of liquid sprayed-fluidized beds by Heinrich [30], who dealt comprehen¬ 
sively with the modeling of heat and mass transfers, as well as with particle popula¬ 
tions in the fluidized beds. 

16.2 

Modeling 

The granulator with coupled reactive absorption is modeled in such a way that 
simultaneous computation of the conversion of the component removed from gas 
and granulates growth is considered. A balance area from the bottom to the top of 
the fluidized bed, including the apparatus wall, has been considered. The gas fluid¬ 
izes particles above the air distribution plate, whilst liquid injection is possible from 
all directions by using either one-component or multi-component nozzles in the 
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form of drops. Part of the drops is deposited onto the particles and is distributed 
through spreading. This wetted particle area is the mass transfer surface for the 
absorption process. The process of dissolution of gaseous components in a liquid is 
termed “absorption”. In principle, the physical absorption is different from the 
chemical absorption. Physical absorption is the dissolution of a gas component in a 
pure liquid. During chemical or reactive absorption, the gas component to be 
absorbed reacts with the reactant contained within the liquid. Physical absorption in 
the gas-solid fluidized bed is not meaningful due to the constant drying process of 
the liquid on the particles. Furthermore, the solubility of most gases is limited in 
pure liquids, such that chemical gas cleaning is frequently used with technical 
absorption processes [87]. In time, the dissolved gas is removed stepwise by means 
of a chemical reaction from the absorption equilibrium. This offers the possibility of 
obtaining higher separation rates and/or conversions. 

Investigations of absorption in liquid-sprayed gas-solid fluidized beds in the con¬ 
text of these investigations are limited to the material system of sulfur dioxide, air, 
and calcium hydroxide suspension. Here, the calcium hydroxide represents the 
reactants necessary in the liquid for the shifting of the equilibrium. 

16 . 2.1 

Model Assumptions 

These are many-fold, and include the following: 

• The gas flows as ideal plug. 

• Fluidization of the fluidized bed is homogeneous, i.e., the porosity of the bed is 
constant. 

• The liquid and/or suspension load of the fluidizing material is locally 
independent. 

• The basis for the description of evaporation is the film theory. All resistances are 
in the gas-phase boundary film. A liquid-phase mass transfer is not considered. 

• The phase and dissociation balances are instantaneous. 

• Fluidized-bed reactors are often rotationally symmetrical, and spraying takes 
place at different positions (uniform distribution of the sprayed liquid). Thus, a 
one-dimensional approach is used. 

• The fluidized bed material is mono-disperse and has the form of an ideal 
sphere. 

• The liquid on the particles forms a coherent film of thickness Affl m . 

• The fluidized-bed material is non-porous; hence, diffusion processes in the 
pores are not considered. 

• The gas mixture contains dry air as the inert component and the components 
SO 2 and water vapor. 

• The reactions and/or dissociation processes take place only in the liquid; there 
are no reactions in the gas phase. 

• There is no transport resistance in the gas-liquid phase boundary surface. 

• The BIOT-number of the solid particles is so small that the unsteady heat 
conduction in the particle is neglected. 
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• Heat conduction in the liquid film and in the apparatus wall is also not 
considered. 

• Any non-conversed reactant of the suspension and the reaction product are 
deposited on fluidized-bed material after the drying process, and can be removed 
from the bed material by attrition. The dust due to the attrition is elutriated with 
the gas flow from the fluidized bed. 

• The hold-up material and the sprayed solid with the suspension have same 
densities. 

• Agglomeration and breakage processes are not considered. 

• The granulation process follows the surface-proportional growth. 

• The attrition process is described with a surface-proportional attrition 
coefficient. 

• There is no particle discharge due to hydrodynamic processes. 

• The residence time of the dust feeding from outside of the granulator is negligi¬ 
bly small. 

• The Reynolds number at the fluidizing point is computed according to 
Goroschko [26], 

• The computation of the relative void volume is also calculated according to 
Goroschko [26], 

• The heat and mass transfer coefficients between gas and particle are computed 
according to Gnielinski [25]. 

• The computation of the heat losses from the apparatus wall to the environment 
is done with the equations proposed by Kast and Klan [48]. 

• The steam pressure of the water vapor in the model is determined by the 
method of Baehr [4]. 

• The description of the surface proportional growth of granulates follows accord¬ 
ing to Mori [67, 68]. 

• The description of the surface proportional attrition of granulates is taken from 
Rangelova [75]. 

16 . 2.2 

Phase and Reaction Equilibrium 

The phase equilibrium of SO 2 and the dissociation and reaction equilibrium form 
the basis of the model. The gaseous sulfur dioxide is in equilibrium with the molec¬ 
ular dissolved sulfur dioxide in the suspension 

SO^, g) ^ SO^ aq) . (3) 

The molecular dissolved sulfur dioxide reacts with the water to form a hydrogen 
sulfate ion and a hydrogen ion. 


H 2 0^ + So!, aq) ^ H + + HSO] - 


(4) 
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The hydrogen sulfate ion dissociates into a hydrogen and a sulfate ion. 

HS0“^H + + S0 2 “ (5) 

Moreover, the calcium hydroxide dissociates into its ions. 

Ca(OH) 2 ^Ca 2+ +20H“ (6) 

The calcium ion reacts with the sulfate ion and a half water molecule to form a 
calcium sulfate-hemihydrate. 

Ca 2+ + SO 2- + ~H 2 0 CaS0 3 • ~H 2 0 (7) 

The hydroxyl ions form water with the hydrogen ions 

H 2 O^H + + OH“ (8) 

According to Hill [40], analyses of reaction products during the spray absorption 
drying shows that the reaction of the calcium hydroxide with the sulfur dioxide leads 
to calcium sulfate hemihydrate. The main reaction equation can he formulated as 
follows: 

SO^ g) + Ca(OH) 2 = CaS0 3 • j H 2 0 + ^H 2 0 (9) 


16.2.3 

Mass and Energy Flows 

Consider a differential volume element dV, all mass and energy balances can be 
represented as shown in Fig. 16.1. 

Figure 16.2 shows the components of the system at the phase boundary. 

16.2.3.1 Gas Balance 

Mass balance of the sulfur dioxide 

The temporal change of the molar quantity within the differential balance area 
(Fig. 16.1a) is affected by inflow and outflow as well as by transferred mole flux into 
the volume element 


dn 


so. 


dn, 


so. 


dz 


dz- 


j • S,G 

- dnc n 


dt 


( 10 ) 
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Fig. 16.1. Mass (left) and energy balances (right). 



The molar loading is introduced now to gain the molar quantity of the inert 
component dry air 

n SM 2 = n dcyA^S0 2 (H) 

Inserting the value from Eq. (11) into the Eq. (10), we get 


3Y S 0 2 ^dryA ^Y so 1 s G 

- =-p- -dz -p—dnc’o 

at d n dry A dz dn^yA 


( 12 ) 
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With the knowledge of a suitable driving force for the mass transfer in the gaseous 
phase, Eq. (12) becomes 



MryA 


flYc, 


dn' 


dryA 


dz 


-dz-ff s 


^P.tot^PdryA 

d n dryA M dryA 




(13) 


For the computation of the mass flow of sulfur dioxide between the gaseous phase 
and the film, the averaged value of loading of SO 2 over the height is needed, thus 


1 ' 'bed „ 

77— f Y so 2 dz 

H bed 0 


(14) 


Mass balance of water vapor 

The mass balance of water vapor is effected in the similar way as sulfur dioxide and 
leads to the following partial differential equation 


3Yh 2 o 

dt 


ddryA 

dndryA dz 


dz ^h 2 o 


^-P,tot^AryA 
dryA ^ dryA 


y pG 

y h,o 



(15) 


In order to compute the average vapor mass flow over the fluidized-bed height, the 
following approximation is introduced 


1 ^bed „ 

Tf f Y H20 dz 

J^bed 0 


(16) 


Energy balance of gas 

The energy of the gas is influenced by the enthalpy flow of the gas, the enthalpy flow 
of the absorbed sulfur dioxide, the enthalpy flow of the water vapor, the heat flow of 
the gas to the dry part of the particles, the heat flow of the gas to the liquid film and 
the heat flow of the gas to the apparatus wall 

^ = -^dz - dff 0 G 2 - dH s H °; G - dQ G dryP - dQ G L - dQ G W (17) 

The enthalpy of the gas mixture consists of the terms for the enthalpy of dry air, the 
water vapor and the sulfur dioxide. The temporal change of the enthalpy of the gas 
can be calculated accordingly to the following equations 

dH r + Yh 2 o (c P ,h 2 oP G +?o) +Y S Q 2 Cp iS o 2 l? G ldz 

-- = dn dryA ------— 


at 


at 


( 18 ) 



466 


76 Reaction-Assisted Granulation in Fluidized Beds 


3 H g _ d &G , j -vap 

CUldryA^P.dryA ^ ' ^^dryA^-p^O 


at 


+ dn dry A V 


3Y h 


at 


- + dn,.„,,c 


Y„,o^ + 9/ Y "- 0 


at 


at 


dryA'-P,S0 2 


/ Y S0 ^. + l?G ^' 

2 at at 


(19) 


Similar to the previous Eq. (19), the local change of enthalpy can be formulated. The 
driving force for the heat flow together with these equations leads to the following 
Eq. (20) 
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( 20 ) 


The transferred mass flows can be calculated by Eq. (13) and Eq. (15). After some 
simplifications, the final differential equation for the temporal and local change of 
the gas temperature is 


a t? G — Fi dr y A a ii G 
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The gas temperature integral averaged over the height is 
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( 21 ) 
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16.2.3.2 Suspension Balance 


Mass balance of the suspension 

This balance computes the adjusting mass transfer surface. The suspension loading 
depends on the liquid in the bed and the evaporation of this liquid from the parti¬ 
cles. Moreover, mass of the suspension on the fluidized-bed particles depends on the 
solid mass in the suspension and of the solid leaving the suspension by accumula¬ 
tion at the fluidized-bed material. Under stationary conditions, the evaporated mass 
will correspond to the sprayed solid mass at the fluidized-bed particles. For simplic¬ 
ity, the suspension consists only of water, undissolved calcium hydroxide (Ca(OH) 2 ) 
and product (CaSC >3 x 1 jj H 2 O). The mass balance has the following form 


dn 


susp 


dt 


=(h 


H 2 0 + n Ca(OH) 


I 2 )(! k os )- 


1 Ca(OH) 2 


+ n 


CaSO,—H.O 
5 2 2 / 


(23) 


A problem presents the description of the solid (h^' H); and h Q Gr , ) deposited on 

CaS ° 3 2 Hz ° 

the particles. Here, it is assumed that the mass of the deposited solid to the sprayed 
solid is in the same relationship as the evaporated to the sprayed water mass. Also, 
like suspension, the deposited solid consists of the non-converted Ca(OH )2 and the 
product CaSC>3 x t /2 H 2 O. 

The equilibrium of the reactive processes in the film supplies the ratio of the raw 
material to the product. It is also assumed that this relationship is equal for the film 
and the deposited solid. Thus, the coupling with the equilibrium leads to 


(^HjO + ^Ca(OH) 2 
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+ Z 
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(24) 


( 25 ) 
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Subsequently, the molar quantity of suspension is expressed by the density, the 
molar mass, the mass transfer surface and the film thickness 


_ Psusp . _ Psusp . . 

n susp — T7 V Film - T7 A tot A film 
^susp ^susp 


Assuming that the density and the molar mass of the suspension in the fluidized 
bed are time-independent, there is a possibility of the computation of the mass 
transfer surface with the following differential equation 


dt Psusp A ] 


'susp^film 


| d H 2 o 0 k os ) + n“ a(0H ^ [l k c 


Mca(OH) 2 ^c 2 A tot ^(Y s P o G 2 -Yh 2 o) 


n H 2 0 Zca(OH) 2 M Ca(OH) 2 + ^.iH^CaSO^O | 


~ % 2 o) + tioA tot <P^(%o 2 ~ Y s P o G 2 ) 


If the mass transfer surface A to t is described by the degree of wetting 0, then the 
formulation leads to the Eq. (28). The temporal change of the particle surface must 
be considered due to growth and attrition during the formulation of the mass 
transfer surface with the help of the degree of wetting 
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Mass balance of the element sulfur 

The temporal change of the molar quantity of the element sulfur in the film on a 
fluidized-bed particle is caused by inflow and outflow of the material. This mass 
balance is needed only once, since the fluidized-bed particles and, thus, the liquid 
films on the particles are regarded as ideally mixed. The condition of the ideal 
mixing leads to the fact that with the mass and energy balance of the film, the 
average variables of state of the gas in the respective driving force approximations 
find the following form 


tag 

at 




— n 


So,Gr 

CaS0,-iH,0 

3 2 2 


(29) 


Mass balance of the element calcium 

In this model, the temporal change of the molar quantity of the element calcium is 
due to the temporal change of the molar quantity on the fluidized-bed material. With 
a constant liquid film thickness, this problem reduces to the temporal change of the 
wetted surface: 


dflCa _ ^Ca(OH) 2 Psusp^film ( dAp.tot ^ ^ 

M ~<o+n” (OH)2 M susp r dt P tot dt J 


(30) 


Dissociation and reaction equilibrium 

In the liquid film, there are five dissociation equilibria for the modeling. The 
description of these equilibria is provided by the assistance of equilibrium 
correlations. Initially, equilibrium correlations for dissociation are given with Eq. (4) 
and Eq. (5) 
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(32) 


*“HSOJ ^HSO" 

In connection to Eq. (6) and Eq. (7), the two further equilibrium correlations are 

- \ 2 JiddS*/,, iddS* \ 2 
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K Req5 (T) = - 


CaS0,--H,0 
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RT 


The last equilibrium is the formation of the water and considered by the forma¬ 
tion of H+ and OH- ions 


K Req6( T )= m om m H + ( 35 ) 

Boundary conditions 

For the determination of the unknown quantities in the liquid film, three further 
secondary conditions are needed. So, it is necessary to divide the molar masses of 
the sulfur and the calcium resulting from the mass balances in the film. A sulfur 
atom is bonded in hydrogen sulfite ion, molecular diluted sulfur dioxide, sulfite ion 
and calcium sulfite hemihydrate 


/ \ / \ / \ 


\hsoj j 3 ( n soj aq * ) + 1 ( n sor) + 1 

n i 

CaSO,—H 2 0 

^ 2 1 J 


(36) 


n Ca =1 


CaSO, —H 2 0 , 
3 2 2 / 


+ 1 ( n Ca(OH) 2 ) + 1 ( n Ca 2+ ) 


(37) 


Additionally, the secondary condition of the electrical neutrality is to be accom¬ 
plished 


0 l( n H + ) + 2( n Ca 2+ ) l( n HSO“) l( n OH“) ^n s0 2 -j 


(38) 


Energy balance of the suspension 

The temperature of the suspension depends on heat and enthalpy flows. Thus, the 
enthalpy of the film is influenced by the absorbed mass of sulfur dioxide, the 
evaporated water mass, the injected mass of the suspension as well as the masses of 
product and non-converted material in the film at the particle. The heat flow from 
the gas and from the particle to the film must also be considered. The changes of the 
molecular structure of the involved components arising due to chemical reactions 
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can also lead to energetic effects in the liquid film. These changes of enthalpy - the 
so-called reaction enthalpies - are considered in the model. The energy balance is 


dH 
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dt 
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(39) 


The enthalpy of the suspension can be expressed in terms of the mass, the specific 
thermal capacity, and the temperature of the suspension 
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Neglecting the temporal changes of the density and the specific heat capacity of 
the suspension as well as the film thickness, the differential equation for the tempo¬ 
ral change of the suspension temperature takes the following form (with = i}jn m ) 
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(41) 


16.2.3.3 Gas-Liquid Phase Boundary 

After balancing the masses in the gaseous phase for the components sulfur dioxide 
and water vapor, the question arises as to which quantities are still unknown for 
solution of the differential equations. Knowledge of the gaseous phase balance 
conditions (Y/“, Y'°) is missing in both of the equations. The following section 
is concerned in detail with the determination of these phase balances. The 
consideration of the thermodynamic effects with the help of the represented 
coefficients must be decided depending on the concentrations. 
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Equilibrium of the water vapor 

Computation of the phase balance is made by equating the chemical potential of the 
gas component 


P? (T,P) = ^ (t,P°) + RT lnyp + RT ln^ G + RTln^- 


(42) 


The chemical potential of the liquid is obtained by the following correlation 
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Thus, the subcritical component water results to the following relationship 


(j) G p y* (tr^ r> Sat p p pure,H 2 0 

^H,0yH,0 A x H 7 0/ H 7 0 r pure,H 2 0rpure,H 7 0 e 


RT Sat^ V P««fl20 <lP 


(44) 


Neglecting the volume dependency of the liquid on the pressure, the integral can 
be solved and the exponent has the following form 
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The exponential term is also known as the Poynting factor Poymo [24]. This factor 
describes the change of the fugacity by expansion or by compression of the pure liq¬ 
uid related to the standard behavior in dependence of the saturation vapor pressure 
and the absolute system pressure. Neglecting the Poynting correction and consider¬ 
ing the gaseous phase as ideal, the preceding equation leads to the following form 


Ph'To = 7h%P = 


(46) 


The mole content can be expressed in terms of molar quantity 
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With the assumption that the mass transfer of the water vapor is described with 
the mole loadings, the mole content in equilibrium Eq. (47) must be converted into a 
loading 


vPG _ 

i h 2 o 


! ■ i 


v PG 

7H,0 


(48) 


Equilibrium of the sulfur dioxide 

According to Eq. (42), equating the chemical potentials of the gaseous and the liquid 
phase of the supercritical component SO 2 
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leads to the possibility of the computation of the phase balance 
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Assuming that the gaseous phase behaves ideally, Eq. (50) can be further simplified 
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The Henry constant is still unknown, but can be calculated using Eq. (49) for the 
molecular dissolved components in the real state 
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Moreover, using the fact that the chemical potential of the components of 
liquid mixtures calculated from different methods must result in same value for 
the potential 
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The Poynting correction is also neglected here. Finally, the following relationship 
results for the equilibrium of SO 2 at the gas-liquid phase boundary 
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With the assumption that the mass transfer of the sulfur dioxide is also described 
with the mole loadings, the mole content in equilibrium Eq. (54) must be converted 
into a loading 
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16.2.3.4 Particle Balance 


Population balance of the particles 

The particle diameter changes during the unsteady start-up phase at batch or at 
continuous granulation process due to growth of the particles by layering of injected 
solid in the suspension onto the particles, due to attrition of the particles as a result 
of particle-particle collisions and particle-wall collisions, as well as due to the 
feeding and discharge of particle fluxes from the granulator (Fig. 16.3). 

In practice, so-called “overspray” occurs; this characterizes the non-deposited liq¬ 
uid drops. In the model, a factor kos considers the overspray, as a ratio of the mass 
flux of the overspray and the injected solid mass flux. The efficiency of the separator 
(filter, cyclone) is considered by a factor k sep , which describes the ratio of the re-fed 
mass flux to the granulator to the fed mass flux into the separator. The factor kgrowth 
describes the ratio of the mass flux which comes from the separator and is used for 
the layering and growth (continuous phase) and the mass flux which comes from 
the separator (dust) and is used as new internal seeds (disperse phase). 

Knowledge of the temporal change of the number and mass particle size distribu¬ 
tion is important for the calculation the product properties, hydrodynamic behavior 
of the fluidized bed, heat and mass transfer. 

In this model the diameter is the distributed property of the particle population: 


aN 

at 


- —dd p +dN So -dN s 

ad P p 


(56) 


The growth rate G is the temporal change of the particle diameter and the particle 
flux N is the temporal change of the number of particles. By this definition, the 
differential rate of change of particles leads to the following equations 
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spray drops 



Fig. 16.3. Modeling of the particle population. 
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(58) 


If the number of particles within the differential length ddp can be expressed in 
terms of the entire number of particles and the number density, then the population 
balance results to 


^(Nptotqo) d(N ptot q 0 G) • So So • s s 
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(59) 


In the population balance, the knowledge of kinetics is needed for modeling of the 
growth rate of the particles. The description of the growth is according to the model 
of surface-proportional growth proposed by Mori [67, 68]. If the attrition process is 
understood as a negative growth, then growth can be summarized with attrition 
kinetics. Surface-proportional attrition kinetics is used according to Rangelova [75]. 
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Both models are combined to formulate an expression for the rate of change of mass 
of particles: 


dm p 

dt 


Ap m So,Gr - R A 

. m K att A P 

^P,tOt 


(60) 


The mass flux m So,Gr is the sum of the reaction product deposited on the liquid film 
and non-converted material flux, of the dust deposited on the particles coming from 
separator into granulator and of the attrition mass flux coming from separator into 
granulator, which leads to the growth of particles. 

According to the simplification from the section detailing the mass balance of 
suspension and the modeling of the re-fed fluxes it follows that 
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By replacing the mass of particles by the density and the diameter, the growth rate 
can be obtained in the following equation 
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The result of the population balance is the surface area 
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For the computation of the heat and mass transfer coefficients, the Sauter 
diameter d .32 is used 
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Energy balance of the particles 

The particle temperature depends on the heat flux from the gas to the particle, the 
particle to the liquid film, and the particle to the apparatus wall. Further, the 
enthalpy flow of the deposited and attrited solids, as well as entering or leaving solid 
fluxes (seeds and product), also influence the temperature of the bed material. The 
energetic balance has the following form 
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With Hp = m p c p pi}p and the heat fluxes follows 
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16.2.3.5 Apparatus Wall Balance 


Energy balance of the apparatus wall 

The enthalpy of the wall can be expressed in terms of mass, specific heat capacity 
and the temperature of the wall 


6H W 

at 
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( 68 ) 


The balance leads to the time-dependency of the apparatus wall temperature 


^ - [ a G,w(^G ^w) + a P.w(^P ^w) a W,E(^W *)] (69) 

at ttiw c p,w L J 

16.2.3.6 Solution of the Equations 

A system of differential and algebraic equations (DAE system) is obtained from the 
model balances. The developed set of equations consists of the ordinary differential 
equations of first order and of partial differential equations. An analytical solution of 
the coupled equations is not possible. Therefore, a numeric procedure is used. 
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The independent variable in ordinary differential equations is time t. The partial 
differential equations includes the local coordinate z (height coordinate of fluidized 
bed) and the diameter dp of the particle population. An idea for the solution of 
partial differential equations is the discretization of the continuous domain. This 
means discretization of the height coordinate z and the diameter coordinate dp. In 
addition, the frequently used finite difference methods are applied, where the deriv¬ 
atives are replaced by central difference quotient based on the Taylor series. The idea 
of the Taylor series is the value of a function f(z) at z + Az can be expressed in terms 
of the value at z. 
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By simple adjustment, the following results 
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In the similar way, the function value at z - Az becomes 
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and, then 
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Neglecting higher-order derivatives and with equidistant discretization, we obtain 
the following expression for the central difference quotient of first order by the 
addition of the Eq. (71) and Eq. (73) 


Of _ f Iz+Az f lz—Az 


az 
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(74) 


Using difference quotients, the partial differential equations become ordinary dif¬ 
ferential equations. The boundary conditions (e.g., inlet and outlet gas temperature 
of the fluidized bed) can easily be implemented using difference quotient in the 
entire differential equation system. So, initial/boundary value problems are trans¬ 
ferred into initial value problems. Now, the ordinary differential equations of order 1 



16.3 Experiments | 479 

are coupled with algebraic equations. The general form of differential algebraic set 
of equations (DAE system) is 

Mx = f (t,x) (75) 

M is a singular Matrix. Zero entries on the main diagonal of this matrix identify 
the algebraic equations, and all other entries which have the value 1 represent the 
differential equation. The vector % describes the state of the system. As numeric 
tools for the solution of the DAE system, MATLAB with the solver odel5s was used. 

In this solver, a Runge Kutta procedure is coupled with a BDF procedure (Backward 
Difference Formula). An implicit numeric scheme is used by the solver. 

16.3 

Experiments 

16.3.1 

Fluidized-bed Plant 

The measurements were carried out at a semi-industrial fluidized-bed plant DN 400. 

The scheme of the process is illustrated in Fig. 16.4, while the plant itself is illus¬ 
trated in Fig. 16.5. 

The plant DN 400 has a cylindrical glass tube of 400 mm diameter. Using a pres¬ 
sure fan (v =4000m 3 h-!), the main air mass flux from the environment is 
sucked in and heated up by two 60-kW electrical heaters. In the extension chamber 
DN 800 the air flow velocity is reduced such that a percentage of the elutriated dust 
particles fall back into the fluidized bed. Light particles are tangentially transported 
to the cyclone. The particles separated in the cyclone can be re-fed to the fluidized 
bed by the use of a fan. Along with a pressure fan, the experimental plant also pos¬ 
sesses an exhaust radial ventilator (V = 4400 m 3 fr 1 ). 

The liquid injection is realized using a two-fluid nozzle (Co. Schlick, type 943, 
form 3, ring-shaped beam 20°-40°, d n0 zzie = 2.3 mm). A adjustable hose pump con¬ 
veys the liquid from a store tank, and compressed air is used for the better spreading 
of the liquid. The investigations of Henneberg et al. [38, 39] in an industrial fluid¬ 
ized-bed plant showed that high nozzle injection rates may lead to low particle con¬ 
centrations near the nozzle, and to overspray. 

The plant can be operated either discontinuously or continuously. To characterize 
the process, the temperature of the gas, pressures and pressure losses in the plant, 
and the gas and liquid mass flows, as well as the concentration of the component 
SO 2 (using an Ultramat P22 waste gas analyzer; Siemens Co.) over the bed which 
can be absorbed are measured. 
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Fig. 16.4. Flow sheet of the fluidized bed pressure, T: temperature, Q: quantity, W: 

plant DN 400 (PD: presssure loss, P: absolute weight, I: indication, R: registration). 
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Fig. 16.5. 


Illustration of the fluidized bed plant DN 400. 



16.3.2 

Experiments of Absorption without Granulation of 
Solid (Reactive Absorption) 
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16.3.2.1 Experimental Realization 

The aim of the experiments was to obtain stationary values for SO 2 separation. 
Initially, the hold-up was sprayed with water to obtain stationary temperatures after 
cooling the particles and to conserve the used calcium hydroxide during the 
unsteady start-up phase. At the steady-state temperature the injection was suddenly 
switched to suspension. The S 02 -concentration at the outlet then decreased. The 
suspension consisted of lime hydrate (DIN 1060-CL90, DIN EN 12518) and water. 
The suspension injection had to be held constant until the S 02 -concentration was 
constant. After achieving steady state the injection was stopped, and this caused an 
increase in S02-concentration at the outlet up to the initial value. The same proce¬ 
dure was started after a few minutes in order to obtain a new measuring point at a 
higher suspension injection rate. 

16.3.2.2 Influence of the Liquid Injection Rate 

The experimental parameters are displayed in Tab. 16.2. 

Figure 16.7 shows that an increase of the liquid injection leads to a decrease in gas 
temperature at the outlet of the fluidized bed, while an improved sulfur dioxide 
conversion is also documented (see Fig. 16.8). 

The separation efficiency is determined by the difference in gas concentration 
between the inlet and outlet of the fluidized bed. A dimensionless quantity defined 
by Hill [40] - the so-called absorption factor - can be used in reaction technology at a 
constant volume flow rate if mole fluxes are replaced by concentrations 


n = 


„in out 

c so 2 c so 2 


(76) 


In the diagrams (Figs. 16.7 and 16.8), there are two normalized quantities, the 
normalized liquid mass flow 


Q = 


m 


in 

H 2 0 


a H 7 0 


(77) 


and the normalized outlet temperature 
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( 78 ) 


which are related to the isenthalpic saturation values of gas. 
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Table 16.2. Parameters of experiment V-17. 


Bed material (glass 

spheres): (I 32 = 0.00257 

m, p P = 2470 kg m -3 , niFB = 

20 kg 

Parameter 




c 

102.06 ± 0.027 °C 




21 °C 



<p 

72% 



m G 

0.37 ± 0.00035 kg s-1 



c so 2 

492.7 ± 5.1 mg Nm- 3 




13.5 ± 0.79 °C 



Variation 




No. 

Ca/S ratio 

m su , p 

Composition 

Injection rate I 

1.19 

0.0049 ± 7.2 x 10^ kg s-i 

0.704 kg Ca(OH)2 

16.89 kg H20 

Injection rate II 

1.35 

0.0037 ± 0 kg s- 1 

0.79 kg Ca ^ OH k 

12.41 kg H]0 

Injection rate III 

1.21 

0.0014 ±1.3xl(H kg S” 1 

0.71 kg Ca ^ OH j 2 




4-39 kg HjQ 

Injection rate IV 

1.22 

0.0024 +1.6 xHH kgs- 1 

0.715 kg Ca(OH>2 

7.885 kg Hz0 

Injection rate V 

1.29 

0.004 + 0 kg s- 1 

0.76 kg Ca(OH)2 

13.64 kg HjQ 

Injection rate VI 

1.29 

0.006 ± 2.9 x 10- 4 kg s- 1 

0.76 kg Ca(OH ) 2 

20.845 kg Hz0 

Injection rate VII 

1.21 

0.0081 +5.8 xHH kgs- 1 

0.712 kg Ca(OH)2 

28.57 kg H20 

Injection rate VIII 

1.27 

0.0095 + 0 kg s- 1 

0.745 kg Ca(OH>2 

33.46 kg H20 

Injection rate IX 

1.31 

0.0075 + 1.8 xHH kgs- 1 

0.77 kg Ca(OH ) 2 

26.13 kg H O 


Any increase of the suspension injection, in order to realize an improved separa¬ 
tion of the gas component which can be removed, is not possible. The maximum 
liquid and/or solvent injection into a fluidized bed is limited by the capacity of the 
fluidization gas. The maximum of the capacity is reached with the state of saturation 
of the gas. Figure 16.6 illustrates the dependence of the adjusting wetted surface and 
the absolute humidity on the spraying liquid mass flow. Clearly, a small deviation of 
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the liquid mass flow leads to a slight change in the mass transfer surface. Within the 
range of high liquid loads due to the proximity to the saturation point, such a change 
can have fatal consequences. A minimum rise in the liquid mass flow can lead to a 
situation where the gas level exceeds its state of saturation. For stable behavior, com¬ 
plete evaporation of the solvent into the gas is necessary. 

A physical explanation of the process where the injection rate is changed can be 
described with help from the mass balance of the liquid within the fluidized bed. For 
simplicity, the suspension is regarded as a pure liquid. The particle movement fol¬ 
lows the model of the ideal mixing, and the liquid on the particles is a thin film of 
constant thickness. Under these stationary conditions, the degree of wetting can be 
formulated from the moisture balance around the entire apparatus 


<t> = ~ 


^dryA^dryA 

/^H 2 O^P,totPdryA 


-In 


n 

^dryA 


H?0 ^ in _V PG 
I H ? 0 X H,0 


>PG 


(79) 


It is clear from the equation that an increase in the liquid injection rate results in a 
larger degree of wetting. If this surface becomes larger, the gas temperature will 
decrease above the bed as a result of the increasing evaporation (Fig. 16.7). 

The absorption process in the bed is affected, as with all mass transfer processes, 
by the surface. If no other factors have any strong limiting effect on the process, an 
increase in mass transfer surface leads to a reduced sulfur dioxide concentration 
(Fig. 16.8). 

Thus, the absorption factor or the conversion increases. The relationship between 
increased conversion and mass transfer surface can be clarified with a simple model 
of gas-phase-limited absorption. Integration of Eq. (13) over the height coordinate 
provides the stationary solution of the component which can be absorbed and also 
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Fig. 16.6. Dependency between liquid injection rate, wetted 
surface and air humidity. 
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Fig. 16.7. Dependency of outlet temperature on liquid injection 
rate, experiment V-l 7. 
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Fig. 16.8. Dependency of conversion on liquid injection rate, 
experiment V-l 7. 

describes the process of sulfur dioxide loading as a function of the degree of wetting. 
The quotient 


NTU, 


so, 


^SO 2 Ap,tot0PdryA 


n 


dryA^dryA 


(80) 


can be understood as the ratio of the rate of the gas mass transfer to the rate of gas 
convection, and describes the number of transfer units. An increase in injection rate 
results in an increase of the mass transfer units, and this explains the increasing 
conversion (Figs. 16.9 and 16.10). 

The model developed is capable of describing the determined behavior of 
increased conversion due to an increased injection mass flux. The mass balance 
of the suspension indicates that the mass transfer surface represents one unknown 
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Fig. 16.9. Dependency between liquid injection rate, wetted 
surface and conversion. 



ntu S02 [-] 


Fig. 16.10. Dependency of conversion on NTU. 

quantity and, in contrast to other absorbers, this must be calculated by using a 
suitable model. One problem is that differential Eq. (23) provides only the liquid 
mass within the bed, whilst the form of the film on the particles remains unknown. 
The development of a physically justified model to describe the form of the liquid 
film is difficult due to the multiplicity of the influences - for example, droplet size of 
the sprayed liquid, surface tension, and fluidization behavior. Link [60] coupled 
single particle levitator experiments with granulation in order to scale-up investiga¬ 
tions into fluidized-bed granulation. However, the importance of film formation 
combined with formation of the mass transfer surface in fluidized beds was 
neglected. Heinrich and Mori [34] assumed a coherent liquid film on the particle 
surface with a constant thickness. Only by using these simplifications can the mass 
balance of the liquid film be used to compute the mass transfer surface. The liquid 
film thickness is an unknown in the model. In a series of studies, Becher [5] consid¬ 
ered the film thickness to be equal to the diameter of the spraying drops. Similarly, 
Heinrich and Mori [34] found that the film thickness is only important during the 
unsteady start-up phase. 
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The stationary solution of the balance equation with acceptance of computing 
the gas mass-transfer coefficient depends only on the saturation loading and/or the 
saturation partial pressure at the gas-liquid phase boundary. To compute this quan¬ 
tity, the temperature at the phase boundary is required, and this corresponds to a uni¬ 
form liquid film temperature according to the condition for the model. This 
temperature is the result of a liquid energy balance. If the particle temperature and 
film temperature is uniform, a jump in temperature will occur at the contact area 
between particle and film, though this is physically impossible. Nevertheless, in 
order to utilize this model the thermal conduction between particle and film is 
approximated by the heat transfer coefficient between gas and particle. Previous 
investigations concentrated on pure granulations, coating and agglomeration 
processes, and thus on the spraying of suspensions or solutions, which were only 
dried. In general, the gas temperature and gas humidity at the outlet (top) and the 
inlet (bottom) of the fluidized bed were measured by all balanced quantities. An 
agreement between experimentally determined values for the gas outlet temperature 
and humidity does not validate the internal balance of the liquid film. 

The calculated size of the wetted surface depends on the correct calculation of the 
liquid film temperature and thus, on the size of the heat transfer particle film 
described with the factor f a . The processes can be described with the help of the Mol- 
lier diagram. An increase in f a leads to a higher liquid film temperature. A slight 
increase of this temperature is due to the small upward gradient of the saturation 
line with a significant larger saturation loading of the gas in direct proximity of the 
phase boundary. This increment of the saturation loading entails an increased driv¬ 
ing force for the liquid evaporation. The more liquid is evaporated, the mass transfer 
surface will be smaller. Since the effects of the driving force and the mass transfer 
surface are moving in opposite directions, the evaporated liquid mass flow remains 
almost constant. Thus, an incorrect balance of the liquid enthalpy and the liquid 
mass in the bed will have no measurable effect on temperature and humidity. Evalu¬ 
ation of the quality of the calculated mass transfer surface can be made only by 
evaluating the conversion of a gas component deviating from the water vapor. The 
kinetics for the description of this conversion should be limited only by the surface 
and the gas mass transfer. Sulfur dioxide absorption in the liquid-sprayed fluidized 
bed may possibly be estimated and the size of the wetted surface controlled 
(Figs. 16.11 and 16.12). An investigation of the model on the basis of experimental 
data shows that for a certain bed material (e.g., glass spheres of a certain particle 
diameter), a f a value exists which describes all experiments. The experiments with 
small values for f a are easily reproducible - a fact which can be proven with the help 
of a high contact resistance. 

Figure 16.13 shows that the surface of calcium hydroxide-coated glass spheres is 
characterized by a strong porosity and cavities, and this results in a worsened heat 
transfer. 



Measurement 
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0.1, Afii m = 0.0001 m). 
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Fig. 16.13. Scanning electron micrograph of the surface of a 
coated granulate. 

16.3.2.3 Influence of Ca/S Ratio 

Investigations into the calcium/sulfur ratio represent an important aspect of the 
evaluation of the economy of this procedure. The influence of the stoichiometric 
relationship for different spraying mass fluxes has been investigated, and the 
adjusted experimental conditions are listed in Tabs. 16.3 and 16.4. 

The results demonstrate that for liquid mass fluxes, which do not lead into the 
direct proximity of the state of saturation of air, a stoichiometric relationship does 
not play an unimportant role. Rather, the mass transfer area of the fluidized bed is 
the limiting factor of the absorption. Over-stoichiometric operation does not lead to 
any improved separation of the SO 2 (Figs. 16.14 and 16.15), the reason being the per¬ 
manent destruction of the liquid film by particle-particle collisions and the conse¬ 
quent production of inactive reactants. 

In order to estimate the probability of impact of the moistened part of a particle by 
surrounded particles in the fluidized bed, a simple model was developed [69]. As an 
assumption that the fluidized bed is in an homogeneous condition, a certain portion 
of the relative porosity is assigned to each particle, and the shape of air covering the 
particle is taken to be a cube (Fig. 16.16). The entire bed consists of stacked cubes 
containing a particle at their center. The amount of air - and in consequence the 
distance between the particles - becomes larger; for example, with the same fluidiza¬ 
tion mass flow the Archimedes’ number is decreased. The bed will then expand with 
a greater fluidization throughput and with a constant Archimedes’ number; hence, 
the distance between the surrounded particles will increase. 

A probability of impact Pt depends on the path length ap between surrounded par¬ 
ticles and the relationship of the total projected surface of the surrounded particles 
A p,i™wukd in relation to the surface of the sphere Asp,surrounded with the radius ap. 

Two events occur at this time: 

A projected 

. Event A: impact of particles, p(A) = and 

1 ^Sp,surrounded 

• Event B: no impact of particles, p(A) = 1 - p(A). 
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Table 16.3. Parameters of experiment V-ll. 

Bed material (glass spheres): dn = 0.00257 m, p P = 2470 kg m- 3 , mFB = 23.2 kg 
Parameter 



97.559 + 0.012 °C 



20 °C 



<P 

m G 

55 % 

0.5351 ± 0.00055 kg s- 1 


c so 2 

330.92 + 2.51 

mg Nm- ! 


K 

9.83 ± 0.48 °C 



Variation 




No. 

Ca/S ratio 

m susp 

composition 

Injection rate I 

3.08 

0.00906 ± 9.8 x 10- 5 kg s 1 

0-484 kg Ca(OH)2 
8 -5 k gn 2 o 


4.48 

0.00903 ± 3.5 x 10-+ kg s- 1 

0.726 kg^Qj^ 

8 - 5k gn 2 o 


5.6 

0.00868 ± 4.2 X 10-+ kg s- 1 

0.968 kg^jQn^ 
8 -5 kg H2 o 


8.82 

0.0096 + 5.9 x 10- 4 kg s- 1 

1.45 kg Ca j OH j 2 
8 - 5 kg H2 o 

Injection rate II 

1.01 

0.00297 + 9.3 x 10- 5 kg s- 1 

0.484 kg Ca(OH)2 
8 - 5 kg H2 o 


1.42 

0.00287 ± 4.5 x 10-+ kg s- 1 

0.726 kg Ca(OH ^ 
8 - 5k g H2 o 


1.78 

0.00277 + 1.9 xlO- 4 kgs- 1 

0.968 kg^jQn^ 
8 -5 kg H2 o 


2.54 

0.00277 +1.1 xlO- 4 kgs- 1 

1.45 kg Ca ( OH j 2 
8-5 kg H20 

Injection rate III 

4.58 

0.0135 + 5.9 x 10- 4 kg s- 1 

0-484 kg Ca(OH)2 
8 -5 kg Hz o 


6.86 

0.0138 + 2.9 x 10- 4 kg s- 1 

0.726 kgo^Qj^ 
8 -5 kg H2 o 


8.9 

0.0138 + 2.9 x 1(M kg s- 1 

0.968 kg^jQn^ 
8 -5 kg H2 o 


13.4 

0.0146 + 8.5 x 1(M kg s- 1 

1.45 kg Ca(OH)2 


8-5 kg Hi0 



490 


16 Reaction-Assisted Granulation in Fluidized Beds 


Table 16.4. Parameters of experiment V-12. 


Bed material (glass spheres): d 32 = 

0.00257 m, p P = 2470 kg m- 3 , mFE 

= 23 kg 

Parameter 




d” 

98.83 ± 0.017 °C 



22 °C 



<P 

57% 



rh G 

0.479 + 0.00055 kg s- 1 


c so 2 

348.9 ± 2.58 

mg Nrn-3 


c 

10.8 ± 0.57 °C 


Variation 




No. 

Ca/S ratio 

m susp 

composition 

Injection rate I 

1.83 

0.00644 ± 2.3 X 10-t kg s-' 

0.484 kg Cl(OH)2 

10.92 kg H20 


1.38 

0.00647 ± 1.4 x 1CH kg s- 1 

0.365 kg Ca ( OH j 2 

11.034 kg H;0 


0.943 

0.0066 ± 4.2 X 10-4 kg s-i 

0.2425 kg Ca ( OH ) 2 

11.157 kg Hj0 

Injection rate II 

1.9 

0.0032+ 2.3x 10-4 kg s-i 

0-48 kg Cl(OH)j 

4.92 kg H20 


0.89 

0.00297 + 1.7x10-4 kgs- 1 

0.2425 kg Ca ^ OH)2 

5 - 158 k gn 2 o 


0.767 

0.0017 + 2.3x10-4 kgs-i 

0.365 kg Ca ( OH j 2 

5-035 kg H]0 

Injection rate III 

1.74 

0.0092 + 2.6 X 10-4 kg s-i 

0.48 kg Ca(OH)2 

16.52 kg H20 


0.901 

0.00946 + 2.5 x 10-t kg s-i 

0.2425 kg Ca(OH)2 

16.75 kg Hj0 


1.45 

0.0101 ± 3.8 X 10-4 kg s-i 

0.365 kg Ca ( OH j 2 

16.635 kg Hj0 

Injection rate IV 

1.57 

0.012 + 1.3 x 10- 3 kg s- 1 

0.365 kg Ca ( OH j 2 

18.535 kg Hj0 
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Fig. 16.14. Dependency of outlet temperature on injection rate at 

different Ca/S-relationships; experiments V-l 7 and V-l 2. 
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Fig. 16.15. Dependency of conversion on injection rate at 
different Ca/S-relationships; experiments V-l 7 and V-l2. 

The probability for n successful collisions between the particles with the distance 
ap and k follows with [22]: 

P t( x = k) = TT7—TTTP^i 1 “ P( A )) n_k (81) 

k!(n-k)! 

The probability of at least one collision can be calculated with the probability of no 
collisions 



0 0,2 0,4 0,6 0.8 1 



0 0,2 0,4 0,6 0,8 1 

m-i 


P x (x>l) = l-P T (x<l) 


( 82 ) 
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Fig. 16.16. Scheme of the impact probability model. 

With the help of the Eqs. (81) and (82), the probability results 


P T (x> 1 ) = l-( 1 -p(A)) n =!- 


^projected 


p, surrounded 


^Sp,surrounded 


\ n 


(83) 


The time for the movement of a particle along the distance ap leads to the 
time-dependent impact probability 


P T (x > 1) = 1 - 


1 -- 


. projected 
^Sp,surrounded 


At 


‘-p, surrounded 


(84) 


Uhlemann and Mori [93] described the calculation of the average particle velocity 
w p within the fluidized bed. The impact time of a particle can be calculated with the 
help of particle distance ap and average particle velocity. Analogous to the previous 
derivations, the probability of destruction P<p of the wetted particles surface - and 
thus of the liquid film - can be calculated by the ratio of the wetted surface to the 
total surface of the particle. 

The probability of impact of particles with the wetted part of their surfaces is the 
product of both probabilities 


P z (x>l) = P T -P„ 


(85) 


The time-dependent destruction probability Pz of the wetted particle surface of a 
particle with typical parameters is illustrated in Fig. 16.17. 
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Fig. 16.17. Dependency of destruction probability on time 
(Ar= 1.7 X 10 6 , Rep = 663, d ApP = 0A m, <7>= 5 %, w p = 1 m s- 1 ). 

It is clear that the wetted surface is destroyed within a fraction of a second. Link 
[60] investigated the residence time of a liquid droplet onto a solid particle, and 
found that the liquid evaporates within the range of few seconds. The life-time of the 
film is thus greater than the time taken for the liquid film to be destroyed. The 
reason for this limitation of absorption by the liquid-phase mass transfer is 
the permanent destruction of the liquid film. 

1 6.3.2.4 Influence of the Gas Inlet Temperature 

The parameters of the experiments for the variation of the gas inlet temperature are 
displayed in Tabs. 16.5-16.8. 

Figures 16.18 and 16.19 present the comparison between measured and calculated 
steady-state gas outlet temperatures and conversions, depending upon the injection 
rate at different gas inlet temperatures. 

The tendency of the curves for constant gas inlet temperature was described in 
Section 16.3.2.2. High injection rates lead to smaller outlet concentrations and thus 
larger conversions. It is also clear that a higher gas inlet temperature leads to a 
smaller conversion during constant suspension injection. An increase in gas inlet 
temperature represents an increased driving force for the evaporation process, 
whilst a high heat flux between the liquid film and the gas leads to an increased 
liquid film temperature. The associated high contact temperature at the gas/liquid 
phase boundary leads to an increased saturation humidity of gas in the direct prox¬ 
imity of the phase boundary. As mentioned earlier, this higher humidity produces 
the high driving forces required for the evaporation process. Figure 16.20 illustrates 
the connection between NTU and associated increased conversion with increased 
injection rate. Clearly, at an increased gas temperature, the same conversion can 
only be obtained by having a high injection rate. A comparison of experimental and 
theoretical results showed that the model is capable of describe the conversions and 
outlet temperatures for different inlet temperatures (Fig. 16.21). One assumption 
made here was the momentary reaction with the complete conversion of sulfur 
dioxide. As the measured and simulated values were similar, the temperature 
influenced only the driving force of the drying process. 
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Table 16.5. Parameters of experiment V-l. 


Bed material (glass spheres): A-a = 0.00257 m, p P = 2470 kg m- 3 , mFB = 30 kg 


Parameter 

c 

<p 

m G 

c so 2 

0 " 


100.116 + 0.018 °C 

19 °C 

75% 

0.296 + 0.0008 kg s- 1 
966.89 + 4.22 mg Nnr 3 
15.7 + 0.63 °C 


Variation 


No. 

Ca/S ratio 

m,« P 

composition 

Injection rate 

1.57 

0.00692 + 2.7 x 10-4 kg s -i 

1.45 kg Ca(OH)2 

23.45 kg Hz0 


1.57 

0.00568 + 1.5 x 10-4 kg s-i 

1.45 kg Ca(OH)2 
19.05 kg H20 


1.57 

0.00442 + 1.2 x 10-4 kg s-i 

1.45 kg Ca(OH)2 
14-49 kg Hi0 


1.57 

0.00319 + 1.1x 10-4 kgs- 3 

1.45 kg Ca(OH)2 
10.05 kg H;0 


Although the temperature of the liquid film changes by 10 K due to an increased 
inlet temperature from 100 °C to approx. 190 °C, the effect of increased solubility of 
sulfur dioxide (Fig. 16.22) or calcium hydroxide on the conversion plays an insignifi¬ 
cant role. 

The thermodynamic model of Krissmann [53] was used in the calculations of 
these experiments, though this was limited by the phase equilibrium (Eq. (3)) and 
the reaction equilibrium (Eq. (4)). Calculation of the activity coefficients of the H+ 
ions and HSO 3 was performed according to the extended Debye-Hiickel theory, 
using the approximation of Pitzer 


lny‘ ddS =—Aa(T) 


1000 


M, 


2 z? / „ ^ 


( 86 ) 


The reference condition of the ideal diluted solution and the ion strength I x is 
approximated with the mass content 


Ix = 



(87) 
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Table 16.6. Parameters of experiment V-2. 


Bed material (glass spheres): d 32 = 0.00257 m, p P = 2470 kg m-3, mFB = 30 kg 
Parameter 


d" 

130.963 + 0.0158 

°C 


d E 

23 °C 



<P 

68% 



m G 

0.297 ± 0.000834 kg s- 1 


c so 2 

969.59 + 4.0 mg Nm- 3 


df 

13.5 ± 0.45 °C 



Variation 




No. 

Ca/S ratio 

m susp 

composition 

Injection rate 

1.56 

0.00414 ± 2.45 X 10^ kg s-i 

1.45 kg Ca ( OH j 2 
13-45 kg H;0 


1.56 

0.00701+ 1.11x10^ kg s-i 

1.45 kg Ca ( OH j 2 
23.75 kg H]0 


1.56 

0.00824 + 1.86 X 10^ kg s- 1 

1.45 kg Ca ^ OH j 2 
28.25 kg Hz0 


1.56 

0.00563+ 1.12x 10^ kg s-i 

1.45 kg Ca ( OH j 2 
18.85 kg HjQ 


The activity coefficient of the molecular diluted sulfur dioxide is set to 1. The water 
activity is 


l na H 2 o _ Mh 2 o 

-M 


2A 0 (T)I 1 


1 + b VI 


- 2 2 

i*H 2 0j*H 2 0 


Vij 0) + 2 /?ij n) exp(-a n VT) 

n=l 


( 88 ) 


H,0 2 m i 
i*H.O 


In this case, the ion strength is described by 

( 89 ) 

z j 

The parameters q, b and a were set to q = 1, b = 1, 2 and a = 2.0 [52]. The interac¬ 
tion parameters pj“’ and fl 1 "’ can be found in tables. 


16.3.2.5 Influence of Gas Mass Flow 

The parameters for the variation of gas mass flow and thus for the influence 
of the He-number onto the conversion of the component SO 2 are displayed in 
Tabs. 16.9-16.11. 
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Table 16.7. Parameters of experiment V-3. 


Bed material (glass spheres): d 32 = 

0.00257 m, p P = 2470 kg m- 3 , mFB = 

30 kg 

Parameter 




c 

161.611 ±0.0195 °C 



22 °C 



<P 

65 % 



m G 

0.295 ± 0.001065 kg s- 1 


c so 2 

972.217 ± 10.9 mg Nm-> 


K 

10.3 ± 0.2 °C 


Variation 




No. 

Ca/S ratio 

m susp 

composition 

Injection rate 

1.57 

0.01243 + 1.75 xKHkgs- 1 

1.45 kg Ca(OH)2 

43.35 kg H]0 


1.57 

0.00976+ 1.11x10^ kgs- 1 

1.45 kg Ca(OH ) 2 

33.65 kg Hi0 


1.57 

0.00702 ± 6.67 x 1(H kg s- 1 

1.45 kg Ca(OH ) 2 

23.85 kg Hj0 


1.57 

0.00282 ± 9.43 X 10- 5 kg s- 1 

1.45 kg Ca(OH)2 


865 kg H;0 

The measurements and simulations in Figs. 16.23 and 16.24 show that a high gas 
throughputs leads to a lower conversion and higher outlet temperature when the 
liquid injection is constant. There is a overlap of formation of the mass transfer 
surface and of mass transfer of the absorbed component. An increase in gas 
throughput does not yield to a change of the Sh-number and thus to an enhanced 
heat and mass transfer. 

The functional progression dependency of the Sh-number on gas mass flow, 
expressed by the Re-number, is illustrated for experiment V-9 in Fig. 16.25. The 
curve has a maximum which is caused by the higher expansion (relative porosity) of 
the fluidized bed [66]. In contrast to fixed beds, the energy input in fluidized beds is 
higher because of higher gas throughputs, and consequently the drying is faster. 

The higher enthalpy flow of the increased gas mass flow leads to a faster drying, 
and thus to a decreased liquid loading as well as mass transfer surface. Thus, the 
conversion is lower at constant conditions. 

The steady-state humidity of the gas at the outlet of the fluidized bed follows with: 


v 0ut — v in 
i H 2 0 — i h 2 o 


+ 



(90) 
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Table 16.8. Parameters of experiment V-4. 


Bed material (glass spheres): d 32 = 0.00257 m, p P = 2470 kg nr 3 , mFB = 30 kg 
Parameter 

192.672 ± 0.0179 °C 

0 E 18 "C 

(p 75% 

mG 0.297 ± 0.001 kg s-i 

r m 958.34 ± 10.41 mg Nm- 3 

Cso 2 

14.1 ± 0.5 °C 


Variation 




No. 

Ca/S ratio 

rii s „ !p 

composition 

Injection rate 

1.58 

0.01243 ± 7.78 x 10^ kg s-i 

1.45 kg Ca(OH)2 
23.65 kgp^o 


1.58 

0.00976 + 9.34 x 10^ kg s-i 

1.45 kg Ca(OH>2 
33.35 kg Hi0 


1.58 

0.00702 + 1.43 x 10- 5 kg s- 1 

1.45 kg Ca(OH)2 

43.45 kg Hi0 


An analysis of the driving force of evaporation is necessary, as an increase in gas 
mass flow yields to a lower outlet humidity. An approximation for the evaporated 
molar mass flux is given by: 


So,G 

1 h 2 



(91) 


A decreased gas outlet humidity entails a decrease in average gas humidity over 
the bed height, and an increase in driving force for the evaporation. Thus, it is evi¬ 
dent that a driving force rising due to a larger gas throughput must lead to a smaller 
mass transfer surface. Likewise, the influence of gas throughput on the conversion 
of sulfur dioxide can be reduced with the theoretical model to NTU. The gradient of 
the function NTUso 2 =f (Re) (Fig. 16.26) is larger at high gas throughputs. 


16.3.2.6 Influence of the Particle Diameter 

Two experiments were carried out at a gas inlet temperature of 130 °C and 160 °C to 
investigate the influence of the diameter of the bed material on reactive absorption. 

The experimental parameters for a gas inlet temperature of 130 °C are summa¬ 
rized in Tabs. 16.6, 16.9 and 16.12. 

The parameter values for a gas inlet temperature of 160 °C are listed in Tabs. 16.7, 
16.13 and 16.14. 

In the investigated diameter range, there were no significant differences between 
the conversions and outlet temperatures (Figs. 16.27-16.30). An increase in the 
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5 20 35 50 

m Sus P [kg/hl 


Fig. 16.18. Dependency of outlet temperature on injection rate 
for different gas inlet temperatures, experiment V-l: $G,in = 100 °C, 
V-2: = 130 °C, V-3: = 161 °C, V-4: i} G ,m = 192 °C (symbols 

= experiments; lines = model). 



Fig. 16.19. Dependency of conversions on injection rate for 
different gas inlet temperatures, experiment V-l: i9c,in = 100 °C, 

V-2: ifcjn = 130 °C, V-3: = 161 °C, V-4: tfc.in = 192 °C 

(symbols = experiments; lines = model). 

diameter of the bed particles resulted in a larger Re-number at constant gas mass 
flow 


Re P = 


w r d p 


(92) 


The larger Re-number is contained in the empirical Sh-approximation for the 
calculation of the mass transfer coefficient gas-particle. Increases in the Re-number, 
Ar-number and Sh-number do not provide a large gas mass transfer coefficient, as 
this will decrease due to diameter growth and thus lead to larger Sb-numbers. This 
dependency is illustrated by the equation from Rowe [78] 
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Fig. 16.20. Relationship between injection rate, conversion und 
NTU ; experiment V-l: ifcjn = 100 °C, V-3: = 161 °C. 



Fig. 16.21. Dependency of conversion on NTU, experiment 
V-l: 7k,m = 100 °C, V-2: j9c,m = 130 °C, V-3: 0c,m = 161 °C, V-4: 
$G, in = 1 92 °C. 



Fig. 16.22. Phase and reaction equilibrium of SO 2 and H 2 O 
(symbols = experiments). 
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Fig. 16.23. Dependency of outlet temperature on injection rate 

for different gas mass flows, experiment V-9: m c =0.153 kgs -1 , 
V-5: = 0.289 kg s -1 , V-10: = 0.392 kg s -1 (symbols = 

experiments; lines = model). 



Fig. 16.24. Dependency of conversions on m c = 0.289 kg s -1 , V-10: m c =0.392 kgs -1 

injection rate for different gas mass flows, (symbols = experiments; lines = model), 

experiment V-9: m c =0.153 kgs -1 , V-5: 


Sh = 2 + 0.72 VRe\/Sc (93) 

^g = _S^pD = 2D +0J2 

dp dp V v^dp 

The transport of sulfur dioxide in the gas phase to the particles, as well as trans¬ 
port of water vapor from the particles, is a convective mass transfer. Both mass 
transfer coefficients can be described by Sh-approximations. Thus, progression of 
the Sh-numbers and the mass transfers coefficients must be qualitatively identical 
(Fig. 16.31). 
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Table 16.9. Parameters of experiment V-5. 


Bed material (glass spheres): CI 32 = 0.0015 m, p P = 2470 kg m-t, mFB = 30 kg 


Parameter 

<p 

130.78 ± 0.045 °C 

21 °C 

71% 



m G 

c so 2 

C 

Variation 

0.289 ± 0.00113 kg s- 

920 ± 6.47 mg Nm - 1 

11.4 + 0.5 °C 

l 


No. 

Ca/S ratio 

m !mp 

composition 

Injection rate 

1.69 

0.00293 ± 1.26 X 1(H kg s - 1 

1.45 kg Ca(OH ) 2 
9-1 kg H2 o 


1.69 

0.00469 ± 7.78 x 10-5 kg s - 1 

1.45 kg Ca(OH ) 2 

15.45 kg Hz0 


1.69 

0.0059 + 1.26 x 1(M kg s~i 

1.45 kg Ca(OH j 2 
19-79 kg Hi0 


1.69 

0.00739 ± 7.78 x 1(H kg s-t 

1.45 kg Ca(OH ) 2 
25.15 kg H20 


The increase in diameter during granulation or agglomeration produces, by a 
decrease in mass transfer coefficient and thus by a worsened drying, to a larger mass 
transfer surface. The opposite mechanism is the process of absorption, and a 
decrease in the mass transfer coefficient is the limiting condition. A reduction in the 
gas phase mass transfer coefficient increases the limitation. A change in particle 
diameter by either growth or attrition entails two effects for the absorption process. 
An increase in the mass transfer surface due to particle growth results in a decrease 
of the gas phase mass transfer coefficient. The question remains as to whether these 
processes have positive or negative effects on the conversion of the absorbed compo¬ 
nent, sulfur dioxide. 

It is clear from Fig. 16.32 that for the quantitative evaluation of convective mass 
transfer, the product of the two quantities - mass transfer surface and mass transfer 
coefficient - is crucial. As a result, a constant product of mass transfer coefficient 
and mass transfer surface under the conditions of a constant fluidization mass flow 
has a constant number of transfer units ( NTU) . 

If NTU is constant, then the conversion cannot change (Fig. 16.33). These theoret¬ 
ical considerations confirm the experimental tendency that the conversion of sulfur 
dioxide is not dependent upon the diameter of the particles in the examined range. 
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Table 16.10. Parameters of experiment V-9. 


Bed material (glass spheres): d 32 = 0.0015 m, p P = 2470 kg m 3 , itifb = 30 kg 


Parameter 

d” 

<P 


Variation 

No. 


Injection rate 


130.57 ± 0.0626 °C 

17 °C 

76% 

0.1528 ± 0.000396 kg s-i 
1665.25 + 4.25 mg Nm- 3 
10.2 ± 0.3 °C 


Ca/S ratio 

m susp 

composition 

1.46 

0.00176 ±1.4x10-4 kg s-i 

1-2 kg Ca ( OH ) 2 



5-2 kg H20 

1.46 

0.00308 ± 1.04 X 10^ kg s- 1 

1-2 kg Ca ( OH ) 2 



9-9 kg H20 

1.46 

0.00424 ± 1.75 x 10^ kg s- 1 

1-2 kg Ca ( OH ) 2 



14.05 kg Hz0 

1.46 

0.00517 ±8.52x10^ kg s-i 

1-2 kg Ca ( OH j 2 


17.4 kg Hi0 


16.3.3 

Experiments for Reactive Absorption with Overlapped 
Granulation of Solid 

16.3.3.4 Experimental Realization 

During the experiments, contrary to the pure reactive absorption, a stationary 
regime is pursued. The solid mass content of the suspension is much higher than is 
theoretically required for sulfur dioxide absorption. Thus, the process times will be 
reduced and the granulation effect with overlapped reactive absorption can be 
achieved within a few hours. In order to achieve a better granulating effect, carboxyl 
methyl cellulose (CMC) was added to the suspension as a binder. 

After filling the apparatus with the hold-up, heating of the particles occurred until 
constant temperatures were achieved, whereupon injection of the suspension is 
commenced. 

During the batch experiments (no particle discharge), which are conducted mainly 
at high solid concentrations, the nozzle must be cleaned manually using a cleaning 
pin in order to obtain a constant injection. 

In the non-classifying continuous granulation experiments, a permanent 
discharge of particles is necessary to keep the bed mass and pressure loss constant; 
this in turn is dependent on the amount of solid injected, the attrition, and the 
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Table 16.11 . Parameters of experiment V-10. 


Bed material (glass spheres): d 32 = 0.0015 m, p P = 2470 kg rrr 3 , itifb = 

30 kg 

Parameter 

c 

129.35 ± 0.0174 °i 

C 



19 °C 



<P 

m G 

68% 

0.3923 ± 0.000532 kg s-i 


c so 2 

778.77 ± 5.71 mg 

Nm-3 


K 

10.7 ± 0.3 °C 



Variation 

No. 

Ca/S ratio 

m susp 

composition 

Injection rate 

1.44 

0.00576 ± 2.36 x HH kg s- 1 

1.42 kg Ca(OH)2 

19.3 kg Hz0 


1.44 

0.00161 ± 7.78 x 10- 5 kg s- 1 

1.42 kg Ca(OH)2 

4A k gn 2 o 


1.44 

0.00436 ± 1.3 X 1(H kg s- 1 

1.42 kg Ca(OH)2 

14.3 kg H20 


1.44 

0.00298 +1.11 xl(H kgs- 1 

1.42 kg Ca(OH)2 

9-3 kg Hz o 


continuous feeding of external seeds. Constancy of the bed mass is controlled by 
the pressure loss. 

For the measurement of particle size distribution with time, samples were 
collected at set time intervals. 

16.3.3.2 Batch Experiments 

The bed mass loss is caused by elutriated particles (dust) generated by attrition, 
breakage and non-deposited spray drops (overspray). The overspray depends on the 
position of the nozzle. 

This dust separated by pneumatic filters or cyclones can be recycled and used as 
internal seeds (disperse phase) for the production of new particles or for the layered 
growth (continuous phase) of existing particles. One effect of the production of 
internal seeds is the formation of a wide particle size distribution, while the deposi¬ 
tion of the re-fed dust yields to growth of particles. 

Validation of the experiment without dust recycle and external seeds 

The parameters for the batch granulation experiment without dust recycle and 
external seeds V-13 are listed in Tab. 16.15. The measured number and mass density 
particle size distribution (Fig. 16.34) answer the question as to whether particle 
growth can be modeled as either size-dependent or size-independent in the 
estimated range. 
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Fig. 16.25. Dependency of the Sherwood number (Sh) on the 
Reynolds number (Re), experiment V-9. 



Fig. 16.26. Dependency of NTU on Re, experiment V-9. 



m Sus P [kg/h] 


Fig. 16.27. Dependency of outlet temperature on injection 
rate for different particle diameters and at inlet temperature 
tfcjn = 130 °C, experiment V-5: dp =1.5 mm, V-2: dp = 2.57 mm, 
V-6: dp = 3.29 mm (symbols = experiments; lines = model). 
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Table 16.12. Parameters of experiment V-6. 


Bed material (glass spheres): d 32 = 0.00329 m, p P = 2470 kg m- 3 , itifb 

= 30 kg 

Parameter 




c 

130.619 ±0.016” 

c 



17 °C 



<P 

80% 



rh G 

0.3 ± 0.0007 kg s 

-1 


c so 2 

956.25 ± 9.312 mg Nnr 3 


«L 

10.2 ± 0.1 °C 



Variation 




No. 

Ca/S ratio 

m susp 

Composition 

Injection rate 

1.57 

0.00436 ± 4.9 X 10-5 kg s -i 

1.45 kg Ca(OH ^ 

13.45 kg Hj0 


1.57 

0.00606 ± 7.78 x 10-5 kg s-' 

1.45 kg Ca(OH)2 

23.75 kg Hi0 


1.57 

0.00746 ± 1.12 x 10-4 kg s- 1 

1.45 kg Ca ( OH k 

28.25 kg H20 


1.57 

0.00331 ± 9.81 x 10-5 kg s- 1 

1.45 kg Ca(OH)2 

18.85 kg Hj0 


The batch process is characterized by a constant number of particles. The number 
and mass density distribution are constant in their form. This confirms the assump¬ 
tion of surface-proportional growth and thus the diameter-independent growth at 
uniform wetting of particles [30, 67, 68]. Every particle grows at the same rate, and 
an increase in process time would lead to a permanent reduction in growth rate due 
to permanent enlargement of the particle surface. In the limiting case of an infinite 
particle surface, the growth rate will be zero. The comparison between measure¬ 
ment (Fig. 16.34) and simulation (Fig. 16.35) shows a good agreement. 

A total mass balance is necessary for qualitative evaluation. A solid mass loss of 
1.2 % by depositions of dust on apparatus wall and by elutriation is demonstrated in 
Tab. 16.16. 

The essential objective was investigation of the fluidized bed as a convenient semi¬ 
dry absorption reactor for the extensive reduction of dust production by coupling of 
the granulation. Measurements of sulfur dioxide concentrations (Fig. 16.36) and par¬ 
ticle growth (Fig. 16.37) for experiment V-13 confirm for the first time that coupling 
of the thermal transfer processes of absorption and drying with the mechanical 
growth process of granulation can be achieved in a single processing step. It is also 
of interest that at different injection rates the bed mass increases (Fig. 16.37(b)), 
whilst the particle number remains constant. The Sauter diameter growth is seen to 
be declining (Fig. 16.37(a)). 
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Table 16.13. Parameters of experiment V-7. 


Bed material (glass spheres): An = 0.0015 m, p P = 2470 kg m- 3 , mFB = 30 kg 


Parameter 

<p 

161.579 ± 0.05 °C 

25 °C 

61 % 



m G 

0.284 ± 0.0012 kg 

s- 1 


c so 2 

Variation 

940.05 + 8.01 mg 

11.7 + 0.2 °C 

Nm- ! 


No. 

Ca/S ratio 

m susp 

composition 

Injection rate 

1.69 

0.00463 ± 9.9 x 10- 5 kg s- 1 

1.45 kg Ca(OH)2 
15-19 kg H]0 


1.69 

0.00768+ 7.17xlO- 5 kgs- 1 

1.45 kg Ca j OH j 2 
26.19 kg Hz0 


1.69 

0.01 + 1.55 x 10^kgs- 1 

1.45 kg Ca j OH j 2 
34.79 kg H]0 


1.69 

0.0115 + 9.84 x lO- 5 kg s- 1 

1.45 kg Ca(OH)2 
40-15 kg H2Q 


The different injection rates explain the possibility of process control. This process 
would be stable at high conversions at constant nozzle operation. The reason for 
temporal clogging of the nozzle is the high solid content of the suspension and the 
coarse suspended calcium hydroxide. A cyclic cleaning of the nozzle has been used 
in later experiments. 

Validation of the experiment with dust recycle and without external seeds 

Parameters for the batch granulation experiment with dust recycle and without 
external seeds V-14 are listed in Tab. 16.17. The objective was to investigate the 
deposition of the recycled dust. 

Figures 16.38 and 16.39 demonstrate that the form of the particle size distribu¬ 
tions is once again almost constant during the process time, and consequently the 
pneumatic recycled dust is not used for seed production. Dust is deposited on the 
particles because the nozzle position is close to the dust recycle tube (uniform 
wetted dust), and this leads to an enlarged particle growth. The measured time- 
dependent gas outlet temperature and the measured time-dependent conversion 
corresponds with simulations (Fig 16.40). The bed mass growth is linear at constant 
liquid injection rates (Fig. 16.41). The change in particle size distribution value and 
of the Sauter diameter is, again, declining. 
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Table 16.14. Parameters of experiment V-8. 

Bed material (glass spheres): As 2 = 0.00329 m, p P = 2470 kg m- 3 , mFB = 30 kg 
Parameter 

161.609 ± 0.238 °C 
22 °C 

<p 64% 

m G 0.305 ± 0.00079 kg s-i 


c so 2 

961.2 + 5.11 

mg Nm- ] 


K 

9.8 + 0.3 °C 



Variation 




No. 

Ca/S ratio 

m„ sp 

composition 

Injection rate 

1.53 

0.00439 + 7.78 x 10-5 kg s-i 

1.45 kg Ca(OH ) 2 
14.35 kg Hj0 


1.53 

0.00718+ 7.17x10-5 kg s-i 

1.45 kg Ca(OH ) 2 

24.45 kg Hz0 


1.53 

0.00968 + 7.17 x 10^ kg s-i 

1.45 kg Ca ( OH ) 2 

33.45 k gHi0 


1.53 

0.0111 + 2.58 x 10-5 kg s- 1 

1.45 kg Ca(OH ) 2 
38.55 kg Hj0 


An analytical solution for the surface proportional growth is given by Eq. (95): 

dd 32 2m So iid 2vd Solid | 

dt ftolid A tot Aiolid^ Nd 32 

With integration of the differential equation 


^32 2 

/ d 32 dd 32 = 
d« 


follows 


2m Solid y tdt 

PSolid^N t=0 


(96) 


(d S*) 3 =(C °) 3 


6rd Solid t 

PS olid^ N 


(97) 


The function CI 32 = f(t) has no boundary value. The progression of the Sauter 
diameter of experiment V-14 shows an agreement between measurement and 
analytical solution (Fig. 16.42). Experiment V-14 shows the achievement of a high 
conversion of the absorbed gas component sulfur dioxide by simultaneous granula¬ 
tion of the reaction product in a fluidized-bed reactor. 

The total mass balance in Tab. 16.18 illustrates that the dust recycle and deposition 
onto the particles reduces dust formation and assists particle growth. 
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Fig. 16.28. Dependency of conversion on experiment V-5: dp =1.5 mm, V-2: 

injection rate for different particle diameters dp = 2.57 mm, V-6: dp = 3.29 mm 

and at inlet temperature = 130 °C, (symbols = experiments; lines = model). 

140 i-1 


ft. 



■ .'Nj 

5 Q - gas inlet temperature 160 °C 
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Fig. 16.29. Dependency of outlet temperature experiment V-7: dp = 1.5 mm, V-3: 

on injection rate for different particle diameters dp = 2.57 mm, V-8: dp = 3.29 mm 

and at inlet temperature $;> = 160 °C, (symbols = experiments; lines = model). 
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Fig. 16.30. Dependency of conversion on experiment V-7: dp = 1.5 mm, V-3: 

injection rate for different particle diameters dp = 2.57 mm, V-8: dp = 3.29 mm 

and at inlet temperature i9c,in = 160 °C, (symbols = experiments; lines = model). 












510 


16 Reaction-Assisted Granulation in Fluidized Beds 


Table 16.15. Parameters of experiment V-13. 


Bed material (glass spheres): An = 0.002682 m, p P = 2470 kg nr 3 , mFB = 20 kg 
Parameter 



100.29 ± 0.018 

°C 



19 °C 



<P 

73% 



m G 

0.5613 ± 0.00038 kg s-i 


c so 2 

353.98 ± 6.77 mg Nm-3 


< 

10.1 ± 0.4 °C 



^binder 

1.5 mass-% 



Variation 




No. 

Ca/S ratio 

m SUS p 

composition 

Injection rate I 

4.32 

0.00666 ± 9.05 X 10-4 kg s-i 

1.45 kg Ca ( OH k 




9*1 kg Hz0 

Injection rate II 

8.09 

0.01246 ± 4.38 X 10-4 kg s -i 

1.45 kg Ca ( OH k 




91 kg Hl0 

Injection rate III 

6.66 

0.01025 + 1.78x10-4 kg s-i 

1.45 kg Ca j OH j 2 


91 k g H2 o 


16.3.3.3 Continuous Experiments 

In practice, the power plants operates with continuous downstream desulfurization. 
The continuous granulation process presents, in contrast to the batch process, the 
advantage of operating the plant at lower costs under stationary conditions at higher 
product throughputs. One characteristic of the stationary operation point - in 
addition to constant mass flows, temperatures and humidity - is a constant 
granulate spectrum. In order to form this constant granulate spectrum, it is 
essential to start with injection of the suspension into the fluidized bed, and to have 
seeds of a certain quantity and size. The seeds can either be fed externally or 
produced by partial milling of the oversized product and the successive recycle. The 
steady state is obtained by complete discharge of granulates of the hold-up. 

The following experiments were carried out with a non-classifying discharge of 
particles by an industrial vacuum cleaner. 

Validation of the experiment with dust recycle and without external seeds 

The constant non-classifying discharge leads to a constant bed mass; this is the 
central condition of continuous operation. 

The parameters listed in Tab. 16.19 represent experiment V-15. The objective was 
to analyze the influence of absent seeds on the stability of the semi-batch process. 
Without external seeds, the number of particles will decrease as particles are 
discharged. 
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Fig. 16.34. Measured number and mass density distribution, 
experiment V-l 3. 



Fig. 16.35. Simulated number and mass density distribution, 
experiment V-l 3. 


Table 16.16. Solid mass balance, experiment V-l3. 


Fed solid 

Hold-up: 

20 kg 

Injection rate I, duration: 1.85 h 

5.116 kg 

Injection rate II, duration: 0.5 h 

2.588 kg 

Injection rate III, duration: 0.633 h 

2.699 kg 

Sum: 

30.4 kg 

Discharged solid 

Bed mass (end) + samples: 

25.56 kg 

Cyclone (end): 

4.48 kg 

Sum: 

30.04 kg 
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Fig. 16.36. Progression of gas outlet temperature and of 
conversion overtime, experiment V-13. 
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Fig. 16.37. Progression of Sauter diameter and bed mass over 
time, experiment V-l 3 (simulation: Ra = 0.075 kg im 2 h" 1 , 

kos = 0 %, kgrowth = 1 00 %, ksep = 0 %). 

On the basis of Fig. 16.46, it is clear that the particle diameters change due to 
granulation, while the coupled mass and heat transfers from gas to particles does 
not affect the conversion. As all of these experiments show, the crucial criterion is 
the suspension stored in the bed. Absorption of the gas component can occur only 
by the mass transfer surface. As a result of the nozzle clogging, the liquid in the 
granulator begins immediately to dry, and the drying process entails a decrease in 
mass transfer surface for absorption and a reduction in the conversion. Thus, an 
increasing concentration and associated conversion of sulfur dioxide can be 
explained in the case of nozzle failure. 

The solid injected with the suspension is constant, and particle growth is enlarged 
with process time due to the surface-proportional growth. Thus, progression of the 
Sauter diameter over time (Fig. 16.47) as well as the number and mass of particle 
size distributions, is progressive (Figs. 16.44 and 16.45). The non-classifying dis¬ 
charge has no influence on the form and width of the particle size distributions. 
Illustrations of the hold-up particles and the product are shown in Fig. 16.43. 
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Table 16.17. Parameters of experiment V-14. 


Bed material (coated glass spheres): d 32 = 0.002916 m, p P = 2470 kg nr 3 , hifb = 20 kg 


Parameter 



c 

100.813 ± 0.033 °C 


«< 

20 °C 


<p 

75% 


m G 

0.549 ± 0.0008 kg s~i 


c so 2 

384.35 ± 4.66 mg Nm-3 


K 

18.6 ± 0.37 °C 


^binder 

Variation 

1.5 mass-% 


No. 

Ca/S ratio m susp 

composition 

Injection rate I 

12.88 0.015 ± 7.0 x 10- 4 kg s* 1 

^Bca(OH) 2 

84 kg H2 o 



t [min] 


d [mm] 


Fig. 16.38. Measured number and mass density distribution, 
experiment V-14. 



Fig. 16.39. Simulated number and mass density distribution, 
experiment V-14. 






























CI 32 [mm] % out 


514 


16 Reaction-Assisted Granulation in Fluidized Beds 




Fig. 16.40. Progression of gas outlet temperature and of 
conversion overtime, experiment V-14. 




time [h; min] 


Fig. 16.41. Progression of Sauter diameter and bed mass over 
time, experiment V-14 (simulation: Ra = 0.075 kg m~ 2 h _1 , 

kos = 0 %, kgrowth = 100 %, ksep = 80 %). 



Fig. 16.42. Progression of the Sauter diameter over time 
measurement versus analytical solution, experiment V-14. 
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Table 16.1 8 . Solid mass balance, experiment V-14. 


Fed solid 

Hold-up: 20 kg 

Injection rate I, duration: 1.85 h 16.16 kg 

Sum: 36.16 kg 

Discharged solid 

Bed mass (end) + samples: 34.04 kg 

Cyclone (end): 0.88 kg 

Sum: 34.92 kg 


Table 16.19. Parameters of experiment V-15. 


Bed material (coated glass spheres): d 32 = 0.003756 m, p P = 2470 kg nr 

- 3 , mFB = 20 kg 

Parameter 



K 

101.167 + 0.036 °C 



22 °C 


<P 

68% 


m G 

0.639 ± 0.0006 kg s 4 


c so 2 

316.37 ± 8.6 mg Nm-3 



16.3 ± 0.48 °C 


X binder 

1.5 mass-% 


Variation 



No. 

Ca/S ratio ™ 

A11 susp 

composition 

Injection rate I 

21.25 0.0167 ± 7.1 x KT 4 kg s- 1 

24 kg Ca ( OH ) 2 


80 kg H jo 


The growth rate tends to infinity over a very long process time due to permanent 
particle discharge and a decrease in the number of particles. The boundary limita¬ 
tion is a decrease of the particle surface near to zero. This is the worst case where 
fluidization is not possible. 

Figure 16.48 presents a comparison of the calculation of bed mass under use of 
pressure loss and of the Sauter diameter. Although both progressions showed the 
same tendency, the constant reduction of the particles justified their elutriation and 
the excessive amount of particles discharged by a industrial vacuum cleaner during 
the experiments. The total mass balance is listed in Tab. 16.20. 

Validation of the experiment with dust recycle and with external seeds 

Experiment V-15 shows that seeds are necessary for a continuous process. Thus, 
experiment V-16 describes a continuous experiment with larger monodisperse glass 
spheres as hold-up, and with smaller monodisperse glass spheres as external seeds 
(Fig. 16.49), together with recirculation of the dust. The mass flow of the seeds 
influences the duration until steady state is attained, whilst the size of the seeds 
influences the particle size distribution of the product [30]. 
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Heinrich [30] reported that a rapid achievement of steady state depends on 
complete substitution of the hold-up particles by external seeds when the hold-up 
and seed particles are of the same size, and very small. Otherwise, the unsteady 
start-up phase is of much longer duration and the particle size distribution of the 
product is wider. 

A high seed mass flow of 4 kg fr 1 in relation to a hold-up of 20 kg used to reduce 
the unsteady start-up phase is shown in Tab. 16.21. 

The time-dependent number and mass density distribution shown in Figs. 16.51 
and 16.52 is wide, and illustrates the influence of the seeds. The agreement between 
measurement and simulation is good. The non-classifying discharge results in a 
bimodal distribution, and the local maximum at larger particle diameters in the 
mass distribution is characterized by granules of the hold-up, while the left side of 
the size distribution is dominated by the added external seeds. There is a large num¬ 
ber of seeds in the number distribution. Steady state was not reached during the 




time [h; min; s] time [h; min; s] 

Fig. 16.46. Progression of gas outlet temperature and of 
conversion over time, experiment V-l 5. 


Table 16.20. Solid mass balance, experiment V-15. 


Fed solid 

Hold-up: 

20 kg 

Injection rate I, duration: 1.58 h 

21.95 kg 

Sum: 

41.95 kg 

Discharged solid 

Bed mass (end) + samples: 

15.6 kg 

Cyclone (end): 

4.1kg 

Sample 1 (13 min): 

3 kg 

Sample 2 (30 min): 

3.1kg 

Sample 3 (43 min): 

3.2 kg 

Sample 4 (59 min): 

3.53 kg 

Sample 5 (73 min): 

3.4 kg 

Sample 6 (84 min): 

6.67 kg 

Sum: 

39.6 kg 
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time [h; min; s] 

Fig. 16.47. Progression of the Sauter diameter over time, 
experiment V-l 5. 



Fig. 16.48. Progression of the bed mass overtime, experiment 
V-l 5. 



Fig. 16.49. Ill ustration of external seeds (inert glass spheres, 
d 32 = 1.655 mm), experiment V-l 6. 
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Table 16.21 . Parameters of experiment V-16. 


Bed material (coated glass spheres): d 32 = 0.003297 m, p P = 2470 kg nr 3 

\ 1TTFB = 20 kg 

Parameter 





101.476 ± 0.021 °C 




21 °C 



<P 

74% 



rh G 

0.436 ± 0.0003 kg s- 1 



c so 2 

381.03 ± 9.58 mg Nnr 

-3 



13.3 ± 0.48 °C 



X binder 

1.5 mass-% 



^seeds 

4 kg h- 1 



^3 2, seeds 

0.001655 m 



Variation 




No. 

Ca/S ratio 

m susp 

composition 

Injection rate I 

21.09 

0.0136 ±2xl(Mkg s-i 

42 kg Ca(OH)2 

140 kg H! o 


experiment because the hold-up was not fully discharged after 200 min. Figure 16.50 
confirms that the product still consists of particles of different sizes. 

The progression of measurements in Figs. 16.53 and 16.54 shows the feasibility of 
the continuous process at high conversion. 

The total mass balance is summarized in Tab. 16.22. 

16.3.4 

Comparison between Measurement and Simulation 

In this section, we are concerned with gas outlet temperatures and conversions of all 
reactive absorption measurements. Figures 16.55 and 16.56 show that both the gas 
outlet temperatures and conversions can be approximated by the proposed model. 

It is clear from Fig. 16.57 that the conversions can be realized up to 90 % for small 
NTU of 3 in a liquid-sprayed fluidized bed. It also shows that the assumption of 
ideal plug flow of gas (PFTR) is more appropriate than the assumption of ideal mix¬ 
ing of the gas (CSTR). 

16.3.5 

Simplified Stationary Balancing 

The increasing efficiency of computational technology, together with associated pos¬ 
sibilities of solving complicated differential equations or set of equations, leads to 
ever-more complex models. Thus, for the practicing engineer the most up-to-date 
realizations often remain inaccessible. For this reason, in the following sections the 



q 0 [1/mm] 
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Fig. 16.50. Illustration of partially coated glass spheres as hold¬ 
up (left) and calcium hydroxide-coated glass spheres as product 
(right), experiment V-l 6. 


Fig. 16.51. Measured number and mass density distribution, 
experiment V-l 6. 


Fig. 16.52. Si mulated number and mass density distribution, 

experiment V-l 6. 
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Fig. 16.53. Progression of gas outlet temperature and of 
conversion over time, experiment V-l 6. 
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Fig. 16.54. Progression of Sauter diameter and bed mass over 
time, experiment V-l 6. 


equations are arranged for computation of the stationary values for balance quanti¬ 
ties such as outlet humidity, outlet temperature and outlet loading of absorption 
component, and the Sauter diameter of the product. All mass fluxes entering or leav¬ 
ing both the fluidized bed and the bed mass are assumed to be initial parameters. It 
is possible to use the inverse simulation procedure to calculate initial conditions at 
given product parameters. The simplified balances are based on the continuous 
process with non-classifying particle discharge and feeding of external seeds. The 
following assumptions are added to the assumptions from Section 16.2.1: 

• neglect of heat loss over the apparatus wall (adiabatic condition); 

• no dust recycling; 

• neglect of non-deposited spray drops (overspray), attrition, agglomeration and 
breakage; 

• consideration of a momentary reaction of the sulfur dioxide with the film, 
which occurs at the wetted surface; 

• a limitation of the conversion of the sulfur dioxide is evoked by the gas phase 
mass transfer and the mass transfer surface; 

• neglect of the water content of the product and of the seeds; and 

• the product temperature is equal to the gas outlet temperature. 
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Table 16.22. Solid mass balance, experiment V-16. 


Fed solid 


Hold-up: 

Injection rate I, duration: 3.7 h 
Seeds: 

Sum: 

20 kg 

41.8 kg 

14 kg 

75.8 kg 

Discharged solid 

Bed mass (end) + samples: 

25.1 kg 

Cyclone (end): 

4 kg 

Sample 1 (19 min): 

3.5 kg 

Sample 2 (33 min): 

3.5 kg 

Sample 3 (50 min): 

3.5 kg 

Sample 4 (65 min): 

3.5 kg 

Sample 5 (79 min): 

3.5 kg 

Sample 6 (94 min): 

3.53 kg 

Sample 7 (110 min): 

3.27 kg 

Sample 8 (125 min): 

2.75 kg 

Sample 9 (139 min): 

3 kg 

Sample 10 (154 min): 

1.87 kg 

Sample 11 (170 min): 

3 kg 

Sample 12 (185 min): 

2.85 kg 

Sample 13 (199 min): 

3 kg 

Sample 14 (215 min): 

2.64 kg 

Sum: 

72.51 kg 


The amount of calcium hydroxide required can be calculated at a given gas mass 
flow, sulfur dioxide concentration and calcium/sulfur ratio: 


^CalOH). ~ ^ 


i M Ca(OH) 2 
Men 


L SO, 


RT° 
1g P°M, 


(98) 


The stoichiometric ratio A* should be minimal 1 for a complete conversion. It is 
possible to determine the diameter growth of the seeds with the mass flow and the 
solid content of the suspension and with the average residence time. The residence 
time is the ratio of the number of bed particles to the seeds flux 


t 


res 


N 

^ seeds 


(99) 


The seeds flux can be estimated by seeds mass flow, diameter of the seeds and 
particle density. By integration of Eq. (95) 



-^L/tdt 

Psolid^N t=0 


( 100 ) 
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over residence time with the assumption of a constant bed surface (stationary condi¬ 
tion) results in the Sauter diameter of the bed 


d 32 


= d 


seeds 


. ^rc^solid x. 
Psolid^ d 3 2 N 165 


( 101 ) 


The gas outlet humidity is described by the total water balance 


v out 

i H 2 0 


V in 

i h 2 o 


+ mH i o 

^dryA 


( 102 ) 


With du and Y™‘ 0 , the average degree of wetting is approximated by Eq. (103) 


4 > = - 


MryA 


?G 

'H 7 0' 


^ d 3 2 Np dryA 


In 


(103) 


The mass transfer coefficient (3)) 0 is calculated accordingly to Gnielinski [25] 
under the assumption Shc.p ~ Sh s i ng kpanicle [66]. The isenthalpic saturation humidity 
Y“o is Yrelated to the inlet condition of the gas. 

The sulfur dioxide outlet loading of the dry air is given by Eq. (104) 


= Y S o,exp 


/^H 2 O^ d 3 2 N0PdryA 


1 dryA 


(104) 


The energy balance results to the gas outlet humidity 


P° ut = 


^dryA if'P,dryA *6 G\H 2 o'E] 1,0 ~E *-P,S0 2 ^SO-, ) "E ^prod 4 -P.solid 

X j^dryA [ c P,dryA^G n + Yp^o ( c P,H 2 O^G n + r 0 ) + Yso 2 c P,S0 2 ] + 

"E^susp^-P.susp^susp “E rd seeds c P,solid^seeds ^ d dryA Yp[ 2 O^0 | 


(105) 


16.4 

Conclusions 

In the present studies, the possibility of realizing absorption processes with reactive 
conversion of the absorbed gas component in liquid-sprayed fluidized beds is inves¬ 
tigated. The goal of this new technology is the production of a free-floating product 
and a simultaneous high conversion of the absorbed gas component. The main 
subject of these studies is the experimental investigation of reactive absorption and 
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Fig. 16.55. Comparison ofthe measured and simulated gas 
outlet temperatures. 



Fig. 16.56. Comparison of measured and simulated sulfur 
dioxide conversions. 



Fig. 16.57. Comparison of measured and simulated sulfur 
dioxide conversions in dependence of NTU. 









7 6.4 Conclusions | 525 

granulation, as well as the development of a model to calculate conversion, gas out¬ 
let temperature and particle size distribution. 

A mixture of humid air and sulfur dioxide forms the model gas for these experi¬ 
ments, as in today’s world the removal of sulfur dioxide from exhaust gases is an 
important gas cleaning process. Calcium hydroxide suspension was injected as a 
reactant, and the experimental investigations have been subdivided into two parts. 

In the first part, the influence of process parameters is investigated. Variation of 
the injection rate of a suspension shows a substantial influence on the obtained con¬ 
version of sulfur dioxide. This is attributed to the mass transfer surfaces produced 
within the fluidized bed, caused by variations in the liquid injection rate. A high 
mass flux of sprayed suspension leads to larger mass transfer surfaces and thus, 
with existing calcium hydroxide, to improved conversions of sulfur dioxide. The 
increase in suspension injection rate is limited by the receptiveness on solvent 
(water), and thus by the saturation of gas. An opposite mechanism to prevent 
agglomeration is a uniform liquid injection, with larger or more heavy particles resp. 
a higher mass transfer surface (a large number of particles). 

Investigations into the relationship between calcium and sulfur have shown that 
the minimum calcium hydroxide supply is determined by the desired conversion. 

This seems to be fluidized bed-specific, because investigations with spray absorption 
dryers have demonstrated clear dependence on the stoichiometric ratio. The conver¬ 
sion increases strongly with increasing reactant in the suspension, the reason being 
the decreased liquid phase mass transport. 

If sufficient calcium hydroxide is present in the spraying drop, then the diffusion 
of sulfur dioxide is small. In liquid-sprayed fluidized beds the drops or films on the 
particles are under permanent stresses, and particle-particle impacts lead to con¬ 
stant destruction of the film surface. Thus, no converted calcium hydroxide reaches 
the film surface to perform the reaction for disposal, and consequently a strongly 
over-stoichiometric process is not necessary. 

The results of investigations into changes in gas inlet temperature show that the 
influence on sulfur dioxide conversion of the driving force for the drying process can 
be reduced. An increase in gas inlet temperature leads to a higher evaporation and 
thus to a lower liquid mass, as well as to a decreased mass transfer surface. The con¬ 
version of sulfur dioxide is then reduced. The decrease in solubility of sulfur dioxide 
at high film temperatures caused by high gas temperatures is not important. From 
an economic viewpoint, a gas at low temperature is preferred because a lesser 
amount of liquid is required for equal conversion in comparison to high tempera¬ 
tures. This lower mass flows reduce the consumption of water, of pressurized air for 
atomization, and of pump/fan power. 

For fluidized beds, one essential operating parameter is that of gas throughput; 
this is necessary for fluidization of the bed material, and depends on the diameter 
and density of the particles and on the density and viscosity of the gas. These studies 
highlight the fact that sulfur dioxide conversion is decreased at increased gas flow 
rate, and thus with higher energy input. As a result, a more rapid drying of the liquid 
contained in the bed occurs with a coupled decrease in the mass transfer surface. 
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The average particle diameter which is growing during granulation and agglomer¬ 
ation has no effect on the conversion of sulfur dioxide. An increase in particle diam¬ 
eter leads to higher Re-numbers, and thus to an enhanced mass transfer of sulfur 
dioxide. However, the opposite phenomenon is that the increased mass transfer of 
the evaporation reduces the mass transfer surface. In addition, these experimental 
studies illustrate that the liquid-sprayed fluidized bed can be used as a reactive 
absorber. 

The second part of these studies is concerned with the experimental feasibility of a 
desired high conversion with simultaneous granulation of the reaction product and 
non-converted raw material due to drying of the suspension and accumulation on 
these particles in both batch and continuous modes of operation. The dust from 
attrition and overspray can either be deposited onto the particles or used as internal 
seeds, while the granulated products are free of dust and easily dosable. Cyclic clean¬ 
ing of the nozzle leads to optimal operation. 

In order to validate these experiments, a simplified model was developed which 
incorporates the partial mechanisms of the micro-processes. 

Symbols and Abbreviations 


A 

- 

activity 

A 

m 

average ion diameter 

A 

m 2 

surface area 

A 

- 

Debeye-Hiickel constant 

Aij> 

- 

osmotic coefficient 

B 

- 

Debeye-Hiickel constant 

C 

mg Nm- J 

concentration 

C P 

JkgK-i 

specific heat capacity 

£ P 

J mol K- 1 

molar heat capacity 

D 

m 

diameter 

D 32 

m 

Sauter diameter 

D 

m 2 s- 1 

diffusion coefficient 

E 

- 

Euler number [= 2.71828 x 1(H 9 ] 

F 

- 

fugacity 

fa 

- 

heat transport ratio 

g 

m S" 2 

gravity 

g 

J mol- 1 

molar Gibbs energy 

G 

J 

free enthalpy (Gibbs energy) 

h 

J mob 1 

molar enthalpy 

H 

J 

enthalpy 

H 

W 

enthalpy flux 

H 

m 

height 

H 

Bar 

Henry coefficient 

H- 

bar kg mob 1 

Henry coefficient related to molality 

I 

Mol kg- 1 

ionic strength 
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K 

- 

equilibrium constant 

kgrowth 

- 

efficiency of growth 

kos 

- 

efficiency of overspray 

ksep 

- 

separation efficiency 

1 

m 

length, distance 

m 

kg 

mass 

in 

mol kg- 1 

molality 

m 

kgs- 1 

mass flux 

M 

kg mok 1 

molar mass 

n 

mol 

mol quantity 

n 

mol s _1 

particle flux 

N 

- 

number 

N 

1 s- 1 

number flux 

P 

Bar 

partial pressure 

P 

Bar 

pressure 

Poy 

- 

poynting factor 

Pt 

- 

impact probability 

Po 

- 

impact probability particle-film 

Pz 

- 

destruction probability 

qo 

1 mm- 1 

number density distribution 

q3 

kg (kg mm)- 1 

mass density distribution 

Q 

W 

heat flux 

r 

m 

radius 

r 0 

J kmol- 1 

molar evaporation enthalpy 

R 

J (kg K)- 1 

specific gas constant 

R 

J (mol K)- 1 

universal gas constant 

Ratt 

kg rrr 2 • s 

attrition coefficient 

St 

s 

time 

T 

K 

temperature 

V 

m 3 mol- 1 

molar volume 

V 

m 3 

volume 

w 

m s- 1 

velocity 

X 

- 

mass content in the liquid 

X 

- 

mole content in the liquid 

X 

- 

conversion 

y 

- 

mass content in the gas 

y 

- 

mole content in the gas 

Y 

- 

mole loading 

Y 

- 

average mole loading 

Z 

- 

valence 

Z 

m 

height dependent coordinate 

z 

- 

mole content in the solid 
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Creek letters 


a 

W (m 2 K)-i 

heat transfer coefficient 

p 

m s- 1 

mass transfer coefficient 

y 

- 

activity coefficient 

A 

m 

thickness 

Ah, 

J mol- 1 

reaction enthalpy 

e 

- 

relative porosity of the fluidized bed 

0 

- 

normalized temperature 

ft 

°C 

temperature 

K 

- 

parameter at Debye-Hiickel 

V 

- 

stoichiometric ratio Ca/S 

It 

J mol- 1 

chemical potential 

V 

- 

stoichiometric ratio 

% 

si kg/kmol 

parameter in Pitzer equation (86) [= 

% 

mol 

extent of reaction 

n 

- 

absorption factor, conversion 

p 

kg m- 3 

density 

® 

- 

fugacity coefficient 

® 

- 

degree of wetting 

a 

- 

normalized mass flux 

Subscripts 

A 

air 


App 

apparatus 


Aq 

molecular dissolved 

Bed 

fluidized bed 


E 

environment 


Film 

liquid film 


G 

gas 


Out 

at outlet 


P 

particle 


Req 

reaction equilibrium 

S 

sulfur 


Susp 

suspension 


Tot 

total 


Vap 

vapor 


W 

wall 
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Superscripts 


Aq 

g.G 

Gr 

IddS 

iddS* 

IG 
In 
1, L 

Lcomp 

M 

PG 

S 

S 

Sat 

So 

0 
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molecular dissolved 
gas 

granulate 
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hypothetic ideal diluted solution 
ideal gas 
at inlet 
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related to molality 

particle-gas 

solid 

sink 

saturation 

source 

standard point 
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